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NOTATION 

a = specific surface area of the particles 

AQ = real amplitude of temperature wave of inlet fluid 

A,_ = real amplitude of temperature wave of outlet fluid 

A.U = cross-sectional area of the tube 

Cp = specific heat 

Cpg = specific heat of saturated air as defined in eq. (3.1) 

D = axial dispersion coefficient 

Dp = diameter of the particle 

D = radial dispersion coefficient 

D. = diameter of the tube 

G = superficial fluid mass velocity 

h = apparent fluid-to-particle heat transfer coefficient 

hpo = fluid-to-particle heat transfer coefficient 

hp, = liquid-to-particle heat transfer coefficient 

h = apparent wall heat transfer coefficient 

h X = fluid-to-wall heat transfer coefficient 
WT 

h = sol id-to-wall heat transfer coefficient 
ws 

h , = liquid-to-wall heat transfer coefficient 
WL 

H^ = enthalpy of saturated air 

k = molecular thermal conductivity 

k = effective axial conductivity 
ea 

k = effective radial conductivity 
er -^ 

k^ u = stagnant bed axial conductivity 

,0 
^erb 
k° , = stagnant bed radial conductivity 

IX 



L = length of the bed 

Nu = Nusselt number 

Pe^ = axial Peclet number 

Pe^ = radial Peclet number 

Pr = Prandtl number 

r = radial coordinate 

Re = Reynolds number 

Rp = radius of the particle 

R. = radius of the tube 

T = fluid temperature 

T = temperature wave amplitude in complex 

T = temperature of the inlet fluid 

T| = temperature of the outlet fluid 

T. = fluid temperature at bed exit calculated on the Homogeneous 

Fluid D-C model 

T = wall temperature 
w ^ 

t = time 

V =• interstial velocity 

V = velocity of the fluid away from the particle (for single sphere) 
00 

Z = axial coordinate 

Greek Letters 

a<q = solid thermal diffusivity 

3 = liquid holdup 

e = bed void fraction 

e^ = error defined by equation (4.7) 

X 



n = sensitivity measure defined by equation (4.8) or equation (4.11) 

p = density 

u = viscosity 

w = frequency 

e, = phase lag 

t, = radial coordinate of spherical system 

Subscriots 

b 

f 

G 

H 

L 

S 

= bed 

= fluid 

= gas 

= homogeneous fluid 

= liquid 

= solid 

:.xi 



CHAPTER 1 

INTRODUCTION 

Gas-liquid cocurrent downflow packed bed catalytic reactors are 

widely used in petroleum and chemical processing. The downflow co-

current column, packed with catalyst, can operate in two distinct 

flow regimes: the "trickle flow" regime where the gas phase is 

continuous and liquid trickles over the packing in the form of a 

film, rivulets and drops, or the "bubble flow" regime where the gas 

phase is dispersed and the liquid phase is continuous. 

The term "trickle bed" generally refers to a reactor in which 

liquid phase and a gas phase are in trickle flow through a fixed bed 

of catalyst particles. Trickle bed reactors have been used to a 

moderate extent in chemical processing, but most of their industrial 

application is hydrogen processing of various petroleum fractions, 

particularly the hydrodesulfurization or hydrocracking of heavy or 

residual oil stocks and the hydrofinishing or hydrotreating of lu

bricating oils. Applications are developing in chemical and petro

chemical industry. Satterfield (1975) has discussed applications of 

trickle bed reactors and specific design aspects such as hydrodynam

ics, mass transfer, contacting effectiveness, etc. Similar design 

aspects are discussed by Froment and Bischoff (1979) for both trickle 

bed reactors and packed downflow bubble reactors. 

The chemical reactions typically of interest in trickle bed re

actors are usually associated with large heat effects. If the re

action is very endothermic, the temperature drop may be sufficient 

1 



to extinguish the reaction before the desired coversion is attained. 

Strongly exothermic reactions lead to a temperature rise that may 

be prohibitive for several reasons: for its unfavorable influence 

on the equilibrium conversion, or on the selectivity, or simply be

cause it would lead to runaway reactions. 

Similar considerations have lead to an extensive research in 

fixed bed catalytic reactors with single phase flow. The state of 

the art of heat transfer in packed beds with single phase flow is 

highly developed and it is possible to consider minute details for 

precise design with single phase flow. This knowledge of single 

phase flow can be extended to more complex phenomenon with two phase 

flow. 

It has been concluded that there are several fundamental mecha

nisms that need to be considered for accurate design of fixed bed 

reactors with single phase flow. Mears (1971) used criteria based 

upon reaction kinetics to obtain a ranking of the relative importance 

of heat transfer mechanisms. He found that kinetic sensitivities go 

in the order of radial heat transport > fluid-to-particle heat trans

port > intraparticle heat transport (the terms radial and axial are 

used to specify the coordinates of the cylindrical packed bed). Con

siderable effort has therefore been directed toward finding the ef

fective radial conductivity (which represents radial heat transport) 

and fluid-to-particle heat transfer coefficient (which represents 

fluid-to-particle heat transport). 

There are only two papers in the open literature who have ad

dressed the problem of heat transfer in packed beds with two phase 



flow. Both the pioneering research groups: Weekman and Myers (1965), 

and Hashimoto, et al. (1976) have concentrated on effective radial con

ductivity. It seems no attempt has been made to understand the fluid-

to-particle heat transfer mechanism with two phase flow. 

Another important mechanism in fixed bed catalytic reactors with 

both single phase flow and two phase flow is axial mixing, which is 

usually represented by axial dispersion coefficient. Besides ex

plaining the residence time distribution, the axial dispersion co

efficient plays an important role in mathematical modeling of heat 

transfer in packed beds. Wakao, et al. (1979) found from their studies 

with single phase flow that consideration or elimination of the axial 

dispersion in the model could make a difference of two orders of 

magnitude in the predicted value of fluid-to-particle heat transfer 

coefficient. 

Wakao, et al. (1977) found that fluid-to-particle heat transfer 

coefficient can not be determined accurately from steady state radial 

heat transfer measurements, as at steady state there is no significant 

temperature difference between fluid and particle (with no heat source 

or sink in the particle). Among the non-steady experimental measure

ments, the frequency response technique is well established for 

finding fluid-to-particle heat transfer coefficient. 

Mathematical models for both steady state and non-steady state 

experiments, for single phase flow are well developed. These mathe

matical models form the basis for modeling with two phase flow. 

The objective of this work is to develop a mathematical model 

which describes heat transport during two phase flow in a packed bed. 



The approach has been to extend the frequency response technique 

from single phase flow to two phase flow in packed beds, using a 

homogeneous two phase flow model. The results of this study include 

the first complete model for heat transport in a packed bed, estimates 

of the accuracy possible for measurements of the two phase flow dis

persion coefficient, and fluid-to-particle heat transfer coefficient, 

and a design basis for a two phase frequency response experiment. 



CHAPTER 2 

LITERATURE REVIEW 

As explained in the introduction, cocurrent gas-liquid flow in 

packed beds is employed advantageously in petroleum and chemical 

industries. Cocurrent flow is not limited by flooding phenomena 

and offers a greater range of hydrodynamic patterns. One of the 

prerequisites for the successful modeling of heat transfer in packed 

bed is a knowledge of flow regimes, which are briefly discussed, fol

lowed by a discussion of methods of analysis for two phase flow. 

Then, the previous work in heat transfer in packed beds with two 

phase downflow is discussed. Our mathematical modeling approach is 

basically an extension of the models developed for single phase flow. 

Thus, in the final part of this chapter modeling with single phase 

flow is discussed in detail. 

Flow Regimes 

In the case of cocurrent downflow, the packed bed can operate in 

two main regimes: (1) the trickle flow regime in which initially, 

for zero gas rate, the liquid phase trickles over the packing in the 

discontinuous shape of films, rivulets and drops in contact with a 

stagnant continuous gas phase; and (2) the single phase liquid regime 

in which initially, for zero gas rate, the liquid phase fills the 

voids in the bed 

When a gas flow rate GQ is introduced and increased, while the 

liquid (nonfoaming) flow rate G. is kept constant the following flow 



patterns are observed. 

(1) For the trickle bed (G,_ < 20 kg/m^S for spheres, beads and 

pellets) there is: 

(i) a trickling flow of the liquid phase and a continuous 

flow of the gas phase ("trickle flow"); 

(ii) alternate gas-rich and liquid-rich slugs passing 

through the column ("pulse flow"); 

(iii) a poorly defined fluctuating flow that may be assumed 

continuous gas phase with a fraction of the liquid 

phase suspended as a mist in the gas stream and with 

the other fraction covering the packing surface in 

the shape of a film ("spray flow"). 

It must be noted that for small values of G,̂  (G. < 2-5 kg/m S) 

there is not enough liquid to wet the whole packing surface and the 

pulsing flow, which is due to liquid obstructing the gas flow through 

the voids of the packing, is not encountered. 

(2) For the bed operating initially with the liquid phase alone 
2 

(G. > 20 kg/m S), the following patterns are observed: 

(i) after the introduction of gas, small unbroken bubbles 

appear in the continuous liquid phase ("bubble flow"); 

(ii) these bubbles then begin to coalesce and to surround 

several packing elements ("distorted bubble flow"); 

with an increase in gas flow rate, this regime is 

followed by 

(iii) a pulse flow and a spray flow. 
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Due to the pressure drop in the bed, the density of the gas 

reduces along the length of the bed. Thus the velocity of gas in 

lower section of the bed is higher than that in the upper section. 

Due to this the transition from one flow regime to another flow regime 

occurs gradually. For example, if the gas flow rate is increased, 

with constant liquid flow rate, in trickle flow regime; the pulsing 

flow first appears at the bottom of the bed. This transition, then, 

traverses upward along the length of the bed as the air flow rate 

is increased. 

To predict flow regimes present in a given system, a number of 

different flow maps have been proposed (Weekman and Myers (1964); 

Turpin and Huntington (1967); Charpentier and Favier (1975), Talmor 

(1977)). 

Methods of Analysis of Two Phase Flow 

The methods used to analyse a two-phase flow are generally ex

tensions of those already well tried for single phase flows. The 

procedure invariably is to write down the basic equations and to seek 

the solution of these equations by using various simplifying assump

tions. Three main types of assumption have been made, viz., 

(i) the "homogeneous" flow model: 

In this, the simplest approach to the problem, the two-

phase flow is assumed to be a single phase flow having 

pseudo properties arrived at by suitably weighting the 

properties of the individual phases. 
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(ii) the "separated" flow model: 

In this approach the two phases of the flow are con

sidered to be artificially segregated. Two sets of basic 

equations can now be written, one for each phase. The 

information must be forthcoming about the flow area oc

cupied by each phase and about various kinds of inter

actions at the interface. This information is inserted 

into the basic equations on the basis of simplified 

models of the flow. 

(iii) the "flow pattern" models: 

In this more sophisticated approach the two phases are 

considered to be arranged in one of several prescribed 

geometries. These geometries are based on the various 

configuration of flow patterns found when both the phases 

are flowing together. The basic equations are solved 

within the framework of each of these idealized repre

sentations. In order to apply these models it is nec

essary to know when each should be used and to be able 

to predict the transition from one pattern to another. 

This latter approach is still in its infancy and much of the 

published information is based on the first two approaches only. 

Packed Bed Two Phase Flow Heat Transfer Studies 

As already mentioned only the two papers of Weekman, et al. (1965) 

and Hashimoto, et al. (1976) have discussed the problem of heat transfer 

in packed beds with two phase cocurrent downflow. 



Both the research groups used steady state radial heat transfer 

to determine effective radial conductivity, k . of the bed and fluid-
ero 

to-wall heat transfer coefficient, h^. They assumed plug flow of both 

gas and liquid, and neglected axial mixing. The energy balance equa

tion was written as: 
8T, a^T, 

1 ^^b (Gp Cpp + G, CD, ) - ^ = k . (^—^ + G PG L PL' 3Z erb ^ , 2 r dr 
d r 

•) (2.1) 

where T̂ ^ is the bed temperature. They have assumed same temperature 

profiles for gas, liquid and solid, (i.e., TQ = T,_ = T^ = T^^). As 

vaporization occurs in the air-water system, the correct heat balance 

was achieved by Cp^ = AH^/AT^ instead of the gas specific heat Cpg. 

H^ is enthalpy of saturated air. Cp, is the liquid specific heat, 

and Z and r are axial and radial coordinates of the cylindrical packed 

bed. The temperature range involved in their experiments was 70°F to 

150°F. 

There was little difference in the boundary conditions used by 

both of the groups. 

At Z = 0 ; 

As Z ^ oo ; 

At r = 0 ; 

At r = R^ ; 

Weekman, et al 

3r 

h-\ 

Hashimoto, et al 

\ - \ 

Tu = T b w 

!Ib = o 
3r 

-k erb ^^b = h , (T. - T ) — w ^ b w^ 
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where T^ is inlet fluid temperature, T^ is wall temperature, and R. is 

tube radius. 

Weekman and Myers Approach 

Weekman, et al.'s radial transport model was similar to the single 

phase model developed by Gopalarathnam, et al. (1961). The effective 

radial conductivity was expressed as sum of two terms: one for radial 

mixing, k^^^ and another for stagnant contribution (molecular con-

^erb 

"̂ erb " "̂ erb "̂  "̂ erf t^-^' 

duction), k° 

The radial mixing contribution, k^^^, was further separated into that 

due to the gas and that due to the liquid. Thus, the effective radial 

conductivity was expressed as: 

^ = ^ . «'(R\) (P'-L) + ^'(^) (R^G) (P^G) (2.3) 

where Re,_ = (D^ Q^^/\i^), Re^ = (D^ ̂ Q ^^G^' '̂ ''L " '^PL ̂ L^'^L' ̂ "̂  

PY'r ~ (CpQ yg/kg)* k, and kg are thermal conductivities of gas and 

liquid, respectively, a' and y' are the radial fractions of liquid 

and gas velocity; respectively; and D. is diameter of the tube. 

With the values of k . obtained in the pulsing region, the con

stants l<gy,u> ot' and Y' were determined by the method of least squares. 

The numerical values obtained were 

0 

•̂ erb " ^'^^ Btu/hr f t °F 

a' = 0.00174 

Y' = 0.172 
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(Note that the molecular conductivites k^, k,_ and kg for the solids, 

liquid and gas used in their experiments are less than 0-44 Btu/hr 

r o 0 
ft F, which is quite low as compared to the value of k . obtained.) 

erb 

Equation (2.3) is quite effective in representing their effective 

radial conductivity data within the given flow regime. A penetration 

theory model was also developed for equivalent wall heat transfer 

coefficient but was less successful than the effective radial con

ductivity approach. 

Hashimoto, et al.'s Approach 

Hashimoto, et al. also expressed k^^^ as the sum of the three 

terms, stagnant contribution k^^^; gas phase radial mixing contribu

tion, kg^g, and liquid phase radial mixing contribution, k , . 

^erb = C b * ^erG ' W (2.4) 

They measured effective radial conductivity of a wet packed 

bed in which the flow of liquid is terminated when the air flow rate 

is varied. Figure 2.1 shows the effect of gas flow rate on effective 

radial conductivity. 

The effective radial conductivity of the wet packed bed (G. = 0) 

was expressed as 

•"erb = °-^ •" °'°^^ ^G ^PG °P '2-^' 

0 

The value 0.4 obtained by extrapolation was assigned to k . . The 

second term on the right hand side was defined as 
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-5 
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Figure 2.1 Lffect of gas flow rate on effective radial 
bed conductivity 
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^erG = 0-095 Gg Cp^ Dp (2.6) 

The liquid phase radial mixing contribution, k , was obtained by sub-

tracting k^^^ and k^^g from the measured value of the effective radial 

conductivity with two phase flow. The effective radial liquid con

ductivity, kĝ ,̂  was correlated empirically as follows: 

êrL 
£ 3 k, Pr, 

1.90 
•TD7\7FTTI[yiy[7y^ 

+ 0.197 (Dg G^/e 3 \)i\/\^Q) 

+ 0.0264 

(2.7) 

where 

D. 
Dg = £ D̂ /[l + 1 (1 - e) ^ ] 

P 

3 is liquid holdup, \i is viscosity of water at 15°C, e is the void 

fraction of the bed. 

Packed Bed Single Phase Flow Heat Transfer Studies 

From the last three decades of research, it is recognized that heat 

transfer in packed bed catalytic reactors with single phase flow can be 

predicted by use of several fundamental heat transfer mechanisms. The 

following are the seven fundamental heat transfer mechanisms studied 

by several investigators: 

(1) Radial mixing (or dispersion) in the fluid. 

(2) Axial mixing (or dispersion) in the fluid. 

(3) Radial and axial conduction in the solid bed. (Usually 

the solid bed is assumed isotropic) 
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(4) Fluid-to-particle heat transport. 

(5) Fluid-to-wall heat transport. 

(6) Solid-to-wall heat transport. 

(7) Intraparticle heat transport. 

Mears (1971) found that the reaction rates in packed bed catalytic 

reactors are highly affected by two heat transfer resistances: re

sistance to radial heat transfer and resistance to fluid-to-particle 

heat transfer. Many authors have reported their studies for these 

two resistances. Thus we will classify our discussion in two ways: 

studies in radial heat transfer in packed beds; and studies in fluid-

to-particle heat transfer in packed beds. 

Studies in Radial Heat Transfer in Packed Beds 
with Single Phase Flow 

Radial heat transfer resistance in packed beds can be described 

mainly by four of the heat transfer mechanisms: radial mixing in the 

fluid phase, radial conduction through the solid bed, fluid-to-wall 

heat transfer, and solid-to-wall heat transfer. 

To study radial heat transfer resistance, the experimental 

technique used is a steady state radial heat transfer experiment in 

which radial and axial temperature profiles are measured. Simple 

experimental set ups shown in Fig. 2.2 are used. Noncatalytic 

particles are generally used as packing material and reactions are 

not used in experimental studies of heat transfer in packed beds. 

If a reaction is included, it is difficult to separate the effect 

of different mechanisms. This kind of steady state heat transfer mea

surements have been reported by Yagi and Wakao (1959); Gopalarathnam, 
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Figure 2.2 Experimental setup for steady state 
radial heat transfer studies 



et al. (1961); Coberly and Marshall (1951); Campbell and Huntington, 

(1952); Calderbank and Pogorsky (1957); Froment (1967); and Dewash 

and Froment (1972). 

Several kinds of mathematical models have been used to analyse 

steady state radial heat transfer experimental data. These models can 

be classified into basically two groups: heterogeneous models and 

pseudohomogeneous models. In heterogeneous models, separate energy 

balance equations are set up for the fluid phase and the solid phase. 

Pseudohomogeneous models make no distinction between the fluid and 

solid temperatures and only one energy balance equation is required. 

Dixon and Cresswell (1979) have given general forms of these 

two kinds of model, which are discussed below. Most of the models 

used for steady state radial heat transfer experiments by several 

workers are simplified versions of these two models. These simplifi

cations are done by neglecting one of the terms in these models or 

by using different kinds of boundary conditions. 

Hetergeneous Model for Steady State Rauial Heat Transfer 

In setting up the model, it is assumed that the temperature 

variations within particles may be smoothed so that only large scale 

changes in solid temperature in the axial and radial directions need 

be considered. A similar approach is adopted for the fluid. From 

heat transfer balance, the following differential equations are ob

tained. 

Fluid Phase: 

W ( 0 ^ ? f) * ̂eaf $ - »̂  »(T - T̂ ) - G Cp f (2.8) 
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Sol id Phase 

9 T 3T AT 

^ers ( — I ^ 7 -17) ^ ^eas : T r - h a(T - T j = 0 (2.9) 
9r'- ' "' '̂"̂  8Z 

with boundary conditions 

s 

At Z = 0 ; T(o'') = T(O-) ; T^(o'') = T^(O-) 

aT(o^) 8T(o-) ^^y^ ^T^(Q") 
3Z dl ' 3Z 3Z 

As z -̂  - °° ; T, Tg ̂  TQ 

As Z ̂  + °° ; T, T^ ̂  T̂ , 
b w 

" >• = ° ' I? = ̂  = ° 

'̂ t '• = Rt ' -^erf I? = ̂ f (T - T J for z > 0 

-^erf I? = ̂ f (T - T„) for z < 0 

-̂ ers ̂  - \s ^\ - 'J fo'- ̂  > 0 

where 

(2.10) 

2 3 a = specific surface area of the particles, cm /cm 

Cp = specific heat of the fluid, cal/gm°C 
2 

G = superficial mass velocity, gm/cm S 

h = apparent solid-to-fluid heat transfer coefficient, 

cal/cm^S°C 

h^^ = wall-to-fluid heat transfer coefficient, cal/cm^S°C 
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^ws " wall-to-solid heat transfer coefficent, cal/cm^S°C 

"̂ erf " effective radial fluid conductivity, cal/cmS°C 

"̂ eat " effective axial fluid conductivity, cal/cmS°C 

"̂ ers ^ effective radial solid conductivity, cal/cmS°C 

*̂ eas " effective axial solid conductivity, cal/cmS°C 

r = radial coordinate of the cylindrical bed, cm 

R^ = tube radius, cm 

T = temperature of the fluid phase, °C 

T^ = temperature of the solid phase, °C 

T^ = temperature of test section wall, °C 

TQ = temperature of calming section wall, °C 

Z = axial coordinate of the cylindrical bed, cm. 

In smoothing the solid temperature variations, we may regard 

T^(Z,r) in equation (2.9) as representing the mean temperature of a 

solid particle at the point (Z,r). Consequently, the fluid-to-solid 

heat transfer coefficient, h, should be treated as a lumped parameter 

including the true fluid-to-solid film heat transfer coefficient, 

h ^ , and the intraparticle conductivity, k^. The appropriate lumping 

was shown by Stuke (1948) (See Dixon and Cresswell (1979)) to be 

given by 

1 1 (Dp/10) 
F " h — "̂  " T ^ ° ^ spheres (2.11) 
n np^ K^ 

where Dp is the diameter of the particle. 
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Effective Axial Fluid Conductivity, k . 
"̂  eaf 

Fluid mixing in the axial direction is caused by turbulence, 

radial variation in the fluid velocity, and effects due to the pre

sence of packing. Heat transport due to axial fluid mixing is given 

by a formula analogous to Fourier's Law for heat transfer by con

duction. The proportionality constant is effective axial fluid con

ductivity, kg^^. 

Sometimes heat transport by axial fluid mixing is represented by 

axial fluid dispersion coefficient, D,.. As both k . and D ^ are 
ar eat at 

based on the same mechanism, axial fluid mixing, they can be used 

interchangeably. The equivalence of the two is given by, 

W = ^ P Cp ^af (2.12) 

where e is bed void fraction and p fluid density. The effective 

axial fluid conductivity, k^^. is invariably defined on the basis 
cat 

of the total cross-sectional area, while the axial fluid dispersion 

coefficient, D̂ .̂  is defined on the basis of the cross-sectional area 
aJ 

occupied by the fluid. This is reflected in equation (2.12). 

The parameters k^^^ and D^^ are generally correlated in terms 

of axial fluid Peclet number, Pe^^:, which is defined as 
at 

G Cp Dp VDp 

eaf af 
where V is interstitial fluid velocity in cm/S. 

Edwards and Richardson (1968) have correlated axial fluid Peclet 

number as follows: 

u 
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- L _ - Q'73£ 0.5 ,, ,,, 
Pe . - RePr , 9.7£. (2.14) 

^ RePr^ 

where Re = (GDp/y) and Pr = (Cpp/k). 

The functional form of the above equation has been confirmed by 

Bischoff (1969). Equation (2.14) is basically an interpolating 

formula between the molecular contribution and the turbulent contri

bution. The term (0.73£/RePr) gives the molecular contribution, and 

the second term gives the turbulent contribution. Generally the 

turbulent Peclet number is given by 

Pe^^ (co) = 2.0 (2.15) 

and the term (9.7£/RePr) in the denominator of turbulent contribution 

term of equation (2.14) is neglected. 

Effective Radial Fluid Conductivity, k ^ 
-" erf 

Radial fluid mixing is basically caused by turbulence and the 

radial component of fluid velocity. Similar to the axial fluid 

mixing, the radial fluid mixing is represented by effective radial 

fluid conductivity, k^^^ or radial fluid dispersion coefficient, D .. 

When the effective radial fluid conductivity, k ., is determined 

from heat transfer experiments in packed beds, it is observed that 

kĝ .p decreases strongly in the vicinity of the wall (Yagi and Kunii 

(I960)). It is as if a supplementary resistance is experienced near 

the wall, probably due to variations in the packing density and flow 

velocity. This is reflected in the boundary conditions at r = R , 
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(eq. (2.10)) of the model, by using wall heat transfer coefficients, 

•̂ wf "̂̂  ^ws' ̂'̂"'̂^ represent this supplementary resistance. The 

wall heat transfer coefficients, h ,-: and h are defined on the 
wt ws 

basis of temperature driving forces: (T(Z, R.) - T ) and (T (Z, R.) 

- T^) respectively. 

The parameters k^^^ and D^^ are also correlated in terms of 

fluid phase radial Peclet number, which is defined as: 

G Cp Dp VDp 
PV = - T ^ = D^ (2.16) 

erf rf 

Gunn and Pryce (1969) have suggested an equation for interpolating 

between molecular and turbulent conduction limits, in the form 

^ - \ . , (2/3) ,. .,.. 
.. " P i 3 F 7 ^ RiPF (2.17) Pe 

^^rf ' "rf 

The turbulent conduction limit Pe -:(°°) is generally taken as 10.0. 

Effective Radial and Axial Solid Conductivities, k^ ,̂ k^^^ 
ers eas 

The effective radial and axial solid conductivities, k and 
ers 

k , include contributions which are independent of flow. These eas 

are molecular conduction and radiation contributions. The experiments 

are generally carried out at room temperatures, thus, the radiation 

contribution is negligible. For industrial fixed bed catalytic 

reactors, the radiation contributions may not be neglected. 

The packed bed is generally considered isotropic, i.e., k = 

•^eas' 
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Zehner and Schlunder (1970) present a correlation for stagnant 
0 0 

bed conductivity, k̂ ĵ̂  (or k^^^), which includes effective solid 

conductivity (k^^^ or k^^^) and the conductivity of the fluid. Neg

lecting radiation contribution terms, we get, 

'erb ers = (1 - rr^) + i-^) (2.18) 

with 

where 

k 
•̂ ers 

Ĝ 

. U 1 -£) 2 
kp 

(1 - k^)B 

{1 - r^) B 

(1 -

B = 1.25 (1^^)10/9 

- ( M J ) 
B + 1 

(2.19) 

B - 1 

(1 - k. B) 

for spheres. 

In equations (2.18) and (2.19), kg is the thermal conductivity of the 

gas and k^ is intraparticle conductivity. For non-porous particles 

k<̂  is simply thermal conductivity of the solid. 

It is interesting to note that Zehner and Schlunder have assigned 

a fraction of 1 - / 1 - £ of the bed volume to the fluid phase, 

rather than £. Thus for £ = 0.4, only 56% of the fluid in the bed 

is contributing to heat transfer directly through the fluid phase. 

This is in broad agreement with equations (2.14) and (2.17). The 

constants in these equations, premultiplying £/RePr, are roughly 0.7 

rather than unity. In other words, only 70;o of the fluid in the bed is 

effective for axial and radial mixing, the other 30?. being associated 
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with the solid phase, presumably making up the relatively stagnant 

fluid fillets surrounding the contact points between adjacent particles. 

Pseudohomogeneous Model for Steady State Radial Heat Transfer 

Most of the experimental measurements in packed beds are analyzed 

by a pseudohomogeneous model, because there is no significant difference 

in solid temperature profile, T^(Z,r) and fluid temperature profile, 

T(Z,r). Dixon and Cresswell (1979) have given a general form of 

pseudohomogeneous model. 

^̂ "̂ h :Jy. ^̂ T. 3T̂ . 
^ e r b ( - ^ ^ ^ ) ^ ^ e a b - ^ = ^ P̂ a T (̂ -̂ O) 

with boundary conditions 

At z = 0 ; T^(0*) = T^(O-) and - | ^ - = - ^ 

As Z * -- ; ^i, = \ (2-21) 

As Z - +» , T̂ , = T^ 

3T, 
At r = 0 ; ^ = 0 

At r = R, ; -k̂ ^̂ , '^ - hjT, - T j for z > 0 
Of 

-k^ . "̂̂ b = h (T. - T^) for Z < 0 erb -̂ — w b o 

Another kind of interesting boundary conditions, which are used 

quite often, are the Danckwerts (1953) boundary conditions. These 

boundary conditions are as follows: 
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At Z = 0 ; 

At Z = L , 

At r = 0 ; 

At r = 
' ' t • 

eVpCpd^ - T^) = -k^3, 

8T. 

3T. 

9Z 

8Z 

9r 

= 0 

= 0 

aT. 

(2.22) 

-k 
erb 9r = \.i^^ - T .) for 0 < Z < L w^ b w 

These boundary conditions say that the local flux (conductive + con-

vective) at Z = 0 and conductive flux at Z = L are zero. 

Dixon and Cresswell (1979) have shown the relationship between 

the parameters of the pseudohomogeneous model and parameters of the 

heterogeneous model. The effective radial and axial bed conductivi

ties are given as follows: 

^erb '̂ erf "̂  ''̂ ers 

and 

8 k 
1 + erf 

Kfh 
1 

1 + 

J^k (-
3 ^ers^hp^ Dp 

^¥) 
(1 -£) (D^/Dp) 7 

(2.23) 

•̂ eab "̂ eaf ^ 

16 

eas 

( 
1 

1 + 3 W^Pf P̂ ̂
¥) 

(1 - e) (V^p'' 

(2.24) 
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In the limit D^/Dp ^ oo, it is permissible to treat effective 

bed conductivities (k^^^ and k̂ ^̂ )̂ as the sum of the effective con

ductivities of the fluid phase and the solid phase. 

Studies in Fluid-to-Particle Heat Transport 
in Packed Beds v;ii:h Single Pliase Flow 

There are several experimental techniques used for analyzing the 

fluid-to-particle heat transport mechanisms. Steady state measurements 

like evaporation of water or diffusion controlled reaction on particle 

surface are reported by several investigators. (Hougen, et al. (1943), 

(1945); Hurt, (1943); Galloway, et al. (1957); Satterfield and Resnick 

(1954); DeAcetis, et al. (1960); Bradshaw and Myers (1963). 

High frequency heating was employed to generate heat in the solid 

particles, by Eichorn and White (1952); Baumeister and Bennett (1958); 

and Balkrishnan and Pei (1974). The technique of heating the particles 

by passing electric current through the bed was employed by Glaser and 

Thodos (1958). 

Non-steady state measurements like frequency response, step re

sponse and pulse response techniques were used by several workers in

cluding Lindauer (1967); Handley and Heggs (1968); Littman, et al. 

(1968); Bradshaw, et al. (1970), Turner, et al. (1971, 1973); Gunn 

and De Souza (1979); and Wakao, et al. (1976). 

Among the three non-steady experimental techniques, the frequency 

response techinque is the most popular method for studying fluid-to-

particle heat transfer. Pulse and step response techniques have the 

disadvantage that they are not able to get sharp edged temperature 
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signals in the experiments and it is necessary to allow for the form 

of the signal in the analysis of the response. In the frequency 

response technique, even if the temperature signal is not exactly 

sinusoidal, it can always be expressed in the form of a Fourier series. 

This is shown later in the section: Analysis of Input and Output 

Responses. 

As our approach for two phase flow is to use frequency response 

technique, we will review the application of frequency response tech

nique to packed bed with single phase flow. 

Frequency Response Technique 

In the frequency response technique, a sinusoidal temperature 

variation is imposed on the inlet fluid and the temperature response 

of the outlet fluid is measured. This is shown schematically in Fig. 

2.3. The output temperature response has a same frequency but with a 

damped amplitude and a phase shift. The ratio of the two amplitudes 

(Output/Input) and phase shift at various frequencies can be used to 

evaluate the differential equation (or transfer function) which re

present the system (packed bed). 

The mathematical basis for evaluating the fluid-to-particle heat 

transfer coefficient in packed beds, with the single phase flow, 

using frequency response technique was laid by Schumann (1929). 

Schumann's model involved two major assumptions: 

(1) Fluid is in plug flow and 

(2) No temperature gradients in the solid phase. 

Littman, et al. (1966a, 1966b, 1968), Lindauer (1967) and Kim, et al. 
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Figure 2.3 Schematic diagram of frequency response experiment 
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(1972) used a model which is based on the assumptions: 

(1) Fluid is in dispersed plug flow. 

(2) Solid phase temperature profile is continuous. 

The heat balance equation for the solid phase based on the second as

sumption indirectly neglects the intraparticle temperature gradients. 

Turner (1967, 1971) and later Gunn (1970, 1974) considered the 

intraparticle temperature gradients in their models by assuming con

centric temperature profile in the particle. The fluid was assumed 

in dispersed plug flow. From this two assumptions, this model is 

named as Dispersion-Concentric model. As the Dispersion-Concentric 

model is widely accepted we will discuss this model in detail. 

The Dispersion-Concentric (D-C) Model 

The packed bed is comprised of many particles and each particle 

is surrounded by a fluid envelope. In this model it is assumed that 

the relationship between the temperature in the envelope around a 

particle in the bed and the temperature in the particle is similar to 

the relation for an isolated particle. The temperature is considered 

constant over the fluid envelope of a particle, although a function 

of time. A differential equation for the envelope temperature may 

be obtained by a energy balance for the fluid phase. 

Fluid Phase: 

ff=°aff^ -v|l-r^(T-(VRp) (2-25) 
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Sol id Phase: 

9r= ŝ (7^^! ar) (2.26) 

^̂  ^ = p̂ ' h (sr' ~- ̂ f (̂  - ^s' 

where E, is the radial coordinate of the spherical particle. 

Turner (1967) and Gunn (1970) did not include the fluid dispersion 

in the boundary conditions. But Littman, et al. (1968) and later 

Wakao, et al. (1979) included dispersion in the boundary conditions. 

These are: 

At z = 0 ; V(T - Re [f^ e^'^^]) = D^^ |I 

(2.27) 

At Z = L ; |I = 0 

Where i = / - I ; T^ is the amplitude of the sinusoidal temperature 

wave imposed on the inlet fluid, in complex numbers; Re [ ] represents 

real part of the complex number; oj is frequency of sinusoidal temper

ature wave. 

The Dispersion-Concentric model is developed by considering 

axial conduction in the fluid phase but neglecting axial conduction in 

solid phase. This model is shown schematically in Fig. 2.4(a). 

In reality the axial conduction takes place in both the phases. 

Wakao, et al. (1979) included axial conduction of solid phase in the 

D-C model by assuming that the axial conduction in the solid phase is 

proportional to the temperature gradient in the fluid phase, which is 

shown schematically in Fig. 2.4(b). In most conditions of practical 
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(b) Thermal dispersion in fluid and solid 

Figure 2.4 Schematic presentations of the 
Dispersion-Concentric Model 
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importance, it is unlikely that there will be a large disparity be

tween axial gradients in the fluid and solid phases. In any case, the 

path of axial conduction in the discontinuous solid phase is closely 

intertwined with the fluid phase. Thus, Wakao, et al. (1979) have 

proposed a modified axial dispersion coefficient, D*., to replace 
at 

D^^ in equation (2.25). 

k° 
°af - 7 1 ^ ^0-5DpV (2.28) 

The first term on the right hand side is the contribution inde

pendent of flow, which can be obtained by using equation (2.18). The 

second term is the turbulent contribution, given by an axial Peclet 

number of 2.0 (eq. (2.15)). 

Analysis of Input and Output Responses 

The D-C model is based on the assumption that the cyclical 

temperature variation imposed on the inlet fluid is sinusoidal. But 

in the actual experiments, the input and output temperature waves may 

not be exactly sinusoidal. In this case, Littman and Barile (1966a) 

have shown that the input and output temperature waves can be expanded 

into a full Fourier series, in order to obtain the amplitiude and 

phase of the fundamental and the harmonics. 

00 00 

T(t) = AQ + I A^ cos (nwt) + I B^ sin (n^t) (2.29) 

n = 1 n = 1 

The coefficients of the series can be calculated numerically on a com

puter with the following standard equations used for the coefficients: 



P/2 

A_ = ^ 
^ / 

-P/2 

T(t) dt 

A = -^n P 

P/2 

/ 

T(t) cos (ntot) dt 

-P/2 

B = n 
1 
P 

P/2 

/ 

T(t) sin (noit) dt 

-P/2 

32 

(2.30) 

(2.31) 

(2.32) 

where P is the period of the temperature wave. 

2 2 For frequency n the amplitude is (A + B ), and the amplitude 

ratio at frequency n is 

2 2 ^/2 
(̂ n ^ ^n ^outlet 

2 2 •'/2 (A "̂  + B '^). ., ̂  ^ n n 'inlet 

the phase shift is 

tan-^ J; 

^ oulet 

tan 
- 1 ^ 

inlet 
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The packed bed can have phase shifts which are larger than 2-^ 

radians; thus, it is necessary to adjust the shift by an appropriate 

multiple of 2TT radians. 

The analysis of the temperature responses of the bed by expanding 

them into a Fourier series is based on the assumption that the system 

is linear. A linear system is one in which the principle of super

position holds. Littman, et al. (1966a) found that the packed bed 

system with single phase flow is linear. They found that the amplitude 

ratio and phase lag were the same whether calculated from fundamental 

or higher harmonics. For example, the response to the third harmonic 

of an input wave of frequency f was the same as the response to a 

fundamental of 3f. 

Littman, et al. (1966a, 1966b, 1968) used a nearly square inlet 

temperature wave to evaluate the fluid-to-particle heat transfer co

efficient. The square inlet wave contained many of the higher har

monics in addition to the fundamental. The outlet temperature wave 

was more sinusoidal and rarely contained more than a few measureable 

harmonics in addition to the fundamental. This is because the ampli

tude of the higher harmonics is attenuated by the bed if the funda

mental is in the response region (amplitude ratio <0.9). 

The Fluid-to-Particle Heat Transfer Coefficient, hp-: 

Many correlations have been proposed for the fluid-to-particle 

heat transfer coefficient, but most of them are based on either of 

the following two defects: wrong experimental technique or wrong 



34 

mathematical model to evaluate the experimental data. Based on these 

Wakao, et al (1979) have criticized results of many workers like, 

Satterfield and Resnick (1956); Glaser and Thodos (1958); Baumeister 

and Bennet (1958); Handley and Heggs (1968); Balrishnan and Pei (1974), 

etc. 

Also the asymptotic value of Nusselt number (Nu = hp^ Dp/k^) as 

Re -> 0, has been subject to discussion. (Cornish (1965); Kunii and 

Suzuki (1967); Sorenson and Stewart (1974); and Gunn and De Souza 

(1974)). Recently Gunn (1978) and Wakao, et al. (1979) have found, 

by analyzing experimental data on the D-C model, that the limiting 

Nusselt number is not zero and reaches some constant value. 

From the above point of views, the correlation proposed by Wakao, 

et al. (1979) seems most reliable and has been tested against a large 

number of data points. They have taken the limiting value of the 

Nusselt number as 2.0, similar to the popular Ranz and Marshall's 

(1952) correlation for a single sphere in an infinite medium. The 

Ranz and Marshall's correlation for single sphere is as follows: 

Nu = 2.0 + 0.6 Pr^/^ Re^/2 (2.33) 

Based on this correlation Wakao, et al. have obtained the cor

relation for the Nusselt number for packed bed. 

Nu = 2.0 + 1.1 Pr^/^ Re°'^ 15 < Re < 8500 (2.34) 

Wakao, et al. (1978) have tested this correlation for large 

number of heat transfer data and also for mass transfer data using 

heat and mass transfer analogy. 



CHAPTER 3 

f^THEMATICAL MODELING WITH TWO PHASE FLOW 

In packed beds with two phase flow the fact that the liquid and 

gas phases may be distributed in a variety of flow regimes makes it 

yery difficult to describe fluid flow and heat transport behavior. 

The most significant complicating feature making two phase flow wery 

different from single phase flow in a packed bed is the existence of 

the gas-liquid interface. In the two-phase systems considered here 

we are interested in two component systems (e.g., air-water) and not 

the one component, two-state systems (e.g., water-steam). 

This chapter attempts to organize our approach to the problem by 

considering the basic transport mechanisms present in the packed bed. 

A one-dimensional model similar to the single phase D-C model, for 

analyzing non-steady state experimental data (e.g., frequency re

sponse), is developed first. Since this model is similar to the 

single phase D-C model, we will call it a homogeneous fluid D-C model. 

Also a two dimensional model is developed, which is similar to Hetero

geneous model for steady state radial heat transfer in single phase 

flow. We will call this as a homogeneous fluid model for steady 

state heat transfer. 

Homogeneous Fluid D-C Model 

Consider the experimental scheme shown in Figure 3.1. There is 

no heating or cooling jacket, so there is no radial heat transfer and 

the radial temperature profile is constant. Inlet fluids are given 

35 
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Figure 3.1 Schematic diagram of frequency response experiment 



37 

some disturbance (say sinusoidal temperature variations) and the re

sponse of the outlet fluid is measured. 

Thermal and thermodynamic equilibrium between gas and liquid is 

assumed in order to simplify the analysis. Also, heat of vaporization 

will be accounted for in the heat balance by defining the specific 

heat of the gas as 

* dH^ 
* s SG - TT (3.1) 

This is similar to assumptions of the two previous investigators Week-

man, et al. (1965) and Hashimoto, et al. (1976). Here (dH^/dT) is the 

slope of saturation enthalpy versus temperature curve. Both the pre

vious groups measured inlet and outlet drybulb and wetbulb air tem

perature and found that the air was saturated. We will also choose 

air-water for our system, like the two previous workers. 

The specific heat, Cpg, for the air-water system is plotted 

against temperature in Figure 3.2, using the saturation enthalpy data 

given in Perry (1973). From the variation in the specific heat, Cnr, 

with respect to the temperature it seems that for the temperature 

range involved (70°F to 150°F) in the experimental work of the two 

previous workers, one can not assume Cpg to be constant. Assuming 

Cpp to be constant requires that the temperature range involved in 

the experiment should be as small as possible. For the frequency 

response method it is possible to run the experiment with amplitude 

of 5-10°F (temperature variations: 10-20°F) which is a reasonable 

range for assuming Cpg to be constant. 
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The flow cross-sectional area for the liquid phase is taken as 

e3 and that for the gas phase is taken as £(1-3). £ is the bed void 

fraction and 3 is the liquid hold-up. Effective thermal conductivity 

in axial direction is expressed in terms of a dispersion coefficient, 

as is done in the D-C model for single phase flow. Also we assume 

that the particle surface area is completely covered by the liquid. 

According to Charpentier (1976), for liquid flow rates greater than 
2 

5 kg/m S, the particles are completely wet. 

Consider an elemental volume of the packed bed with length AZ as 

shown in Figure 3.1. Taking the energy balance over the elemental 

volume, with T^ as the reference temperature gives: 

(thermal energy in) - (thermal energy out) = Accumulation (3.2) 

where 

thermal energy in ^ 
by bulk flow of the = A, (Gp C^p + G, Co, ) (T - T ) 
two phase at Z u G PG L PL 0̂  

At 

Z 

thermal energy in 
by a 
at Z 

* 9' by axial dispersion = -A^ £[(1 - 3) Pg Cpg D^g -^ + 

^ PL CPL °aL f ] At 

Z 

thermal energy trans
ferred from solid = hp, (a A. AZ) ((T )^ - T) At 
particles to liquid •- ^ ^ ^p 
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thermal energy out 
by bulk flow of the 
two phases at Z + AZ 

At (Gg Cpg . GL Cp^) (T - T J At 

Z + AZ 

thermal energy out 
by axial dispersion 
at Z + AZ 

-A^ £[(1 - 3) Pg Cpg D 91 
G "PG ^aG 9Z 

' 'I ^PL °aL ll^ At 

Z + AZ 

accumulation of 
thermal energy (A^£ AZ)[(1 - 3) Pg Cpg + 3 PL CpJ 

(T - T^) 

t + At 

-(A^ £ AZ)[(1 - 3) Pg Cpg + 3 PL Cp^] 

(T - T^) 

where 

2 3 
a = specific surface area of the particles, cm /cm . 

2 
A. = cross-sectional area of the tube, cm . t 
• 

'PG 

'PL 

'aG 

'aL 

= specific heat of saturated air, (dH^/dT), cal/gm°C. 

= specific heat of liquid, cal/gm°C. 

2 
= axial gas dispersion coefficient, cm /S. 

= axial liquid dispersion coefficient, cm/S. 
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Gg = superficial gas mass velocity, gm/cm S. 

G,̂  = superficial liquid mass velocity, gm/cm^S. 

hp,_ = particle-to-liquid heat transfer coefficient, cal/cm^S°C. 

Rp = diameter of the particle, cm. 

T = temperature of the gas and liquid, °C. 

T Q = reference temperature, °C. 

T^ = solid temperature, °C. 

t = time, S. 

Z = axial coordinate, cm. 

£ = bed void fraction, dimensionless. 

3 = liquid hold-up, dimensionless. 
3 

pg = gas density, gm/cm . 
3 

p,̂  = liquid density, gm/cm . 

Substituting all these terms in equation (3.2) and dividing both the 

sides by A^AZAt and then taking limit as AZ ̂  0 and At ̂  0, we get 

- !z [(^G CpG ' \ 'PO (T - ̂ o)] - Iz t- (1 - 3) PG Ĉ g D̂ g |I . 

^^\'pl^l'i^'^l'^^'s\-'^ 

1^ [(£ (1 - 3) Pg Cpg + £ 3 PL Cp,_) (T - T^)] (3.3) 

Now assuming Gg, G^, Cpg, Cp,^, pg, p. , 3, D g, D , constant with re

spect to Z and t, we can simplify the above equation to: 
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-(GG CpG ' \ S L ) II ' [̂(1 - e) PG C;3 0̂ 3 . B P, Cp̂  D^^] 4 
OL 

' ^ l ^t(Ts)Rp - T] = £[(1 - 3) Pg C;g . 3 PL Cp^] f (3.4) 

Constant values for Gg and G^ imply that evaporation of water is 

negligible. It is reasonable to assume Cp,_ to be constant. Constancy 

of Cpg has already been discussed. p,_ is essentially constant, pg is 

constant, if the pressure drop is not too significant. The liquid 

hold up 3 does not vary significantly with the axial distance Z. 

'̂ aG "̂̂  ^aL ^^^ ^̂ ^̂  ^^°"9 the axial distance Z, if the flow regimes 

are different in top and bottom sections. This occurs only in the 

transition regions where the bottom section is in the pulsing flow 

regime while the top section is in trickle flow regime. 

Usually in two phase flow, the homogeneous or mean density is 

defined as 

p^ = (1 - 3) Pg +3 p^ (3.5) 

where ^ is weight of the fluid mixture in the bed per unit void 

volume. The expression in the brackets on the right hand side of 

equation (3.4) is the volumetric heat capacity of the fluid mixture 

in the bed. Dividing it by the homogeneous density gives heat 

capacity per unit weight of the fluid mixture. 

(' - g) PG *̂ . ^ PL 
'PH= ^^ Cpg . — k C p , (3.6) 
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Similarly from the coefficient of the dispersion term in equation 

(3.4), we can define a homogeneous dispersion coefficient 

. (1 - 3) PG CpG 3 PL CpL 

^̂  PH^PG ^G ̂ 7 ^ ^̂  (̂•̂' 

Note that if this expression is expressed in terms of effective axial 

conductivity (based on total cross-sectional area of the tube), it 

becomes: 

•eaH '- ^ PH CpH °aH = ̂ ^(1 " P) PQ Cpg D^g + g p^ Cp^ D^^] 

Now the coefficient of the bulk flow term in equation (3.4) can be 

written as: 

^G CpG ̂  \ CpL = ^(^ - ̂ ) \ PG CpG " ̂  ̂  \ PL C PL 

e V,̂  p^ Cp^ 

where Vg is interstitial gas velocity, V,_ is interstitial liquid veloc

ity, and 

. (1 - e) PG Cps ^ B P|_ c 
^H--^7c^;; ^G^^^T^^v, (3.10) 
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We will call this the homogeneous velocity. When there is no slip 

between gas and liquid then V^ = V, = V... 
b L H 

Substituting equation (3.6), (3.7) and (3.9) into equation (3.4), 

we get: 

•' PH S H ^H f * = PH ^PH °aH z i ' ^i '^^h^R - ^ 
OL P 

c- n r - ^ 
^ PH ^PH 9t (3.11) 

Dividing by £ p̂ Cp̂  gives 

- V H l 7 - 0 a H $ * F ^ [ ( T 3 ) p ^ - T ] = | I (3.12) 

Now this equation is similar to equation (2.25), the D-C model for 

single phase flow. From equation (3.12) we can say that our system 

with two phase flow acts as a system with a single phase fictitious 

fluid with properties p^ and Cp,^, axial dispersion coefficient D 

and velocity V M . 

The boundary conditions similar to equation (2.27) can be derived 

as follows: 

icot-At Z = 0 ; (Gg Cpg + GL Cp^) (Re [T^ e'^'] - T) 

9T 
= -£[(1 - 3) Pg Cpg D^g . 3 PL CpL D^^] f t 
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Substituting homogeneous parameters. 

A. . 

At Z = 0 ; . p̂ Cp̂  Vĵ (Re[T^ e^"^] - T) 

= -̂  PH SH "̂aH f 

This simplifies to 

A. « 

At Z = 0 ; V, (T - Re[T^ e^"*]) = D^, f 

and at Z = L ; — = 0 
9Z 

The equation for the solid particle remains unchanged as long as the 

particle surface is completely wet with liquid. 

2 
ST^ 9 T^ 9T 

"Tt = ̂ s (—2 ^ C 91"' (3-1^) 

At S = Rp ; k3 (3^) = hpL (T -T^) 

where B, is radial coorinate of the spherical particle. 

The equation (3.12) is derived from equation (3.4) by doing sub

stitution and not by making any assumption. The basic assumptions 

made in deriving the equation (3.4) and (3.14) are: 

(1) Thermal and thermodynamic equilibrium between gas and liquid. 
•k 

(2) Heat capacity for gas, Cpg, is constant for the temperature 

range involved in the experiment. 
(3) The particle surface is completely wetted by liquid. 
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(4) Homogeneous distribution of gas and liquid. 

With assumptions similar to that made in single phase flow systems. 

(5) The fluids are in dispersed plug flow. 

(6) The particles have concentric temperature profile. 

Homogeneous Fluid Model for Steady State Radial Heat Transfer 

A two dimensional model which adequately fits the experimental 

set up of Figure 2.2 (which is similar to that used by Weekman, et al. 

(1965) and Hashimoto, et al. (1976)) can be easily developed using 

the same technique used in the Homogeneous Fluid D-C Model. 

Using the energy balance for steady state. 

(rate of thermal energy in) - (rate of thermal energy out) = 0 (3.15) 

we can set up energy balance for a donut shaped elemental volume and 

obtain the differential equation: 

-{Gg Ĉ g + GL Cpj_) |I + e[(l - 6) Pg Ĉ e D̂ g + S PL Cp^ D̂ ]̂ H 
9Z 

. .[(1 - 6) PG c;g D̂ g + 6 PL CpL D^J ( 4 ^ F ? ? ' 
dr 

+ h a(T^ - T) = 0 (3.16) 

where D^g and D^^ ^^e radial dispersion coefficients of gas and liquid 

respectively; h is apparent particle-to-liquid heat transfer coefficient 

Using the same definitions of p^, Cp^, D_^^, V,̂  as before, with 
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^̂  " '̂ PG CpG p ^ 3 PL CpL 

Ĥ CpH ^̂  PH CpH °-•-TTTf-^ ".3 • =A;? V ".m 

we can simplify the equation (3.16) to: 

PH ^PH ^H 9Z ^aH 3^2 ^erH V ^ ^ 

+ h a(T^ - T) = 0 (3.18) 

where 

keaH = ^PH ̂ PH °aH "̂̂  (3-8) 

^erH = ^PH CpH ^ H (3-19) 

The equation (3.18) is now equivalent to equation (2.8) for single 

phase flow. The system behaves as a packed bed with a single phase, 

fictitious fluid with properties and parameters pn, Cnu. Vu, k ,, and 
n rn H eaH 

'̂ erH* '^^^ differential equation for solid phase remains unchanged 

and boundary conditions are also similar to single phase flow system. 

Solid Phase: 

^eas ^ * ^rs ( ^ ^ F 1 ? ' ^ '̂  ̂ (^ " \ ) = « (3-20) 
aZ 9r '̂  

As in single phase flow system, we may regard T (Z,r) as a 

smoothed solid temperature profile, representing the mean temperature 
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of a solid particle at the point (Z,r). Consequently, the heat trans

fer coefficient h should be treated as a lumped parameter including 

the true liquid film heat transfer coefficient, hp^, and the particle 

conductivity k^. The appropriate lumping can be done as in equation 

(2.11), for a spherical particle: 

l_ j _ (Dp/10) 

^ " ̂ L "" ~^^S 

The general boundary conditions for solid and f lu id phase can be 

wri t ten as: 

At Z = 0 ; T(0'') = T(O') , T^(0'') = T^(O-) 

(3.21) 

9T(0^) . 9T(0-) ^^s(Q ) ^^s(Q") 
9Z " 9Z ' 9Z 9Z 

As Z ^ - CO , T, T^ ^ TQ 

As Z ^ + 00 ; T, T^ -> T^ (3.22) 

9T "̂̂ s 

^ ^ ^ - \ ' -KrH f = V (T - T J for Z > 0 

-^erH f = V (T - ^o' ^ ° ^ ^ < 0 

-^ers ^ = ^ S (^s - Tw) ^^^ ^ > 0 

^^s 
- ^ e r s ^ = Ks^\ - \ ) f o r Z < 0 
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The fluid-to-wall heat transfer coefficient, h , is based on the 
WL 

total area of the tube and the temperature driving force (T - T(R.,Z)). 

In deriving both one-dimensional and two dimensional models we 

have not assumed any particular flow regime. In the trickle flow 

regime both the phases are nearly continuous, so there is no variation 

in parameters D^^, D^,^, hp,_ and h^^ with respect to time at any point. 

One can easily use the two models for trickle flow regime. In the 

pulsing flow regime, liquid-rich slugs are followed by gas-rich slugs. 

Due to this cyclic density variation there is a cyclical variation in 

the parameters D^^, D^j^, hp,_ and ĥ ,_ at any particular point. Values 

of these parameters obtained from either the 1-D or 2-D models will re

present time average values of the parameters. The frequency of pulse 

in the pulsing flow regime is usually wery high. Weekman and Myers 

(1963) measured pulse frequencies in the range of 1-10 pulses/sec. 

The frequency response method can be applied to pulsing flow regime, if 

the frequency of cyclical temperature variations is relatively low, 

typically 10-100 cycles/hour. In the bubble flow regime, liquid is 

continuous and gas is dispersed. Most of the flow cross-sectional 

area is filled up with the liquid phase (liquid hold up is close to 1) 

in this flow regime. Also, thermal inertia of liquid phase is wery 

high compared to that of gas. Thermal energy flow by bulk flow and 

dispersion is contributed primarily by the liquid phase. As the 

liquid phase is continuous, one can use both the models in bubble 

flow regime. 



50 

Physical Significance of the Homogeneous Properties and Parametei irs 

As an example, the following typical values for the two phase 

flow system are selected: 

\ = 10.85 kg/m^S (8000 Ib/ft^hr) 

Gg = 0.2712 kg/m^S (200 Ib/ft^hr) 

Dp = 0.5 cm. 

£ = 0.39 

3 = 0.4384 (using eq. (4.21)) 

Properties of fluids taken from Table 4.1. 

\ - ^ ^ =6.3459 cm/S 

Gg 

^G '- Pg £ (1 -3) = ^°^-^7 "̂̂ /S 

D^g = 2378.69 cm^/S (using eq. (4.19)) 

D̂ ,_ = 8.011 cm^/S (using eq. (4.20)) 

kg^g = 0.001095 cal/cm^°C (using eq. (2.6)) 

"̂ erL " 0-08373 cal/cmS°C (using eq. (2.7) 

Homogeneous Fluid Density, p^ 

Homogeneous fluid density is the weight of the fluid mixture in 

the bed per unit volume of the fluid mixture in the bed. For our 

example: 

p^ = 3 PL + (1 - 3) PG 

= 0.4384 + 0.0007 

= 0.4391 gm/cm^ 
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contribution of the gas phase term is only 0.16% to pn. 
H 

Homogeneous Fluid Specific Heat, Con 
rn 

Homogeneous fluid specific heat is the heat energy required to 

raise the temperature of unit weight of fluid mixture in the bed by 

one degree celcius. For our example: 

3_P^ ( 1 - 3 ) G * 
^PH - p^ ^PL •" ^^ Opg 

= 0.9984 + 0.0013 

= 0.9997 cal/gm°C 

The contribution of the gas phase term to Cp^ is only 0.13%. 

Both p,_, and Cp,̂  are defined using the volume fractions of both 

the phases: 3 and (1 - 3), and not using fractions based on volumetric 

flow rate. 

Homogsneous Fluid Velocitv, V̂ . 
h 

The homogeneous velocity, VM is derived from our energy balance 

equation (3.4). Thus PuCpuVM gives the energy flux by bulk flow, 

but PuV|, is not the mass flux by bulk flow. puVn gives mass flux by 

bulk flow only when there is no slip between the gas and liquid, i.e., 

Vo = V, = VM. For our example: 
b L n 

3 p, Cp, (1 - 3) PpC* 
V = !i—LL \I + JLJrLL \j 
H PH CpH L p,^CpH G 

= 6.3377 + 0.1346 

= 6.4723 cm/S 
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Here the contribution of the gas phase term to VM is 2.1^^. 
H 

Homogeneous Fluid Dispersion Cosfficicr.ts, D.. and D ^ 
a.""! ri. 

The meaning of D^^ is wery clear when it is expressed in term of 

effective conductivity as in equation (3.8): 

"̂ eaH "̂ eaG "̂  '̂ eaL 

For our example: 

_' 3PL CpL (1 - 3) PGC 
• 

D = —^ Lt_ 0 + " '̂  PG Q 
aH p^CpH aL p^C^^ aG 

= 8.0007 + 3.0086 

= 11.0091 cm^/S 

The contribution of the gas phase term to the D ,. is about 27.3°^ 
an 

The radial dispersion coefficient can be expressed as: 

k k 
D = erG ^ "̂ erL 
îH £ PH CpH £ p^ CpH 

= 0.006396 + 0.4891 

= 0.4955 cm^/S 

The contribution of the gas phase term to D M is about }.3%. (The 

gas phase effective radial conductivity obtained by Hashimoto, et al. 

(1976) is roughly equal to that for single phase flow). 

The value of the homogeneous fluid axial dispersion coefficient 

D^H obtained using Homogeneous Fluid D-C model can be compared with 

the values of D^g an D̂ ,̂  (such as those obtained by Hochmann and 



53 

Effron (1969)) by using equation (3.7). Thus the definition of the 

°aH' equation (3.7) becomes a link connecting the two different 

methods for measuring axial mixing. 

The contribution of the gas phase term to PM, C.M, VM, and D ^ 
n rn n rH 

is very negligible but that to D^^ is significant. As the contribution 

to D^H is significant, the gas phase can not be neglected in energy 

balance. Otherwise the gas phase can altogether be neglected in the 

energy balance and only the energy balance on liquid phase will be 

required. 

The Assumptions in Homogeneous Fluid D-C Fluid 

The assumption of thermal and thermodynamic equilibrium is not so 

severe but it is unavoidable at this stage of development. The assump-

tion of constant Cpg does not seem good as there is a large variation 

in Cpg with temperature; but as found in the previous example, the 

contribution of the gas phase term to the Cpu is very negligible. 

Thus it is reasonably good to assume constant Cpg. 

As mentioned by Charpentier (1976), for G, < 2-5 kg/m S there is 
p 

not enough liquid to wet the whole packing surface. For G, > 5 kg/m S 

it will be reasonable to assume that the whole packing surface is wet. 

If the particles are not completely covered by the liquid then it 

affects our assumption of concentric temperature profile. 

The assumption of concentric temperature profile is questionable 

even for single phase flow. For single phase flow system, there are 

basically three arguments against the assumption of concentric temper

ature profile. 
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1) The neighboring particles affect the temperature profile 

at the contact points. 

2) Axial temperature gradients are imposed on the particles. 

3) Even for a single sphere in infinite medium, the local 

fluid-to-particle heat transfer coefficient is not con

stant over the surface of the particle as shown in Fig. 

3.3. This means that the heat flux is not uniform over 

the surface of the particle and thus the temperature 

profiles are not perfectly concentric even for single 

sphere. 

For the two phase flow, insufficient surface wetting will further com

plicate the heat flux variations along the surface of the particle 

and thus deviate further from concentric temperature profile. 

When we are taking energy balances over the fluid phase, for both 

the single phase flow and the two phase flow system, we are interested 

in the mean heat flux over the surface of the particle and not the 

local heat flux on the surface of the particle. The local heat flux 

may deviate from that obtained using the concentric temperature pro

file but the mean heat flux may be still close to that obtained from 

the concentric temperature profile. 

For example, let us impose a axial temperature gradient on a 

particle with concentric temperature profile as shown in Fig. 3.4. 

By imposing the axial temperature gradient, if the heat flux is in

creased in the upper half of the particle, then the heat flux will 

decrease in the lower half of the particle. Thus these two effects 



55 

•« 

120 150 180 

Angle from stagnation point, in deg. 

Figure 3.3 Local heat transfer coefficients for flow 
past a sphere. (Adopted from J. R. Cary, 
Trans. A.S.M.E., 74,485 (1953)) 
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CONCENTRIC TEMPERATURE 
PROFILE 

SPHERICAL PARTICLE 

AXIAL TEMPERATURE 
PROFILE 

Figure 3.4 Axial temperature gradient imposed on a 
spherical particle with concentric 
temperature profile 
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will more or less nullify each other and still the mean heat flux 

over the surface of the particle is close to that obtained using a 

concentric temperature profile and neglecting axial temperature 

gradients. 

For both single phase flow and two phase flow the assumption of 

concentric temperature profile should be replaced by a convenient 

assumption as follows (or when we say concentric temperature profile 

we mean as follows): 

"The mean of the heat flux over the surface of the 

particle is same as the heat flux obtained by using the 

concentric temperature profile." 

The axial mixing in the fluids is represented by the dispersion 

coefficients. The fluids are assumed to be in the dispersed plug 

flow. The axial mixing in the two phase flow is a wery complicated 

phenomenon. Specifically for the liquid phase it may be necessary to 

represent the axial mixing by two parameters rather than one parameter, 

the dispersion coefficient (see Hochmann and Effron (1969)). As 

sufficient data are not available on the two parameters for axial 

mixing, it is better to use the conventional one parameter, the 

dispersion coefficient, to describe the axial mixing. 



CHAPTER 4 

SE.NSITIVITY OF TWO PHASE FLOW MODEL 

The frequency response technique has proven useful in determining 

the fluid-to-particle heat transfer coefficient in single phase flow. 

In this chapter we will apply this technique to the two phase flow 

system in packed beds. 

The Homogeneous Fluid D-C Model was developed in the previous 

chapter using the assumption of concentric temperature profile for the 

particles and neglecting axial conduction in the solid phase. As is 

done in single phase flow model (eq. (2.28)), the axial dispersion 

coefficient D̂ ,̂  should be replaced by D^^ to include axial conduction 

in solid, where 

aH e PH CpH 
* eas 

D.N = . r + D^H (4-^) 

The contribution to heat transport due to radiation is neglected be

cause the experiments are usually carried out at room temperatures. 

The method for calculating effective axial solid conductivity is shown 

in Appendix A. 

The Homogeneous Fluid D-C Model can now be written as follows: 

Fluid Phase: 

^H 9Z "̂  ̂ aH ^^2 ^ £ p,̂  Cp,̂  '"^'s^Rp '̂  9t ^̂ '̂ ^ 
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Solid Phase: 

9T. 

9 t 
= a (-

92T 

i 
2 ^ 

5 K 

The boundary conditions are: 

59 

(4.3) 

9T. 
At ^ = R p , k_ (-^) = h „ ( T - T J 

Ŝ '9? PL (4.4) 

At Z = 0 ; V,̂  (T - Re [T^ e'^^]) = D 
aH 9Z 

At Z = L , ^ = 0 

When the stationary solution of T at Z = L is expressed as 

/-\ • 

\ = Re [TL e'^^] (4.5) 

then the solution is that given by Wakao, et al. (1979) for single 

phase transient response in the form of the ratio of complex ampli

tudes 

exp 

T. 

\ ^ 

2 D aH-^ 

cosh 
r VML 

/rT~B 
L2 D aH 

0 X 1 + B/2 . . + ' sinh 
/ 1 + B 

^HL 

L2 D 
/I + B 

aH 

where 

B = 
VM^ 

1 + H ^ 
S Rp £ CpH p,̂  

Ŝ + 
ihp^ Rp (|)C0th4) - 1/ 



(j) - F̂ p ^^/a<. 
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S = i OJ 

Now for sinusoidal input variations in temperature we have an 

expression (equation (4.6)) for the output response of the two phase 

flow system. The output response involves two unknown parameters: 

'̂ PL "̂̂  '̂ aH* ^ ° ' ^^ ^" experiment is carried out with the input 

sinusoidal temperature variation and the output response is 

measured, the value of the two unknown parameters can be obtained. 

The method is iteration in two dimensions for hn. and D M, matching 
r L aH 

the predicted response with the experimental response. This can be 

done by minimizing the error £.p. , which is defined as: 

£^ = 

[TL(t) - T̂ "" (t)f dt 

(4-7) 

(t)]' dt 

where T, (t) is experimental temperature response at the bed exit and 

T, (t) is temperature response calculated on Homogeneous Fluid D-C 
• 

model with varied D ..and hp. . 

From the analyses of the experimental data of single phase system, 

Wakao, et al. (1979) found that for some of the experimental data points, 
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specifically at low Reynolds number, the D-C model is insensitive to 

the value of the two unknown parameters, hp. and D p. Their error 

maps are shown in Fig. 4.1. 

These error maps indicate that for these two data points, even 

wery small errors in experimental measurement will result in a 

magnified error in the predicted values of the two parameters. The 

D-C model is insensitive with respect to the two parameters for 

these data points. The D-C model is sensitive with respect to D ^ 
ab 

for the data point shown in Fig. 4.1(a), but insensitive with respect 

to Nu (i.e. hp^). For the data point shown in Fig. 4.1(b), the D-C 

model is insensitive with respect to both the parameters. 

The two phase flow system is wery different from the single phase 

flow system. The values of the axial dispersion coefficients, D p 
ab 

and D̂ ,̂  are wery high compared to those in single phase flow. Hoch

mann and Effron (1969) found that the dispersion coefficients in two 

phase flow are about three to six times those in single phase flow. 

Also, the thermal inertia of the two phase flow is higher than that of 

the single phase gas flow. The frequency response technique has 

never been applied to packed beds with liquid flow. From these con

siderations it is necessary to study the sensitivity of the Homo

geneous Fluid D-C model before proceeding to experiments. 
Sensitivity Measure (n) 

We do not have any experimental data but we can generate an out

put response (amplitude ratio and phase lag), using equation (4.6), 
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Figure 4.1 Error maps for single phase data points (+) 
(Adopted from Wakao, et al., 1979) 



63 

if we assume the reasonable values of the two unknown parameters 

hpL and D^^. 

We define a sensitivity measure, n(hp, ) (sensitivity with re

ject to hp, ) as: 

ri(hp|_) = 

PL 

2Tr/w 

[TLi(t) - TL2(t)] dt 

(4.8) 

^it)T dt 

0 

where T,_^(t) is the output response calculated from equation (4.6) 

using some reasonable values of hp,_ and D^^, and T^2(^) ^s the output 

response calculated using same equation (4.6) with same value of 

D^H but with some different value of hp,_ (say 20 percent higher than 

that of T,^-|(t)). Mathematically this can be written as 

\^{t) =f(hpL, D^,) 

and TL2(t) = f(1.2hpL. D̂ ,̂ ) 

(4.9) 

(4.10) 

It should be noted that the choice of a 20 percent perturbation is 

arbitrary. Representative responses for'T. .(t) and T|p(t) are shown 

in Fig. 4.2. 

If the two responses match exactly with each other we can say the 

model is completely insensitive with respect to hp, (i.e., n(hp, ) = 0) 
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Figure 4.2 Representative Responses of Output Temerature 
to changes in Fluid-to-Particle Heat Transfer 
Coefficient {l^^(t) = f(hpL), TL2(t) = f (1.2 hp^) 
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If the two responses are very different from each other we can say the 

model is sensitive with respect to hp,_ and the value of the sensitivity 

measure ri(hp,_) will be large. 

Simiarly we can define sensitivity with respect to the axial 

dispersion coefficient, D*,, as : 
an 

'l(°aH) = 

where 

2TT/ OJ 

f l\^{t) - TL2(t)]^ dt̂  

0 
27T/ (JO 

[T^^Wf dt 

0 

(4-11) 

\,{t) = f(hpL, D^^) (4.12) 

and 

T, p(t) = f(hn, , 1.2 D^M) L2 PL aH (4-13) 

If the two responses T, ,(t) and T. ̂ (t) are expressed in terms 

of amplitude ratios (A.-, and A.p) and phase lags (e,-, and e, p) as, 

T^l(t) = Â -j cos(wt + e,̂ )̂ (4.14) 

and 

T, p(t) = A, « cos(wt + 0, ̂ ) L2 12 L2' 
(4.15) 
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then the integrals in the expression of n, equations (4.8) and (4.11) 

can be simplified as shown in Appendix B, and n can be written as. 

n = \ i ^ " \ 2 - 2ALI AL2 [cos(e^^ - e^2)] 

A 
(4.16) 

LI 

The output response given by equation (4.6) is in complex number. 

The real output response can be obtained if the response T, (t) is 

written as. 

/\ « 

\{t) = Re[TL e'̂ ]̂ 

The ratio of the complex amplitudes can be written as, 

(4.5) 

"̂ L _ \ ^ie, ^ - -r- e L 

^0 ° 

where A, and A are real amplitudes, and 8, is the phase lag re la t i ve 

to i n l e t . So, 

Thus, Modulus 
T. 

T 

T, A, 
^ = -T- (cos e + isine, ) 
T. 0 ^ ^ 
0 

^L = J- = Amplitude ratio (Real) and 

(4.18) 

T 
r 

T 

'L Tm 
Argument (—) = arctan (^) = 9^ = P^^se lag. 
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Due to the complicated nature of the equations (4.8) (or equation 

(4-11)) and (4.6), it is difficult to conclude any thing about the 

sensitivity of the model. So. it is necessary to check the sensitivity 

of the model by doing numerical calculations. 

We set out criteria of sensitivity as n > 0.05. If n ^ 0.05 we 

say the model is insensitive. The value of ^ = 0.05 corresponds to 

(\2/\l' " ""-OS or (9,_̂  - e,_2) = 0.05 radians (2.87° or 0.8% of a 

cycle). 

Also we set the accuracy required for the two unknown parameters 

as ±20%. As the two phase system is wery complex and the phenomenon 

described by hp,_ and D̂ ,̂  are implicit in nature; it is reasonable to 

have accuracy of ±20%. In the calculations presented here only 

variations of +20% are considered and it is assumed the response 

will be similar for variations of -20%. 

The Basis for Sensitivity Study 

We take the experimental system existing at Chemical Engineering 

Department, Texas Tech University as the basis for our study of sensi

tivity. The diameter of the bed, D., is 7.6 cm and length, L is about 

100 cm. The diameter of the particle. Dp, should be such the D./Dp > 

10 (say 5 mm) so that wall effects are negligible. Since the wall ef

fects are neglected, the diameter of the tube, D... does not come in the 

response equation (4.6). The frequency of cyclical temperature vari

ation is taken in the range of 10-100 cycles/hour. Air and water are 

taken as the gas and liquid for our system. The shape of the particles 

is selected as spherical to avoid geometric complications. The air is 
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assumed to be at 1 atmosphere pressure. The properties of the fluids 

at 70° are shown in Table 4.1. 

Table 4.1 Properties of Air and Water at 70°F 
and 1 atm. (Perry, 1973) 

Air 

Water 

Density 

gm/cm 

0.001163 

1.0 

Heat Capacity 

cal/gm°C 

0.85 

1.0 

Thermal Conductivity 

cal/cmS°C 

0.0000644 

0.00150 

Viscosity 

gm/cmS 

0.000182 

0.010 
1 

An estimate of the unknown parameter, D^^, the homogeneous axial 

dispersion coefficient can be obtained from the defining equation (3.7); 

which involves the gas and the liquid phase dispersion coefficients, 

D^g and D^, , and liquid hold up . 

There is only one correlation, of Hochmann and Effron (1969),avail

able for calculating axial dispersion coefficients for the gas and 

liquid in cocurrent downflow. The dispersion coefficients are obtained 

using their correlations. These correlations are written below in terms 

of Peclet numbers. 

0.7 
Pe^g= 1.8 Reg lo-O-^OS Re^ (4.19) 

Pe^^ = 0.042 Re|_ 0.5 (4.20) 

where Reg = Gg Dp/yg(l - e) and Re,_ = G,_ Dp/y,_ (1 - £). 

The liquid hold up is calculated using Charpentier and Favier's 

(1975) correlation, which they have tested against 1500 data points 

with average error ±20%. 
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log 3 = -0.363 + 0.168 log x' - 0.043 (log x')^ 

0.05 x' 100 

where 

X = 
G,/Gg 

1 AP, 

PG k 
+ 1 

1/2 

and from Ergun's equation (See Bird, et al. (1963)) 

AP 2 G, •G2 
^ = 1 5 0 i l ^ ^ \ i - . 1 . 7 5 i L ^ ^ 
^ pj „ ^ ^ ^3 D^ p 

Dp ^G P "G 

(4.21) 

(4.22) 

The parameters P^, Cp^ and V^ are obtained using equations (3.5), 

(3.6) and (3.10) respectively. 

Surface area of the particle per unit volume of the bed is ob

tained using the following equation. 

a = 
6(1 - £) 

Dp 
(4.23) 

There is no correlation available for particle to liquid heat 

transfer coefficient with two phase flow. Some correlations are 

available for the particle to liquid mass transfer coefficient (see 

Charpentier, 1976) but they are more or less in empirical form. So, 

heat and mass transfer analogy can not be used to find particle to 

liquid heat transfer coefficient. Under this situation, the only 
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way to have some reasonable judgement is to use the single phase 

correlation of Wakao, et al. (1979). 

NUL = 2.0 + 1.1 Re^^-^ Pr^^/^ (4.24) 

The physical meaning of the use of this correlation for two phase flow 

is explained in Appendix C. 

Results of the Sensitivity Study 

The following system is used to study the sensitivity of the 

Homogeneous D-C model. 

- Glass spheres of diameter. Dp = 5 mm 

- length of the bed L = 100 cm 

- Liquid flow rate G^ = 10.33 kg/m^S (8000 Ib/ft^hr). 

- Gas flow rate Gg = 0.27 kg/m^S (200 Ib/ft^hr) 

The plots of sensitivity versus frequency and amplitude ratio 

versus frequency are shown in Fig. 4.3 and Fig. 4.4. It can be seen 

that the model is insensitive (n < 0.05) for most of the response 

region (0.9 > A./A > 0.1). The calculations of sensitivity were 

in single precision. 

It is found that varying the length of the bed L, diameter of 

the particle Dp, liquid superficial mass velocity G, , and the gas 

superficial mass velocity Gg do not improve the sensitivity, n of 

the model significantly. 

The next thing tried is different solid materials for the par

ticles. The materials tried and their properties are given in Table 

4.2. 
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Table 4.2 Properties of solids at 70°F (Perry, 1973) 

Copper 

Aluminum 
—————^—^-—^^__ 

Steel 

Glass 

Polyethylene 

^calculated 

Density i 
/ 3 i gm/cm | 

i 
1 

8.92 \ 

2.70 

, 7.70 

' 2.2265 

; 0.920 
• 

Heat 
Capacity 
cal/gm°C 

0.09252 

0.2137 

0.1200 

0-1900 

0.55 

Thermal 
Conductivity 
cal/cmS°C 

0.9180 

0.4920 

0.1120 

0.002604 

; 0.0008126 
• 1 

Thermal 
Diffusivity* 

cm^/S 

1 

1.1124 

0.8527 i 
1 

0-1212 

0.00616 

0.00161 
1 1 

As shown in Figs. 4.5, 4.6 and 4.7, it is found that the material 

of the particle has significant effect on the sensitivity of the model. 

It is found that with the metals, the model is sensitive in most of 

the response region (0.9 > A,_/AQ > 0.1). For glass and polyethylene, 

the model is insensitive. Out of the three metals, steel is found 

to give maximum sensitivity. Because the expressions for and T|^(t) 

are wery complicated, it is impossible to conclude anything about the 

behavior of the sensitivity with respect to the properties of the 

solid. 

In our sensitivity analysis, the weakest point is the value of the 

two unknown parameters taken in the calculations. So, the Figs. 4.8, 

4.9, 4.10 and 4.11 shows the effect of three different values (or 

three different levels) of the two parameters on the sensitivity. It 

is found that with both steel and glass particles, certain level of 

the two parameters do have adverse effect on the sensitivity . 

But still the model is sensitive (n > 0.05) with steel particles, at 
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Ĝ  = 10.83 kg/m'̂ S 

Gg = 0.27 kg/m^S 

hp,_ = 0.1178 cal/cm'^S °C 

DaH= 22.16 

0.00 20.00 40.00 60.00 

(J, cycles/hour 

Figure 4.10 Effect of d i f f e ren t levels of D 

0.00 100.00 

and glass 

• 

aH 
on 71(0^^) for steel 



81 

LO 
CO 

o 

o 
rn 

in 
CM 

hp,̂  in cal/cm S °C 

a i r - water 

Dp = 5 mm 

L = 100 cm 

G|_ = 10.83 kg/m'̂ S 

Gg = 0.27 kg/m^S 

D* = 11.08 cm^/S 
aH 

hp,_ = 0.2357 

20.00 40-00 
OJ, cycles/hour 

Figure 4.11 Effect of d i f f e ren t levels of hp, on n(D* ) for steel 
and glass PL aH 



82 

all three levels, in most of the response region (0.9 > A,/A > 0.1); 

and the sensitivity is always more than that of the glass. 

The above mentioned sensitivity results are based on 20:̂  error 

in one of the two parameters. We can generate error maps like Fig. 4.1 

for a particular generated data point. Figures 4.12, 4.13, 4.14, 4.15, 

and 4.16 show error maps, which are calculated on the following basis: 

air-water-steel system 

G^ = 10.83 kg/m^S (8000 Ib/ft^hr) 

Gg = 0.27 kg/mh (200 Ib/ft^hr) 

L = 100 cm 

Dp = 5 cm 

£ = 0.39 

0) = 6 0 cycles/hour 

The error map of Fig. 4.12 is plotted by taking the value of 
2 

hp, = 0.1178 cal/cm S°C, which is calculated from equation (4.24); 
• 2 

and the value of D M = 11-08 cm /S, which is calculated from equations 

(3.7), (4.19) and (4.20). Figures 4.13, 4.14, 4.15 and 4.16 are plot

ted with double the values of the two parameters (hp, = 0.2357 

aH 
2 * 2 X 

cal/cm S°C and D M = 22.16 cm /S) or half the values of the two para
meters (hp,_ = 0.0589 cal/cm2s°C and D*,̂  = 5.54 cm^/S). These five 

error maps are plotted by not taking all the grid points of the two 

dimensional plane: hp. and D M ; but plotted approximately by taking 

10 grid points with 10 different values of D M at one constant value of 
•k 

hp, and 10 different values of hp, at one constant value of D M-



83 

1.5 

1.4 

1.3 

1.2 

1.1 

1.0 

0.9 

0.8 

0.7 ' 

0.6-

0.5 

-̂  = 0.15 

^̂  = 0.1 

GENERATED 
X- DATA PONT 

0.6 0.7 0.8 0.9 1.0 1.1 1.2 1.3 1.4 

D^M RATIO an 

Figure 4.12 Effect of experimental error on the predicted 
values of hp, and D*M. The data is generated 

with hp^ = 0.1178 cal/cm2s°C and D*^ = 11.08 

cm S-



84 

1.5 

1.4_ 

1.3-

1.2 • 

1.1 -

1.0 

on 

0.8 -I 

0.7 

0.6 -J 

0.5 . 

GENERATED 
DATA POINT 

0 . 6 O T T O T S O 7 9 1 . 0 1.1 

D* RATIO 
aii 

1.2 1.3 1.4 

Figure 4.13 Effect of experimental error on the predicted 
values of hp. and D*M. The data is generated 

with hpL = 0.2357 cal/cm2s°C and D*M = 22.16 cm^/S. 



85 

1.5 

1.4 

1.3 

1.2 

1.1" 

^ 1.0 

0.9. 

0.8 

0.7. 

0.6. 

f = 0.15 

= 0.10 

£^ = 0.05 

GENERATED 
DATA POINT 

0.6 0.7 0.8 0.9 1.0 1.1 1.2 1.3 1.4 

^aH ̂ ^̂ "̂̂  

Figure 4.14 Effect of experimental error on the predicted 
values of hp, and D*M- The data is generated 

with hp^ = 0.0589 cal/cm2s°C and D*^ = 22.16 cm'/S 



86 

1.5 

1.4 

1.3 

1.2 

1.1 
o 

Sl-0 
_ j 
ci. 

0.9-

0.8-

0.7' 

0.6' 

0.5" 

= 0.05 

= 0.10 

GENERATED 
DATA POINT 

0.6 0.7 0.8 0.9 1.0 1.1 1.2 1.3 1.4 

D,M RATIO an 

Figure 4-15 Effect of experimental error on the predicted 
values of hn,, and D*M. The data is generated 

KL aH 2 • p 
with hp, = 0.2357 cal/cm S and D M = 5.5 cm/S 'PL aH 



87 

0.7 

0.6 

o.i 

GENERATED 

0.5 0.6 0.7 0.8 0.9 1.0 1.1 1.2 1.3 1.4 1.5 

Figure 4.16 Effect of experimental error on the predicted 
values of hn, and D*M. The data is generated PL aH p ^ ^ 
with hpL = 0.0589 cal/cm^S°C and D ^ = 5.5 cm'^/S. 
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From these error maps we can say that if there is an error of 5 

percent in measuring amplitude ratio or 0.05 radians in measuring 

phase lag, then at the high value of hp,_ the error in the hp,_ can be 

as high as 45 percent (Fig. 4.13 and 4.15); and at the low value of 
* • 

OaH' ^̂ ^ ^ ^ ^ ° ^ i" O^H can be as high as 13 percent (Fig. 4.15 and 

4.16). 

These errors are possible at 60 cycles/hour. By running experi

ments at high frequencies the errors can be reduced at the cost of 

reduced amplitude ratios. 



CHAPTER 5 

CONCLUSIONS AND RECOMMENDATIONS 

Conclusions 

For the two phase flow system, an analogous model (Homogeneous 

Fluid Dispersion-Concentric model) to the single phase Dispersion-

Concentric model is developed using simple definitions of the homo

geneous fluid properties and parameters: p^, Cp^, D^^, and V^. 

The technique of using the homogeneous fluid properties is shown 

useful in developing a two dimensional model for steady state radial 

heat transfer. This model is an analogue of the two dimensional 

model for single phase flow system. 

These models can be used for the three most industrially import

ant flow regimes: Trickle flow, Pulsing flow and Bubble flow regime. 

The measurements of the two parameters, hp, and D M using Homo

geneous Fluid Dispersion-Concentric model are not accurate enough, 

if the glass spheres are used in experiments. If steel spheres are 

used in experiments, then the model can be used to measure accurately 

the two parameters. Also the accuracy of the measurement of the two 

parameters is better at high frequencies than at low frequencies. 

Recommendations 

Obviously the next step should be an experiment using frequency 

response technique. The frequencies for the experiments should be 

higher than 40 cycles/hour to have reasonable accuracy. The cyclical 

69 
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variations in temperature are difficult to impose on the two phase 

flow, but using microwave heating system it is possible to impose 

cyclical temperature variations. Air and glass have relatively wery 

low absorptivity for the microwaves, as compared to the absorptivity 

of the water. The temperature variation will be imposed on the water 

but as air is expected to attain thermal and thermodynamic equilibrium 

immediately, the temperature variations will also be imposed on the 

air flow. 

It is proposed to use steel spheres for the test bed, as they are 

found to give better accuracy in the predicted values of the two para

meters than that obtained using glass spheres. The steel sphere will 

have an interaction with microwave heating system, so it is proposed 

to used glass spheres in the entrance section where the microwave 

heating system is installed. Below the entrance section should be the 

test section v/ith steel spheres. The entrance section will also be 

used to eliminate the fluid dynamical entrance effects. The diameter 

of the glass spheres used in the entrance section should be same as 

the diameter of the steel spheres in the test section. 

The inlet and outlet responses may not be exactly sinusoidal 

in which case they should be expressed in the form of a Fourier series. 

The linearity of the system should be checked after a few experiments. 

If the system is found to be non-linear, then it will be necessary to 

use an inlet wave in which the harmonics other than the fundamental 

are negligible. The outlet response is expected to be more sinusoidal 

than the inlet, as the higher harmonics are attenuated more than the 

fundamental. 
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Another possibility is the developing of a heterogeneous model in 

which energy balance equations can be set up for each phase. This 

model will involve more parameters. Thus, it will be better to 

understand the behavior of the two parameter of homogeneous model 

first, by doing experiments and then proceed with more complex 

models like heterogeneous model. 

i 
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APPENDIX A 

EFFECTIVE AXIAL SOLID CONDUCTIVITY 

Effective axial solid conductivity, k depends not only on the 
w Cl o 

conduct iv i ty of the so l id but also on the conductivi t ies of the f l u i d s . 

In e lec t r i ca l terminology, the resistance of the f l u i d surrounding the 

contact point of the two part ic les has a s ign i f icant ef fect on k 
eas 

This is because this fluid acts in series with the solid phase. The 

rest of the fluid is acting in parallel to the solid phase, so that 

it does not have a significant contribution to k . Thus, the ef-
eas 

fective axial solid conductivity k^^^ mainly depends on the fluid 
eas 

surrounding the contact point. 

For a single phase system, Zehner and Schulunder (1970) assigned 

a fraction of 1 - / 1 - e of the bed volume to the fluid phase which 

is acting parallel to the solid phase, rather than P. The remainder 

of the fluid phase acts in series with the solid phase. Thus, for 

£ = 0.4 only 56% of the fluid in the bed is contributing to conduction 

through the fluid phase and the remaining 44% is accompanied (in 

series) by the solid phase. This can be represented by an electrical 

network as in Fig. A-1. 

In the gas-liquid two phase flow system, usually the liquid 

fills up the fillet surrounding the contact point. We assume that the 

effective axial solid conductivity is independent of the conductivity 

of the gas phase. Thus the effective axial solid conductivity can be 

obtained using Zehner and Schlunder's correlation (eq. (2.20)) as 
follows: 
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565o of FLUID 

44% of FLUID SOLID 

-<-

eas 

^^ 

Figure A.1 Model for heat conduction through 
stagnant bed with £ = 0.4 
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APPENDIX B 

DERIVATION OF EQUATION (4.16) 

From equation (4.8) 

2TT/ 0) 

/ / " . 

n 

l ( t ) - T , _ 2 ( t ) ] ^ dt\ 

0 
2Tr/(jo 

\ [ l\^(t)f dt 

0 

27T/(ja 27T/aj 

/ J 

(B. l ) 

[ T , _ ^ ( t ) ] ' ^ d t = I A,_^^ cos^ (o j t + e,_^) d t 

0 

2TT/aj 

J « 1 + cos(2(cjjt + e, T ) ) 
ALI [ ^ ^ ] dt 

0 

2 . t , 1 ^^'" ( ^ ( ^ ^ " \ i ) ) ] 2 ^ / 
\ l '-2 2 2a) 0 

U) 

= A 2 JL 
LI OJ 

(B.2) 
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2Tr/ CO 

J •^\l(^) - \2(^)]^ ^̂  
0 

27T/ CO 

[A^^ cos(ajt + BL^) - \2 ^^^^^^ + eL2)]^ ^^ 

0 

27T/(A) 

[A|_^ cos (cjt + 0I_I ) + A,_2^ cos^(ajt + 9,̂ 2) 

0 

- 2A| I A, p cos(cot + e, i)cos((jat + 9, 2)] ^ t 
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cos (2oot + e,̂ -, + 0,̂ 2) "̂  cos(6^_i - 0,̂ 2) 
] dt 
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Substituting equations (B.2) and (B.3) in equation (B.l) we get. 
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APPENDIX C 

PARTICLE-TO-LiqUID HEAT TRANSFER COEFFICIENT 

We assume a simplified flow pattern of two phase flow in packed 

bed as shown in Fig. C-1, which is very close to the flow pattern in 

trickle flow regime. If the gas-liquid interface is steady with re

spect to time (which is usually not the case), the liquid film sur

rounding the particle (whose resistance is represented by hp, ) does 

not feel the presence of the gas. Under this situation, the particle 

to liquid heat transfer coefficient, hp,_, depends only on the liquid 

flow rate and liquid properties (i.e., Re,_ and Pr^); and does not 

depend on the gas flow rate and the gas properties. 

The interstitial velocity in the bed resembles the velocity V 

(velocity away from the particle) used in the single sphere correla

tion of Ranz and Marshall (eq. (2.24)). Equation (2.21) shows that 

the particles in the bed still behaves like a single sphere in an 

infinite medium. We extend this to the particles in the bed with 

two phase flow by using the above mentioned simplified flow pattern. 

Thus we can write, 

Nu^ = 2.0 + 1.1 Re,_°-^ Pr,_̂ /"̂  (C.l) 

wnere 

Dp £ V, p. 

Re, = {— ^—^) like equation (2.21) 
L ^ y, 

The gas-liquid interface is dynamic in nature and it is con

tinuously vibrating (or moving). This interfacial vibrations do 
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LIQUID FILM WHOSE 
RESISTANCE TO HEAT 
TRANSFER IS 
REPRESENTED BY hp,̂  

SPHERICAL 
PARTICLE 

Figure C-1 Two Phase Flow through a channel in packed bed 
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have some additional effect on the liquid film and thus on the heat 

transfer coefficient, hp^. This additional effect can only be found 

by an experiment. 

I, 



APPENDIX D 

COMPUTER PROGRAM TO CALCULATE 

OUTLET TEMPERATURE RESPONSE 

AND SENSITIVITY 
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C PF^OBLEM DEFINITION 
C 

C ANn QFI3C?TTU?XV^^ CALCULATES OUTLET TEMPERATURE RESPONSE 
C cSEFlfc?ENT^rnP PT.'^^M'^^^'''^^^ ^^ ^^^ ^^AT TRANSFER 
C LIQUir, IMH ric n!^^^ SUPERFICIAL hASS VELOCITIES OF 
C PARTJCLF PP ^'.S^/''^' °°' ̂ '̂ •EQUENCY, OMEGA; RADIUS OF THE 
C PFH uhrr'. T: ^^^^^" °^ ^^^ ^^^" L; VOID FRACTION OF THE 
C ?P?' T2pp:J'^nn'^^ °'' ̂ °'-^^" •̂'̂ °S' SPECIFIC HEAT OF SOLID-
r pTni'.rn^cT^nh <=̂ 0̂ '̂UCTIVITY OF SOLID, KS; DENSITY OF THE 
C cJSDi?;T5??v'nr^Sr^^ ^̂ "̂̂  °'' ̂ ^^ ^^^^I^" ^PL; THERMAL 

r Mnf̂ ^ rlieir ""̂  ̂ "^ LIQUID, KL; VISCOSITY OF THE LIQUID, 
r ?^k' o!?^^^^ °^ "̂ "̂  ^'^S, RHOG; AND SPECIFIC HEAT OF THE 
r S??x ?o°* f̂̂ 'EQUENCY IS IN RADIANS PER SECOND, SPECIFIC 
C HEAT IS IN CALORIE PER GRAM PER DEGREE CELCIUS, AND 
C THERMAL CONDUCTIVITY IS IN CALORIE PER CENTIMETER PER 
C SECOND PER DEGREE CELCIUS. REST OF THE VARIABLES ARE IN 
C CGS UNITS. 
C 
C 

REAL KS f KL f KG rKAS,MUL fMUG fNUL fL,LOGB 
COMPLEX S,PHI,Blr B2 f B3,B4 f B5 f BX » Dl,D2 r D3,D4,DENUM rCAMP 
READ(5f100)GLfGGfOMEGAfRPfL 

100 F0RMAT(5F10.7) 
READ < 5 f100)RHOS ?CPS f KS f VOID 
READ(5 f100)RHOL fCPL fKL,MUL 
READ < 5 f100)RHOG rCPG»KG » MUG 
WRITE(6 » 200)GL,GG f OMEGA f RP f L 

200 F0RMAT</f5X,5F15.8) 
WRITE(6,200)RHOSfCPS»KSfVOID 
WRITE ( 6» 200 ) RHOL f CPL f KL , MUL 
WRITE(6» 200)RHOG ?CPG fKG,MUG 

C 
C CALCULATION OF BETA(LIQUID HOLD UP) USING CHARPENTIER SFAVIER 
C CORRELATION AND ERGUN'S EQUATION 
C 

ERGUN1=150.0*(1.-VOID)**2.«GG*MUG/(V0ID**3.*(2.*RP)**2.*RHOG) 
ERGUN2=1.75*(1.-VOID)«GG**2./(V0ID**3.» 2.*RP*RHOG) 
ERGUN=ERGUN1+ERGUN2 
CH11 = < GL/GG)/< ERGUN/(980.*RHOG) +1.) 
CHI=SQRT(CHI1) 
LOGB=-0.363+0.168*AL0G10 < CHI)-0.043*(ALOGl0(CHI))*ALOG10 < CHI) 
BETA=10.0**L0GB 

C 
C CALCULATION OF INTERSTITIAL GAS I LIQUID VELOCITIES 
C 

VG=GG/(RH0G*V0ID*(1.0-BETA)) 
VL=GL/(RHOL*VOID*BETA) 
WRITE<6r300) GGfGLfVGfVL 

300 FORMAT(///fSXf'GG =',F9.7»5X,'GL =',F9.7.5X'VG =',F12.7. 
$5X,'VL ='»F12.7) 
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WRITE(6,210) ERGUNrCHI,BETA 
^^^ F-0RMAT(5X,'(DEL P/L)G = ' ,F12 . 7 , 5X , ' CHI = ' ,F10 . 7 • !]X . 

$'BETA ='fF9,7) 
C 
C CALCULATION OF HOMOGENEOUS DENSITY,SPECIFIC HEAT % VELOCITY 

RH0H=(1.0-BETA)*RH0G + BETA*RHOL 
CPH =( <1.0-BETA)*RH0G*CPG + BETA*RHOL*CPL )/rvHOH 
VH =((1.0-BETA)«RHOG*CPG*VG+BETA*RHOL*CPL*VL)/(RHOH*CPH) 
WRITE(6 f 400)RHOH fCPH,VH 

400 FORMAT(5X,'RHOH ='rF9.7,5X»'CPH =',F9.7,5Xr'VH =',F10.7) 

C CALCULATION OF REYNOLDS NUMBERS(REG,REL) XPRANDTLE NUMBER 
C (PRGfPRL) FOR WAKAO'S CORRELATION 
C 

REL=2.0*RP*VOID*VL*RHOL/MUL 
REG=2.0*RP*V0ID*VG*RH0G/MUG 
PRL=CPL*MUL/KL 
PRG=CPG*MUG/KG 

C 
C CALCULATION OF REYNOLDS NUMBERS FOR HOCHMANN-EFFRON CORRELATION 
C FOR DISPERSION COEFFICIENTS 
C 

HEREL = GL*2.0*RP/(MUL*(1.-VOID)) 
HEREG = GG*2.0*RP/(MUG*<1.-V0ID)) 

C 
WRITE(6 f 500)REL »REG ?PRL rPRG 

500 F0RMAT(5Xf'REL='rF10.3,5X,'REG ='fFIO.3,5X,'PRL =', 
$F8.4f5Xf'PRG ='fF8.4) 
WRITE(6»220) HEREGrHEREL 

220 F0RMAT(5Xf'HEREG =',F10.3,5X,'HEREL =',F10.3) 
C 
C CALCULATION OF NUSSALT NUMBER & PARTICLE TO LIQUID HEAT 
C TRANSFER COEFFICIENT USING WAKAO'S EQUATION 
C 

NUL=2.0 + 1.1*PRL**(1.0/3.0)*REL**0.6 
HPL=NUL#KL/(2.0*RP) 
WRITE(6.600)NUL»HPL 

600 F0RMAT(/»5X»'NUL ='»F12.7,5X,'HPL ='fF10.7) 
C 
C CALCULATION OF DISPERSION COEFFICIENTS FOR GAS S LIQUID 
C USING HOCHMANN-EFFRON CORRELATION 
C 

PEG = 1.8*HEREG**(-0.7)*10.0**(-0.005*HEREL) 
DAG = VG*2.0*RP/PEG 
PEL = 0.042*HEREL**0.5 
DAL = VL*2.0*RP/PEL 
WRITE(6f700) PEGfPEL,DAG,DAL 

700 F0RMAT(5Xf'PEG =',F9.7,5X,'PEL =',F9.7,5X,'DAG =',F10.3, 
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[NG 

$5X.'DAL =',F8.4) 
C 

C DAH = HOMOGENEOUS DISPERSION COEFFICIENTS 

*(RHOH*Cpi;''"''̂ '̂''*'̂ '''°°*"'°*''̂ ^̂  ' DETA*RHOL*rPL*I,AL)/ 
C 

r rnPPr|-^lTS^ °^ STAGNANT BED CONDUCTIVITY (KAS) BY USIi 
C CORRELATION GIVEN BY DIXON I CRESSWELL 

A = KL/KS 

B = 1.25*((1.0-V0ID)/V0ID)**(10.0/9.0) 

*ci !o:A*Bn/a: i :A' ;B?' '^*=' '^ - <^-^-^-
c 
C DAHM = MODIFIED DISPERSION COEFFICIENT"AS DEFINED PY WAKAO 

DAHM = DAH + KAS/(VOID*CPH*RHOH) 
PEH = VH*2.0*RP/DAH 
WRITE(6,191)A,B,XX 

^^^ MSTTriy:^^'''^"''''^*^'^^''^ ='.F9.5,5X,'XX=',F9.5) 
WRITE(6,800) KAS,DAH,DAHM,PEH 
FORMAT(5X,'KAS =',FIO.6,5X,'DAH =',F8.4,5X.'DAHM ='. 
*F8.4,5X,'PEH =',F8.4) 

800 

C 
C 
c 

OMEGAl = OMEGA 
DAHMl = DAHM 
HPLl = HPL 

C 
DO 1 1=1,2 
IF (I.EQ.l) HPL = HPLl 
IF (I.EQ.2) HPL = HPL1*1.2 

C 
C XNUM = NUMERATOR OF RATIO OF COMPLEX AMPLITUDES(TL/TO) 
C ALPHAS = SOLID THERMAL DIFFUSIVITY 
C BX = 'B' IN WAKAO'S EXPRESSION FOR TL/TO 
C PHI,BlfB2,B3,B4fB5 ARE COMPONENTS OF BX 
C ASMALL = SPECIFIC SURFACE AREA OF THE BED 
C 

XNUM = EXP<VH*L/(2.0*DAHM)) 
ALPHAS = KS/(RHOS*CPS) 
S = CMPLX(0.0,OMEGA) 
PHI = RP*CSQRT(S/ALPHAS) 
Bl = PHI*(CEXP(PHI)+CEXP(-PHI))/(CEXP(PHI)-CEXP(-PHI)) 
B2 = 1.0/(B1-1.0) 
B3 = 1.0/(KS/(HPL*RP) + B2) 



no 

C 

ASMALL = 3 . 0 * ( 1 . 0 - V O I D ) / R P 
B4 = KS*ASMALL/(S*RP*VOID*CPH*RHOH> 
B5 = 4.0*DAHM*S/VH**2.0 
BX = B5*(1.0 + B4*B3) 

C DENUM = DENOMINATOR OF EXPRESSION FOR COMPLEX AMPLITUDE 
C RATIO (TL/TO) 
C D1,D2,D3,D4 ARE COMPONENTS OF DENOMINATOR 'DENUM' 
C 

Dl = CSQRT(1.0+BX)*VH*L/(2.0*DAHM) 
D2 = (1.0+BX/2.0)/CSQRT(1.0+BX) 
D3 = (CEXPCDl) -CEXP(-Dl))/2.0 
D4 = (CEXP(Dl) + CEXP(-Dl))/2.0 
DENUM = D3 + D4*D2 
WRITE(6,110)XNUM,ALPHAS,ASMALL 

110 F0RMAT(///,5X,'XNUM =',E15.7,5X,'ALPHAS =',F9.7,5X•'ASMALL=' 
•,F10.7) 
WRITE(6,120)S,PHI,B1 

120 F0RMAT(/,5X,'S =',2E15,7,5X,'PHI=',2E15,7,5X,'Bl='.2E15.7) 
WRITE(6,130)B2,B3,B4 

130 F0RMAT(/,5X,'B2=',2E15.7,5X,'B3=^,2E15.7,5X,'B4=',2E15.7) 
WRITE(6,140)B5,BX,D1 

140 FORMAT(/,5X,'B5=',2E15.7,5X,'BX=',2E15.7,5X,'Dl=',2E15.7) 
WRITE(6,150)D2,D3,D4 

150 FORMAT ( /> 5X,'D2=',2E15.7,5X,'D3=',2E15.7,5X,'D4=',2E15.7) 
WRITE(6,160)DENUM " 

160 FORMAT(/,5X,'DENUM=',2E15.7) 
C 
C CAMP = COMPLEX AMPLITUDE RATIO (TL/TO) 
C AMPR = REAL AMPLITUDE RATIO 
C THETA = PHASE LAG IN RADIANS 
C PHASE = PHASE LAG IN DEGREES 
C 

CAMP = XNUM/DENUM 
AMPR = CABS(CAMP) 
THETA = ATAN2(AIMAG(CAMP),REAL(CAMP)) 
PHASE = THETA*57.29578 
WRITE(6,170)CAMP,AMPR,THETA,PHASE 

170 FORMAT(//,5X,'CAMP =',2E15.7,5X,'AMPR=',F9.7,5X,'THETA =', 
*F10.7,5X,'PHASE =',F12.7) 
RATIO = DAHM/DAHMl 
WRITE(6,180) HPL,DAHM,AMPR,PHASE 

180 F0RMAT(//,2X, 'HPL =',FB.4,1X,' DAHM = ' , F5 . 2 , 3X . ' AM̂ ;̂. TT! inr 
$RATIO =',F6.4,1X,'PHASE ANGLE =',F8.2) 
IF (I.EQ.2) GO TO 10 
AMPRl = AMPR 
THETAl = THETA 
GO TO 1 

10 AMPR2 = AMPR 
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THETA2 = THETA 
1 CONTINUE 
C EPSLN = SENSITIVITY MEASURE 
C XX,XN1,XN2,XD1 ARE COMPONEMTS OF EPSLN 
C 

XNl = AMPR1**2.0+AMPR2**2.0 
XN2 = AMPR1*AMPR2*C0S(THETA1-THETA2)*2.0 
XDl = AMPR1**2.0 
EPSLN = SQRT((XN1-XN2)/XD1) 
WRITE(6,190) OMEGA,EPSLN 

190 F0RMAT(///r5X,'OMEGA = ',FIO.6,5X,'EPSLN = ',F8.6) 
STOP 
END 

k l ^ 
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