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ABSTRACT 

The techniques currentiy used to perform refinery-wide optimization can give 

results that are inconsistent with the overall objectives of the refinery. A full-scale non

linear refinery-wide optimization approach can accurately predict the overall refinery 

optimum, but suffers from a large computational requirement. In this study, a surrogate 

model approach is applied to the refinery-wide optimization problem. 

The surrogate model approach to large-scale optimization involves building both 

detailed and approximate models for all of the processing units in the refinery. The 

detailed models developed in this study are rigorous first-principles models involving the 

material and energy balance equations. The surrogate model approach to large-scale 

optimization can employ approximate models of any form. However, selection of the 

proper form for the approximate models can greatly increase the efficiency of the 

optimization problem. In this study, fixed physical property phenomenological models 

are used as the approximate models. By fixing the values of the stream enthalpies and 

vapor-liquid equilibrium constants, the total number of equations in the process models is 

greatly reduced. This choice of approximate model form also guarantees that, at 

convergence, the results of the detailed and approximate models will be identical. 

The ASCEND IV modeling language is chosen for creating the detailed and 

approximate models in this study. This modeling platform provides significant 

advantages over a standard programming language such as Fortran. In addition to having 

a graphical user interface, the ASCEND software also contains an integrated solver and 

optimizer, making implementation of the optimization procedure more straightforward. 

By combining the models of each unit of the refinery together, a refinery-wide 

model is created. Using the CONOPT optimization routine in ASCEND, the refinery-

wide optimization problem can be solved. The optimization results obtained in this work 

are consistent with the refinery-wide optimization resutts presented by Li (2000). For the 

refinery model created in this study, the surrogate model approach decreased the required 

solution time by nearly an order of magnitude. An optimization was also performed for a 



refinery in which some product was recycled back to the cmde unit. By adding this 

recycle stream, the system of equations was made much more complex, with each unit 

being affected by all others. In this case, a dramatic reduction in the optimization 

solution time was also observed. 

The refinery model in this study contains 32 decision variables and 63 constraints. 

An industrial-scale refinery model would be much larger, perhaps including 150 decision 

variables. The solution time reduction using the surrogate model approach increases with 

the number of decision variables. Therefore, it is projected that the time reduction for an 

industrial-scale refinery model could be substantially larger than for the model used in 

this study. The speedup obtained using the surrogate model approach would decrease the 

solution time for refinery-wide optimization from several days to only a few hours. By 

decreasing the solution time, the surrogate model approach provides a method for 

performing refinery-wide optimization in an industrial setting. 

xi 
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CHAPTER 1 

INTRODUCTION 

1.1 History of Refining 

In modem society, the petroleum refinery is associated primarily with the 

production of fuel-grade gasoline. This has not, however, always been the case. In fact, 

during the early days of refining, gasoline had very little value. The early refinery was 

concerned predominantly with the production of kerosene and other heating oils. To 

limit the amount of gasoline in the heating oils, several laws regulating the flash point of 

heating oils were enacted (Nelson, 1958). 

William Bamsdall and William A. Abbott constracted the first refinery in 

Titusville, Pennsylvania, in 1860, at a cost of about $15,000 (Nelson, 1958). This 

refinery, and other early refineries used batch distillation to separate the kerosene and 

heating oils from the other cuts of the crude oil. One of the first major advancements in 

petroleum refining, thermal cracking, was discovered by accident in 1861. Grade oil was 

allowed to remain in a still for much longer than the time required for separation. Upon 

returning, the still operator noticed a difference in the product being collected. 

Investigation led to the discovery that the still temperature was sufficient to cause the 

heavy hydrocarbons in the cmde oil to break down into lower-boiling molecules (Nelson, 

1958). Thermal cracking soon became a useful tool for increasing the kerosene yield 

from crade oils. 

Coincident with the popularization of the automobile, the value of gasoline 

increased dramatically at the beginning of the 20* century. Within a few years, gasoline 

surpassed heating oils as the most useful, and valuable, product from the refinery. As the 

popularity of the automobile increased, so to did the need for gasoline. The increased 

demand for gasoline led to the discovery of many new oil fields and the improvement of 

refining technologies (Nelson, 1958). To recover more gasoline from the crade oil, 

refineries began to perform more experiments involving thermal cracking. The first 

thermal cracking processes to be applied industrially were liquid-phase cracking 



processes, of which the Burton process was the first to be practiced on a large scale 

(Nelson, 1958). 

During the eariy years of refining, separation was performed using batch 

processing. With the surging demand for gasoline, methods for the continuous refining 

of petroleum were sought. Although this technology had been investigated since the 

early days of refining, the first widely recognized continuous plants appeared in 1912 

(Nelson, 1958). These plants employed a combination of pipe stills and continuous 

fractionation units to separate the crade oil into the desirable cuts. 

During the next decade, the demand for gasoline continued to increase. The 

continued increase in demand led to fiirther developments in petroleum refining. 

Substantial developments were made in the area of continuous fractionation. To allow 

for processing at more extreme conditions, equipment was built to handle high 

temperatures and pressures. Thermal cracking also benefited from several advancements 

during this period. While liquid-phase cracking was perfected, developments in the area 

of vapor-phase cracking began. The implementation of vapor-phase cracking became 

successful in 1925, with the invention of the Gyro process (Nelson, 1958). Eliminating 

trace liquids from the vapor keyed the success of this process. 

Petroleum refining technologies continued to improve through the ensuing years. 

Vacuum distillation became the primary means for the production of road oil and asphatt. 

Further developments in vapor-phase cracking led to the increased use of cracking plants. 

To improve the antiknock qualities of gasoline, refineries began mixing tetraethyl-Iead 

into the gasoline product. 

The increasing demand for antiknock gasoline led to the development of the 

alkylation process. Although the alkylation reaction is simply the reverse of cracking, the 

belief that paraffinic hydrocarbons are inert delayed its discovery until 1935 (Grase and 

Stevens, 1960). Experiments in reforming, increasing the octane ratings of light naphtiia 

and low-octane hydrocarbons by reaction, were also conducted to assist in meeting the 

demand for gasoline with antiknock properties. This experimentation came to fiiiition 

with the installation of the first catalytic reformer in Texas City, Texas (Little, 1985). 



The next major advancement in refining technology occurred in 1936 with the 

development of catalytic cracking. Compared to thermal cracking, catalytic cracking 

produces more gasoline and less heavy fuel oil and light gases. Additionally, the gasoline 

produced by catalytic cracking has a higher octane than that produced by thermal 

cracking. The first indusfrial catalytic cracking unit was developed by Eugene Houdry 

and performed the cracking by passing petroleum vapor through a fixed bed of acidized 

clay catalyst (Wilson, 1997). Although this process was superior to thermal cracking, the 

fixed-bed approach limited the cracking potential. 

Due to the limitation of the fixed-bed approach, two continuous processes for 

catalytic cracking were soon developed. The first continuous approach to catalytic 

cracking, moving bed catalytic cracking (MBCC), involved feeding the catalyst and feed 

at the top of the reactor. The catalyst flowed down through the reactor and into the 

regenerator, where the coke was removed by burning with air. The first MBCC unit was 

installed in Paulsboro, New Jersey in 1941 (Wilson, 1997). The second continuous 

approach to catalytic cracking is fluidized catalytic cracking (FCC). This technology was 

developed by Catalytic Research Associates, which consisted of representatives from 

several refining companies. In FCC, unlike in MBCC, the catalyst and vaporized feed 

are introduced at the bottom of the reactor and flow upward. The catalyst is removed 

from the product vapor using external cyclones. The first FCC unit was commissioned in 

1942 in Baton Rouge, Louisiana (Wilson, 1997). 

Development of moving bed catalyst cracking and fluidized catalytic cracking 

continued in parallel for some time. However, fluidized catalytic cracking eventually 

proved to be more flexible and became the industrial standard. 

The importance of many refining processes increased with the onset of World 

War II. During the war, the demand for high-octane aviation fuel stimulated the 

development of both the alkylation and reforming processes. Alkylation produces a 

gasoline blending stock containing high-octane isoparaffins and reforming yields a 

gasoline blending stock containing aromatic hydrocarbons, also possessing a high octane 

rating. Additionally, the reformer also produced toluene for use in synthesizing tri-nitro 



toluene (TNT) for dynamite. After the war ended, the demand for aviation fuel declined. 

However, the automotive industry made it known that new automobiles would require 

higher-octane gasoline, sustaining the prominence of the alkylation and reforming units. 

Few developments in refining processes have been made since the end of Worid 

War II. The advancements that have occurred have focused on how these established 

processes are operated. Specifically, substantial advancements were made in reforming 

and cracking catalysts. 

Early reforming units used a molybdenum oxide catalyst on an alumina base. By 

replacing the molybdenum oxide with platinum, the activity of the catalyst was increased. 

The first platinum catalyst was introduced in 1949. The development of bimetallic 

catalysts in 1967 led to a fiirther increase in catalyst activity as well as an increase in 

reaction selectivity (Little, 1985). 

The original catalytic cracking units used an acidized clay catalyst. The first 

major advancement in cracking catalysts was the development of a synthetic silica 

alumina catalyst in 1942. In 1948, spray-dried catalysts were introduced to the cracking 

process. Because these catalysts were spherical, greater fluidization could be achieved in 

the cracking unit. The spherical shape of the spray-dried catalysts also reduced the 

attrition losses. The activity of a cracking catalyst is proportional to its alumina content. 

A high-alumina catalyst, containing about twice the alumina of the early spray-dried 

catalysts, became available in 1955. Zeolite catalysts, first available in 1964, showed 

increased activity and decreased deactivation (Wilson, 1997). These zeolite catalysts 

comprise the majority of cracking catalysts still in use today. 

Zeolite catalysts are significantly more active than any previous cracking catalyst. 

In fact, the introduction of the zeolite catalyst necessitated a modification to the cracking 

process. Before the zeolite catalyst, the cracking reactions occurred mainly in the reactor 

bed, although the reactions did occur in the riser to a small extent. The increased activity 

of the zeolite catalyst caused the cracking reactions to occur predominantiy in the riser. 

For this reason, FCC units were redesigned to account for cracking in the riser. 



Altiiough small developments have occurred since this time, especially in catalyst 

improvement, no major advancements have been made in the area of petroleum refining 

technology in recent years. The constraction of new refining operations has also slowed. 

Li (2000) reports that no new grass-roots refinery has been built since 1980. To maintain 

profit in the face of declining margins (Beck, 1999), refineries have turned to process 

automation to improve the economic operation of the refinery. 

Process automation consists of two major ideas: process control and optimization. 

Proper use of these technologies allows a refinery to meet all operational, environmental, 

and safety constraints while lowering the overall operating cost. In turn, the profit 

margin for tiie refinery can be maintained or even increased. Ongoing advancements in 

process instrumentation and computing technology continue to provide for cheaper and 

more reliable process automation. 

Refineries, and all chemical facilities, must be operated to meet product quality 

and flowrate specifications in a safe and reliable manner (Riggs, 2001). Initially, these 

specifications were met using Proportional-Integral-Derivative (PID) controllers, simple 

controllers that manipulate one variable to control another. The development of the 

distributed control system (DCS) and Model Predictive Control (MPC) have led to the 

increased use of advanced control systems. The DCS combines the hardware and 

software required for data acquisition and basic control functions. The industrial 

standard for MPC, dynamic matrix control (DMC), allows for a model-based prediction 

of complex interactions between a number of manipulated and controlled variables. With 

the development of these two technologies, model-based control has become 

commonplace in the refining industry. Ellis (1996) estimated that a 3% profit increase 

could be achieved through implementation of model-based process control to an 

industrial fluidized catalytic cracking unit. 

1.2 Motivation and Objectives 

The basic task for a controller is to maintain the process variables at their given 

setpoints. The setpoints at which the process variables are maintained should be selected 



in an economically favorable manner. The economic target used in selecting the process 

variable setpoints can be expressed in several forms: largest production, greatest profit, 

minimum cost, or lowest energy usage (Edgar et al., 2001). Process optimization 

involves selecting these setpoints in a manner consistent with the economic objectives of 

the overall process. Optimization also considers the process constraints and product 

specifications in determining the process variable setpoints. 

A successful refinery-wide optimization application must include a model of the 

process. Many of the current refinery-wide optimization applications use a linear model 

to represent the refining processes. In these models, linear approximations are used to 

represent the operation of each of the units in the refinery. These linear approximations 

are based upon the normal operating conditions of the refinery. 

Refining processes are, however, non-linear. As a result, the accuracy of the 

optimization routine is degraded. To account for the non-linear behavior of the refinery 

processes, another approach to refinery-wide optimization is the coordination of single-

unit optimization for each unit. In this approach, each unit in the refinery is optimized 

individually. The results of the unit optimizations are then coordinated using a linear 

program. Although this approach accurately represents the non-linear behavior of the 

process, it can lead to optimum solutions that are inconsistent with the overall refinery 

objectives. 

To solve this problem, Li (2000) suggested developing a non-linear model for the 

entire refinery. Although the non-linear optimization showed a profit increase of 4.1% 

(Li, 2000), the time required to obtain the optimum solution was greatly increased. In 

many cases, the refinery-wide optimization required over eight hours to converge. 

Further, the refinery-wide optimization model suffers from convergence problems, failing 

to determine a solution for nearly 40% of the optimization rans. 

In this study, a new approach is used to obtain the benefits of both approaches to 

refinery-wide optimization. By employing both approximate and detailed models of the 

processing units, the surrogate model approach provides an optimum solution consistent 

with the non-linear refinery-wide optimization in a much shorter time. The major 



objective of this study is to evaluate the application of the surrogate model approach to 

large-scale optimization to a petroleum refinery. Evaluation of the surrogate model 

approach involves several steps. First, detailed and approximate models are written for 

each of the processing units in the refinery. These models are then benchmarked against 

operating data from a 50,000 barrel per day fuel-oriented refinery on the Gulf Coast. 

Next, the surrogate model approach is applied to the refinery-wide model to obtain the 

optimum operating conditions. The optimum conditions, as computed using the 

surrogate model approach, are compared to the results obtained in the non-linear refinery-

wide optimization. Finally, the solution time reduction of the surrogate model approach 

to refinery-wide optimization is determined. 

1.3 Dissertation Organization 

Refineries and their unit operations have been the subject to research for as long 

as they have been in operation industrially. The significant body of work related to 

modeling and optimization of refinery units is summarized in Chapter 2 of this 

dissertation. The surrogate model approach to large-scale optimization is discussed in 

Chapter 3. 

Because a refinery is very complex, the modeling philosophy used in this study 

involves modeling each major section separately. In this study, the refinery is split into 

five major sections: the crade unit, the fluidized catalytic cracking unit (FCCU), the 

reformer, gas treatment, and gasoline blending. The separate models of the portions of 

the refinery are then connected together to form the overall refinery model. Figure 1.1 

shows the connections between the individual units in the refinery. 

The modeling of each major section of the refinery is discussed in a separate 

chapter of this dissertation. Chapter 4 discusses the detailed tray-to-fray modeling of the 

crade unit distillation columns. A rigorous model of a Model IV FCC unit is presented in 

Chapter 5. In Chapter 6, the reformer model used in this study is discussed. Models of 

the gas treatment section of the refinery, including the gas plant and alkylation units, are 

discussed in Chapter 7. Finally, the gasoline blending model is presented in Chapter 8. 
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Figure 1.1: Refinery Unit Connections 

Chapter 9 summarizes the constraction and solution of the refinery-wide 

optimization problem. In this study, several different optimization cases are performed to 

assess the benefit of the surrogate model approach for refinery-wide optimization. The 

results of this study and recommendations for further work are presented in Chapter 10. 



CHAPTER 2 

LITERATURE REVIEW 

2.1 Refinery Unit Modeling 

Models of the various processing units in a refinery have been extensively 

modeled in the industrial and academic forams. Due to the availability of large amounts 

of operating data, the models constracted in the industrial setting are more common and 

accurate. However, the models built in industry are rarely published. The models built in 

academia are typically used for control and optimization studies. These models are 

usually built based upon a specific set of operational data and must be further 

benchmarked before use in a different application. 

2.1.1 Crade Unit 

The crade unit consists predominantly of the preheating facilities, fumace, and the 

atmospheric and vacuum towers. In addition to these major units, the crade unit also 

includes several additional units that further separate the products of the two main 

distillation columns. A detailed model including all of the processes in the crade unit has 

not been presented in the literature. Most of the crade unit models created in the previous 

research have focused on developing detailed tray-to-tray models for the atmospheric and 

vacuum towers. Edmister (1955) proposed an integral method for modeling petroleum 

distillation. Taylor and Edmister (1971) applied this approach to the reran column in the 

crade unit. The approach developed by Edmister (1955) requires a curve relating the 

equilibrium constants between components to the composition, in mole fraction, of the 

streams in the column. This curve is difficult to obtain, making this method difficutt to 

apply to a new application. Further, the method uses a trial-and-error approach to solving 

the model equations, resulting in slow convergence. 

Cecchetti et al. (1963) modeled a 62-stage crade tower using the 6 method of 

convergence. In this model, the crade is represented using 35 boiling point 

pseudocomponents. The physical properties for these pseudocomponents were given as a 



part of the column model. Hess et al. (1977) and Holland and Liapis (1983) prepared 

solutions to this model using the Newton-Raphson method. Hess et al. (1977) also used 

curve-fitting to convert the physical property specifications into equations. As a result, 

the equilibrium constants and stream enthalpies could also be correlated, being fimctions 

of temperature only. 

The typical approach to calculating tray temperatures in a distillation column is 

the bubble-point algorithm. In this algorithm, the tray temperature is determined by 

calculating the bubble-point of the liquid stream exiting the tray. This approach is 

inherently unstable for a distillation feed containing components that boil over a wide 

range. To combat this problem, Chung and Riggs (1995) developed a dynamic stagewise 

adiabatic flash (DS AF) algorithm. This algorithm provides stable solutions over a wide 

operating range. A distillation model was constracted using the DSAF algorithm and 

used in confrol studies. 

All of these studies used closed-form models with a sequential modular solution 

approach. Hendon (2001) suggests that using open-form equations in process modeling 

provides a much more flexible model. Mizoguchi et al. (1995) built a dynamic crade unit 

model using open-form equations. The completed crade unit model included 2297 

equations and 2569 variables. For the control studies in which the model was used, these 

variables were separated into fixed (263), manipulated (9), and dependent (2297). 

Fairly detailed distillation models can also be constracted without using rigorous 

tray-to-tray calculations. The most important feature of a distillation model is the 

accurate prediction of the flowrate and composition of the product streams drawn from 

the column. Watkins (1979) presented a design method that separates the distillation 

column into several sections, each bounded by two adjacent side-draw trays. The 

flowrates and compositions of the streams exiting each section of the refinery are 

calculated using material and energy balances over the entire section. In this modeling 

approach, the physical properties of the feed and product streams are calculated using 

empirical correlations. 
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To limit the total number of equations in the refinery-wide model, Li (2000) used 

the approach of Watkins (1979) in creating his model. Because the total number of 

equations in the process model has a reduced affect when using the surrogate model 

approach, detailed tray-to-tray models were used in the cmde unit model in this study. 

2.1.2 Fluidized Catalytic Cracking Unit 

2.1.2.1 Cracking Reactions. One of the primary concems in catalytic cracking is 

the deposition of coke on the catalyst. The first published research in the area of 

fluidized catalytic cracking developed an expression for the concentration of coke on the 

catalyst. Voorhies (1945) expressed the coke concentration on the catalyst as a function 

of the contact time between the catalyst and gas oil. 

The early attempts at modeling the reactions in the fluidized catalytic cracking 

unit focused on predicting the conversion of gas oil to gasoline product. Blanding (1953) 

developed a simple correlation to calculate conversion from the system pressure and 

weight-hourly space velocity. Although the correlation itself is not complicated, an 

extensive amount of operating data is required to calculate the weight-hourly space 

velocity, making application of this correlation rather cumbersome. 

The molecular stmcture of the gas oil feed to the cracking unit was first 

considered by Reif et al. (1961). Several measurements of the gas oil were used to 

classify the carbon atoms present in the feed stream into several different types. The 

yields of gasoline and light gases were then determined using polynomial expressions 

relating the yield to the percentage of each carbon type in the gas oil feed. Correlations 

for coking, conversion, and octane number were also developed. White (1968) used mass 

spectroscopy data to develop similar correlations. 

Weekman and Nace (1970) combined reaction kinetics with an exponential 

catalyst decay function to generate a lumped species, kinetic-based model for catalytic 

cracking. The kinetic-based model used a system of three lumps: gas oil, gasoline, and 

coke. By including light gases in the coke lump, the three-lump model could predict the 

yields of gasoline and light gases. Nace et al. (1971) showed that the three-lump model 
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accurately predicted the gasoline and light gas yields for cracking of virgin gas oil. The 

predictive capability of the model was found to degrade as the amount of previously 

cracked material fed to the cracker increased. Aromatics, which are prevalent in gas oil 

streams that have been previously cracked, can significantly affect the gasoline and light 

gas yields from the cracker. Therefore, to predict yields for a wide range of gas oil feeds, 

a more detailed identification of the molecular stracture of the gas oil feed must be made. 

Expanding upon the earlier three-lump model, Jacob et al. (1976) developed the 

ten-lump model for catalytic cracking. By increasing the number of lumps used to 

represent the gas oil feed, a more accurate description of the molecular stracture could be 

obtained. The improved description of the gas oil feed allowed the ten-lump model to 

accurately predict yields for a wide range of catalytic cracking feeds. Arbel et al. (1995) 

presented an updated version of the ten-lump model that provided a more detailed 

description of the reaction kinetics in the riser. 

The major drawback to the ten-lump model is its inability to predict the yields of 

the individual light gases. To improve the light-gas yield prediction, John and 

Wojciechowski (1975) and Corma et al. (1984) developed a detailed reaction scheme for 

the production of light gases. Gary and Handwerk (2001) developed plots relating the 

light gas yields to the feed conversion for gas oil feeds of various gravities. 

2.1.2.2 Regeneration. Successful catalyst regeneration is cracial to efficient 

operation of the fluidized catalytic cracking unit. Weisz and Goodwin (1963) recognized 

the need for a model of the regenerator and determined the relationship between the coke 

bumoff and residence time in the regeneration unit. Weisz and Goodwin (1966) 

furthered their work in this area by studying the intrinsic burning rates of coke deposits. 

Weisz (1966) further studied the carbon monoxide to carbon dioxide ratio in the 

regenerator. Weisz (1966) determined that the combustion of coke exhibits an intrinsic 

ratio of these two molecules. After coke combustion, a portion of the carbon monoxide is 

oxidized to form carbon monoxide. 

Errazu et al. (1979) developed a model for the regeneration unit by looking 

specifically at the grid effects. By comparing a continuous stirred-tank reactor (CSTR) 
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model to a detailed model of the regenerator grid, Errazu et al. (1979) determined that the 

regeneration unit could be accurately represented using a CSTR model with negligible 

gas bypassing. Significant changes in regeneration technology led de Lasa et al. (1981) 

to revisit the regenerator models developed by Errazu et al. (1979). de Lasa et al. (1981) 

considered five different models for the regenerator, with the CSTR model providing the 

most accurate results. 

2.1.3 Reformer 

Catalytic naphtha reforming involves several types of chemical reaction, not a 

single reaction as in catalytic cracking. An understanding of naphtha reforming must 

start with an understanding of the types of reactions occurring in the reformer. Hettinger 

et al. (1955) were the first to perform a detailed study of the types of reactions occurring 

in the reformer. The relative rates of the various reforming reactions were studied over 

the temperature and pressure ranges typically used in industrial operation of reformers. 

Further research was performed in this area by Gates et al. (1979) and Parera and Figoli 

(1994). 

In catalytic naphtha reforming, hundreds of components take part in the chemical 

reactions. Due to the large number of components, some form of lumping must be 

employed. Smith (1959) presented the first attempt to lump the reformer components 

based upon their characteristics. Smith (1959) characterized the naphtha using the types 

of hydrocarbon present in the naphtha. These hydrocarbon types include paraffins, 

naphthenes, and aromatics. Within each class of hydrocarbon, no distinction was made 

based upon the number of carbon atoms. 

Krane et al. (1960) presented a more extensive lumping strategy, using a total of 

20 lumps. Fifteen of these lumps accounted for paraffins, naphthenes, and aromatics with 

carbon numbers between six and ten. The final five lumps represented paraffins with 

carbon numbers less than six. Krane et al. (1960) represented the reactions between these 

components using pseudo-first-order rate expressions. Henningsen and Bundgaard-

Nielson (1970) extended this approach by introducing Arrhenius-type rate constants for 
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these reactions. In this form, the rate constants account for the influence of the reactor 

temperature on the reaction rates. Additionally, Henningsen and Bundgaard-Nielson also 

accounted for the deactivafion of the catalyst. Kmak (1972) incorporated the catalytic 

nature of the reforming reactions into a kinetic model. By deriving a reaction network 

with Langmuir-Hinshelwood kinetics, the adsorption of the components onto the catalyst 

surface could be taken into account. 

Kuo and Wei (1969) developed a different lumping scheme, based upon a 

mathematical derivation of the lumping criteria. The criteria developed by Kuo and Wei 

(1969) have been widely accepted and applied to a number of chemical reaction systems, 

including catalytic naphtha reforming. These criteria were used by Ramage et al. (1987) 

to develop a reaction network incorporating the heterogeneous nature of the chemical 

reactions. The reaction networks developed by Ramage et al. (1987) were based upon the 

results from a pilot-scale reformer. Marin and Froment (1982) and Van Trimpont et al. 

(1988) used these lumping criteria to perform laboratory tests on the reforming of Ce and 

C7 naphtha, respectively. 

2.1.4 Gasoline Blending 

2.1.4.1 Octane Number. The first method for predicting the octane number of a 

gasoline blend was developed by Schoen and Mrstik (1955). In this method, a graphical 

correlation was used to predict the octane number of a binary blend from the octane 

numbers and olefins contents of the blending stocks. Stewart (1959a) extended this 

approach to multi-cut gasoline blends. Zahed et al. (1993) developed an empirical 

correlation for octane number based upon the regression of data from a specific refinery. 

Another approach to predicting the octane number of a gasoline blend is the use 

of blending octane numbers. This approach, which is widely used in industry, determines 

the octane number of a blend as the linear combination of the blending octane numbers of 

the gasoline blending feedstocks. The blending octane numbers of each blending stock 

are determined by regression. Values of the blending octane numbers for several 

gasoline blending stocks are given by Unzelman (1996) and Gary and Handwerk (2001). 
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Miiller (1992) developed a similar approach to predicting the octane number of a gasoline 

blend. Miiller (1992) introduced the excess octane number as an indication of the 

deviation from ideal blending. Because the blending octane numbers and excess octane 

numbers are generally derived by regression of a specific set of data, extension of these 

methods to additional applications can be difficult. 

A more general, theoretical approach to octane blending was introduced by 

Morris (1986). This method uses interaction coefficients to represent the non-linearity in 

the blending of octane numbers. The original approach used these interaction 

coefficients to predict the octane numbers of binary gasoline blends. Morris et al. (1994) 

extended the interaction method to multi-cut gasoline blends. This interaction method 

uses interaction parameters between gasoline cuts and does not consider the composition 

of the blending stock. Therefore, the interaction parameters can vary over a large range 

as the composition of the blending stock changes. In order to determine the proper value 

for the interaction parameter, a blending study would need to be performed. 

Twu and Coon (1996) developed a generalized, component-based interaction 

method to represent gasoline blending. The interaction parameters in the component-

based interaction method represent the non-linearity in the blending of individual 

components, not blending stocks. By using component interaction parameters, the Twu 

and Coon (1996) blending model eliminates the dependence of the interaction parameters 

on the composition of the blending stock. Using a set of universal interaction parameters, 

this approach calculates the octane number of a gasoline blend from the octane numbers 

and compositions of the blending stocks. For the Twu and Coon (1996) interaction 

method, the composition of each blending stock is expressed using the saturates, olefins, 

and aromatics content on a volumetric basis. Twu and Coon (1997) modified this 

approach to be more systematic, accounting for several special cases in the original 

approach. 

2.1.4.2 Reid Vapor Pressure. In addition to octane number, Reid vapor pressure 

also exhibits non-linear blending. Stewart (1959b) infroduced the first method for 

calculating the Reid vapor pressure of a gasoline blend. This method is based upon the 
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standard Reid test as defined by the American Society for Testing and Materials (ASTM). 

The method assumes an ideal gas phase and uses the Souders equation of state to 

calculate the equilibrium constant. This approach requires the physical properties of the 

pseudocomponents used to represent the blending stock. Since these properties are only 

available by correlation, the accuracy of the Reid vapor pressure prediction is reduced. 

Vazquez-Esparragoza et al. (1992) developed a similar approach to predicting the 

Reid vapor pressure of a gasoline blend. The primary difference between this approach 

and that of Stewart (1959b) is that this method uses the Soave-Redlich-Kwong equation 

to calculate the equilibrium constant. Because the SRK equation of state gives more 

accurate values for liquid volumes, this approach more accurately predicts the Reid vapor 

pressure of a gasoline blend. However, the approach is still dependent upon 

pseudocomponent properties obtained by correlation. 

Another approach to predicting the Reid vapor pressure of a gasoline blend is the 

use of the vapor pressure blending index (Gary and Handwerk, 2001). In this method, the 

Reid vapor pressures of the gasoline blending stocks are converted to vapor pressure 

blending indices, which are then blended linearly. This method is sufficiently accurate 

and is widely used in industrial practice. 

2.2 Feedstock Characterization 

Both the fluidized catalytic cracking unit and the catalytic reforming unit use 

reaction networks that contain lumped components. The feeds to each of these units, 

coming from the distillation-based crade unit, are specified using boiling point 

pseudocomponents. In order to connect the cracking and reforming units to the crade 

unit, the compositions of these streams must be converted to the appropriate set of lumps. 

This procedure is called feedstock characterization and is essential to the development of 

an accurate refinery-wide model. 
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2.2.1 Fluidized Catalytic Cracking Unit 

The feed to the fluidized catalytic cracking unit is characterized using molecule 

type and boiling point. The relative amounts of each molecule type in the gas oil feed are 

determined from several properties of the gas oil feed using empirical correlations. Winn 

(1957) and Riazi and Daubert (1980) introduced methods for determining several 

properties of a hydrocarbon mixture. This work has led to two primary methods for 

calculating the PNA analysis of the fluidized catalytic cracking feed: the n-d-M method 

(ASTM, 1985) and the TOTAL method (Dhulesia, 1986). 

2.2.2 Reformer 

The lumps used in the reformer reaction network exhibit both similarities and 

differences from those used in the cracking reaction network. Similar to the cracking 

lumps, the reforming lumps are first characterized by molecule type. In the reformer 

model, the lumps are further characterized by carbon number rather than boiling point. 

Taskar (1996) used the correlations developed by Riazi and Daubert (1980) to predict the 

properties of the naphtha feed. Using a Nelder-Mead optimization algorithm (Riggs, 

1994), the composition of the reformer feed was determined by minimizing the difference 

in the predicted mixture properties and the measured mixture properties. Li (2000) was 

unsuccessful in applying this approach to the refinery-wide model. Therefore, Li (2000) 

characterized the feed to the reformer using crade assays obtained from the industrial 

data. 

2.3 Large-Scale Optimization 

The method used to solve an optimization problem depends upon the nature of the 

problem. Edgar et al. (2001) suggest that the choice of the appropriate optimization 

algorithm should include a consideration of the nature of the objective fimction, the 

nature of the constraints, and the number of independent and dependent variables in the 

problem. For optimization problems with linear objective functions and constraints, 

linear programming techniques (Dantzig, 1963) can be used to obtain an accurate 
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optimization result. Most real-world optimization problems, including refinery-wide 

optimization, are inherently non-linear and cannot be accurately solved using linear 

programming techniques. 

One technique that can be used to solve multivariable, non-linear, constrained 

optimizafion problems is Successive Linear Programming (SLP). The SLP algorithm 

solves the non-linear optimization problem by linearizing the objective function and 

constraints at an estimate of the solution. By solving a linear programming problem, the 

estimate of the solution is improved. The objective function and constraints are then 

linearized at the new estimate of the solution. This procedure is repeated until the 

calculated solution converges to within a predetermined error. Edgar et al. (2001) 

suggest that SLP techniques can be used for large-scale optimization problems with few 

linear constraints. The SLP algorithm is easy to implement, can handle a large number of 

variables and constraints, and converges rapidly when the optimum lies at the vertex of 

consfraints. 

Another approach to multivariable, non-linear, constrained optimization is the 

Generalized Reduced Gradient (GRG) algorithm. This method uses slack variables to 

convert the inequality constraints into equality constraints. By converting these 

constraints, the optimization problem is converted to an unconstrained optimization. 

Although it can be difficult to implement, the GRG algorithm is very reliable and 

effective for both vertex and nonvertex optima (Riggs, 1994). The GRG algorithm is 

employed in several optimization packages including GRG2 (Lasdon and Warren, 1986), 

MINOS (Murtaugh and Sanders, 1978), and CONOPT (Drad, 1992). 

A final approach to non-linear optimization is Sequential Quadratic Programming 

(SQP). This algorithm converts the non-linear optimization problem into a quadratic 

programming problem with linear constraints. The SQP algorithm usually requires fewer 

iterations that the SLP algorithm and converges to the optimum solution much more 

quickly. The NPSOL (Gill et al., 1986) software package uses the SQP optimization 

algorithm and is commonly used in optimization studies. 
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CHAPTER 3 

SURROGATE MODEL APPROACH 

3.1 Infroduction 

For many chemical industries, especially petroleum refining, a large economic 

benefit can be achieved using process automation, including process optimization. 

Subsequently, optimization has become quite common in the chemical processing 

industries. In the industrial environment, the most widespread application of 

optimization is in the determination of the optimal operating conditions (Edgar et al., 

2001). 

One of the primary requirements for process optimization is a process model. 

Within the optimization, the equations used in the process model represent equality 

constraints for the optimization. These constraints ensure that the solution obtained by 

the optimization corresponds to a feasible operating point. Models of the processes in a 

refinery are quite complex, containing a large number of equations. Due to the size of the 

process models, the computational requirement for refinery-wide optimization can be 

substantial. 

To reduce the computational load, refineries currently use models with significant 

approximation in their optimization routines. Because of these approximations, the 

optimization is unable to accurately predict the optimum operating conditions for the 

refinery as a whole. Using detailed models in the optimization would remedy this 

problem, but would also significantly increase the computational time requirements for 

the optimization. The surrogate model approach to large-scale optimization attempts to 

obtain and accurate solution without severely increasing the computational requirement. 

3.2 Current Optimization Methods 

Currently, many large-scale optimization problems are solved using a linear 

program (LP) to schedule the operating conditions for a process. A linear program is 

developed by linearizing a non-linear process at certain operating conditions. If the 
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process continues to operate at these conditions, the LP can accurately calculate the 

optimum solution. However, this is rarely the case in industrial application. Continuous 

changes in feed quality, market prices, and consumer demand force the process operating 

conditions to be continually changed to meet production specifications. Because many of 

the processes used in the chemical industry, especially those involving chemical reaction, 

are inherently non-linear, a linear model cannot accurately represent the process when its 

operating conditions change. 

Furthermore, to reduce the time required for the LP to find its solution, the linear 

models used in the LP are simplified models, omitting several of the processing details 

(Jones, 1995). Finally, the linear program can only find an optimum at the intersection of 

constraints (Li, 2000). Due to process non-linearity, the actual optimum may lie between 

constraints. Cutler (2001) has suggested that the fidelity of the LP can be improved by 

continuous updating from plant data. However, due to increasing complexity, the 

required data consistency is difficult to maintain (Hartmarm, 1997). 

Another method being used to determine the optimum operating conditions for a 

large-scale process is single-unit optimization. In this approach, non-linear models of 

each unit within the process are optimized individually. The single-unit optimum 

conditions are then coordinated using a linear program. Because this approach only 

considers a subset of the entire problem for each optimization, maintaining consistency 

between the individual unit optimization and the overall process objectives can be 

difficuh (Friedman, 1995). 

The most significant drawback to single-unit optimization is the need for transfer 

prices. These transfer prices indicate the values of intermediate streams in the process. 

Because these streams are simply fed from one unit in the process to another, they are not 

actually purchased or sold. For this reason, accurate values for the worth of these sfreams 

cannot be obtained based upon market value. Additionally, the value of these streams is 

dependent upon several other conditions, including quality, rate, tankage considerations, 

lifting schedule, current inventories, and future plans (Friedman, 1995). 
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Shadow prices can be used to represent the values of the intermediate streams in 

the process. These shadow values indicate the change in the optimum value of the 

economic objective function per unit change in an active constraint. Obtained from the 

LP, the shadow prices become invalid when the process changes to a different operating 

condition. Because the prices used in determining the single-unit optima are based upon 

imprecise intermediate stream values, the results obtained by single-unit optimization 

may be inconsistent with the overall process objectives. 

Li (2000) introduced a new approach to large-scale optimization. In this 

approach, non-linear models of each unit in the process are combined together to form a 

non-linear model of the process as a whole. This approach was found to provide a profit 

increase of 1.6% over single-unit optimization (Li, 2000). In addition, this approach does 

not require the prices of intermediate streams; only market prices are used in the 

objective function. By eliminating the need for intermediate stream prices, this method 

ensures consistency of the optimum solution with the overall objectives of the process. 

This method also suffers from some drawbacks. Due to the complexity of the 

model, a feasible solution was found in only 60% of the trials (Li, 2000). The model 

complexity also caused the solution time for the optimization routine to be quite long. 

The primary goal in large-scale optimization is to produce an accurate solution in 

a relatively short amount of time. Each of the current techniques suffers in one of these 

two areas. The linear program uses model approximations to reduce the size of the 

model. As a resutt, the accuracy of the solution is degraded. By separating the units, 

single-unit optimization also reduces the solution time. However, the results of single-

unit optimization have been shown to be inconsistent with the overall process objectives. 

Finally, large-scale non-linear optimization produces an accurate solution, but requires a 

long time to determine the solution, if a feasible solution is found at all. 

3.3 Surrogate Modeling Stracture 

The main purpose of the surrogate model approach to large-scale optimization is 

to obtain a balance between the solution accuracy and solution time. To accomplish this 
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goal, the surrogate model approach implements both detailed and approximate models for 

each of the processing units. By using both detailed and approximate models in the 

optimization problem, the surrogate model approach to large-scale optimization should 

be able to increase the accuracy of the optimization results without drastically increasing 

the computational requirements. 

The detailed models used in the surrogate model approach to large-scale 

optimization are rigorous phenomenological models of the process units. For chemical 

engineering applications, these models are based primarily upon material and energy 

balances. When appropriate, the models also include equilibrium and reaction rate 

calculations. Because these models can be very complex, the total number of equations 

used in modeling a complex process, such as a refinery, can be quite large. Hendon 

(2001) has suggested that a full-scale refinery-wide model could contain as many as one 

million model equations. 

The approximate models used in the surrogate model approach to large-scale 

optimization can be of several types. These approximate models are formed by 

simplification of the detailed models. The simplifications made in converting the 

detailed models into approximate models should be performed to reduce the total number 

of equations used in representing the process while maintaining as much model accuracy 

as possible. 

By coordinating the detailed and approximate models, the surrogate model 

approach to large-scale optimization can maintain the accuracy of the solution while 

decreasing the time required for optimization. Figure 3.1 shows the stmcture for the 

surrogate model approach to large-scale optimization. In this approach, the optimization 

is performed using the set of approximate models. Once the optimum operating 

conditions have been determined, the values of the decision variables are sent to the 

detailed models. The detailed models are then solved using the decision variables from 

the optimization. The solution of the detailed model is then used to update the 

parameters in the approximate models. 
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Figure 3.1: Surrogate Model Stracture 

This sequence is repeated until the procedure converges. Because each iteration 

brings the solution closer to the optimization, each successive iteration of the 

optimization/solution procedure should require less time than the previous iteration. For 

this approach, convergence is defined as two successive detailed model solutions yielding 

the same parameter set for the approximate model. 

The optimization routine is the most time-consuming step in the solution 

procedure. Because the approximate models are used in the optimization, the time 

required for a single optimization solution is greatly reduced. The significant reduction 

in solution time allows for several iterations of the solution procedure, still giving a 

reduction in the total time required for the optimization. Using the results of the detailed 
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model solution to update the parameters for the approximate models allows the procedure 

to maintain the accuracy of the optimum solution. 

Two primary decisions must be made in reference to the approximate and detailed 

models. First, several different modeling platforms can be used to constract the models. 

Each different platform will provide both benefits and drawbacks for the surrogate model 

approach to large-scale optimization. Second, the form of the approximate models must 

be chosen. Although the surrogate model approach can be applied regardless of the 

approximate model type, choosing the right form can affect both the accuracy and 

solution time of the optimization problem. Further, implementation simplicity could be 

greatly affected by the approximate model form. 

3.4 Modeling Platforms 

Several platforms were considered for the approximate and detailed models in this 

study. The modeling platforms were evaluated using several criteria. First, the chosen 

modeling platform must be able to be used for both the approximate and detailed models. 

Second, use of the modeling platform should be relatively straightforward. Because a 

refinery, the plant considered in this study, includes various non-traditional calculations, 

such as feedstock characterization, the chosen modeling platform must be capable of 

including these non-standard operations. Since the overall surrogate model optimization 

approach requires data to be transferred between the detailed and approximate models, 

the chosen platform must accommodate this data transfer. The most logical means of 

fransferring the required data is by writing to and reading from a data file. Finally, the 

surrogate model approach to large-scale optimization is targeted for smaller companies 

without the capital to invest in an expensive optimization routine. Therefore, the cost of 

the modeling platform should be considered in the overall evaluation. 

3.4.1 Aspen Technologies 

The first modeling platform investigated in this sttidy is AspenPlus 10.2 from 

Aspen Technologies. This modeling platform provides the user with drag-and-drop 
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models and a graphical user interface, making its use sfraightforward and fairly simple. 

This software also includes several different packages with which the thermodynamics 

can be modeled. This platform allows the user to create user-defined process models. 

The models are constructed by writing Fortran code, which is then incorporated into the 

overall model. For application to the refinery-wide optimization, these user-defined 

models can be used to represent the non-traditional process calculations. 

Because of the wide range of typical process models, the inclusion of user-defined 

models, and the detailed thermodynamic packages, AspenPlus can be readily applied for 

creating the detailed models of the processing units in the refinery. To verify the 

accuracy of detailed models created in this platform, the crade unit of the refinery was 

modeled using AspenPlus 10.2. Since the separation achieved in the crade unit is most 

dependent upon temperature, the accuracy of the crade unit model was determined by 

comparing the predicted temperature profile to the profile available from the industrial 

data. Figure 3.2 shows the predicted and industrial data-based temperature profiles for 

the atmospheric tower in the crude unit. The predicted temperature profile very closely 

matches the industrial data, indicating that the AspenPlus modeling platform produces an 

accurate detailed model of the process. 

The modeling platforms available from Aspen Technologies also exhibit some 

drawbacks. First, the processing models included in the drag-and-drop interface can only 

be used in creating the detailed model of the system. By using user-defined models, this 

platform could also be used to create the approximate models of the processing units. 

However, by taking this approach, the benefits of the graphical user interface and drag-

and-drop models are greatly reduced. For this reason, the Aspen Technologies modeling 

platforms are only ideally suited for creating the detailed models of the refinery. 

Furthermore, even if the approximate models are created with this platform, the 

transfer of information between the two sets of models could be problematic. The 

platform does not readily lend itself to reading and writing data files, retarding the data 

transfer capabilities. Finally, the Aspen Technologies software is fairiy expensive, 

reducing the attractiveness to smaller companies. 
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Figure 3.2: Predicted Temperature Profile—AspenPlus 

These drawbacks prevent the Aspen Technologies software from being chosen as 

the modeling platform for the surrogate model approach to large-scale optimization. 

However, this platform can provide an extremely useful tool in the process modeling. 

Because many of the other modeling platforms require the user to write the process 

models, accuracy in the modeling equations is essential to the fidelity of the model. 

Despite not being the chosen modeling platform, detailed models of each of the 

processing units have been created using the Aspen Technologies modeling platform. 

Using these models, the accuracy of the equations used in a user-written model can be 

evaluated. Because the models include the same equation set, assuming that the same 

thermodynamic model is employed, the model results should be identical. Any 

discrepancies in the results from a user-written model and an AspenPlus model would 

indicate a possible error in the modeling equations used in the user-written model. 
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3.4.2 Fortran 

Process models could also be created using a standard computer programming 

language, such as Fortran. In these programming languages, the user must write the 

entire set of equations used in modeling the process. Therefore, this platform can be used 

to create both tiie approximate and detailed models of the system. Because the user 

writes all the equations, this platform also allows for the inclusion of non-traditional 

process calculations, such as feedstock characterization. Additionally, data files can be 

easily written and read using this modeling platform, making data transfer between the 

detailed and approximate models fairly simple. Although some cost is involved in 

obtaining software licenses, the main investment in using this modeling platform is the 

time required for writing the process models. 

Overall, the use of this modeling platform is fairly straightforward, though some 

difficulties do arise. First, because the detailed models for each of the process units can 

be quite large, the models produced in this platform can become quite complex, requiring 

a large number of equations. Second, coordinating the process models with an 

optimization routine can be difficult. Several optimization routines are available, each 

requiring a somewhat different form to be used in the process models. 

3.4.3 ASCEND IV 

The ASCEND IV modeling language (Piela et al., 1991) was developed by 

researchers at Carnegie Mellon University. The advantages of the ASCEND modeling 

platform are similar to the advantages of a standard programming language. First, 

because the user writes the model equations used to represent a process, the platform can 

be used to build both the detailed and approximate models. ASCEND also supports the 

use of values files, in which values of the model variables can be stored. These values 

files can be written to or read by process models. Because the user creates the process 

models, ASCEND can also model non-traditional units. Finally, the major investment 

involved with the ASCEND modeling platform encompasses the modeling effort. While 
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some expense is involved in acquiring the optimization package, the user software and 

non-linear equation solver are provided free of charge. 

However, this modeling platform also differs from standard programming 

languages in two key areas. First, the ASCEND modeling platform uses an object-

oriented approach to process modeling. In object-oriented modeling, the overall model is 

developed by creating instances of small, less complex models. For instance, a 

distillation column is modeled by creating the model of a single tray. One instance of 

this tray model is then created for each tray in the column. By using the object-oriented 

approach to process modeling, the equations can be more easily broken down into smaller 

groups, reducing the time required for solving or optimizing the overall model. The 

second key distinction of the ASCEND modeling platform is the presence of a graphical 

user interface. Although the user must write the equations used in modeling the process, 

incorporation into the solver or optimizer is much more straightforward than for a 

traditional programming language. With the user interface, the user must simply load a 

model, create an instance of the model, and send the instance to the solver/optimizer. 

The graphical interface also includes a model browser, making perasal of the 

solution/optimization results much easier as well. 

These key features of the ASCEND modeling platform make it desirable for 

creating the process models used in the surrogate model approach to large-scale 

optimization. In this study, the ASCEND IV modeling language is used to build both the 

approximate and detailed models for the refinery process units. As previously discussed, 

the accuracy of the process models is verified by comparison with both detailed models 

created using the AspenPlus modeling platform and the industrial data. Figure 3.3 shows 

the predicted temperature profile of the atmospheric tower in the crade unit for both the 

AspenPlus and ASCEND detailed models. Because the AspenPlus and ASCEND models 

use the same thermodynamics packages, the predicted temperature profiles are nearly 

identical. For the atmospheric tower, the maximum error in the ASCEND temperature 

profile is 0.2 °F. 
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Figure 3.3: Predicted Temperature Profile—ASCEND 

3.5 Approximate Model Types 

Another important aspect in the surrogate model approach to large-scale 

optimization is an appropriate choice for the form of the approximate models. Because 

these approximate models are used in the optimization routine, one of the primary 

considerations in choosing the approximate model type is the reduction in model 

equations. As the number of equations is reduced, so too is the time requirement for each 

optimization solution. However, if the reduction in equations causes excessive 

degradation in modeling accuracy, more iterations will be required, negating the benefit 

of the reduced time for each optimization. The compatibility between the approximate 

and detailed models should also be considered in the selection of the approximate model 

form. Because the optimization solution is sent to the detailed model, the results of the 

approximate model must be in a form that can be used by the detailed model. Further, 

because the approximate model is parameterized by the detailed model, the required 

parameters of the approximate model must be contained in the variable set for the 
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detailed model. Based upon these criteria, several forms for the approximate models 

were attempted in this study. 

3.5.1 Artificial Neural Networks 

An artificial neural network provides a simple correlation between the inputs and 

outputs of a process model. A neural network is composed of four major components: 

input nodes, output nodes, hidden nodes, and weighting factors. The hidden nodes in the 

network can be arranged in any number of layers, each representing an additional set of 

calculations. Figure 3.4 shows an artificial neural network with three inputs, eight hidden 

nodes in two equal layers, and two outputs. In this figure, the lines between each node 

represent a single calculation. The weighting factors for each calculation are indicated by 

the dots on each line. For a neural network, each calculation has a separate weighting 

factor. 

Figure 3.4: Artificial Neural Network 

The neural network uses the values of the input nodes, representing the process 

inputs, and the first set of weighting factors to calculate the values for the first layer of 
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hidden nodes. The values of the nodes in each subsequent hidden layer are then 

calculated from the values of the nodes in the previous layer and the corresponding 

weighting factors. Finally, the values of the output nodes, corresponding to the process 

output values, can be calculated from the values of the nodes in the last hidden layer. 

By adjusting the values of the weighting factors, the output values predicted by 

the neural network can be changed. The goal in constmcting a neural network is to 

ensure the most accurate prediction possible. To achieve this purpose, the neural network 

output is compared to a large set of process data. Using an optimization routine, the 

values of the weighting factors are adjusted to reduce the total error in the model 

predictions. This process is referred to as training the neural network. 

The total number of equations required by a neural network approximate model is 

relatively small, making this model form attractive for use in the surrogate model 

approach. A complete analysis of the neural network as an approximate model must also 

include a determination of the accuracy of the neural network. To assess the prediction 

accuracy of the neural network, a neural network was constracted to represent the crade 

unit in the refinery. To correspond to the crade unit, the neural network contained seven 

inputs and 36 outputs. The network contained 40 hidden nodes arranged in a single layer. 

Two sets of training data were developed for the neural network using the AspenPlus 

crade unit simulation. In the first data set, the inputs to the crade unit were allowed to 

vary over a fairly wide range. In the second data set, the ranges over which the process 

inputs were varied was restricted. 

For each data set, the neural network was trained in MATLAB using a modified 

Broyden-Fletcher-Goldfarb-Shanno (BFGS) optimization routine. Once trained, the 

prediction capability of the neural networks was determined. For a typical set of input 

parameters, the output values predicted by the neural networks were compared to the 

values obtained in the AspenPlus simulation. The 36 outputs in the crade unit model 

represent the flowrates and properties of the crade unit product streams. Because the 

values of these variables vary over a significant range, each neural network output was 

scaled by the corresponding value from the AspenPlus simulation. Figure 3.5 shows the 
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scaled values calculated using the neural networks. The values shown in Figure 3.5 

represents the predicted output values divided by the values obtained from the AspenPlus 

simulation. In Figure 3.5, a value of unity indicates that the predicted and actual values 

are equal, a value greater than one indicates that the neural network prediction is higher 

than the simulation value, and a value less than one indicates a low prediction. 

In general, the neural network predicts the base-case output values quite well for 

both the wide and narrow data sets. However, the predicted values for some of the 

process outputs exhibit significant errors from the values obtained using the AspenPlus 

simulation. An investigation of the database of AspenPlus results showed that, over the 

range of inputs used, these output values varied over a substantial range. This finding 

indicates that the neural network may have difficulty predicting the values of output 

variables that change significantly as the inputs to the process vary. 

Optimization is based upon making changes to the process inputs to maximize the 

profitability of the facility. Therefore, it is also important that the approximate models 

accurately represent the process gains, the relative changes in the outputs for a given 

change in the inputs. Hence, the gain prediction of the neural network was also assessed. 

The process gains obtained from the AspenPlus, wide-range neural network, and narrow-

range neural network models are summarized in Tables 3.1, 3.2, and 3.3, respectively. 

Tables 3.4 and 3.5 show the relative errors in the gain predictions for the wide- and 

narrow-range neural networks, respectively. 

Because the process gains are quite small, slight errors in the predicted gain can 

cause large relative errors. In some cases, the actual gain is zero, eliminating the ability 

to calculate relative error. For this reason, quantifying the gain prediction capability of 

the neural network based solely upon relative error can be somewhat deceptive. Despite 

the difficulty in a quantitative description, the gain prediction errors for the neural 

networks are quite large. Based upon the large errors in gain prediction, neural networks 

cannot represent the process with the accuracy required for the approximate models. 
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Table 3.1: Process Gains—Aspen Model 

Output 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

14 

15 

16 

17 

18 

19 

20 

21 

22 

23 

24 

25 

26 

27 

28 

29 

30 

31 

32 

33 

34 

35 

36 

Input I 

0.896 

0.064 

0.199 

0.065 

2.473 

0.919 

1.996 

0.888 

4.215 

0.245 

0.434 

0.014 

0.001 

0.002 

0.001 

0.018 

0.005 

0.008 

0.00005 

0.013 

0.004 

0.009 

0.0003 

0.001 

0.088 

0.006 

0.019 

0.006 

0.217 

0.076 

0.162 

0.432 

0.072 

0.313 

0.017 

0.030 

Input 2 

6.800 

0.621 

1.918 

0.629 

21.667 

30.000 

271.333 

-161.573 

-211.333 

15.300 

27.100 

0.116 

0.006 

0.018 

0.006 

0.091 

0.135 

0.981 

-0.005 

-1.305 

-0.737 

-0.479 

0.025 

0.045 

0.617 

0.058 

0.180 

0.059 

1.733 

2.425 

21.554 

-26.300 

-13.126 

-15.870 

1.101 

1.957 

Input 3 

605.333 

62.958 

194.502 

63.790 

-955.750 

226.508 

-81.333 

2.552 

8.333 

-0.475 

-0.808 

11.615 

0.534 

1.649 

0.541 

-8.168 

1.224 

-0.372 

0.004 

0.030 

0.012 

0.020 

-0.0007 

-0.001 

53.544 

5.740 

17.731 

5.816 

-87.067 

18.811 

-6.536 

0.775 

0.207 

0.653 

-0.031 

-0.056 

Input 4 

-1.362 

-0.087 

-0.269 

-0.088 

810.571 

-1172.240 

412.191 

-12.322 

-43.429 

2.095 

3.876 

-0.022 

-0.001 

-0.003 

-0.001 

4.582 

-6.326 

1.913 

-0.021 

-0.148 

-0.057 

-0.099 

0.003 

0.006 

-0.129 

-0.008 

-0.026 

-0.009 

67.629 

-97.327 

33.518 

-3.762 

-1.002 

-3.222 

0.154 

0.274 

Input 5 

0.242 

0.051 

0.157 

0.052 

-34.917 

1014.392 

-1116.650 

34.456 

118.083 

-5.792 

-10.533 

0.010 

0.0004 

0.001 

0.0004 

-0.206 

4.928 

-5.186 

0.058 

0.407 

0.158 

0.271 

-0.009 

-0.016 

0.018 

0.005 

0.015 

0.005 

-3.008 

82.951 

-90.721 

10.425 

2.801 

8.815 

-0.423 

-0.751 

Input 6 

-0.080 

-0.098 

-0.304 

-0.100 

-2.400 

-33.707 

-803.467 

-158.259 

-514.133 

25.893 

48.827 

-0.022 

-0.001 

-0.003 

-0.001 

-0.014 

-0.171 

2.242 

-0.254 

-1.805 

-0.715 

-1.187 

0.041 

0.072 

-0.0004 

-0.009 

-0.029 

-0.010 

-0.133 

-2.768 

50.218 

-46.427 

-12.844 

-38.569 

1.858 

3.304 

Input 7 

0.000 

0.000 

0.000 

0.000 

0.000 

0.000 

0.000 

-3.455 

269.917 

-96.558 

-1171.000 

0.000 

0.000 

0.000 

0.000 

0.000 

0.000 

0.000 

0.000 

0.000 

-0.016 

0.382 

-0.134 

-0.239 

0.000 

0.000 

0.000 

0.000 

0.000 

0.000 

0.000 

0.000 

-0.281 

19.228 

-6.827 

-12.137 
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Table 3.2: Process Gains—Wide-Range Neural Network 

Output 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

14 

15 

16 

17 

18 

19 

20 

21 

22 

23 

24 

25 

26 

27 

28 

29 

30 

31 

32 

33 

34 

35 

36 

Input 1 

0.790 

0.054 

0.158 

0.064 

2.677 

-0.393 

2.166 

0.431 

4.141 

0.221 

0.439 

0.013 

0.001 

0.002 

0.001 

0.018 

0.002 

0.010 

0.00004 

0.012 

0.002 

0.009 

0.0003 

0.001 

0.074 

0.006 

0.017 

0.005 

0.241 

-0.057 

0.162 

0.402 

0.033 

0.303 

0.019 

0.030 

Input 2 

0.247 

-0.599 

1.441 

0.018 

51.476 

36.552 

150.679 

-72.123 

-72.123 

16.957 

27.720 

-0.015 

-0.006 

0.002 

-0.012 

-0.120 

0.369 

0.377 

-0.002 

-1.115 

-0.342 

-0.445 

0.025 

0.044 

0.289 

-0.053 

-0.261 

-0.090 

6.247 

3.052 

17.009 

-21.750 

-6.054 

-14.891 

1.161 

1.530 

Input 3 

550.130 

56.773 

175.732 

57.697 

-957.921 

216.418 

-106.037 

1.088 

12.946 

0.623 

-0.619 

10.483 

0.483 

1.496 

0.490 

-8.000 

1.147 

-0.410 

0.009 

0.044 

0.005 

0.034 

-0.0003 

-0.001 

48.590 

5.191 

16.042 

5.258 

-86.554 

19.174 

-7.354 

1.085 

0.114 

1.001 

-0.014 

0.041 

Input 4 

-2.700 

-0.194 

-0.467 

-0.314 

786.237 

-1084.780 

405.415 

-5.307 

-47.310 

2.201 

4.280 

-0.054 

-0.002 

-0.003 

-0.003 

4.460 

-5.843 

1.779 

-0.023 

-0.153 

-0.027 

-0.112 

0.004 

0.007 

-0.245 

-0.006 

-0.017 

-0.044 

66.161 

-92.463 

30.919 

-4.089 

-0.476 

-3.676 

0.171 

0.251 

Input 5 

0.230 

0.256 

0.125 

0.249 

-22.983 

940.655 

-1056.020 

14.283 

122.974 

-6.482 

-11.199 

0.051 

0.003 

-0.008 

0.003 

-0.138 

4.632 

-4.655 

0.060 

0.405 

0.070 

0.285 

-0.011 

-0.017 

-0.101 

-0.033 

0.001 

0.037 

-2.368 

80.058 

-82.943 

10.221 

1.117 

9.716 

-0.489 

-0.788 

Input 6 

4.355 

-0.251 

-1.712 

0.099 

0.533 

-28.050 

525.866 

-84.614 

-471.749 

24.260 

46.465 

-0.029 

-0.002 

0.010 

-0.006 

-0.133 

-0.084 

1.778 

-0.229 

-1.567 

-0.384 

-1.069 

0.039 

0.069 

-0.111 

-0.003 

-0.159 

-0.064 

2.166 

-6.162 

37.518 

-41.474 

-7.064 

-35.530 

1.778 

3.040 

Input 7 

-1.695 

-0.123 

-0.154 

-0.074 

0.541 

6.894 

-9.599 

-1.611 

260.673 

-89.671 

-160.314 

-0.016 

0.001 

0.002 

-0.001 

0.011 

0.011 

-0.026 

0.0003 

-0.008 

-0.007 

0.369 

-0.127 

-0.224 

-0.022 

-0.027 

-0.030 

-0.010 

-0.341 

1.240 

0.799 

0.070 

-0.138 

18.676 

-6.414 

-11.332 
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Table 3.3: Process Gains—^Narrow-Range Neural Network 

Output 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

14 

15 

16 

17 

18 

19 

20 

21 

22 

23 

24 

25 

26 

27 

28 

29 

30 

31 

32 

33 

34 

35 

36 

Input 1 

0.659 

0.033 

0.143 

0.301 

2.782 

0.454 

1.993 

0.388 

4.245 

0.213 

0.389 

0.011 

0.0004 

0.001 

0.001 

0.019 

0.006 

0.006 

.00002 

0.014 

0.002 

0.008 

0.0003 

0.0005 

0.058 

0.003 

0.014 

0.003 

0.225 

0.131 

0.133 

0.418 

0.029 

0.309 

0.018 

0.030 

Input 2 

1.208 

-0.371 

-5.569 

-0.620 

67.343 

147.723 

239.483 

-75.978 

-176.964 

11.368 

31.892 

0.242 

0.016 

-0.014 

0.012 

0.450 

0.093 

0.516 

0.014 

-1.290 

-0.370 

-0.420 

0.023 

0.040 

-0.479 

-0.053 

-0.329 

0.064 

1.614 

10.960 

21.054 

-25.141 

-6.115 

-14.005 

1.206 

2.181 

Input 3 

434.150 

44.744 

136.139 

43.411 

-670.282 

95.894 

-85.059 

1.698 

-5.493 

-4.131 

-1.941 

8.198 

0.374 

1.160 

0.369 

-6.087 

0.624 

-0.258 

-0.014 

0.014 

-0.009 

-0.002 

-0.003 

-0.004 

38.904 

4.154 

12.432 

4.190 

-61.707 

10.716 

-3.401 

1.071 

0.180 

-0.718 

0.358 

-0.097 

Input 4 

6.333 

1.188 

3.620 

0.348 

1079.366 

-1476.640 

567.844 

-4.748 

-76.231 

4.323 

0.835 

0.067 

-0.0005 

0.026 

-0.010 

6.173 

-7.729 

2.775 

-0.037 

-0.219 

-0.026 

-0.159 

0.003 

0.006 

0.897 

-0.074 

0.146 

0.041 

88.919 

-125.414 

44.975 

-4.595 

-0.416 

-6.058 

0.204 

0.521 

Input 5 

-6.956 

-0.010 

-1.784 

-0.814 

68.556 

889.184 

-1114.160 

15.537 

127.964 

-6.075 

-13.0467 

-0.167 

-0.003 

-0.022 

-0.012 

-0.275 

4.737 

-5.034 

0.059 

0.474 

0.079 

0.289 

-0.012 

-0.017 

-0.114 

-0.072 

0.046 

-0.077 

1.306 

76.161 

-92.562 

12.513 

1.152 

9.257 

-0.464 

-1.055 

Input 6 

-0.451 

1.641 

-0.672 

1.473 

-67.850 

-5.605 

677.526 

-82.598 

-579.369 

28.329 

51.650 

0.297 

0.012 

0.050 

0.017 

-0.238 

-0.016 

2.292 

-0.255 

-2.010 

-0.405 

-1.279 

0.049 

0.072 

0.376 

0.037 

0.277 

0.050 

2.190 

-1.259 

56.082 

-48.743 

-6.766 

-42.789 

2.194 

3.933 

Input 7 

1.509 

0.178 

1.467 

0.103 

6.161 

-31.3945 

-35.029 

-1.839 

253.953 

-91.513 

-162.949 

-0.085 

-0.005 

0.003 

-0.003 

0.112 

-0.057 

-0.012 

-0.001 

-0.048 

-0.005 

0.354 

-0.129 

-0.201 

0.343 

0.001 

0.146 

-0.020 

-2.304 

-4.705 

-0.352 

0.576 

-0.107 

19.283 

-6.527 

-11.566 
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Table 3.4: Prediction Error—Wide-Range Neural Network 

Output 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

14 

15 

16 

17 

18 

19 

20 

21 

22 

23 

24 

25 

26 

27 

28 

29 

30 

31 

32 

33 

34 

35 

36 

Input 1 

-11.83 

-15.41 

-20.56 

-1.43 

8.24 

-142.78 

8.54 

-51.48 

-1.75 

-9.75 

1.11 

-12.08 

-23.05 

-20.35 

-25.56 

3.32 

-54.14 

17.07 

-23.69 

-7.69 

-51.61 

-2.18 

5.34 

-0.38 

-16.32 

-6.71 

-13.94 

-17.28 

11.22 

-175.66 

-0.05 

-7.02 

-54.03 

-3.18 

9.20 

0.27 

Input 2 

-96.36 

-196.41 

-24.84 

-97.18 

137.58 

21.84 

-44.47 

-55.36 

-65.87 

10.83 

2.29 

-112.62 

-206.07 

-86.38 

-306.87 

-232.30 

172.42 

-61.60 

-57.91 

-14.59 

-53.58 

-7.00 

0.46 

-2.62 

-53.17 

-190.28 

-244.87 

-252.66 

260.41 

25.86 

-21.09 

-17.30 

-53.87 

-6.16 

5.49 

-21.82 

Input 3 

-9.12 

-9.82 

-9.65 

-9.55 

0.23 

-4.45 

30.37 

-57.35 

55.35 

-231.06 

-23.47 

-9.74 

-9.57 

-9.28 

-9.48 

-2.06 

-6.27 

10.08 

110.21 

46.81 

-58.47 

68.32 

-63.21 

17.09 

-9.25 

-9.57 

-9.52 

-9.60 

-0.59 

1.93 

12.51 

39.99 

-45.07 

53.20 

-56.43 

-173.41 

Input 4 

98.25 

123.09 

73.91 

256.57 

-3.00 

-7.46 

-1.64 

-56.93 

8.94 

5.04 

10.42 

142.38 

86.75 

-3.55 

264.17 

-2.66 

-7.64 

-7.01 

12.07 

3.04 

-52.30 

12.68 

15.02 

22.80 

90.06 

-26.59 

-33.53 

415.69 

-2.17 

-5.00 

-7.75 

8.70 

-52.52 

14.09 

10.68 

-8.40 

Input 5 

-4.81 

402.54 

20.62 

384.20 

-34.18 

-7.27 

-5.43 

-58.55 

4.14 

11.93 

6.32 

429.42 

512.30 

-690.31 

490.05 

-33.14 

-6.00 

-10.24 

4.23 

-0.45 

-55.44 

5.03 

21.44 

6.46 

-661.03 

-803.68 

-90.75 

676.47 

-21.27 

-3.49 

-8.57 

-1.96 

-60.12 

10.22 

15.70 

4.85 

Input 6 

-5543.61 

155.15 

463.24 

-199.04 

-122.23 

-16.78 

-165.45 

-46.53 

-8.24 

-6.31 

-4.84 

34.88 

125.99 

-447.70 

452.82 

853.17 

-50.61 

-20.70 

-9.90 

-13.18 

-46.28 

-9.95 

-4.19 

-4.85 

27904.32 

-67.39 

446.43 

577.09 

-1724.30 

122.58 

-25.29 

-10.67 

-45.01 

-7.88 

-4.31 

-7.98 

Input 7 

-53.35 

-3.42 

-7.13 

-86.31 

-55.63 

-3.48 

-5.84 

-6.29 

-50.75 

-2.87 

-6.06 

-6.64 

37 



Table 3.5: Prediction Error—^Narrow-Range Neural Network 

Output 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

14 

15 

16 

17 

18 

19 

20 

21 

22 

23 

24 

25 

26 

27 

28 

29 

30 

31 

32 

33 

34 

35 

36 

Input I 

-26.51 

-48.95 

-28.37 

-53.09 

12.51 

-50.52 

-0.12 

-56.33 

0.73 

-12.94 

-10.24 

-25.28 

-44.01 

-37.04 

-16.68 

8.63 

33.02 

-25.84 

-55.96 

3.46 

-55.88 

-8.51 

3.00 

-11.31 

-34.06 

-44.36 

-29.49 

-51.36 

3.88 

72.03 

-17.95 

-3.28 

-60.44 

-1.05 

7.31 

-2.37 

Input 2 

-82.24 

-159.74 

-390.44 

-198.54 

210.81 

392.41 

-11.74 

-52.98 

-16.26 

-25.70 

17.68 

108.03 

169.78 

-180.37 

111.13 

395.42 

-31.08 

-47.45 

-372.78 

-1.32 

-49.73 

-12.36 

-9.22 

-10.03 

-177.55 

-190.60 

-282.82 

7.73 

-6.91 

352.01 

-2.32 

-4.41 

-53.41 

-11.75 

9.55 

11.48 

Input 3 

-28.28 

-28.93 

-30.01 

-31.95 

-29.87 

-57.66 

4.58 

-33.46 

-165.91 

769.67 

140.01 

-29.42 

-30.03 

-29.66 

-31.83 

-25.47 

-49.00 

-30.67 

-426.35 

-54.70 

-178.78 

-110.43 

359.67 

266.12 

-27.34 

-27.63 

-29.89 

-27.95 

-29.13 

-43.03 

-47.97 

38.16 

-13.12 

-209.96 

-1241.51 

73.80 

Input 4 

-565.00 

-1465.81 

-1447.29 

-495.00 

33.16 

25.97 

37.76 

-61.46 

75.53 

106.31 

-78.45 

-397.17 

-48.55 

-1037.52 

1034.15 

34.73 

22.17 

45.10 

80.26 

47.71 

-54.10 

60.02 

-23.96 

-2.24 

-76.40 

-984.23 

-664.91 

-581.20 

31.48 

28.86 

34.18 

22.13 

-58.52 

88.02 

31.97 

89.88 

Input 5 

-2978.29 

-296.57 

-1235.47 

-1679.62 

96.34 

-12.34 

-0.22 

-54.91 

8.37 

4.90 

23.86 

-1847.62 

-863.40 

-1728.19 

-2790.50 

33.60 

-3.87 

-2.91 

2.64 

16.33 

-50.19 

6.51 

27.34 

1.10 

-733.98 

-1640.93 

219.88 

-1720.08 

-143.42 

-8.19 

2.03 

20.03 

-58.89 

5.01 

9.89 

40.49 

Input 6 

463.71 

-1768.18 

121.06 

-1577.98 

2727.08 

-83.37 

-184.33 

-47.81 

12.69 

9.41 

5.78 

-1470.22 

-1324.21 

-1809.69 

-1925.57 

1609.68 

-90.69 

2.23 

0.33 

11.33 

-43.34 

7.76 

21.64 

-0.36 

-95445.10 

-490.59 

-1053.24 

-620.12 

-1742.33 

-54.53 

11.68 

4.99 

-47.32 

10.94 

18.06 

19.02 

Input 7 

-46.75 

-5.91 

-5.23 

-86.08 

-69.04 

-7.30 

-4.38 

-15.97 

-61.77 

0.29 

-4.40 

-4.71 
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An additional factor that affects the use of neural networks as the approximate 

models is the time requirement for training the network. For the networks developed in 

this study, the training time requirement was quite large, approaching 27 hours. As the 

size of the network increases, the training time requirement increases as well. Due to the 

training time requirement, the neural network cannot adapt to changes in plant operation 

quickly enough to be used in the surrogate model approach to large-scale optimization. 

The neural network suffers shortfalls in two primary areas. First, the networks do 

not possess the accuracy required for the approximate models. Although the neural 

networks can accurately predict the process outputs for a base case, errors in the gain 

prediction of the neural networks make these approximate models unsuited for use in the 

surrogate model approach to large-scale optimization. Second, training the neural 

networks is a very time-consuming process, making adaptation to process changes very 

difficult. For these reasons, neural networks were not used for the approximate models in 

this study. 

3.5.2 Non-Linear Regression Models 

Another method for creating an empirical relationship between the process inputs 

and outputs is the use of a non-linear regression model. As with neural networks, non

linear regression models do not model the physical aspects of the system. Unlike neural 

networks, non-linear regression models do not assume a specific form. For neural 

networks, the process output is calculated as a weighted sum of the process inputs. On 

the other hand, non-linear regression models can be developed with any form desired. By 

including additional mathematical relationships, the behavior of the process can be more 

accurately represented by the empirical model. 

The parameters used in a non-linear regression model must be determined based 

upon the input and output process values. As the process changes, the parameters used in 

the regression model may also change, requiring the regression parameters to be updated. 

Although this calculation should not require the same amount of time as neural network 
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fraining, the calculation time could be substantial. Non-linear regression models have 

not, however, been tested in detail in this study. 

3.5.3 Reduced-Order Phenomenological Models 

Reduced-order phenomenological models involve making simplifications to the 

first-principles models. These approximations can be made in several different ways. A 

common example of a reduced-order model is the use of a McCabe-Thiele diagram for 

distillation. Rather than use a detailed thermodynamic model, the equilibrium constants 

on each tray are calculated from the equilibrium curve. 

One particular way to make approximations in the process model is to assume 

certain variables in the detailed first-principles model to be constant in the reduced-order 

model. By making this assumption, the equations used to calculate the assumed variables 

can be removed from the process model. 

Using fixed physical property phenomenological models as the approximate 

models provides several benefits to the surrogate model approach. When using fixed 

physical property phenomenological models, the approximate model equations are simply 

a subset of the equations used in the detailed model. The ASCEND modeling platform 

allows equations to be excluded from the model solution. By excluding the appropriate 

equations, the same process model can serve as both the detailed and approximate models 

for each process unit. This phenomenon can present a significant reduction in the 

modeling effort required in constracting the process models. Because all the parameters 

present in the approximate model are also present in the detailed model, using the 

detailed model results to update the parameters in the approximate model is also 

simplified. After solution of the detailed model, in which the approximate model 

parameters are variables, the detailed model resutts can be transferred directly to the 

approximate model. Similarly, after the approximate model is optimized to find the 

optimum values for the process inputs, the variable values can be transferred to the 

detailed model. 
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Due to the reduction in the modeling effort and ease of data transfer between the 

detailed and approximate models, fixed physical property phenomenological models were 

chosen as the appropriate form for the approximate models in this study. As a further 

benefit, using fixed physical property phenomenological models as the approximate 

models guarantees that, at convergence, the detailed and approximate models will give 

identical results, within a preset tolerance. 

The first approximation made in the approximate models used in this study is to 

assume that the equilibrium values are constant. In a distillation column, the equilibrium 

values are dependent upon the temperature, pressure, and composition of the liquid and 

vapor streams. During a typical optimization solution, the temperature and pressure of 

each tray in the column should not change significantly. Also, the composition profile 

throughout the column should remain relatively constant, especially for a multi-

component distillation column with a large number of components. Although the values 

of these parameters may change slightly, the corresponding change in the equilibrium 

values should be small, reducing the inaccuracy associated with this simplification. 

Assuming constant equilibrium values provides additional benefit to the surrogate 

model approach. Equilibrium values are dependent upon composition. For distillation, 

the sfream compositions are dependent upon the equilibrium values, which are dependent 

upon the fray temperature. For this reason, the equations representing the material 

balances and energy balances must be solved simultaneously with the equilibrium 

calculations. By assuming the equilibrium values to be constant, the material and energy 

balances can be decoupled. Because the equilibrium values are assumed constant, the 

dependence of the material balance equation on the tray temperature is removed. 

Therefore, the material balance equations can be solved independently of the energy 

balance equations. After obtaining a solution to the material balance, the energy balance 

equations can be solved using the converged values for the material balance variables. 

By decoupling the material and energy balance equations, the time requirement for the 

overall optimization is further reduced. 

41 



In general, small changes in the composition of a stream have little effect on the 

molar enthalpy. Because the optimization should only make small changes to the stream 

compositions, the stream enthalpies should not change significantly during optimization. 

Therefore, the stream enthalpies are also assumed constant in the approximate models 

used in this study. By assuming constant stream enthalpies, the thermodynamic 

equations can be excluded from the approximate models. For most processes, assuming 

constant stream enthalpies will not significantly affect the results. Some processes, 

though, can be significantly affected by small changes in the stream enthalpies. The 

duties of heat exchangers and fiimaces are affected by changes in the molar enthalpies of 

the sfreams, particularly for streams with large flowrates. Changes in the duty of the heat 

exchangers and fiimaces affect the utility requirement for the process. In this study, 

changes in the utility requirement of the refinery are accounted for by observing changes 

in the throughput of each unit. For this reason, the inaccuracy in the duty calculation in 

the approximate models should not significantly affect the results of the optimization. 

Enthalpy changes, and the corresponding temperature changes, can also have a 

significant effect on chemical reactors, especially those operating under adiabatic 

conditions. Since the rates of the reactions occurring in the reactor exhibit an exponential 

dependence upon temperature, small errors in the reactor temperature could lead to large 

errors in the reaction rates. The errors in the reaction rate would, in turn, lead to errors in 

the product composition. To prevent these errors from occurring, the stream enthalpies 

are not assumed constant for reactor models used in this study. 

3.6 Model Size Reduction 

The total time required to obtain the optimum operating conditions for the process 

is dependent upon the number of equations present in the detailed and approximate 

models. By reducing the number of equations, the optimum operating conditions for the 

process can be obtained in a shorter amount of time. A reduction in the total number of 

equations used in botii the detailed and approximate models can be obtained by making 

several modeling assumptions. In this study, modeling assumptions relating to 
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component slates, stream definitions, unit connections, and valid phases were used to 

reduce the total number of equations required for the detailed and approximate models. 

3.6.1 Component Slates 

Because the exact composition of crade oil cannot be readily determined, 

modeling of the processing units in a refinery involves characterization of the feed 

streams into one of several different lumping schemes. For the fluidized catalytic 

cracking unit and reformer, lumping schemes have been developed to better represent the 

chemical reactions occurring in those units. For distillation, the crade oil is typically 

characterized using boiling point pseudocomponents. These pseudocomponents 

represent the portion of the process stream that boils below a given temperature. Each 

pseudocomponent is denoted as PCXF, where X represents the boiling point temperature 

for the pseudocomponent. In total, considering boiling point pseudocomponents, reactor 

modeling lumps, and real components, the refinery models built in this study require a 

total of 103 unique components. 

Many of these components, however, are not present in some sections of the 

refinery. For most of the models built in this study, the total number of equations present 

in the detailed and approximate models is dependent upon the number of components 

used in the model. Including all of the components in each of the process models would 

result in an extremely large number of equations in both the detailed and approximate 

models. As a result, the time requirement for solving the optimization problem would 

also be quite large. Including only the components required for the model can reduce the 

total number of equations in each model. Reducing the number of equations in each 

model leads to a reduction in the number of equations in the overall model. In tum, the 

solution time of the overall optimization routine can be reduced as well. In this study, 

several component slates, each a subset of the entire set of 103 components, are defined. 

The component slate used in modeling each processing unit is chosen based upon the 

components present in that unit. Table 3.6 summarizes the components contained in the 

various component slates used in constmcting the refinery-wide model. The components 
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in each component slate are ordered consistently with the complete slate. For many of 

the process models in the refinery-wide model, the organization of the component slate 

plays a key role in the model equations. In chemical reactor models, the component 

order must be considered when assigning values to the stoichiometric coefficients. The 

order of components is also important in other units, such as component separators. 

3.6.2 Stream Definitions 

To fiirther reduce the number of equations present in the detailed and approximate 

models, the streams flowing through the refinery are characterized using only flowrate, 

composition, and enthalpy. The other conditions of the stream, predominantly 

temperature and pressure, are not included in the stream definition. In most cases, the 

calculations for each processing unit do not require the temperature or pressure of the 

inlet stream, only the enthalpy. In some cases, such as the heat exchanger temperature 

change calculations, the temperature of the inlet stream is required. In these cases, the 

temperature of the inlet stream is assumed to be equal to the temperature of the unit from 

which the stream originates. 

Most commercially available simulation packages also include several additional 

properties for the streams present in a simulation. Many of these properties are 

calculated as a weighted average of the pure component properties and can, if needed, be 

calculated from the stream composition and pure component property data. To reduce 

the number of equations used in calculating the properties of the streams in the refinery, 

these properties are excluded from the stream definitions. By eliminating these variables 

from the process models, the total number of equations present in the detailed and 

approximate models can be significantly reduced. 

44 



Table 3.6: Component Slates 

Crude FCC Main Gas 
Component Complete Riser Regenerator Reformer Stabilizer 

Unit Unit Fractionator Treatment 

H 2 0 

H2 

0 2 

N2 

CO 

C 0 2 

Methane 

Ethane 

Propane 

Propylene 

n-Butane 

i-Butane 

Butylene 

n-Pentane 

i-Pentane 

i-Heptane 

i-Octane 

PC75F 

PCl38F 

PCl63F 

PCisgF 

PC213F 

PC238F 

PC262F 

PC288F 

PC313F 

PC337F 

PC363F 

PC388F 

PC413F 

PC438F 

PC463F 

PC487F 

PC513F 

PC537F 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

14 

15 

16 

17 

18 

19 

20 

21 

22 

23 

24 

25 

26 

27 

28 

29 

30 

31 

32 

33 

34 

35 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

14 

15 

16 

17 

18 

19 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

14 

15 

16 

17 

18 

19 

20 

21 

22 

23 

24 

25 

26 

27 

28 

29 

1 1 

9 

10 

11 

12 

13 

14 

15 

16 

17 

18 

19 

20 

21 

22 

23 

24 

25 

1 1 

9 

10 
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Table 3.6: Component Slates (continued) 

Crude FCC Main Gas 
Component Complete Riser Regenerator Reformer Stabilizer 

Unit Unit Fractionator Treatment 

26 

27 

28 

29 

30 

31 

32 

33 

34 

35 

36 

37 

38 

39 

40 

41 

42 

43 

44 

45 

46 

47 

PC563F 

PC587F 

PC612F 

PC637F 

PC662F 

PC687F 

PC713F 

PC738F 

PC763F 

PC788F 

PC824F 

PC874F 

PC925F 

PC975F 

PC102SF 

PCl075F 

PCli24F 

PCll75F 

PC]244F 

PC1350F 

PC1441F 

PC1510F 

PH 

NH 

ASH 

ATH 

PL 

NL 

ASL 

ATL 

Gas 

Coke 

Carbon 

Pl 

P2 

36 

37 

38 

39 

40 

41 

42 

43 

44 

45 

46 

47 

48 

49 

50 

51 

52 

53 

54 

55 

56 

57 

58 

59 

60 

61 

62 

63 

64 

65 

66 

67 

68 

69 

70 

20 

21 

22 

23 

24 

25 

26 

27 

28 

29 

30 

31 

32 

33 

34 

35 

36 

37 

38 

39 

40 

41 

30 

31 

32 

33 

34 

35 

36 

37 

38 

39 

40 

41 

42 

43 

44 

45 

46 

47 

48 

49 

50 

51 

52 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 
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Table 3.6: Component Slates (continued) 

Crude FCC Main Gas 
Component Complete Riser Regenerator Reformer Stabilizer 

Unit Unit Fractionator Treatment 

P3 

P4 

nPs 

SBP5 

nP6 

SBP6 

MBPs 

5N6 

As 

nP7 

SBP7 

MBP7 

5N7 

6N7 

A7 

nPs 

SBP8 

MBPs 

5N8 

6N8 

A8 

nP, 

SBP, 

MBPg 

5N9 

6N9 

A9 

nP,o 

SBPio 

MBPio 

5N,o 

6N,o 

Aio 

71 

72 

73 

74 

75 

76 

77 

78 

79 

80 

81 

82 

83 

84 

85 

86 

87 

88 

89 

90 

91 

92 

93 

94 

95 

96 

97 

98 

99 

100 

101 

102 

103 

9 

10 

11 

12 

13 

14 

15 

16 

17 

18 

19 

20 

21 

22 

23 

24 

25 

26 

27 

28 

29 

30 

31 

32 

33 

34 

35 

36 

37 

9 

10 

11 

12 

13 

14 

15 

16 

17 

18 

19 

20 

21 

22 

23 

24 

25 

26 

27 

28 

29 

30 

31 

32 

33 

34 

35 

36 

37 

47 



3.6.3 Unit Connections 

In connecting one processing unit to another, the stream exiting the upstream 

processing unit is equated with the stream entering the downstream unit. Because each 

stream is characterized by nc+2 variables, where Uc represents the number of components, 

including equations for each connection would result in a substantial number of equations 

being added to the overall process model. The ASCEND modeling language allows the 

user to include "equivalence" statements. Similar to a common block in Fortran, the 

equivalence statement assigns multiple names to the same memory location. By using 

equivalence statements to represent the unit connections, the connections are made 

without adding equations to the overall model. 

3.6.4 Phase Specification 

To reduce the complexity of the process models, the models assume each process 

stream to exist in a specific phase. By making this assumption, only a single root of the 

cubic equation of state must be determined. By making this assumption, two-phase flow 

in the refinery cannot be predicted. However, because two-phase flow does not typically 

occur in a refinery, elimination of this possibility should not affect the fidelity of the 

overall model. To specify the phase, the bounds for the compressibility factor are set to 

force the appropriate solution to the cubic equation of state. The bounds for the 

compressibility factors of liquid- and vapor-phase streams are shown in Table 3.7. In 

some cases, the compressibility factor for a liquid-phase stream may exceed the upper 

bound. In these cases, the upper bound on the compressibility factor is increased to allow 

for solution of the cubic equation of state. 

Table 3.7: Compressibility 

Phase 

Liquid Phase 

Vapor Phase 

Lower Bound 

0.00 

0.80 

Factor Bounds 

Upper Bound 

0.04 

1.01 
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3.7 General Modeling Procedures 

In this study, the refinery is divided into five major sections: the crude unit, the 

fluidized catalytic cracking unit (FCCU), the reformer, the gas treatment section, and the 

gasoline blending section. Even though the individual sections are extremely different, 

several aspects of these sections are similar. The streams entering and exiting the process 

equipment are characterized using the same parameters: flowrate, composition, and 

enthalpy. Regardless of the type of operating unit, the same thermodynamic relationships 

are used to calculate the molar enthalpy of the stream. Similar processing units may also 

be included in various sections of the refinery. The same model can be used to represent 

these universal process aspects, regardless of the location or purpose of the individual 

unit. 

3.7.1 Sfream Composition 

A preliminary decision in process modeling is choosing the proper representation 

for stream composition. Defining the stream composition includes determining the 

appropriate basis (mass, moles, or volume) and specifying the manner in which the 

composition is to be represented. In general, composition can be represented in two 

ways. First, the individual component flowrates can be used to represent the stream 

composition. With this convention, the total stream flowrate is equal to the sum of the 

component flowrates. The composition of each component is equal to the component 

flowrate divided by the total flowrate. The second means of representing the composition 

is to use the total flowrate and individual component compositions. For this case, the 

flowrate of an individual component is calculated by multiplying the component 

composition by the total stream flowrate. 

The equilibrium constants calculated by a cubic equation of state represent the 

mole-based ratio between components. The stoichiometric coefficients in a chemical 

reaction also indicate a mole-based relationship between components. Because 

distillation columns and chemical reactors comprise a large portion of the operating units 

in a refinery, a mole-based composition was chosen for the process models in this study. 
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The flowrate of an individual component in a process stream is unbounded. The 

effectiveness of an optimization routine is increased when the variables in the 

optimization are bounded (Hendon, 2001). While component flowrate shows only a 

natural lower bound, composition exhibits both an upper and lower bound. Because the 

composition is naturally bounded between zero and one, component compositions, in the 

form of mole fractions, are used in the models built in this study. 

3.7.2 Thermodynamic Modeling 

The thermodynamic model used in constracting a process model can affect the 

accuracy of the model prediction. The selected thermodynamic model must have the 

ability to represent the process at any feasible operating condition. In a refinery, both 

liquid and vapor sfreams are present. The chosen thermodynamic model should, 

subsequently, be able to accurately calculate values for both liquid and vapor streams. 

The Soave-Redlich-Kwong equation, which has been shown to predict accurate molar 

volumes for both liquid and vapor streams (Soave, 1971), has been chosen as the 

thermodynamic model to be applied in this study. 

The Soave-Redlich-Kwong equation represents the relationship between 

temperature, pressure, and volume as 

P = I1- ^— (3 1) 
V-b Viy + b)' 

For a mixture, the parameters in the SRK equation of state are calculated using mixing 

rales. The mixing rales used in the SRK equation of state are 

a = Y^'Yj^,Xj (a, a J)"' (l - k,j), and (3.2) 
' i 

b = Y,b.. (3.3) 

The mixing rales use the parameters of pure components to calculate the parameters for 

the mixture. The pure-component SRK parameters are calculated as 

fl, =a^ or,, and (3-4) 
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D 'T 

^ , = 0 . 0 8 6 6 4 - ^ . (3.5) 

Equation 3.4 represents the Soave modification to the Redlich-Kwong equation. Using 

the Soave modification, the molecular interaction parameter is calculated from the 

Redlich-Kwong molecular interaction parameter and the Soave a-function, defined as 

a, =0.42748^—^^, and (3.6) 

c, 

or, °̂  =1-1- w, [l - T^ "̂  j , respectively. (3.7) 

One final parameter is included in the Soave a-function. This parameter is calculated as 
w, =0.48+ 1.5746;,-0.176(y;^ (3.8) 

After determining the parameters, the SRK equation of state can be used to calculate the 

molar volume of the mixture. 

Like component flowrate, molar volume is an unbounded parameter. The ability 

to solve the cubic equation of state can be increased by converting the equation to 

dimensionless form, using the compressibility factor to replace the temperature, pressure, 

and volume. To convert the SRK equation to dimensionless form, two new parameters 

are defined. These parameters are 

^ = 7 ^ , and (3.9) 
{RTY 

bP 
B = ̂ ^ . (3.10) 

RT 

Using these definitions, the SRK equation of state can be expressed as 

Z'-Z'+(A-B-B')Z-AB^O. (3.11) 

Solution of the dimensionless form of the SRK equation of state yields the 

compressibility factor. The molar volume can be calculated from the system temperature, 

pressure, and compressibility factor. 
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The enthalpy of any stream is equal to the sum of the ideal gas enthalpy and the 

enthalpy departure function. The ideal gas enthalpy of a mixture is calculated from the 

ideal gas enthalpies of the individual components as 

H''=Y^x,H'r. (3.12) 

In this study, the ideal gas enthalpies are calculated by integrating a polynomial 

expression for the ideal gas heat capacity. The individual component ideal gas enthalpies 

are calculated as 

/ / /° =A// ; +A, {Tp -77)+^(TJ,' - 7 7 ' )+—{T/ - 7 7 ' ) . (3.13) 

The enthalpy departure function for each stream is calculated using the SRK equation of 

state. Using the SRK equation of state, the enthalpy departure function (Edmister and 

Lee, 1984) is 

IG 
H-H"'=RT Z - 1 -

1 

bRT 

rp da 
a-T— 

dT 

In 1+— 
V 

(3.14) 

Within the enthalpy departure equation, the product of the temperature and the derivative 

of the molecular interaction parameter must be calculated. Edmister and Lee (1984) give 

the expression for this value as 

da 

'dT ^3^=-EZ^. 7̂ "^j k «c, T,^ r (i-̂ y )• (3.15) 

Finally, the enthalpy of the stream is calculated by adding the values of the ideal gas 

enthalpy and enthalpy departure such that 

H=H"'+[H-H"']. (3.16) 

Because several of the parameters used in the SRK equation of state are 

calculated for individual components, these parameters do not need to be calculated in 

each model. The values of these parameters can be calculated globally and passed to 

each of the individual process models. The total number of calculations required for 

these global parameters is 3nc, where nc represents the total number of equations in the 

model. For each stream in the process, the enthalpy calculation involves an additional 
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3nc+l 1 equations, where Uc represents the number of components present in the 

component slate used in the process model. 

3.7.3 General Process Models 

Several small processing units are included in the models of the major sections of 

the refinery. Regardless of the section in which the model is included, the equations used 

to represent the process are the same. The models common to various sections of the 

refinery include sources, mixers, splitters, and component separators. 

3.7.3.1 Source Models. To reduce the number of equations necessary for the 

overall model, process streams are characterized only by their flowrate, composition, and 

enthalpy. The enthalpy of each stream is calculated by the unit from which the stream 

originates. Because outside feed streams to the refinery do not come from upstream 

processing units, no process model is available to calculate the enthalpy of the feed 

sfream. Including calculation of the feed stream enthalpy in each of the process models 

would cause redundancy in the overall model. For processing units receiving their feed 

from other units, the feed enthalpy has been calculated by the upstream unit. To 

eliminate this redundancy, the enthalpy of each outside feed stream is calculated in a 

source model. The source model uses the composition, temperature, and pressure of the 

feed stream to calculate its enthalpy. This enthalpy, along with the flowrate and 

composition, is then sent to the processing unit that receives the feed. The sole purpose 

of the source model is to calculate the enthalpy of an outside feed stream. Therefore, the 

only equations present in the source model are the thermodynamic enthalpy calculations. 

Using the SRK equation of state, the source model includes a total of 3nc+l 1 equations, 

where nc is the number of components. 

3.7.3.2 Stream Mixers. In this study, an emphasis is placed upon building generic 

models that can be reused whenever necessary. For this reason, many process units are 

assumed to have a single input stream. In many cases in the refinery, processing units 

receive feed streams from more than one upstream unit. To alleviate this discrepancy, the 

refinery model uses a stream mixer to combine the feed streams to each processing unit. 
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The mixer model calculates the flowrate, composition, and enthalpy of the mixed feed 

stream sent to the downstream processing unit. The component material balance 

equations for the stream mixer model are given as 

P'ou,you,,=T.^'n^y"'„- ( 3 . 1 7 ) 
J 

In addition, the stream mixer model also includes an equation to ensure that the sum of 

the compositions equals unity. This equation is expressed as 

Tyo.,=^- (3-18) 

The temperature of the stream exiting the mixer is calculated using the energy balance 

equation. Because no energy is added to or removed from the mixer, the energy balance 

equation is 

Fou,H„^,=Y,F,„^H,„. (3.19) 

As with all the models in this study, the enthalpy of the outlet stream is calculated using 

the SRK equation of state. The stream mixer model includes a total of 4nc+13 equations. 

3.7.3.3 Stream Splitters. In many cases, a product stream from one of the 

processing units in the refinery is separated and sent to two or more downstream units. 

To represent this separation, streeim splitters are used to divide a single stream into any 

number of streams. The predominant assumption used in the stream splitter is that the 

intensive stream parameters (composition and enthalpy) of the outlet streams are all 

identical, being the same as those parameters for the inlet stream. The values of these 

parameters in the outlet streams can be set using equivalence statements. With the outlet 

property assumption, the stream splitter model calculates only the flowrates of the outlet 

streams. The flowrate of each outlet stream is calculated using the flowrate of the inlet 

stream and the fraction of the inlet stream split into that particular outlet stream. The 

flowrate of any outlet stream from the stream splitter is 

F =F. f (3.20) 
•* out J ^ in J i • ^ ' 

Specifying the fraction of the inlet stream split into all of the outlet sfreams could cause 

problems with the consistency of the model. To prevent this from occurring, the sfream 

54 



splitter model assumes that the split fraction is specified for all but one outlet stream. 

The split fraction of the final outlet stream is calculated by requiring that the sum of the 

split fractions for all the outlet streams is equal to unity such that 

2]//=l- (3.21) 

With these assumptions, the stream splitter model includes a total of Uo+l equations, 

where UQ represents the number of outlet streams. 

3.7.3.4 Component Separators. The emphasis on creating general models also 

leads to many of the major processing units possessing only a single output stream. In 

many cases, such as the reactors in the FCC unit, the products leave in separate streams, 

each having a different composition. To account for this behavior, the single product 

sfream from such a process is sent to a component separator. In the component separator, 

the sfream is divided into any number of outlet streams. Unlike the stream splitter model, 

the component separator model does not assume that the composition and enthalpy of the 

product streams are equal to the composition and enthalpy of the inlet stream. Instead, 

the component separator assumes that a specific fraction of each component entering the 

separator exits in each outlet stream. With this assumption, the component material 

balances in the component separator are 

F , y , =f F y. . (3.22) 
out J y outjj J ij in y mi ^ ^ 

As a further stipulation, the compositions of each stream must sum to unity. This 

requirement is expressed as 

! : > ' . , =1. (3.23) 

As in the stream splitter model, the component separator model maintains 

consistency by specifying all but one split fraction for each component. The fraction of 

each component entering the final outiet stream is determined by ensuring that the sum of 

the fractions entering the outiet streams is equal to unity, expressed as 

2;y;=i. (3.24) 
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Because the component splitter does not assume values for the enthalpies of the 

outiet streams, the SRK equation of state is used to calculate these enthalpies. Once the 

enthalpies of the streams are known, the duty of the component separator is calculated 

using the energy balance equation, 

xi separator ~ 2-1 ""'J oulj ~ in in' (^J.Zj) 
I 

To make the model more general, the component splitter model is constracted to 

allow any number of outlet streams. With this convention, the model contains a total of 

UoUc+l lno+4nc+2 equations, where UQ represents the number of outlet streams and iic 

represents the number of components. 
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CHAPTER 4 

CRUDE UNIT MODEL 

4.1 Introduction 

Upon entering the refinery, crade oil is first sent to the crade unit. In the crude 

unit, the crude oil is separated into several crade cuts, based upon specific ranges for the 

boiling points of the components in the crade oil. These crade cuts are then sent to 

downstream processing units to be further processed into the final refinery products. A 

simplified schematic of the crade unit in a fiiel-oriented refinery is shown in Figure 4.1. 

The crade unit serves to provide an initial separation of the crade oil into several 

products via distillation. In the crude unit, the highest efficiencies and lowest costs are 

achieved when the separation is performed in two steps: atmospheric distillation followed 

by vacuum distillation (Gary and Handwerk, 2001). The crade oil is first sent to a 

fractionator operating at atmospheric pressure. In this column, the more volatile 

components in the crade oil are separated from the higher-boiling components. The 

bottoms fraction from the crade unit, containing the higher-boiling components, is then 

sent to a second fractionator, which operates at a high vacuum, for further removal of the 

light components. In addition to the products exiting at the top and bottom of each 

column, the fractionators also include several side-draw products, which are sent directly 

to downstream processing units to be fiirther processed. The crade unit also contains 

some auxiliary equipment in some additional separation is achieved. 

Operation of the crade unit is set by the cutpoint temperatures for the side-draw 

products from the atmospheric and vacuum towers. Based upon the overall economic 

objectives of the refinery, these cutpoints are very important decision variables. If these 

cutpoints are not properly specified, the downstream units may have difficulty 

maintaining their products within their specified limits. Therefore, proper operation of 

the atmospheric and vacuum columns, specifically with regard to maintaining proper 

side-draw product cutpoints, is critical to meeting the economic objectives of the refinery 

as a whole. 
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The modeling of the crude unit in this work focuses on the atmospheric and 

vacuum columns. These fractionators account for the majority of the separation 

occurring in the crude unit. Additionally, the atmospheric and vacuum towers contribute 

the most significant number of equations to the refinery-wide model. 

Previous work in refinery-wide optimization (Li, 2000) used the modeling 

procedures described by Watkins (1979) and Lin (1988) to model these fractionators. hi 

this modeling approach, the stream flowrates, compositions, and temperatures are only 

calculated at specific points, including the draw trays, flash zone, and condenser. The 

column is divided into sections based upon the locations of these points. The material 

and energy balance equations are then applied to each section of the refinery. By using 

this approach, the total number of equations required in the model is reduced. In this 

study, however, the reduction in the number of states is achieved by using approximate 

models in the optimization problem. Therefore, the atmospheric and vacuum column 

modeling in this study uses detailed tray-to-tray models for these fractionators. As 

suggested by Li (2000), this approach to modeling the crade unit may increase the 

effectiveness of the optimization by using a more adequate representation of the actual 

system. 

4.2 Crade Feed Characterization 

Crade oil is a very complex mixture, containing several hundred different 

chemical species. For this reason characterization of the crade oil by specifying the 

composition of each of these components is not practical. The crade oil is initially 

separated using distillation. Since distillation separates components based upon 

differences in the boiling points of the components, the crade oil can be characterized 

using pseudocomponents representing the entire boiling point range of the crade. In this 

characterization, the boiling curve and specific gravity curve of the whole crade, obtained 

from a laboratory analysis, are used to determine the composition of each of the 

pseudocomponents in the whole crade. 

This characterization procedure, called a crade assay, is very common both in 

academia and industrial practice and is, therefore, not discussed in detail. The 
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characterization procedure allows for several modifications based upon the requirements 

of the characterized stream. The most common modifications that the user can apply to 

this procedure are the number and spacing of pseudocomponents. In a crade assay, the 

user specifies the boiling point range for which pseudocomponents compositions are to 

be determined as well as the number of pseudocomponents to be used in the range. The 

user can also specify multiple ranges, with a different number of pseudocomponents in 

each. This allows the user to specify a different precision in each boiling point 

temperature range. In one range, the pseudocomponents can be closely spaced, while the 

pseudocomponents may be widely spaced in another. 

The distillation models used in this study can accommodate any number of 

pseudocomponents over any boiling point temperature range. The assay used in this 

study contains 40 boiling point pseudocomponents over a boiling range from 75 °F to 

1510 °F. Over the entire boiling point range, the chosen set of pseudocomponents 

exhibits three levels of precision. In the low-boiling range (less than 800 °F), the boiling 

points of adjacent pseudocomponents are relatively close together (25 °F). In the mid-

boiling range (800-1200 °F), the pseudocomponents are somewhat further apart (50 °F). 

Finally, in the high-boiling range (greater than 1200 °F) there is a significant difference in 

the boiling points of adjacent pseudocomponents (75 °F). 

4.3 Crade Unit Flowsheeting 

Upon entering the refinery, the crade oil is initially heated by the atmospheric 

fiimace. The heated crade oil then enters near the bottom of the atmospheric tower. In 

addition to the vapor from the top of the column and liquid from the bottom of the 

column, the atmospheric stack also has four side-draw products. The side-draw products 

from the atmospheric stack are, from most to least volatile, heavy naphtha (HN), 

kerosene, diesel, and atmospheric gas oil (AGO). The overhead vapor from the 

atmospheric stack is sent to the atmospheric condenser. The atmospheric condenser is a 

partial condenser, having both a liquid and vapor product. The liquid product of the 

atmospheric condenser is light naphtha (LN) and the vapor product is the atmospheric 

overhead. The liquid stream from the bottom of the atmospheric stack, which is called 
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reduced crade, is fed to the vacuum fumace. The vacuum fumace is a ranback fumace, 

meaning that it receives a draw stream from the vacuum stack as an additional feed and 

produces both a liquid and a vapor product, which are in equilibrium with one another. 

Both products from the vacuum fumace are fed to the bottom of the vacuum stack. Like 

the atmospheric stack, the vacuum stack also has side-draw products in addition to the 

vapor overhead and liquid bottoms. The side-draw products from the vacuum stack are 

light vacuum gas oil (LVGO) and heavy vacuum gas oil (HVGO). The overhead vapor is 

the vacuum overhead and the bottoms product is the residue. 

After being processed by the two main distillation columns in the crade unit, the 

crade cuts are sent to additional units for further processing. The light naphtha stream is 

sent to the debutanizer, which separates the naphtha into liquefied petroleum gas (LPG) 

and debutanizer bottoms. The debutanizer bottoms product is sent to the naphtha splitter, 

where it is separated into light straight-ran (LSR) gasoline and heavy naphtha. The 

liquefied petroleum gas is mixed with the atmospheric overhead and sent to the gas 

treatment section of the refinery. The light straight-ran gasoline is sent to the gasoline 

blending section of the refinery. The heavy naphtha from the naphtha splitter is mixed 

with the heavy naphtha side-draw product from the atmospheric stack and becomes the 

feed to the reformer. The light vacuum gas oil is separated into two streams. The first of 

these streams is mixed with the atmospheric gas oil and sent to the reran unit, which 

separates its feed into two products. The diesel product of the reran unit is mixed with 

the diesel side-draw product from the atmospheric stack and sent to the diesel 

hydrotreater. The residue from the vacuum stack is sent to the residue oil solvent 

extraction (ROSE) unit. The ROSE unit separates the residue into deasphatted oil (DAO) 

and No. 6 oil. The deasphalted oil is mixed with the second product from the rerun unit, 

the remaining light vacuum gas oil, and the heavy vacuum gas oil and becomes the feed 

to the fluidized catalytic cracking (FCC) unit. The kerosene side-draw from the 

atmospheric stack, the No. 6 oil, and the vacuum overhead sfreams are products of the 

refinery. The unit connectivity in the crade unit is indicated by the schematic in Figure 

4.1. 
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4.4 Atmospheric Tower Modeling 

The first separation process in the crude unit is the atmospheric tower. In this 

process, the most volatile components in the crade oil are separated from the non-volatile 

components by distillation. The atmospheric tower includes the atmospheric fumace, the 

atmospheric stack, and the atmospheric condenser. Additionally, the atmospheric tower 

model must include calculations of the cutpoints of the side products from the tower. 

4.4.1 Atmospheric Fumace Modeling 

The atmospheric fumace is modeled as a simple fumace. The simple fumace 

model contains only one inlet stream and one outlet stream. To satisfy the material 

balances, the flowrates and compositions of these two streams must be equal. As in 

connecting units, this equality is handled using equivalence statements rather than writing 

a separate equation, thereby reducing the overall size of the model. The energy balance 

for the fumace is expressed as 

O =F H -F h (4.1) 
iC.fiimace ^ out ^^out ^ in "-in-

The enthalpies of the inlet and outlet streams are calculated using the SRK 

equation of state, as previously discussed. With these definitions, the fiimace model 

contains 3nc+12 equations, where Uc is the number of components. 

4.4.2 Atmospheric Stack Modeling 

The atmospheric stack modeled in this study is more than a simple distillation 

column. The stack also includes several side strippers and pumparounds, both of which 

must be incorporated into the model. A schematic of the atmospheric tower used in this 

study is shown in Figure 4.2. 

4.4.2.1 Distillation Stack Modeling. All of the distillation columns in this stiidy 

are modeled using detailed tray-to-fray calculations. Because an object-oriented 

programming platform has been chosen, these tray-to-tray models can be constracted by 

modeling a single fray and connecting them together in an appropriate manner. 
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Figure 4.2: Atmospheric Tower Schematic 
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Since any single tray must be able to accommodate a liquid feed, a vapor feed, a 

liquid product, or a vapor product, a "feed-draw tray" has been defined. This feed-draw 

tray includes a liquid feed, a vapor feed, a liquid product, and a vapor product. For trays 

that do not use these streams, the value of the flowrate of each unused stream is set to 

zero. A schematic of a feed-draw tray is shown in Figure 4.3. 

Vapor Above 

Vapor Draw"^ 

Vapor Out 

Liquid Above 

Liquid Feed 

Liquid In 

Vapor In 

Vapor Feed • 

Vapor Below 

Liquid Out 

- • Liquid Draw 

Liquid Below 

Figure 4.3: Feed-Draw Tray Schematic 

One material balance must be written for each component in the entering and 

exiting streams. For the feed-draw tray, these equations are 

PLO ^out, +FvO yout, = FLI Xin, + ^^7 yin, • (4.2) 

Since the material balance equations use mole fractions to describe the 

composition of the stream, an additional equation must be written to ensure that the sum 

of the mole fractions in each exiting stream is equal to one. The feed-draw tray includes 

two exiting streams, whose composition sum equations are 

E^- ,= l '^d (4.3) 

Yjyout,='^- (4.4) 

The final equations needed to complete the material balance around the feed-draw 

tray are the equilibrium equations. The distillation modeling in this study assumes total 

equilibrium such that 
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yout,-KiX„,^,. (4 5-) 

Material balance equations must also be written for the liquid and vapor feed 

ports on the feed-draw fray. Again, one equation is written for each component along 

with an equation to verify the sum of the mole fractions. For the liquid feed port, the 

material balance equations are 

Fu X,n, = FLF Xfeed, + FLA ^above, > aut i (4.6) 

Z^'", =1- (4.7) 

The material balance equations for the vapor feed port are constracted in a similar 

manner to those for the liquid feed port, giving 

Fn y,„, = Fyp yf,^^^ + Fyj, y^^i^^^ , and (4.8) 

Z3 '̂",=l- (4.9) 

The compositions of the three streams present at each draw port are equal, 

eliminating the need to write material balance equations for each component. However, 

the flowrates of each of the streams may be different, depending upon the fraction of the 

stream that is taken off in the draw. Therefore, two material balances must be written at 

each draw port, relating the flowrates of the draw and overall exiting streams to the 

flowrate of the stream exiting the tray and the fraction of that stream taken off in the 

product draw. For the liquid draw port, these equations are 

^.D=^ioAD,and (4.10) 

F,s=F,o{^-f,o). (4.11) 

The material balance equations for the vapor draw port are 

Fy^=Fyafyo,^^ (4.12) 

Fy,=Fyo{\-fyn). (4.13) 

In these material balance equations, fLo and fvD are liquid and vapor draw 

fractions, respectively. These draw fractions indicates the portions of the streams exiting 

the tray that are drawn off as products or as feeds to side strippers or pumparounds. 
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Once the material balances for the entire feed-draw tray have been completed, 

energy balances must be written. The energy balance equation for the feed-draw tray 

itself is given by 

1̂7 H,^ + F„ h„ = F,,, H,,, + F,„ h„,. (4.14) 

An energy balance equation must also be written for each feed port. The energy 

balance equations for the liquid and vapor feed ports are 

Fu Ki = FLF hp +F^,h^, and (4.15) 

F„Hy,= Fyp H^p +FygHyg, rcspectivcly. (4.16) 

In all of the energy balance equations, the stream enthalpies are calculated using 

the SRK equation of state. Since the composition, temperature, and pressure of each 

stream at the draw port are equal, the enthalpies are also equal. These equalities are 

handled using equivalence statements. 

The final set of equations used in modeling the feed-draw tray are those used to 

calculate the equilibrium constant as a fiinction of temperature, pressure, and 

composition. The equilibrium constant is defined as the ratio of the fugacity coefficients 

of the liquid and vapor streams. 

K,=- (4.17) 
^; vo, 

The fugacity coefficients of the liquid and vapor streams are calculated using the 

fiigacity coefficient equations derived from the SRK equation of state (Edmister and Lee, 

1984), 

B, 
In^o, )= B[, (Z, , - l ) - ln(Z,^ - 5 , , )-^[2A[,_ -B[o, )ln 

\ 
1 + -

-"LO (4.18) 

ln(^,^, )= B-yo {Zyo -\)-\n{Zvo-Bvo)-^(^A'yo, 'Ko, Y^ 1+-
B 

LO J 

\ 
VO (4.19) 

'VO J 

In this equation, the A' and B' parameters for the liquid and vapor streams are 

calculated as 

1 
A' -

a LO 

2aSIx„„,^<(l-^.) (4.20) 
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Ko, 

•^vo. 

Ko, 

b, 

bio 
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«ir; 

bt 

bvo 

2a!ii>^.,<(i-^J 

(4.21) 

and (4.22) 

(4.23) 

The complete model, including enthalpy calculations using the SRK equation of 

state, for each feed-draw fray includes 14nc+34 equations. The unknown variables for a 

typical distillation fray are summarized in Table 4.1. 

A distillation stack can be constracted by connecting several feed-draw trays 

together in series. To accomplish this, the liquid below a given tray is equated to the 

liquid above the next tray down the column using equivalence statements. Similarly, the 

vapor above a given stage is equated to the vapor below the next stage up the column 

using equivalence statements. In these connections, the values of the flowrate, 

compositions, and enthalpy must be equated. The total number of equations for a tray 

stack, then, is nt(14nc+34), where Ut represents the number of trays in the stack. 

4.4.2.2 Side Stripper Modeling. In a side stripper, a stripping medium (usually 

steam) is injected at the bottom of a small stack of distillation trays. A liquid feed 

stream, which is drawn from the main column, is feed to the top tray of this stack. The 

overhead product of the side stripper is returned to the main column while the bottoms 

stream is taken off as a product. Overall, a side stripper is very similar to a standard 

distillation stack. However, in a side stripper, there typically are no feeds to or draws 

from any of the trays. Rather than write a separate model for the trays in a side stripper, 

the strippers are modeled in this study as consisting of feed-draw trays for which the 

flowrates of the feed and draw streams are equal to zero. The pressure on each tray of the 

side stripper is assumed equal to the pressure of the stripper draw tray. This equality is 

managed using equivalence statements. The total number of equations used to represent 

a side stripper is nst(14nc+34), where Ust is the number of frays in the stripper. 
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Table 4.1: Feed-Draw Tray Unknown Variables 

Variable Description Number of Variables 

Inlet Stream Flowrates 

Outlet Stream Flowrates 

Draw Stream Flowrates 

Flowrates to Adjacent Trays 

Inlet Stream Compositions 

Outlet Stream Compositions 

Pure Component Ideal Gas Enthalpies 

Stream Ideal Gas Enthalpies 

Inlet Stream Enthalpy Departures 

Inlet Stream Enthalpies 

Outlet Stream Enthalpy Departures 

Outlet Stream Enthalpies 

Tray Temperatiu-e 

Tray Temperature in Fahrenheit 

SRK Component Parameters 

SRK Stream Parameters 

Stream Compressibilities 

Stream Molar Volumes 

Fugacity Coefficient Parameters 

Fugacity Coefficients 

Equilibrium Constants 

Total 

4.4.2.3 Pumparound Modeling. 

2 

2 

2 

2 

2nc 

2nc 

He 

2 

2 

2 

2 

2 

1 

1 

2nc 

10 

2 

2 

4nc 

2nc; 

He 

14no+34 

In a complex dis 

is used to either add or remove additional energy from the system. A liquid stream is 

drawn from the main column, heated or cooled in a heat exchanger, and returned to the 

column at another location. In this study, a pumparound is modeled as a simple heat 

exchanger. Since the exchanger has a single inlet and a single outiet, the flowrates and 

compositions of these two streams are equated using equivalence statements. A portion 

of the stream drawn from the main column can, however, be taken off as a product before 

is enters the heat exchanger. This possibility is modeled by including a draw port in the 

heat exchanger feed line in a manner similar to the draw port in the feed-draw tray. 
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Material balances must be written to relate the flowrates of the product sfream and 

heat exchanger inlet to the fraction of the stream drawn off as a product. These material 

balance equations are 

^product ~^draw J product ' a u d (4.24) 

^inlet ~^draw V~ J product I• (4.25) 

In tiie pumparound material balance equations, fproduct indicates the fraction of the 

liquid draw stream that is removed from the column as a product. The energy balance 

equation for the pumparound is 

QPA=F{K,,-K). (4.26) 

Again, the stream enthalpies are calculated using the SRK equation of state. 

Since the streams at the draw port have the same composition, temperature, and pressure, 

the enthalpies are equated using equivalence statements. With these definitions, each 

pumparound model has a total of 3nc+14 equations. 

4.4.2.4 Complex Stack Modeling. The complex stack model allows the user to 

combine a main tray stack with any number of side strippers and pumparounds. The side 

strippers and pumparounds are connected to the main stack using equivalence statements. 

For a side stripper, the liquid above the first tray in the stripper is connected to the liquid 

draw stream from the stripper draw tray. The vapor stream above the first tray of the 

stripper is connected to the vapor feed stream on the stripper retum tray. For a 

pumparound, the pumparound draw stream is connected to the liquid draw stream on the 

pumparound draw tray. The pumparound outlet stream is connected to the liquid feed 

stream on the pumparound retum tray. The draw and retum trays for the side strippers 

and pumparounds in the atmospheric tower model in this study are summarized in Table 

4.2. 

The atmospheric stack model used in this refinery contains a main stack, four side 

strippers, and two pumparounds. The main stack consists of 38 trays and each side 

stripper contains four trays. In the atmospheric column, the pressure drop is assumed to 

be linear. The pressure on each tray is calculated by subfracting the specified pressure 

drop from the pressure of the tray above, adding one equation for each tray. 
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Table 4.2: Atmospheric Tower Draw and Retum Trays 

Auxiliary Distillation Equipment 

First Pumparound 

Second Pimiparound 

First Side Stripper 

Second Side Stripper 

Third Side Stripper 

Fourth Side Stripper 

Draw Tray 

12 

26 

9 

16 

21 

32 

Retum Tray 

10 

24 

8 

15 

20 

31 

4.4.3 Atmospheric Condenser Modeling 

The condenser on the atmospheric tower is a partial condenser with both a liquid 

and vapor product. The liquid and vapor products exiting the condenser are assumed to 

be in equilibrium with one another. The component material balance equations for the 

condenser are 

Fvi y.n, = Fyo you,, + {FLP + F^R )x„„,,. (4.27) 

As with the distillation tray model, an equation must be included to verify the sum 

of the compositions of each exiting stream. The composition sums for the liquid and 

vapor product streams are 

Xx„„ ,=l ,and (4.28) 

X yout, = 1' respectively. (4.29) 

The equilibrium equations must also be included to relate the compositions of the 

liquid and vapor product streams. The equilibrium equations are given by 

V ^K X (4.30) 
J'out, • '^i -^out, • ^ ' 

A material balance equation must also be written to relate the flowrates of the 

liquid product and retum streams to the reflux ratio for the condenser. This equation is 

F =ratio F (4.31) 
^LR '^"^^^reflux ^LP • ^ ' 

In the condenser, a large portion of the steam injected at the bottom of the main 

column and side strippers condenses. Since water and oil are immiscible, a large portion 
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of this condensed water can be decanted from the condenser. The material balance for 

the decanted water stream is 

''decant ~ J decani Fyj > ' ,„ | (4.32) 

The final equation required in the condenser model is the energy balance 

equation. For a partial condenser with both vapor and liquid products, as well as a decant 

sfream, the energy balance equation is 

Qconden..er = Fyo Hyo + (F,^ + F,p )h,o + i^/,,,„, /2^,,,„, ' Fy, Hy, . (4.33) 

In addition to the material and energy balance equations, the equilibrium constant 

equations (Equations 4.17 through 4.23) are also included in the atmospheric condenser 

model. The condenser model contains a total of 7nc+36 equations. 

4.4.4 Side-Draw Product Cutpoint Calculations 

Since the streams drawn from the side of the atmospheric tower become the feeds 

to downstream processing units, the properties of these draw streams must be maintained 

within specifications. The primary specification for each side-draw stream is the boiling 

range of its components. The boiling range specification for a hydrocarbon stream is 

typically expressed by either the ASTM 95% point or the TBP endpoint. The ASTM 95% 

point represents the temperature corresponding to 95%) vaporized on the ASTM D86 

distillation curve. Similarly, the TBP endpoint is the temperature at which the entire 

stream is vaporized based upon the trae boiling point distillation curve. In the 

atmospheric tower, the ASTM 95%) point is used to specify the side-draw product 

streams. In the vacuum tower, the TBP endpoint is used to specify the side-draw product. 

Table 4.3 summarizes the cutpoint specifications for both the atmospheric and vacuum 

towers. 
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Table 4.3: Crude Unit Cutpoint Specifications 

Side-Draw Product 

Light Naphtha 

Heavy Naphtha 

Kerosene 

Diesel 

Heavy Vacuum Gas Oil 

Specification, °F 

257 

430 

530 

650 

1050 

Specification Type 

ASTM 95% 

ASTM 95% 

ASTM 95% 

ASTM 95% 

TBP 100% 

In order to use the same cutpoint model for each tower, the ASTM 95% 

specifications in the atmospheric tower are converted to TBP endpoint specifications. An 

equation for converting between these two specifications was developed by Li (2000) by 

regressing the curve given by Watkins (1979). The resulting conversion is 

TBP,,, =f^c^ ASTM;,. (4.34) 
( = 0 

The coefficients for this equation are listed in Table 4.4. 

Table 4.4: Coefficients for ASTM to TBP Conversion 

Coefficient Name Coefficient Value 

"c^ -89.99134827 

ci 2.74798583 

C2 -.01068849 

Cj 3.17354667x10"^ 

C4 -4.87231402x10"* 

C5 3.72814245x10"" 

C6 -1.11569087x10"''' 

The detailed tray-to-tray models in this study use molar composition. The TBP 

endpoint test requires volumetric composition. Therefore, the first calculations in 

determining the TBP endpoint for each side draw are converting the mole fractions to 

volume fractions. This conversion is 
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After the compositions have been converted to a volumetric basis, the total 

fraction vaporized at a given temperature can be calculated by summing the compositions 

of pseudocomponents that boil at or below the specified temperature. However, in this 

study, pseudocomponents are not defined at each temperature. Therefore, calculation of 

the fraction vaporized is completed in two parts. First, the compositions of all the 

pseudocomponents that boil below the specified temperature are summed. Then, the 

fraction of the next pseudocomponent that is vaporized is calculated. Linear interpolation 

is used to approximate the fraction of this pseudocomponent that is vaporized at the given 

temperature. The total fraction vaporized is then calculated as 

Jv~ / .X volume. "*" ^ Z . 7 \ rr( .\X volume,^, - \^-->'^) 

TpiiT T{i + \)-T[i) 

The total fraction vaporized is calculated for a range of temperatures. The TBP 

endpoint of the side-draw product is the temperature at which the stream is completely 

vaporized. In this study, the TBP endpoint is defined as the temperature at which the 

total fraction vaporized is greater than 0.999. Since the actual specification is for the 

ASTM 95% point, the calculated value of the TBP endpoint must be converted back to 

the ASTM 95%o point. The conversion from TBP endpoint to ASTM 95% point was 

developed by regressing the curve given in Watkins (1979). In this regression, the input 

and output data sets used by Li (2000) were substituted for one another to give 

ASTM,,=YcJBP;,,. (4.37) 

The coefficients for this equation are listed in Table 4.5. 
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Table 4.5 Coefficients for TBP to ASTM Conversion 

Coefficient Name 

Co 

Cl 

C2 

C3 

C4 

Cs 

C6 

Coefficient Value 

86.08958217 

-0.654416396 

0.009844108 

-2.83645x10"' 

4.23057x10"* 

-3.15618x10"" 

9.27134x10"'' 

4.5 Vacuum Tower Modeling 

4.5.1 Vacuum Fumace Modeling 

After the reduced crade exits the bottom of the atmospheric tower, it is sent to the 

vacuum fumace to be heated. In addition to the reduced cmde feed, the vacuum fumace 

also receives a second feed and cannot, therefore, be modeled as a simple fumace. The 

second feed to the vacuum fumace is a product draw stream from the vacuum stack that 

runs back to the fumace. For this reason, this type of fumace is referred to as a ranback 

fiimace. In addition, the ranback fumace acts as an additional equilibrium stage, 

producing both vapor and liquid products. Both of these products are then sent to the 

vacuum stack for processing. The component material balance equation for the ranback 

fiimace is 

^LO ^out, '^•^VO yout, ~^MF ^main, "*" '^RF -^runback, • \^--'°) 

The final material balance equations that must be included are the composition sums for 

the liquid and vapor outlet streams. These equations are 

Xx„„,,=l,and (4.39) 

^y^^^ =1, respectively. (4.40) 

Since the ranback fumace is an equilibrium stage, the compositions of the liquid 

and vapor outlet streams are related by the equilibrium constant, such that 

y =K.x ,. (4.41) 
J^ out, I out, 
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The equilibrium constant is again calculated using the equations derived from the 

SRK equation of state (Equations 4.17 through 4.23). The final equation included in the 

ranback fiimace model is the energy balance equation, 

Qfurnace = Fyo Hy„ + F^^ ^« ; ' F^p KF ' FR^ k^ . (4.42) 

Based upon these modeling conventions, there are 5nc+24 equations in the 

ranback fiimace model. 

4.5.2 Vacuum Stack Modeling 

The vacuum stack is modeled using detailed tray-to-tray calculations. The feed-

draw tray described in detail above is used to model the trays in the vacuum stack. In 

addition to the six trays in the main stack, the vacuum stack also includes two 

pumparounds. A schematic of the vacuum tower for the refinery considered in this study 

is shown in Figure 4.4. 

Vacuum Overhead 

Vapor Feed 

Liquid Feed 

1 

2 

3 

4 

5 

6 

' V K 

t ^ LVGO 

* \J~~. (k 
T ^ HVGO 

Overflash 
(Runback to Fumace) 

Residue^ 

Figure 4.4: Vacuum Tower Schematic 
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As indicated in Figure 4.4, the vacuum tower does not include a condenser. The 

heat removal from the column is achieved solely by the pumparounds from which the 

product streams are drawn. 

4.5.3 Side-Draw Product Cutpoint Calculations 

The specification for the heavy vacuum gas oil is given in the form of a TBP 

endpoint. Therefore, the same approach used in the atmospheric stack can be used to 

calculate the specification for the vacuum stack. The resulting value for the TBP 

endpoint, however, does not need to be converted to an ASTM 95% point. 

4.6 Auxiliary Processes in the Cmde Unit 

In addition to the atmospheric and vacuum towers, the crade unit also contains 

several auxiliary units that process the products from the two fractionators. These units 

include the debutanizer, the naphtha splitter, the reran unit, and the residue oil solvent 

extraction (ROSE) unit. From a plant-wide point of view, these units are less important 

than the distillation columns in the crade unit. These units are, however, important in 

calculating the flowrates of the feed streams to many of the downstream processing units. 

Also, in many cases, the capacities of these units could become active constraints in the 

refinery-wide optimization. Therefore, models of these units must be included in the 

model of the refinery. Simplified models of these units were developed for use in the 

refinery-wide model. The feed streams to each of these units contain pseudocomponents 

that boil over a fairly narrow range. Rather than model the separation obtained in these 

units in detail, the models of these auxiliary units split the feed stream into two product 

streams based upon the industrial data. 

4.6.1 Debutanizer 

The light naphtha stream drawn from the atmospheric tower is fed to the 

debutanizer. The main purpose of the debutanizer is to separate the lighter components 

from the light naphtha sfream. The overhead product from the debutanizer, called 

liquefied petroleum gas (LPG), contains mostly propane and butane, and is mixed with 
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the overhead vapor from the atmospheric condenser and sent to the gas treatment section 

of the refinery. The bottoms product of the debutanizer is sent to be further treated in the 

naphtha splitter. 

The debutanizer helps to add flexibility to the refinery. When the Reid vapor 

pressure (RVP) specifications for the gasoline are higher, usually in the winter months, 

more butane is left in the light naphtha stream. When the RVP specification for gasoline 

is lower, the butane is removed from the light naphtha and is used to produce alkylate, a 

blending feedstock with a lower RVP. 

The fraction of the debutanizer feed in the bottoms product is estimated based 

upon the industrial data for the refinery considered in this study. According to the 

industrial data, the debutanizer bottoms product contains 80.4%) of the feed to the 

debutanizer. 

4.6.2 Naphtha Splitter 

The bottoms product from the debutanizer is fed to the naphtha splitter. The 

purpose of the naphtha splitter is to remove any additional heavy naphtha from the light 

naphtha stream. The heavy naphtha removed in the naphtha splitter is mixed with the 

heavy naphtha draw from the atmospheric tower and becomes the reformer feed. The 

purified light naphtha sfream, called light straight-ran gasoline (LSR), is a feedstock to 

the gasoline blending section of the refinery. 

The naphtha splitter also adds flexibility to the operation of the refinery. If the 

octane of the gasoline blending pool is low, more naphtha can be removed from the light 

straight-ran gasoline and sent to the reformer to produce high-octane reformate. The 

operation of the naphtha splitter can also be used to meet variations in the RVP 

specifications of the gasoline. Based upon the RVP specifications, the naphtha splitter 

can be operated to produce either more light sfraight-ran gasoline (high RVP) or more 

reformate (moderate RVP). 

The fraction of the naphtha splitter feed that becomes light straight-ran gasoline is 

determined based upon the industrial data from the refinery considered in this study. 
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According to the industrial data, the light straight-ran gasoline contains 75.3% of the feed 

to the naphtha splitter. 

4.6.3 Rerun Unit 

The atmospheric gas oil draw from the atmospheric tower and a portion of the 

light vacuum gas oil draw from the vacuum tower are fed to the reran unit. The reran 

unit serves to recover any remaining diesel components from these gas oil streams. The 

diesel recovered from the gas oil streams is mixed with the diesel draw from the 

atmospheric tower to form the diesel product. The remaining gas oil forms a portion of 

the feed to the fluidized catalytic cracking unit. 

The fraction of the light vacuum gas oil sent to the reran unit is determined based 

upon industrial data. The data indicate that 13 % of the LVGO is sent to the reran unit. 

The fraction of the reran feed present in the recovered diesel stream is also determined 

from the industrial data. The data indicate that 25% of the reran unit feed is present in 

the recovered diesel stream. 

4.6.4 Residue Oil Solvent Extraction (ROSE) Unit 

The residue, the bottoms product from the vacuum tower, is fed to the residue oil 

solvent extraction (ROSE) unit. Any metals, tar, or asphalt that were present in the crade 

oil fed to the cmde unit are contained in the residue stream. Metals are poisonous to the 

FCC catalyst. Tar and asphalt can deposit large amounts of coke on the catalyst, 

drastically decreasing the cracking capability of the FCC unit. Since the residue also 

contains a large amount of gas oil, the impurities must be separated from the remaining 

hydrocarbons. The vacuum residue has a very high boiling range, precluding distillation 

as means of separating contaminates from the gas oil. Therefore, the separation is 

performed using solvent extraction. The solvents typically used for this application are 

propane and butane. The paraffinic and naphthenic hydrocarbons present in the vacuum 

residue have a high solubility in these solvents and are easily separated from metals, tar, 

and asphalt, which have low solubilities. The extraction process consists of a series of 

countercurrent contacts between the oil and the solvent (Nelson, 1958). Flash separation 
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is used to separate the remaining gas oil and the solvent due to the large difference in the 

boiling points of these two materials. The recovered hydrocarbon, called deasphalted oil 

(DAO), is mixed with the gas oil product from the rerun unit, the light vacuum gas oil not 

sent to the reran unit, and the heavy vacuum gas oil draw from the vacuum tower to 

produce the feed for the FCC unit. 

The fraction of the ROSE unit feed present in the deasphalted oil is determined 

based upon the industrial data. The data indicates that 60% of the vacuum residue is 

recovered in the ROSE unit and sent to the FCC unit. 

4.6.5 Additional Units 

In this study, an emphasis was placed on creating generalized models that could 

be used for additional applications. For this reason, many of the models have been 

formulated to contain only a single input. Therefore, in cases in which multiple streams 

are fed to a unit, these streams must be mixed together and the resulting stream sent on as 

feed to the processing unit. Similarly, if only a portion of a product stream is sent to a 

processing unit, a splitter model must be included. Several mixer and splitter models are 

also present in the crade unit model, as indicated by the schematic in Figure 4.1. The 

crade unit model also includes six source models: one for the crade feed, one for the 

steam injected into the atmospheric column, and one for each of the stripping steam 

streams. These models, although small in comparison to the fractionator models, 

contribute additional equations to the crade unit model. 

4.7 Model Benchmarking 

To check the accuracy of the models developed in the crade unit, these models 

must be benchmarked against industrial data. Table 4.6 summarizes the yields given in 

the industrial data along with the values calculated using the crade unit model. In 

addition to the product yields, the industrial data also indicates the temperatures of the 

product streams drawn from the atmospheric and vacuum towers. The industrial data and 

model predictions for these draw temperatures are displayed in Table 4.7. 
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Table 4.6: Crade Unit Product Yields 

Product Stream Industrial Data (BPD) Model Prediction (BPD) Relative Error (%) 

Light Naphtha 

Heavy Naphtha 

Kerosene 

Diesel 

AGO 

Reduced Crude 

LVGO 

HVGO 

Residue 

LPG 

LSR 

DAO 

No. 6 Oil 

FCC Feed 

Reformer Feed 

1600 

10900 

4350 

8400 

2000 

19000 

7300 

8600 

3100 

315 

975 

1860 

1225 

19000 

11000 

1595.51 

10904.49 

4335.39 

8417.69 

2019.15 

19014.08 

7295.33 

8637.76 

3080.99 

312.72 

965.94 

1848.59 

1232.40 

19058.95 

11221.339 

-0.28 

0.04 

-0.34 

0.21 

0.96 

0.07 

-0.06 

0.44 

-0.61 

-0.72 

-0.93 

-0.61 

0.60 

0.31 

2.01 

Table 4.7: Crade Unit Product Draw Temperatures 

Product Stream Industrial Data (°F) Model Prediction (°F) Relative Error (%) 

Kerosene 

Diesel 

AGO 

LVGO 

HVGO 

400 

510 

625 

410 

590 

397.24 

503.83 

621.27 

410.21 

588.02 

-0.69 

-1.21 

-0.60 

0.05 

-0.34 

For the crade unit, it is important that the model predict both the yield and 

temperature of the products accurately. The main purpose of the crade unit is to separate 

the crade oil into several cuts, which are sent to downstream processing units. Accuracy 

in predicting the yields of these sfreams is important to meeting capacity constraints in 

the refinery. Accurate prediction of the draw stream temperatures is also very important 

to the veracity of the crade unit model. The temperatures of the draw streams correlate to 

the compositions of those streams. The model must predict these temperatures correctiy 
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to ensure that tiie feeds to the downstream processing units contain components in the 

proper boiling range to be processed. Based upon the comparison of the model 

predictions with the industrial data, the crude unit model predicts both the flowrates and 

compositions of the crade unit product streams quite well. 

4.8 Crade Unit Model Equations 

In this chapter, the detailed modeling of the crude unit has been discussed in 

detail. In addition to the presentation of the models, the number of equations present in 

each model has been identified. Because fixed physical property phenomenological 

models are used for the approximate models, the equations present in the approximate 

model are simply a subset of those presented for the detailed model. The total number of 

equations present in the detailed and approximate models is important to the solution 

time improvement obtained using the surrogate modeling approach. Table 4.8 

summarizes the number of equations in both the detailed and approximate models for the 

crade unit. 

Table 4.8: Crade Unit Equations 

Process 

Atmospheric Fumace 

Atmospheric Stack 

Atmospheric Condenser 

Vacuum Fumace 

Vacuum Stack 

Cutpoint Models 

Auxiliary Units 

Source Units 

Total 

Detailed Model 

135 

33144 

527 

516 

3654 

351 

895 

804 

40026 

Approximate Model 

1 

9564 

87 

85 

794 

351 

225 

0 

11107 

Due to the detailed nature of the distillation models in this study, the crade unit 

contains a significant portion of the total equations present in the refinery-wide model. 

Due to the equilibrium requirements, the material and energy balance equations must be 
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solved simultaneously in the detailed models of each distillation column. As a resuh, the 

computational requirement for solving this system can be significant. In addition to a 

reduction in the total number of equations, the chosen form of the approximate models 

also helps to reduce this problem. Since the equilibrium values are considered constant 

in the approximate models, the material and energy balance equations can be decoupled. 

The material balance equations can be solved first, followed by the energy balance 

equations. As a result, the computational effort should be reduced even further than by 

just reducing the number of equations in the model 
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CHAPTER 5 

FLUIDIZED CATALYTIC CRACKING MODEL 

5.1 Introduction 

Fluidized catalytic cracking, or FCC, is one of the most important processes in a 

refinery. In the current market, successful operation of the FCC unit can determine the 

ability of a refinery to remain competitive (Sadeghbeigi, 2000). Typically, the FCC unit 

provides about 40%o of the feedstock to the gasoline blending process (Lin, 1993). For 

this reason, any economic analysis of the refinery must include a detailed model of the 

FCC unit. 

The main purpose of the FCC unit is to convert the high-boiling, heavy 

components in the cmde oil into lighter, more valuable products. Originally, thermal 

cracking was used to convert the heavy gas oil to lighter products. The catalytic cracking 

process has replaced thermal cracking due to its ability to produce more gasoline with a 

higher octane rating (Nelson, 1958). Most modem FCC applications use a zeolite 

catalyst because they provide a greater profit with little additional investment 

(Sadeghbeigi, 2000). 

A typical FCC unit contains three major units, the riser/reactor, the regenerator, 

and the main fractionator. The heavy gas oils are fed to the riser/reactor along with the 

catalyst. These gas oils are cracked into lighter components in the riser/reactor. In 

addition to cracking the heavy gas oils, the reactions in the riser/reactor also produce 

coke, which is deposited on the catalyst. The regenerator serves to remove the coke from 

the catalyst. The spent catalyst is sent to the regenerator, where the coke is bumed off. 

Once the majority of the coke has been removed, the catalyst can be sent back to the 

riser/reactor. The final major unit in the FCC unit is the main fractionator. The product 

of the riser/reactor is sent to the main fractionator for separation into FCC gasoline and 

additional products. A diagram of a typical FCC unit is shown in Figure 5.1. 
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As shown in Figure 4.1, the feed to the FCC unit consists, of atmospheric gas oil 

(AGO), light vacuum gas oil (LVGO), heavy vacuum gas oil (HVGO), and deasphalted 

oil (DAO). Although most of the metals and sulfur from the crade oil are present in the 

No. 6 oil product from the ROSE unit, the feeds to the FCC unit may also contain some 

of these contaminants. Metals are poisonous to the FCC catalyst and must be removed 

from the FCC feed. Sulfur in the FCC feed can be problematic in two ways. First, the 

sulfiir can enter the flue gas sfream, resulting in environmental contamination. Second, 

the sulfur can enter the product sfreams, causing the sulfiir limits on the gasoline streams 

to be violated. To remove these components from the FCC feed, the feed is typically sent 

to a hydrotreater before entering the riser/reactor. 

5.2 Kinetic Model 

Since the FCC feed can contain several hundred different components, a detailed 

composition of the FCC feed cannot be obtained. The components of the FCC feed must 

be lumped together so that a reaction network can be defined. In this study, the ten-lump 

model developed by Jacob et al. (1976) is used in the FCC model. In this lumping 

scheme, the components are divided into lumps based upon both their boiling point and 

their molecule stracture. The first two lumps in this model represent coke and gasoline. 

The coke lump consists of coke and light gases (C1-C4). The gasoline lump contains any 

additional components with boiling points below 430 °F. The remaining components are 

separated into light and heavy lumps based upon there boiling points. A boiling point 

temperature of 650 °F indicates the division between the light and heavy lumps. Finally, 

both the light and heavy lumps are separated based upon molecular stracture. Each set of 

components is divided into four molecule types: paraffins, naphthenes, aromatics, and 

aromatic substituents. The aromatic substituents lumps represent paraffinic and 

naphthenic molecules that are attached to aromatic rings (Jacob et al., 1976). However, 

the cracking characteristics of these molecules are different than for paraffinic or 

naphthenic groups not attached to aromatic rings. The cracking characteristics of these 

molecules are also different than the characteristics for the aromatic to which the 
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molecule is attached. Therefore, the aromatic substituents are treated as separate lumps 

in this model. Table 5.1 summarizes the descriptions and properties of the ten lumps. 

Table 5.1: FCC Lump Descriptions 

LlUTip 

Ph 

Nh 

Arh 

Ash 

PI 

N, 

Ar, 

Asi 

G 

C 

Description 

Heavy Paraffins 

Heavy Naphthenes 

Heavy Aromatics 

Heavy Aromatic Substituents 

Light Paraffins 

Light Naphthenes 

Light Aromatics 

Light Aromatic Substituents 

Gasoline Lump 

Coke Lump 

Boiling Range 

Tbp > 650 T 

Tbp > 650 °F 

Tbp>650°F 

Tbp > 650 °F 

430 "F > Tbp > 650 "F 

430 "F > Tbp > 650 "F 

430 "F > Tbp > 650 °F 

4 3 0 ° F > T b p > 6 5 0 ° F 

Tbp < 430 "F 

C1-C4 and coke 

Once the lumps have been defined, the reaction network between the lumps must 

be specified. In the ten-lump model, six of the eight hydrocarbon lumps can be cracked 

directly into gasoline. The two lumps that do not crack to form gasoline are the light and 

heavy aromatic lumps. The second reaction type occurring in the ten-lump model is 

cracking of heavy molecules to light molecules. This reaction takes place within a given 

molecule type. For example, heavy paraffins crack to form light paraffins. In addition, 

heavy aromatic substituents can also crack to form light aromatics. The final set of 

reactions in the ten-lump model are coke formation reactions. All nine other lumps can 

crack to form coke. With these definitions, the ten-lump model includes 20 reactions. 

The reaction network for the ten-lump model is shown in Figure 5.2. 

Once the reactions occurring in the FCC riser/reactor have been identified, the 

kinetic models of these reactions must be developed. The kinetic models developed by 

Jacob et al. (1976) and Arbel et al. (1995) are used in this study. The kinetic parameters 

given by Arbel et al. (1995) are adapted for use in this sttidy. The kinetic parameters 

used in this study are summarized in Table 5.2. 
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icl 
Figure 5.2: Ten-Lump Model Reaction Network 

5.3 FCC Feed Characterization 

The reactions occurring in the FCC unit use the lumps in the ten-lump model. 

The feed to the FCC unit, however, is expressed using the boiling point temperature 

pseudocomponents defined in the crade unit model. To use the ten-lump model in the 

FCC unit, the feed stream must be characterized. That is, the composition must be 

converted from a pseudocomponent basis to the ten-lump basis. In characterizing the 

FCC feed, it is assumed that gasoline and coke are not present in the riser feed. 

Therefore, the characterization procedure need only separate the components in the FCC 

feed based upon molecular stmcture and boiling point temperature. 
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Table 5.2: FCC Model Kinetic Parameters 

Reaction 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

14 

15 

16 

17 

18 

19 

20 

Reactant 

Ph 

Nh 

Ash 

Ash 

Arh 

Ph 

Nh 

Ash 

Ph 

Nh 

Ash 

Arh 

Pl 

Nl 

Asl 

Pl 

Nl 

Asl 

Arl 

G 

Product 

Pl 

Nl 

Asl 

Arl 

Arl 

G 

G 

G 

C 

C 

C 

C 

G 

G 

G 

C 

C 

C 

C 

C 

Frequency Factor (L/mole s) 

11302.23114 

11302.23114 

11302.23114 

28197.9134 

28255.57785 

35232.97564 

54146.91347 

39500.14454 

5708.780014 

8592.002244 

11417.56003 

8592.002244 

16261.37337 

43363.66233 

11302.23114 

5708.780014 

5708.780014 

2883.222229 

576.6444459 

807.3022243 

Activation Energy (joule/mole) 

60658.41294 

60658.41294 

60658.41294 

60658.41294 

60658.41294 

23008.36353 

23008.36353 

60658.41294 

73208.42941 

73208.42941 

73208.42941 

73208.42941 

23008.36353 

23008.36353 

60658.41294 

73208.42941 

73208.42941 

73208.42941 

73208.42941 

41833.38823 

The first step in the characterization procedure is to determine the API gravity of 

the FCC feed. First, the average specific gravity of the FCC feed is determined as the 

weighted average of the component specific gravities, giving 

sG=Y.y.sG,- ^^-^^ 
i 

Once the specific gravity of the FCC feed has been calculated, the API gravity 

can be calculated as 

141.5 _ _ (5.2) 
"API=-

SG 
-131.5 
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To determine the composition of the ten lumps in the FCC feed, the relative 

amounts of paraffins, naphthenes, and aromatics (PNA) in the FCC feed must be 

determined. These compositions are determined using two well-known procedures. 

These procedures are the TOTAL method (Dhulesia, 1986) and the n-d-M method 

(ASTM, 1985). Aromatics in a hydrocarbon mixture have a significant effect on the 

refractive index of the mixture. For this reason, the refractive index of the FCC feed is an 

important parameter in characterizing the PNA content of the feed. The TOTAL method 

provides a more accurate prediction of the refractive index (Dhulesia, 1986) and is used 

to calculate the refractive index of the FCC feed. The TOTAL correlations for refractive 

index at 20 °F and 60 °F are 

RI^o =1 + 0.84475G''°'' VABP-°°"' MW-°'°'', and (5.3) 

RI,, =1 + 0.81565G"'' ' VABP-'-'''' MW-°"''', respectively. (5.4) 

The average molecular weight of the FCC feed is calculated using the weighted 

average of the component molecular weights. The average molecular weight of the FCC 

feed is 

MW=Y,y,MW^- (5.5) 

In addition to the average molecular weight, the TOTAL correlation for refractive 

index also requires the volume average boiling point (VABP) of the feed. The volume 

average boiling point, however, carmot be directly related to specific properties of the 

hydrocarbon stream. Therefore, the mean average boiling point (MeABP) is first 

determined using the properties of the stream. The volume average boiling point (in 

Kelvin) is then determined from the mean average boiling point (in Rankine). Based 

upon Figure 2B2.1 in the API Technical Data Book (1966), a correlation relating the 

mean average boiling point to the molecular weight and API gravity of a hydrocarbon 

stream was developed. The resutting correlation gives 

MeABPj,={-0.0l23MW-0.2225)API+l.47SMW+ 800.8. (5.6) 

A relationship between the mean average boiling point in Rankine and the volume 

average boiling point in Kelvin was developed by regressing boiling point data from an 
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AspenPlus simulation of the crude unit model developed for the refinery used in this 

study. Based upon this data, the volume average boiling point can be calculated as 

VABP„ =^0.5307MeABPj,-89.6\8. (57) 

Once the refractive index of the FCC feed has been calculated, the aromatic 

carbon content of the FCC feed is determined using the TOTAL correlation. Again, the 

TOTAL correlation is used due to its superior carbon content prediction (Sadeghbeigi, 

2000). The TOTAL correlation for the percentage of carbon in aromatic rings is 

%C, =-814.136 + 635.192i?/2o -129.2665G +0.1013Mr-0.3405-

6.8721n(v). (5.8) 

The TOTAL correlation for aromatic ring content requires the kinematic viscosity 

of the FCC feed. In his previous study, Li (2000) assumed that this viscosity was 

constant at the value indicated in the industrial data. However, it was noticed that 

relatively small variations in the Watson K-factor or API gravity of a hydrocarbon sfream 

can lead to fairiy large changes in the kinematic viscosity of the stream. For this reason, 

a correlation relating kinematic viscosity to the Watson K-factor and API gravity was 

developed using the nomograph given in Figure 11A4.1 of the API Technical Data Book 

(1966). Over the applicable range of values for the Watson K-factor, the correlation for 

kinematic viscosity is 

V = 2 x l 0 " ' ^ ° g27.249^ ^P^-3.5208A:2+74.798^-399.13 . ^ g . 

In addition to the API gravity, the correlation for viscosity requires the Watson K-factor, 

a standard hydrocarbon characterization parameter, defined as 

K.Mf^El, (5.10) 
SG 

The total percentage of carbon rings present in the FCC feed is calculated using 

the n-d-M method. The n-d-M correlation for the percentage of carbon in refractive rings 

uses two parameters calculated from the properties of the stream. These parameters are 
v=2.5(i?/2o-1.475)-(5G-0.85l),and (5.11) 

o)={SG-0.85l)-l.n{RI^o-1.475). (5.12) 
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The percent of the total carbon present in rings is calculated from these two 

parameters. Depending upon the value of co, the percentage of carbon in rings is 

calculated using one of two equations. If co is positive, 

%C^=820co-3S + ^ ^ ^ . (5 13) 
" MW ^ ^ ^ 

If cois negative, 

% C ^ = 1 4 4 0 G ; - 3 5 ' + - ! ^ ^ . (5.14) 
MW 

For the systems considered in this study, the value of co is always positive. For this 

reason, only Equation 5.13 is included in the FCC feedstock characterization model. By 

eliminating the conditional use of the two equations for the percent of carbon in rings, the 

characterization model becomes more efficient. 

Carbon present in rings is contained in either aromatic rings or naphthenic rings. 

Therefore, the percentage of carbon present in naphthenic rings can be determined by 

subtracting the aromatic content, calculated using Equation 5.8, from the total ring 

content. The naphthenic content of the FCC feed is 

% Q = % C ^ - % C ^ . (5.15) 

Finally, the since the FCC feed is assumed to contain only paraffins, naphthenes, 

and aromatics, the paraffinic content of the FCC feed can be calculated as any carbons 

not in refractive rings. The paraffinic carbon content of the FCC feed is 

%Cp=100-%Q. (5.16) 

The contents of paraffinic, naphthenic, and aromatic carbons calculated in the 

characterization procedure so far indicate the percentage of the carbon atoms present in 

each molecule type. The calculations for the composition of the FCC feed must account 

for the hydrogen in each molecule as well as the carbon. The weight fractions of each 

molecule type are determined from the carbon contents and the carbon-to-hydrogen ratios 

for each molecule type. The carbon-to-hydrogen ratios for aromatic and naphthenic 

hydrocarbons are set by the molecular stmctures. These ratios are 1:1 for aromatics and 

1:2 for naphthenes. For paraffins, however, the carbon-to-hydrogen ratio is dependent 
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upon the number of carbon atoms in the molecule. For paraffins, the carbon-to-hydrogen 

ratio is n:2n+2, where n is the number of carbon atoms in the molecule. As the number 

of carbons in the paraffinic chain increases, the carbon-to-hydrogen ratio approaches 1:2. 

Since the paraffinic molecules in the FCC feed are typically quite large, the carbon-to-

hydrogen rafio for paraffinic molecules in the FCC feed is set to 1:2. The weight of each 

molecule type in the FCC feed is calculated as 

W = %C, ——^—r—-. (5 17) 

Next, the weight fraction of each molecule type is calculated from the total weight 

of each molecule. The weight fractions of each molecule type are 

W, 
wt,= '• . (5.18) 

Wp+W,+W, 

The percentage of each molecule type present in the FCC feed should be 

compared to the industrial values to determine the accuracy of the characterization 

procedure. Table 5.3 shows both the predicted and industrial values for the PNA analysis 

of the FCC feed. 

Table 5.3: PNA Analysis of FCC Feed 

Molecule Type Industrial Data (vol %) Predicted Value (vol %) 

Paraffins 56.9-59.1 582 

Naphthenes 22.2-24.8 23.4 

Aromatics 18.1-18.7 18.4 

According to the assumptions of the ten-lump model, the total fraction of an 

individual molecule type is equal to the sum of the light and heavy lumps of that 

molecule type. In order to determine the overall composition of the FCC feed, each 

molecule type must be divided into its light and heavy lumps. In most FCC applications, 

the composition of the feed does not change significantly with boiling point. Therefore, 

it is assumed that the fraction of each molecule type in the heavy lump is equal to the 

total heavy fraction of the feed. Since the FCC feed sfream from the crade unit is 
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characterized by boiling point pseudocomponents, the total heavy fraction of the FCC 

feed can be determined by simply adding the compositions of the pseudocomponents 

with boiling points above 650 °F, the dividing value between light and heavy lumps, such 

that 

1510 

fheavy = X ̂  (^) ' (5.19) 
7'= 650 

The weight fractions of the aromatic lumps can be calculated directiy from the 

total aromatic molecule fraction and the total heavy fraction as 

VoAr, = f,^^^y wt^ , and (5.20) 

%A=(l-/wJw^^. (5.21) 

Since the aromatic substituents lumps can be either paraffinic or naphthenic, the 

composition calculations for the remaining lumps are not as straightforward. The 

compositions of the aromatic substituents must be calculated and subtracted from the 

paraffinic and naphthenic molecules. However, no correlation for these compositions 

exists in the literature. Ellis (1996) provided the composition of an FCC feed with an 

API gravity of 23. These compositions are listed in Table 5.4. 

Table 5.4: Lump Composition of a Given FCC Feedstock 

Lump Ph Nh Arh Ash Pi Ni Ari 

Weight Fraction 0.36 0.15 0.25 0.14 0.04 0.02 0.02 

Asi 

0.02 

In this study, it is assumed that the aromatic-to-substituents ratios are equal to 

those for the FCC feed presented by Ellis (1996). With this assumption, the weight 

fractions of the aromatic substituent lumps are calculated as 

VaAs 
%As, =%Ar, ^ ^ , and (5.22) 

%A-%A^^^^^^- (5-23) 
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Finally, the weight fractions of the paraffinic and naphthenic molecules are 

calculated from the remaining amounts of each molecule type and the total fractions of 

paraffins and naphthenes in the FCC feed. These weight fractions are 

% n -[heavy - % ^ ^ . - % ^ ^ . ̂ - ^ T ^ ' (^ .24) 

''/oP,4-fbeavy-'^Ar,-%As,)—^, (5.25) 

'/oN, = / , _ -%Ar, -%As,)—-^, and (5.26) 

%N, - ( l - / , . . , , -%Ar, -%As, j - H b r • (5.27) 
y^p +'^N 

5.4 FCC Unit Flowsheeting 

Upon entering the unit, the FCC feed is sent the riser/reactor. In the riser, the gas 

oil feed comes in contact with the FCC catalyst and the cracking reactions occur. The 

spent catalyst exits the bottom of the riser and is sent to the regenerator. In the 

regenerator, coke is bumed from the catalyst. The combustion gases exit the regenerator 

as flue gas and the regenerated catalyst is recycled back to the riser/reactor. The cracked 

gas oil product from the riser is sent to the main fractionator. In the main fractionator, 

the gas oil is separated into light gas, FCC gasoline, light cycle oil (LCO), and heavy 

cycle oil (HCO), also referred to as slurry oil. In many refineries, a portion of the slurry 

oil is recycled back to the riser/reactor. 

5.5 Reactor Models 

The FCC unit includes two reactors: the riser/reactor and the regenerator. These 

two reactors have substantially different designs, purposes, and reaction networks. The 

modeling of the two reactors is, therefore, discussed separately. 
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5.5.1 Riser Model 

5.5.1.1 Equipment Model. In modern FCC units, the riser is a long vertical pipe 

(Wilson, 1997). Since the cracking reactions occur in this vertical pipe, the riser/reactor 

is modeled as a plug-flow reactor. In this study, the compositions, temperature, and 

pressure are assumed to vary in the axial direction of the reactor. With this assumption, 

the material and energy balance equations for the reactor yield ordinary differential 

equations. However, differential equations cannot be used in the modeling platform 

chosen for this study. Therefore, the ordinary differential equations generated by the 

material and energy balances must be converted to algebraic equations for use in the 

model. Orthogonal collocation (Finlayson, 1980) was used to convert the differential 

equations to algebraic equations in this study. An adjustable parameter in the use of 

orthogonal collocation is the number of nodes. The total number of nodes includes one 

node at the beginning and one at the end. Since the beginning of the integration for a 

plug-flow reactor corresponds to the inlet conditions, the variable values at the first node 

are known. Therefore, calculations must only be made for nodes two through Un, where 

Un is the total number of nodes. 

Assuming variation only in the axial direction, the material balance equation for a 

plug-flow reactor is 

^ = r (5.28) 
dv "̂ '•• 

Orthogonal collocation is based upon rewriting a system in differential equation form 

such that 

^=Ax. (5-29) 
dx 

In this equation, the matrix A is dependent only upon the total number of nodes, not the 

additional variables in the equation. For a single component in the variable vector at a 

single node along the solution path, this equation reduces to 

^=yA.y.. (5-30) 
dx Y ' 
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Substituting the right-hand side of this equation for the left-hand side of the material 

balance equation gives 

TjFjy,j=r„,,..- (5.31) 
J 

The overall material balance for the plug-flow reactor can now be represented by writing 

this algebraic material balance equation for each component at each node, not including 

the reactor inlet. In addition to the component material balances, an additional equation 

must be included to ensure that the compositions sum to unity at each node. These 

additional equations are 

Jlyu='^- (5.32) 

The net rate of formation of each component is calculated from the reaction rates 

and stoichiometric coefficients. The net rate of formation of each component is 

^tfj Z^ 

V, r 
tk rxn,. (5.33) 

Like the material balance equation, the energy balance equation for the plug-flow 

reactor is an ordinary differential equation. 

dT 1 

dv Y^F^y^c^^ dV ^ ^ ''• " 
(5.34) 

The ordinary differential equation can be converted to an algebraic equation using 

orthogonal collocation. The resulting energy balance equation at each node is 

Y.A ^' 1 
"•jk n HF^y.Cp^ V, -z rxn,t ^-"- ' rxn„ (5.35) 

Due to the discretization of the reactor, the volume of each reactor node must be 

calculated. For each node, the volume equation is 

K-V,^,A'k-^k-^)- (5-36) 

The energy balance equation also includes the heats of reactions for each of the reactions 

occurring in the reactor. Rather than use literature values, the heats of reactions are 

calculated at each node in the reactor. The heat of reaction at each node is expressed as 
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^ ™ . = I ^ . ^ . (5.37) 

The remaining variables in the energy balance equations are the heat capacities of 

the individual components. Since the reacting fluid is in the vapor phase, the heat 

capacity cannot be assumed constant. In this study, the heat capacities are calculated 

using the SRK equation of state. The heat capacity of each component is calculated by 

adding the heat capacity departure to the ideal gas heat capacity, such that 

C..=C;:+AC^,^. (5.38) 

The ideal gas heat capacity of each component at each node temperature is 

calculated using an ideal gas heat capacity polynomial. The ideal gas heat capacity is 

calculated as 

Cf_^=A + BTp+CT'p. (5.39) 

Unlike for the enthalpy departure, Edmister and Lee (1984) do not formulate a heat 

capacity departure fiinction based upon the SRK equation of state. For this reason, the 

heat capacity departure function must be derived directly from the SRK equation of state. 

The definition of the heat capacity departure function (Tester and Modell, 1997) is 

AC,=rj 
yfQ2p\ 

OOV dr 
dV-

Jv 

Jep: 

dp\ 
dv] 

R. (5.40) 

The definition of the heat capacity departure function includes three partial derivatives of 

pressure with respect to temperature or volume. For the SRK equation of state, these 

partial derivatives are 

da 
dP_ 

dT 

fQ2p\ 

R dT 

dr 

y V-b v{y+by 

d^a 

and dr 
y F(V-Hb)^ 

(5.41) 

(5.42) 
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dP RT a 
-+- a 

(5.43) Vdvjr {v-bY v'(v+b) v{v+by' 
The partial derivatives defined above also include the total derivatives of the molecular 

interaction parameter, a, with respect to temperature. For the SRK equation of state. 

these total derivatives are 

da da 
—=a^ , and 
dT ' dT 
d^a d^a 

(5.44) 

dT' dT' 
(5.45) 

The derivatives of the molecular interaction parameter include the derivatives of the 

Soave a-function with respect to temperature. These derivatives are 

da myja 
=—, , and 

dT 

d'a 

VTT; (5.46) 

m m^Ja 
dT' 2TT^ rVrz; 

To complete the expression for the heat capacity departure fiinction, the second partial 

derivative of pressure with respect to temperature, at constant volume, must be 

integrated. This integration gives 

(5.47) 

I d P „^ a„ m 
—T- dV -

\^^ Jv 
Tb 

m -Ja 
-+-27; V ^ 

In 
^ V ^ 

V+b 
(5.48) 

Finally, the preceding results can be substituted into the heat capacity departure definition 

to give the heat capacity departure function for the SRK equation of state. 

AC = ^ ^ 
' b 

m yja 

^ ~ ^ c 

In 
V + b 

R 
-+ 

a^m yja 

V-b ^V{V + b) 
R. 

RT 
(5.49) 

-+ +-(V-bf v'{v + b) v{v + b) 
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The component heat capacities can now be used in the energy balance equation. 

Once the heat consumption (or generation) at each node of the reactor has been 

determined, the overall heat consumption (or generation) of the reactor is calculated by 

summation, giving 

Qpfr=YjQnode, • ( 5 . 5 0 ) 
k 

With the material and energy balance equations, the plug-flow reactor model is 

essentially complete. The equations yet to be added to the model are the kinetic rate 

expressions for the reactions. However, one objective of the modeling in this study was 

to create generic models that could be reused for futtire applications. Since the kinetic 

rate expressions vary from one reaction network to another, the rate expression equations 

are not included in the reactor model. A separate kinetic model was written and included 

in the overall model. By using this approach, the plug-flow reactor model can represent 

any plug-flow reactor, regardless of the kinetic model for the reactions. With these 

conventions, the plug-flow reactor model includes (nn-l)(14nc+9)+l equations, where nn 

is the number of nodes and Uc is the number of components. 

For the riser/reactor, the plug-flow reactor model includes three nodes. These 

nodes include the inlet and outlet conditions and the conditions at the midpoint of the 

reactor. Since the FCC reaction network is fairly simple, an accurate prediction of the 

reactor yield can be obtained using this small number of nodes. 

5.5.1.2 Kinetic Model. The kinetic model used in the riser/reactor model is taken 

from Jacob et al. (1976) and Arbel et al. (1995). In this model, the rate expressions are 

assumed to be first-order in the reacting species. Additionally, the rate constant for each 

reaction has an Arrhenius temperature dependence. First-order reactions, the model type 

assumed for the riser reactions, are an example of a power series reaction. In this type of 

reaction, the reaction rate is expressed as the product of the rate constant and the 

compositions of each component raised to the appropriate power. In addition, the 

Arrheruus rate assumption assumes that the rate constant varies with the exponential of 

the inverse temperature. With these assumptions, the reaction rates for the riser reactions 

are expressed as 
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'•^",k j ^ li^ik • (5.51) 

As with the equations for the plug-flow reactor, the rate expression equations must also 

be evaluated at each node. 

Since each reaction is assumed first-order in the reacting species, the 

concenfration exponent for the reacting species is set to unity for each reaction. 

Additionally, the concentration exponents of all the remaining species, including the 

product, are set to zero. In addition to the kinetic parameters, the rate expressions also 

include the component concentrations. These concentrations are in molarity and must 

also be calculated at each node. The concentration of each component is calculated as 

C,.= Pky.k 
uk ^^ j^p^ • (5.52) 

WTien combined with the plug-flow reactor model, the kinetic rate expressions for 

the riser reactions constitute the entire riser model. The rate expressions include a total of 

(nc+nr)(nn-l) equations, where Ur is the number of reactions. 

5.5.2 Regenerator Model 

5.5.2.1 Equipment Model. The spent catalyst from the riser/reactor is sent to the 

regenerator. In the regenerator, the coke deposited on the catalyst is bumed off in air. 

The air is provided at a sufficient velocity to maintain the contents of the regenerator in a 

fluid state (Sadeghbeigi, 2000). For this reason, the assumption of a well-mixed vessel is 

fairly accurate and the regenerator can be modeled as a continuous stirred-tank reactor. 

For a continuous stirred-tank reactor, the conditions within the reactor are 

assumed equal to the conditions of the exiting stream. For this reason, the continuous 

stirred-tank reactor can be modeled using only macroscopic material and energy 

balances. The material balance equation for each component in the continuous stirred-

tank reactor is 

- ^csTR r„et, = Fi„ yir,, - Fout yout, • (5-53) 
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As at each node in the plug-flow reactor model, an additional equation must be 

included to ensure the sum of the compositions is unity, 

E^"«', = ̂ - (5.54) 

The net rate of formation of each component is calculated from the reaction rates 

and the stoichiometric coefficients of each reaction. The net rate of formation of each 

component is expressed as 

V r 
ij r 

* 
V . 

fne, 

V I 

, = - 2 , r ^ . (5.55) 
; 

Because the continuous stirred-tank reactor is modeled using macroscopic energy 

balances, the heats of reaction are not included in the energy balance equation. For the 

continuous stirred-tank reactor, the energy balance equation is 

QcsTR =Fou, H„^, - i ^ „ //,„ . (5.56) 

As for the riser, the rate expressions for the regenerator are not included in the 

reactor model. With the stream enthalpies calculated using the SRK equation of state, a 

continuous stirred-tank reactor model includes 5nc+13 equations. 

5.5.2.2 Kinetic Model. The main purpose of the regenerator is to remove the coke 

deposited on the catalyst in the riser. Since coke is composed predominantly of carbon, 

combustion provides a very effective means of eliminating the coke. Both complete and 

incomplete combustion can occur in the regenerator. Rather than model both combustion 

reactions, the intrinsic ratio (Weisz, 1966) of carbon monoxide to carbon dioxide is used 

in this study. In this approach, only a single combustion reaction (Krishna and Parkin, 

1985) is written. This reaction is 

Cis) + 
P+2 

2{p+\)^ 
a . -^-^CO,.+-^CO 

Hs) («) /?4- l 2(,) p+\ '" /3+\ 

For the regenerator, the intrinsic ratio, (3, is found to be approximately /̂2o. Substituting 

this value into the combustion equation gives 

54C + 47O2 ^14CO+40CO2. 
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Weisz (1966) also showed that the reactor temperature affects the actual ratio of carbon 

monoxide and carbon dioxide. The deviation from the intrinsic ratio is caused by 

conversion of the carbon monoxide to carbon dioxide by fiirther reaction with oxygen. 

The chemical reaction by which carbon monoxide is converted to carbon dioxide is 

2CO+0^^2CO^. 

Using the intrinsic carbon ratio approach, the regenerator has two reactions. The 

reaction rate expression must be written for each reaction in the continuous stirred-tank 

reactor. Equations 5.51 and 5.52 can be used to express the rates of each reaction and the 

concenfration of each component, respectively. The kinetic parameters for the 

regenerator reactors are summarized in Table 5.5. The complete regenerator model 

includes both the continuous stirred-tank reactor model and the combustion kinetic 

model. The kinetic model adds a total of (nc+nr)(nn-l) equations, where nc is the number 

of components and Ur is the number of reactions. 

Table 5.5: Regenerator Kinetic Parameters 

Reaction Frequency Factor (L/mole s) Activation Energy(joule/mole) 

1 6455.12607117 112.7588 

2 2043.68233196 83.68 

ao 

1 

0.5 

ttco 

0 

1 

etc 

1 

0 

5.6 Main Fractionator Model 

In much of the previous research on FCC units, the main fractionator has not been 

modeled in detail. In some cases (Ellis, 1996), the main fractionator model is not 

considered at all. In other models (Li, 2000), the main fractionator is modeled as an ideal 

separator. In these studies, the overhead product of the main fractionator is assumed to 

contain the light gases from the coke lump; the FCC gasoline is assumed to contain the 

gasoline lump; the light and heavy cycle oil products are assumed to contain the light and 

heavy hydrocarbon lumps, respectively. By including a detailed model of the main 

fractionator, the accuracy of the refinery-wide model can be increased. As suggested by 

Li (2000), a detailed model of the main fractionator would allow for inclusion of certain 

decision variables and constraints in the overall model. 
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The main fractionator is modeled in this study using the same detailed tray-to-tray 

modeling approach used in modeling the cmde unit. The main fractionator is constracted 

using 17 trays, one side stripper, and three pumparounds. The side stripper on the main 

fractionator includes four trays. In addition to the distillation column, the main 

fractionator model also includes a partial condenser. This partial condenser includes a 

vapor product, but no liquid product. The main fractionator is pictured in Figure 5.3. 

5.7 Additional Unit Models 

Because many of the models used in this study were created to be generic, the full 

FCC unit model must include several smaller models in addition to the models of the 

three major processing units. These additional units serve to manipulate the process 

streams so that they are compatible with the general reactor and distillation models used 

in modeling the major processing units in the FCC unit. A schematic of the FCC unit, 

including these additional processing units is shown in Figure 5.4. 

5.7.1 Riser Preheat Model 

Before the FCC feed is sent to the riser/reactor, it is heated in a preheat fumace. 

This fumace is modeled in the same manner as the fumace used to heat the feed to the 

atmospheric column in the crade unit. The material balance equation is automatically 

satisfied by the presence of only a single input and a single output. The energy balance 

equation is used, along with the SRK equation of state, to determine to duty of the 

fumace. In addition to these equations, the heater model also calculates the temperature 

change m the process stream. 

5.7.2 Recycle Mixer Models 

A portion of the heavy cycle oil, or slurry oil, from the bottom of the main 

fractionator is recycled back to the riser/reactor. A mixer model serves to combine this 

recycle sfream with the FCC feed stream before the stream enters the preheat fiimace. By 

adding a mixer, the single input condition of the riser preheat fiimace is satisfied. 
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Figure 5.3: Main Fractionator Schematic 
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In addition to the recycle mixer, a second mixer model is included. This mixer 

serves to combine the FCC feed stream with the regenerated catalyst. The plug-flow 

reactor model contains only a single input stream and cannot accommodate both the feed 

sfream and the regenerated catalyst. By adding the catalyst mixer, the combined feed and 

catalyst sfream can be fed to the riser/reactor model. 

5.7.3 Component Separator Models 

Both the plug-flow reactor and continuous stirred-tank reactor models include 

only one outiet stream. In the riser, the catalyst and coke deposited on it exit the reactor 

and are sent to the regenerator. The remaining components are sent to the main 

fractionator for separation. Since the riser model calculates only one outlet stream, an 

additional unit must be included to provide the component separation. The first 

component separator in the FCC unit is the coke separator. This unit separates the 

catalyst and coke from the other products in the riser outlet stream. After this separation, 

the two resulting streams can be sent to the appropriate units for processing. 

Since the regenerator model also only includes one outlet stream, a component 

separator must again be used to separate the catalyst and remaining coke from the flue 

gas. Once the catalyst and coke are separated from the flue gas, the regenerated catalyst 

stream is mixed with the combined FCC feed stream in the catalyst mixer. The resulting 

stream becomes the feed to the riser/reactor. 

5.7.4 Slurry Treatment Models 

In the refinery considered in this work, a small portion of the slurry oil is recycled 

back to the riser/reactor. Before this recycled stream can be mixed with the fresh FCC 

feed, it must be cooled back to the feed temperature. Although the slurry oil cooler 

model assumes that the outiet stream is liquid, the modeling equation are identical to 

those in the riser preheat model. The only differences in the models are the bounds on 

the value of the compressibility factor, specified based upon the assumed product phase. 
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Once the slurry oil has been cooled, the recycle stream is sent to a 

characterization model. Similar to the crade unit model, the main fractionator model uses 

a component slate containing boiling point pseudocomponents. Therefore, before the 

recycle stream can be sent back to the riser/reactor, the FCC feedstock characterization 

procedure must be performed. By perfomiing this characterization procedure, the slurry 

oil composition is converted into the ten-lump model for use in the riser/reactor. 

5.8 Product Characterization 

The final units included on the FCC schematic in Figure 5.3 represent additional 

characterization procedures. These procedures are used to ensure consistency in the 

component slate in connected units. 

5.8.1 FCC Product Characterization 

When the cracked gas oil stream leaves the riser/reactor, its composition is 

expressed using the ten-lump FCC model. Although the FCC lumps are separated by 

boiling point, the temperature range over which a single lump boils is quite wide. 

Because distillation separation is based upon small differences in boiling point, a more 

accurate representation of the boiling point curve of the riser product is required. The 

composition of the riser product must be converted from the ten-lump model back to 

boiling point pseudocomponents. Because this conversion is the opposite of the 

feedstock, or forward, characterization, it is referred to as product, or reverse, 

characterization. 

Since the bulk of the previous work on FCC modeling did not include detailed 

models of the main fractionator, a procedure for converting from the ten-lump FCC 

model back to boiling point pseudocomponents is not available in the literature. Jones 

(1995) does provide a method for determining the composition of the feed to the main 

fractionator, also called the syn crade. This approach, however, relies upon laboratory 

analysis of the boiling ranges of the products from the main fractionator. For this reason, 

this approach cannot be used in this work. 
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The distillation curves for some syn crude sfreams are available in the literature. 

Based upon this approach for calculating the boiling curve of the syn cmde from the 

boiling curve of the main fractionator products, Jones (1995) provides the distillation 

curve for one typical main fractionator feed. Additionally, Krambeck (1991) provides the 

distillation curves for three syn cmde streams. These four typical main fractionator feed 

sfreams were used to develop a procedure for converting the riser product, described 

using the ten-lump model, into the feed stream for the main fractionator, described using 

boiling point pseudocomponents. 

The distillation curves for the four main fractionator feeds used in developing the 

reverse characterization procedure are shown in Figure 5.5. The fraction of each syn 

crude vaporized at a given temperature was determined from the distillation curves. 

Table 5.6 summarizes the fractions vaporized for each syn crade over the entire 

temperature range. 

75 275 475 

Figure 5.5: Syn Crade Distillation Curves 

675 875 1075 
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Table 5.6: Syn Crude Distillation Curve Data 

Boiling Point ("F) 

75 

138 

163 

188 

213 

238 

262 

288 

313 

337 

363 

388 

413 

438 

463 

487 

513 

537 

563 

587 

612 

637 

662 

687 

713 

738 

763 

788 

824 

874 

925 

975 

1025 

1075 

1124 

1175 

Syn Crude 1 

0.083 

0.164 

0.213 

0.271 

0.322 

0.373 

0.418 

0.462 

0.510 

0.567 

0.612 

0.650 

0.676 

0.696 

0.713 

0.735 

0.756 

0.784 

0.822 

0.857 

0.880 

0.888 

0.904 

0.915 

0.923 

0.931 

0.940 

0.950 

0.961 

0.974 

0.979 

0.985 

0.990 

0.994 

0.997 

1.000 

Syn Crude 2 

0.260 

0.335 

0.370 

0.400 

0.435 

0.470 

0.505 

0.540 

0.580 

0.610 

0.635 

0.655 

0.665 

0.690 

0.715 

0.730 

0.755 

0.785 

0.805 

0.820 

0.840 

0.860 

0.870 

0.875 

0.890 

0.905 

0.920 

0.930 

0.940 

0.955 

0.965 

0.975 

0.980 

0.985 

0.990 

1.000 

Syn Crude 3 

0.305 

0.380 

0.420 

0.450 

0.490 

0.525 

0.560 

0.595 

0.620 

0.660 

0.690 

0.705 

0.715 

0.730 

0.745 

0.775 

0.800 

0.815 

0.835 

0.850 

0.870 

0.880 

0.890 

0.895 

0.905 

0.920 

0.935 

0.940 

0.950 

0.965 

0.970 

0.980 

0.985 

0.9900 

0.995 

1.000 

Syn Crude 4 

0.340 

0.420 

0.455 

0.490 

0.530 

0.550 

0.590 

0.615 

0.650 

0.685 

0.710 

0.730 

0.740 

0.755 

0.775 

0.800 

0.820 

0.840 

0.855 

0.870 

0.885 

0.895 

0.905 

0.910 

0.925 

0.935 

0.940 

0.950 

0.955 

0.970 

0.975 

0.985 

0.990 

0.995 

0.998 

1.000 
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A general relationship between fraction vaporized and temperature could not be 

determined from this data. However, this data indicates that a lighter syn crade, one with 

more components in the gasoline lump, shows higher fractions vaporized at low 

temperatures. Based upon this observation, the syn crade streams were separated into 

components in the gasoline, light hydrocarbon, and heavy hydrocarbon lumps. The 

fractions of each lump vaporized at a given temperature were then determined from the 

truncated distillation curves. These fractions were found to be roughly independent of 

tiie overall composition of the feed. Based upon the syn crade data, a set portion of each 

FCC lump is assigned to each pseudocomponent. Table 5.7 summarizes the fractions of 

each lump type (gasoline, light hydrocarbon, and heavy hydrocarbon) vaporized at a 

given temperature. 

Once the gasoline, light hydrocarbon, and heavy hydrocarbon lumps have been 

converted to pseudocomponents, the coke lump must be separated into coke and light 

gases. The coke generation in the riser is calculated based upon previous work by Gross 

et al. (1974), Krambeck (1991), and Sapre and Leib (1991). In addition to the conditions 

in the riser, the coke content of the riser product is also a function of the coking tendency 

of the FCC feed. This coking tendency is expressed as 

I//= 0.631 wtp^ + 0.297 wt^^ +0.773 wt^^^ + 2.225 wt^^^ + 0.631 wtp^ + 

O.llwt^^ +1.475wt^^^ +0.0727wt^^^. (5.57) 

The compositions used in the coking tendency equation are the weight fractions of each 

lump in the fresh feed stream to the riser/reactor. 

The product of the riser/reactor is sent to the main fractionator for separation. 

Because the light gases all enter the overhead vapor stream, the yields of each individual 

light gas need not be included in the FCC product characterization model. These yields 

are included in the procedure for characterizing the light gas from the FCC unit upon 

entering the gas treatment section of the refinery. 
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Table 5.7: Syn Cmde Lump Distillation 

Boiling Point (°F) 

75 

138 

163 

188 

213 

238 

262 

288 

313 

337 

363 

388 

413 

438 

463 

487 

513 

537 

563 

587 

612 

637 

662 

687 

713 

738 

763 

788 

824 

874 

925 

975 

1025 

1075 

1124 

1175 

Gasoline 

0.04084 

0.12062 

0.06511 

0.06552 

0.081 

0.07171 

0.08586 

0.08104 

0.09128 

0.1046 

0.0852 

0.06597 

0.04125 

Light Hydrocarbon 

0.08195 

0.09074 

0.11731 

0.12018 

0.1265 

0.13227 

0.12056 

0.12742 

0.08307 

Heavy Hydrocarbon 

0.06888 

0.04133 

0.07786 

0.08039 

0.07616 

0.06662 

0.07208 

0.12909 

0.05881 

0.09438 

0.05699 

0.05761 

0.05039 

0.06941 
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5.8.2 Coke-on-Regenerated Catalyst 

During its cycle through the riser and regenerator, coke is considered in two ways. 

In the regenerator, the coke is considered to be a separate component, consisting only of 

carbon. In the riser, coke is considered a part of the coke lump. Since the riser and 

regenerator consider coke to be different components, a characterization procedure must 

be included before the regenerated catalyst is recycled to the riser. The purpose of this 

procedure is to convert the coke from the definition used in the regenerator to that used in 

the riser. This conversion is performed by simply setting the mass flowrate of the coke 

lump in the regenerated catalyst stream equal to the mass flowrate of carbon in the 

regenerator product sfream. 

5.9 Model Benchmarking 

The accuracy of the FCC unit model is verified by benchmarking the results of the 

model against industrial data. The main purpose of the FCC unit is to crack the heavy 

hydrocarbons into lighter hydrocarbons, predominantly to be sent to the gasoline 

blending section of the refinery. The industrial and predicted values for the main product 

yields in the FCC unit are summarized in Table 5.8. 

Table 5.8: FCC Model Yields 

Product Stream Industrial Data (BPD) Model Prediction (BPD) Relative Error (%) 

Light Gases 

FCC Gasoline 

LCO 

Slurry Oil 

Because the cracking process involves breaking large hydrocarbon molecules into 

smaller molecules, molar expansion occurs in the riser/reactor (Wilson, 1997). This 

molar expansion provides the driving force for the vapor to travel upward through the 

standpipe (Sadeghbeigi, 2000). This molar expansion also results in a total product 

volume greater than the feed volume, as indicated by the yields in Table 5.8. 
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953.00 

0.80 
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Because the FCC unit provides a significant portion of the feed to both the gas 

treatment and gasoline blending sections of the refinery, it is important that the FCC 

model accurately predict the yields in the FCC unit. Based upon the data in Table 5.8, 

the FCC model created in this study predicts the FCC yields quite accurately. 

5.10 FCC Unit Equations 

In this chapter, the detailed modeling of the FCC unit was discussed in detail. In 

addition to the presentation of the models, the number of equations in each model has 

been identified. The equations used in the approximate models are simply a subset of the 

equations described in the detailed models of each unit. The time required for 

completion of the refinery-wide optimization is highly dependent upon the number of 

equations present in the detailed and approximate models. Table 5.9 summarizes the 

number of equations present in the approximate and detailed models for the FCC unit. 

Table 5.9: FCC Model Equations 

Process 

Riser/Reactor 

Regenerator 

Main Fractionator 

Fumace Preheater 

Recycle Mixers 

Component Separators 

Regenerator Au- Supply 

Slurry Treatment 

Characterization 

Total 

Detailed Model 

450 

45 

15600 

47 

114 

390 

59 

157 

391 

17253 

Approximate Model 

450 

45 

4222 

1 

26 

177 

7 

4 

391 

5323 

As would be expected, a significant reduction in the number of equations is seen 

for the approximate model of the main fractionator. Also, because the equilibrium 

constants are fixed in the approximate model, additional benefit is achieved. Rather than 

solving the entire column as one block, the material balance equations can be solved first. 
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followed by the energy balance equations. Both the reduction in the total number of 

equations and the decoupling of the material and energy balance equations should allow 

for solution of the approximate models in a much shorter time than the detailed models. 

For the riser and regenerator, though, the number of equations in the approximate 

model is identical to the number of equations in the detailed model. In general, the 

approximate models are constracted by fixing the equilibrium constants and molar 

enthalpies in the detailed models. Because tray temperatures should not change 

significantly during an optimization, making these approximations in a distillation 

column model should not significantly affect the calculated flowrates and compositions 

of the product streams. In modeling reactors, however, the material balance equations are 

much more dependent upon the energy balance, especially in adiabatic reactors. If the 

molar enthalpies were assumed constant in the approximate reactor models, the 

calculated product flowrates and compositions would have considerably larger errors. 

With increased errors in the approximate models, more iterations of the entire 

optimization procedure would be required before convergence, increasing the total 

computational time needed to find the refinery-wide optimum. For this reason, the 

approximate and detailed models for each reactor in this study are identical. 
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CHAPTER 6 

REFORMER MODEL 

6.1 Introduction 

In a fuel-oriented refinery, the catalytic reformer converts low-octane naphtha, 

containing paraffins and naphthenes, to a high-octane gasoline blending stock containing 

isoparaffins and aromatics. In addition to producing a gasoline blending stock, a catalytic 

reformer can also be applied in the production of high-valued aromatic hydrocarbons 

such as benzene, toluene, and xylene. When used to produce a high-octane blending 

stock, the reformer is referred to as a motor fuel reformer. When used to produce 

aromatics, the reformer is called a BTX reformer (Little, 1985). Because the refinery 

considered in this study is a fuel-oriented refinery, a motor fuel reformer is used to 

produce a high-octane gasoline blending stock. 

While fluidized catalytic cracking achieves its goals by breaking heavy 

hydrocarbons into lighter molecules, catalytic reforming achieves the desired increase in 

octane without changing the carbon number of each molecule (Little, 1985). While some 

cracking does occur in a catalytic reformer, the bulk of the reactions occurring involve 

only the relocation or removal of specific hydrogen atoms. The main product stream 

from the catalytic reformer, containing the rearranged hydrocarbon molecules is called 

the reformate. The reformate, predominantly containing high-octane hydrocarbon 

molecules, is sent to the gasoline blending section of the refinery. In typical refineries, 

this stream accounts for between 30 and 40 percent of the total feed to the gasoline 

blending units (Gary and Handwerk, 2001). 

Another way in which the reformer differs from the FCC unit is in the catalyst 

regeneration. In the FCC unit, coke is removed from the catalyst by continuous 

regeneration in the regenerator. In the reformer, no continuous means for removing coke 

is available. Therefore, the unit must be periodically shut down to facilitate catalyst 

regeneration. If the reformer is operated in such a manner that the catalyst life is greatiy 

reduced, the profitability of the refinery can be significantly reduced as well. 
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Because many of the reforming reactions include removal of hydrogen atoms, the 

catalytic reformer also produces a hydrogen product. The hydrogen produced in the 

reformer is sent to several other units, including the hydrotreating, hydrocracking, and 

hydroreforming processes. However, the catalytic reformer is, in itself, not an 

economical means of producing hydrogen (Littie, 1985). From the overall standpoint of 

catalytic reforming, the hydrogen produced is merely a beneficial side product, not a 

primary operational concem. 

The reformer modeled in this study consists of three reactors in series. Prior to 

entering each reactor, the feed stream is heated in a fumace. After exiting the final 

reactor, the reformate is separated from the hydrogen and light gases. While some of the 

hydrogen is recycled to back to the reactor system, additional hydrogen is sent to other 

processing units. The light gas product and reformate are sent to downstream processing 

units. A schematic of the reformer unit used in this study is shown in Figure 6.1. 

The schematic in Figure 4.1 indicates that the feed to the reformer contains both 

the heavy naphtha stream from the atmospheric tower as well as the heavy naphtha 

removed from the light naphtha stream in the naphtha splitter. These streams can also 

contain metals, hydrogen sulfide, ammonia, or organic nitrogen and sulfur compounds, 

which are poisonous to the platinum catalyst used in reforming (Gary and Handwerk, 

2001). Therefore, as in fluidized catalytic cracking, the reformer feed is first treated in a 

hydrotreating unit to remove any of these contaminants. 

6.2 Kinetic Model 

A significant amount of research has been performed in the area of reforming of 

hydrocarbon compounds. Because of the wealth of information available, a fairiy 

complex kinetic model of the reformer reactions has been developed. Marin and Froment 

(1982) and Van Trimpont et al. (1988) performed detailed research on the reforming of 

Ce and Cy hydrocarbons, respectively. Based upon the analysis used in these studies, 

Taskar (1996) developed a kinetic model involving 35 components and 36 reactions. The 

model developed by Taskar (1996) is used in this study. 

116 



H 

s 
o o 
H 

T3 
C 

CQ 

H 

a 
o 

.2 

5 o 
e 

OX) 

117 



6.2.1 Reforming Reactions 

The first aspect required in developing the kinetic model for the reformer is a 

definition of the reactions occurring in the reformer reactors. In general, four types of 

reaction occur in the reformer: dehydrogenation, isomerization, dehydrocyclization, and 

hydrocracking (Littie, 1985). The first three of these reaction types include only a 

rearranging of hydrogen atoms; the carbon number of the hydrocarbon molecule remains 

unchanged during the reaction. The final reaction type, hydrocracking, involves the 

breaking of large hydrocarbons into small hydrocarbons, similar to the reactions 

occurring in the FCC unit. 

6.2.1.1 Dehydrogenation Reactions. In a dehydrogenation reaction, a naphthenic 

ring is converted into an aromatic ring. A typical example of a dehydrogenation reaction 

is tiie conversion of methylcyclohexane to toluene, as indicated by the reaction equation 

V 
3H, 

Because aromatics have high octane numbers, the dehydrogenation reaction is a very 

important reaction in the reforming process. The aromatic molecule produced in the 

dehydrogenation reaction has a smaller volume than the naphthenic molecule from which 

it was formed, resulting in an overall loss of volume due to dehydrogenation reactions. 

The dehydrogenation reaction is the fastest reaction occurring in the reformer, reaching 

equilibrium very quickly. Dehydrogenation reactions are highly endothermic and can be 

greatly affected by changes in the operating conditions of the reactor. Due to the 

endothermic nature of the reaction, the reactor temperature drops significantly due to 

dehydrogenation reactions. The dehydrogenation of naphthenes to aromatics is favored 

at high temperatures and low hydrogen concentrations. 

6.2.1.2 Isomerization Reactions. In an isomerization reaction, a given molecule is 

converted to a different molecule having the same chemical formula. In the reformer, 

both paraffinic and naphthenic molecules undergo isomerization reactions. A typical 
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example of isomerization of a paraffinic molecule is the isomerization of normal heptane 

to isoheptane, indicated by the reaction 

c 
C-C-C-C-C"C~C ^ c-c~c-c-c 

c 
When a paraffinic molecule undergoes isomerization, there is virtually no change in the 

volume of the molecule. The octane number, though, is changed considerably. Branched 

paraffins typically have octane numbers that are much higher than those of straight-chain 

paraffin. Paraffin isomerization reactions are also relatively fast, nearly reaching 

equilibrium in the reformer. Paraffin isomerization reactions are slightly exothermic and 

do not have a large dependence upon the conditions in the reactor. 

Naphthenic molecules also undergo isomerization reactions in the catalytic 

reformer. A typical example of a naphthenic isomerization reaction is the conversion of 

ethylcyclopentane to methylcyclohexane, as indicated by the chemical reaction 

C-C 

\ 

In the naphthene isomerization reaction, a naphthene with a five-carbon ring is converted 

to a naphthene with a six-carbon ring. For this reason, the naphthene isomerization 

reaction is also called a ring expansion reaction. The naphthene isomerization reaction is 

desirable in the reformer because the product, the six-ring naphthene, is almost 

immediately fiirther reacted by a dehydrogenation reaction to form an aromatic, resulting 

in an increase in the octane number of the reformer product. 

The kinetics of paraffin and naphthene isomerization reactions are quite different. 

For this reason, the two types of isomerization reactions are treated separately throughout 

the remainder of the reformer modeling process. 
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6.2.1.3 Dehydrocyclization Reactions Dehydrocyclization reactions involve the 

conversion of a straight-chain paraffin to a naphthene. Because of the ring formation 

involved, dehydrocyclization reactions are also referred to as ring closure reactions. Ring 

closure reactions are the most desirable reactions occurring in the reformer. They are, 

however, the most difficult to promote (Little, 1985). A typical example of a ring closure 

reaction is tiie conversion of normal heptane to ethylcyclopentane, as indicated by the 

chemical reaction 

C-C 

C-C-C-C-C-C-C ^ f )+ Ho 

The naphthenic molecule produced by the ring closure reaction almost immediately 

undergoes isomerization and dehydrogenation to form an aromatic. Most reforming 

feeds contain a significant amount of low-octane paraffins. Without conversion of these 

paraffins to naphthenes, and the resulting high-octane aromatics, the high-octane 

specification of the reformer product cannot be met (Little, 1985). Ring closure 

reactions are endothermic, being promoted by high temperatures and low hydrogen 

concentrations. To participate in a dehydrocyclization reaction, a paraffin must include a 

straight chain of at least six carbon atoms. Therefore, normal pentane does not undergo 

ring closure in the reformer. 

6.2.1.4 Hydrocracking Reactions. Hydrocracking involves the breaking of 

carbon-carbon bonds in a paraffinic molecule. As a result, a single large paraffinic 

molecule is converted into two smaller paraffinic molecules. A typical example of a 

hydrocracking reaction is the cracking of normal heptane to produce propane and normal 

butane, as indicated by the reaction 

C-C-C-C-C-C-C ^ c ~ c - c + c - c - c - c 
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Altiiough this reaction does increase the octane of the reformer product, it also 

significantly decreases the gasoline yield. The majority of the light paraffins (C4 and 

lighter) are separated from the heavier components and sent to the gas treatment section 

of the refinery. As more hydrocracking occurs in the reformer, the yields of these light 

paraffins increases, causing a decrease in the amount of reformate sent to the gasoline 

blending section of the refinery. Due to the breaking of carbon-carbon bonds, the 

hydrocracking reaction can be considered irreversible in the reformer. Hydrocracking 

reactions are accelerated by the high temperatures that also increase the rates of the other 

types of reactions. When the severity of the reformer is pushed to its limit, the increase 

in octane of the gasoline product comes with a corresponding decrease in the gasoline 

yield due to hydrocracking reactions. 

6.2.2 Reaction Rate Expressions 

Marin and Froment (1982) and Van Trimpont et al. (1988) developed Langmuir-

Hinshelwood Hougen-Watson (LHHW) rate expressions for use in catalytic reforming of 

naphtha. Using this type of reaction rate expression allows for an explicit representation 

of the interaction between each chemical species and the reforming catalyst. Each of the 

reactions occurring in the reformer only proceeds when in contact with the catalyst 

surface. By using LHHW kinetic expressions, a term representing the adsorption of each 

species onto the catalyst can be included. This adsorption term is included as a 

denominator in the rate expression, reducing the overall reaction rate to account only for 

molecules present on the surface of the catalyst. The form of the rate expressions for 

each type of reaction was selected based upon the work of Marin and Froment (1982) and 

Van Trimpont et al. (1988). 

6.2.3 Lumping Conventions 

As measured by gas chromatograph, the catalytic reforming system can contain 

over 300 unique species (Little, 1985). Constracting a reformer model using such a large 

number of components would be extremely difficuh. The number of components present 
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in the reformer can be reduced to a tractable number by gathering the species into lumps 

with similar reaction characteristics. Kuo and Wei (1969) provide a detailed discussion 

of the requirements for defining lumps for a complex reaction system. Based upon these 

criteria, Marin and Froment (1982) and Van Trimpont et al. (1988) have developed 

lumping schemes for C(, and Cy hydrocarbons, respectively. In general, each carbon 

number is separated into six lumps: normal paraffins, single-branched paraffins, multi-

branched paraffins, five-carbon ring naphthenes, six-carbon ring naphthenes, and 

aromatics. Taskar (1996) used an extension of this approach to include hydrocarbons 

with carbon numbers up to ten. To complete the model, five-carbon hydrocarbons are 

separated into normal pentane and single-branched pentane while hydrocarbons with 

carbon numbers less than five are each treated as a single lump. Marin and Froment 

(1982) reported that cyclohexane is not detected in the reforming of Ce hydrocarbons. 

Because this component is not observed, it is removed from the lumping scheme. 

Based upon these conventions, the reformer lumping scheme presented by Taskar 

(1996) includes a total of 35 lumps, with carbon numbers ranging from one to ten. 

Within each carbon number, the molecule types present are consistent with the 

observations provided in previous work. This 3 5-lump model for the components present 

in the reformer was used in this study. 

6.2.4 Overall Reaction Network 

Once the components present in the reformer have been identified, the reaction 

network between those components must be specified. The reaction network developed 

by Taskar (1996) is used in this study. In this reaction network, all five reaction types are 

included within each carbon number. For carbon numbers of at least seven, the reaction 

network involves seven reactions for each carbon number. First, six-carbon naphthenic 

rings are converted to aromatics via a dehydrogenation reaction. Second, naphthene 

isomerization occurs between five-ring and six-ring naphtiienes. Third, normal paraffins 

undergo ring closure reactions to form five-carbon ring naphthenes. Fourth, normal 

paraffins isomerize to single-branched paraffins. Fifth, single-branched paraffins 
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isomerize to multi-branched paraffins. Finally, both single- and multi-branched paraffins 

ai-e cracked into light hydrocarbons. 

A very similar reaction network exists for hydrocarbons with six carbon atoms. 

As discussed in the lumping scheme, though, a six-carbon ring naphthene is not present 

in tiie reformer model. For this reason, dehydrogenation is assumed to occur directly 

between methylcyclopentane and benzene, bypassing cyclohexane as an intermediate. In 

addition to this altered dehydrogenation reaction, the six-carbon components also exhibit 

ring closure, two paraffin isomerization reactions, and two hydrocracking reactions. 

The final reactions occurring in the reformer reaction network occur in the five-

carbon components. Because the only five-carbon components present in the lumping 

scheme are normal and single-branched paraffins, the only reactions that occur are a 

single paraffin isomerization reaction and hydrocracking of single-branched pentanes. 

The complete reaction network for the reformer used in this study is shown in Figure 6.2. 

6.3 Feed Characterization 

Because the feed to the reformer involves a much more complex component 

mixture that the FCC unit feed, a straightforward characterization procedure based upon 

empirical correlations is not available. In his work, Taskar (1996) divided the reformer 

feed into several cuts based upon boiling point range. The physical properties of each cut 

were then determined using empirical correlations developed by Daubert (1994). The 

physical properties of each cut, along with the properties of the overall reformer feed 

were then used to determine the fraction of each cut present in the reformer feed. This 

approach suffers from several drawbacks. First, because the physical properties are 

calculated using empirical correlations, the accuracy of these values cannot be 

guaranteed. Second, the solution obtained by this procedure may not be unique. Several 

different feed compositions could give the same overall feed properties. Finally, the 

solution for the feed composition is subject to local minima. Since an optimization 

routine is used to determine the feed composition, the presence of a local minimum could 

lead to erroneous conclusions about the composition of the reformer feed. 
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Li (2000) attempted to calculate the reformer feed composition using this 

approach in his work. The optimization routine, however, did not predict a reasonable 

solution for the composition of the reformer feed. Li (2000) then calculated the 

composition of the reformer feed using industrial data for each of the crade oils entering 

the refinery. A similar approach was used in this study. Within each reformer lump, the 

boiling points of each possible isomer for that lump were determined. In addition, a 

detailed chromatographic analysis of a typical reformer feed is given by Little (1985). 

Based upon the isomer boiling points, each reformer lump was categorized as containing 

components in one or more of the boiling point ranges indicated by the boiling point 

pseudocomponents. The fraction of each boiling point pseudocomponent corresponding 

to a specific reformer lump was then determined using the chromatographic analysis, 

assuming that the relative amounts of each reformer lump maintained consistency with 

the chromatographic analysis. 

The detailed chromatographic analysis indicates that a small fraction of the 

components in the reformer feed have more than ten carbon atoms. For the purposes of 

lumping in this study, these components were included in the ten-carbon lumps of the 

appropriate molecular stracture. 

Very little data about the actual composition of the reformer feed is available in 

the industrial data. Because a detailed analysis is not performed, the composition of each 

reformer lump is not known. However, the industrial data does include the breakdown of 

the reformer feed into paraffinic, naphthenic, and aromatic hydrocarbons. Because each 

lump in the reformer model belongs to one of these molecule types, the composition of 

each type of hydrocarbon in the predicted reformer feed can be easily calculated. Table 

6.1 shows both the industrial and predicted values for the PNA analysis of the reformer 

feed. 
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Table 6.1: PNA Analysis of the Reformer Feed 

Molecule Type Industrial Data (vol %) Model Prediction (vol %) 

Paraffins 52 51.24 

Naphthenes 34 35.73 

Aromatics 14 13.03 

Difference (vol %) 

-0.76 

1.73 

-0.97 

6.4 Reformer Flowsheeting 

When the feed enters the reformer, the temperature of the stream is rather low. 

The duty of the reactor preheat fumace is reduced by contacting the reformer feed with 

the product from the final reactor. After being heated by the reactor effluent, the feed is 

heated to the inlet temperature of the first reactor in a preheat fumace. The reactor feed 

then goes through a series of three reactors, with a heater between each pair. After 

exchanging heat with the feed, the reactor effluent is further cooled. The hydrogen 

produced in the reformer is separated from the hydrocarbon using flash distillation. 

Finally, the cracked paraffins are separated from the reformate. The cracked paraffins 

become the light gas product from the reformer and are sent to the gas treatment section 

of the refinery. The reformate is sent to the gasoline blending section of the refinery as a 

gasoline blending feedstock. 

6.5 Reactor Models 

Each of the reactors in the reformer model is modeled as a plug-flow reactor. 

Since the equations used for modeling a plug-flow reactor were discussed in detail in the 

description of the riser/reactor model in the FCC unit, these equations are not included 

here. However, because the reformer reactors use a different kinetic model than the 

riser/reactor, the rate expressions of each reaction are different than those for the 

riser/reactor. 

Using Langmuir-Hinshelwood Hougen-Watson kinetic models, the rate of each 

reaction is controlled by four parameters: the frequency factor, the activation energy, tiie 

driving force, and the adsorption term. In general, the rate expression of a reaction 

controlled by LHHW kinetics is given as 
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For each reaction, the frequency factor and activation energy are constants. The values of 

these constants for the reformer reactions are summarized in Table 6.2. 

In a manner similar to the concentration for a power series reaction, the partial 

pressure of each component dictates the rate at which the reaction occurs. This 

dependence upon the partial pressure is reflected in the driving force parameter. In 

general, the driving force term can be represented as 

DF,'Y\pr'--^YIP." J. ^ i . . (6.2) 
^j P 

In this expression, the first product is over the reactants and the second product is over 

the products. In addition, the parameter Kj represents the equilibrium constant for the 

reaction. Because hydrocracking reactions are irreversible, the equilibrium constant is set 

to a very large number to eliminate the effect of the product partial pressure on the 

reaction rate. The equilibrium constants for the reformer reactors are summarized in 

Table 6.3. 

The final parameter that contributes to the rate of each reaction is the adsorption 

term. While the dehydrogenation reaction can only occur at the metal function of the 

catalyst, the other reforming reactions can occur at both the metal and acid functions of 

the catalyst. For this reason, the adsorption term for the dehydrogenation reactions is 

different than the adsorption term for the other reactions. The adsorption terms for the 

dehydrogenation and other reactions are 

, and (6.3) 2 

Ads = Pfj @=Pff' \ + Kfp,,+K 'bN 

. P \ 

Ads=T=p^+ Kl /7,„,, + Kl PP + Kl PJ, + Kl p^ p„, respectively. (6.4) 
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Table 6.2: Reformer Reaction Kinetic Parameters 

Reaction Major Reactant Major Product Frequency Factor (L/mole s) Activation Energy (joule/mole) 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

14 

15 

16 

17 

18 

19 

20 

21 

22 

23 

24 

25 

26 

27 

28 

29 

30 

31 

32 

33 

34 

35 

36 

SBP,o P,-P, 

MBPio P.-P^ 

SBPc, P,-P, 

MBP, p,-p, 

SBPg P.-P^ 

MBPs PrP4 

SBP7 P,-P, 

MBP7 P1-P4 

SBP6 P,-P4 

MBPs PrP4 

SBP5 P,-P4 

6N10 A|o 

6N9 A9 

6N8 Ag 

6N7 A7 

5N6 Ae 

5N,o 6N,o 

5N9 6N9 

SNg 6N8 

5N7 6N7 

nPio SBPio 

SBPio MBPio 

nP, SBP9 

SBP, MBP9 

nPs SBPg 

SBPg MBPs 

nP7 SBP7 

SBP7 MBP7 

nPs SBPfi 

SBPe MBPs 

nP; SBP5 

nP,o 5N,o 

nP9 5N9 

nPg SNs 

nP7 5N7 

nPs 5N6 

2614721.19 

2614721.19 

2614721.19 

2614721.19 

2614721.19 

2614721.19 

2614721.19 

2614721.19 

2614721.19 

2614721.19 

2614721.19 

7.06267569 x lO'" 

7.06267569 x lO'" 

7.06267569 x lO'" 

7.06267569 x 10'° 

7.06267569 X lO'" 

2833827.99 

2806883.89 

2779939.78 

2752960.36 

796526.446 

796526.446 

558642.816 

558642.816 

335595.042 

335595.042 

317434.078 

317434.078 

79627.0777 

79627.0777 

19900.5013 

10552.973 

7914.72995 

5276.48652 

98.3202146 

181.019203 

113238 

113238 

113238 

113238 

113238 

113238 

113238 

113238 

113238 

113238 

113238 

0 

0 

0 

0 

0 

120735 

120735 

120735 

120735 

41320 

41320 

41320 

41320 

41320 

41320 

41320 

41320 

41320 

41320 

41320 

94506 

94506 

94506 

120735 

137168 
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Table 6.3: Reformer Reaction Equilibrium Constants 

Reaction 

1 

2 

3 

4 

5 

6 

7 

8 

9 

10 

11 

12 

13 

14 

15 

16 

17 

18 

19 

20 

21 

22 

23 

24 

25 

26 

27 

28 

29 

30 

31 

32 

33 

34 

35 

36 

Major Reactant 

SBP.o 

MBPio 

SBP9 

MBP9 

SBPs 

MBPs 

SBP7 

MBP, 

SBPs 

MBPe 

SBP5 

6N,o 

6N9 

6N8 

6N7 

5N6 

5N,o 

5N9 

SNs 

5N7 

nP,o 

SBP,o 

nP9 

SBP9 

nPs 

SBPs 

nP7 

SBP7 

nPe 

SBPs 

nPs 

nPio 

nP9 

nPs 

nP7 

nPs 

Major Product 

P1-P4 

P1-P4 

P1-P4 

P1-P4 

PrP4 

P,-P4 

P1-P4 

P,-P4 

P1-P4 

P,-P4 

P1-P4 

A,o 

A9 

As 

A7 

As 

6N,o 

6N9 

6N8 

6N7 

SBPio 

MBPio 

SBP9 

MBP9 

SBPs 

MBPs 

SBP7 

MBP7 

SBPs 

MBPs 

SBPs 

5N,o 

5N9 

5N8 

5N7 

5N6 

Equilibrium Constant 

1 X 10^° 

1 X 10^° 

1 X 10^° 

1 X 10^° 

1 X 10^° 

1 X 10^° 

1 X 10^° 

1 X 10^° 

1 X 10^° 

1 X 10^° 

1 X 10^° 

100000 

100000 

100000 

100000 

100000 

0.2665 

0.16092 

0.46281 

2.11981 

0.29942 

0.53524 

0.39782 

0.43006 

0.34107 

0.44892 

0.37974 

0.60859 

1.18223 

0.9982 

1.12383 

27.88404 

18.0129 

2.50253 

1.8758 

11.64616 
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Because all of the components in the reformer compete for space on the catalyst 

surface, the generalized adsorption term includes the partial pressures of all the 

components in a specific carbon number. Because the generalized adsorption term 

includes both the acid and metal functions of the catalyst, the coefficients in the 

adsorption term depend upon the reaction. For dehydrogenation reactions, only the 

coefficients originating in the metal function have non-zero values. Conversely, for all 

other reactions, only the coefficients originating in the acid function have non-zero 

values. The values of the coefficients of the adsorption function for each type of reaction 

are summarized in Table 6.4. 

Table 6.4: Adsorption Term Coefficients 

Reaction Type 

Dehydrogenation 

Naphthene Isomerization 

Paraffin Isomerization 

Ring Closure 

Hydrocracking 

KA 

0 

107 

107 

107 

107 

K / 

0 

21.9 

21.9 

21.9 

21.9 

K3^ 

0 

659 

659 

659 

659 

IC4̂  

0 

70.3 

70.3 

70.3 

70.3 

K,« 

.27 

0 

0 

0 

0 

K,« 

72090 

0 

0 

0 

0 

Depending upon the reaction, the driving force and adsorption parameter values 

can vary over an extremely wide range. In some cases, these parameters have values on 

the order of IxlO'. In other cases, the values of these parameters are on the order of 

1x10^^. This large variation in these values can lead to convergence problems for a 

typical solver. To prevent this problem, the values of the driving force and adsorption 

parameters are not calculated separately in the reformer reactor models. The expressions 

for driving force and adsorption are substituted for the driving force and adsorption terms 

in the rate expression. Because the reaction rates vary over a much narrower range, the 

convergence of the rate equations becomes much less problematic with this substitution. 

The rate of each equation is now a function of constant reaction parameters and 

the partial pressures of the participating components. The partial pressure of each 

component in the reformer reactor is calculated from the total pressure and the molar 

composition as 
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Pi-ytPr- (6.5) 

For a plug-flow reactor, the reaction rate expressions must be written at each node 

except the first, which corresponds to the initial condition. Writing the partial pressure 

and rate expression equations at each node in the reactor gives a total of (nc+nr)(nn-l) 

equations for the kinetic model used in each reformer reactor. 

Because the reaction network in the reformer reactors is quite complex, more 

nodes are needed to accurately predict the composition and temperature profiles in each 

reactor. For the reformer reactors, each reactor model uses a total of six nodes, the inlet 

conditions, the outlet conditions, and four intemal points. 

6.6 Additional Unit Models 

The reformer reactors comprise the bulk of the reformer. The unit also includes 

several additional pieces of equipment. This equipment serves to either prepare the 

reformer feed for the reactors or to separate the reactor effluent stream into products to be 

sent to downstream processing units. 

6.6.1 Heat Integration 

The first additional piece of equipment in the reformer model is the heat 

integration heat exchanger. Unlike the other heat exchangers in the refinery, the heat 

integration exchanger must be modeled as a two-sided heat exchanger. Due to modeling 

assumptions, the streams on the hot and cold sides of the two-sided heat exchangers 

could be represented by different component slates. To account for this phenomenon, the 

two-sided heat exchanger is modeled to allow a different number of components on each 

side of the exchanger. By using this convention, the two-sided heat exchanger model is 

more general and can be used for a broader range of applications. Because each side of 

the heat exchanger includes only a single input and a single output, equivalence 

statements are used to model the material balance equations. Based upon an energy 

balance specification (outiet temperatiire, temperature change, or duty), the energy 

balance on one side of the heat exchanger is solved. The heat exchanger duty is then 
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used to solve the energy balance equation on the other side of the exchanger. To ensure 

that the hot-side and cold-side duties are in agreement, the two-sided heat exchanger 

model also includes an equation setting the hot-side duty equal to the negative of the 

cold-side duty. In the approximate model for the two-sided heat exchanger, the duties on 

the two sides of the exchanger are calculated, but the duty equality is removed from the 

model. In total, the two-sided heat exchanger model includes 3nhot+3ncoid+27 equations, 

where Uhot and Ucoid are the number of components in the hot and cold stream component 

slates, respectively. 

6.6.2 Hydrogen Mixer 

The plug-flow reactor used to model the reformer reactors assumes that the 

process has a single input. In the reformer, a portion of the hydrogen product is recycled 

to the reformer reactors. Before the reformer feed and recycled hydrogen can be sent to 

the reactor model, they must be combined into a single stream. The hydrogen mixer 

accomplishes the mixing of these two streams. 

6.6.3 Preheaters 

Before entering each reactor, the feed stream is heated to the appropriate reactor 

inlet temperature in a preheat fumace. The models of these fiimaces in the reformer are 

identical to the riser/reactor preheat fumace model in the FCC unit. These models 

calculate the enthalpy of the reactor feed streams based upon specified outlet 

temperatures. The fiimace duty is then calculated from the enthalpies of the inlet and 

outlet streams. 

6.6.4 Reformate Cooler 

Before the hydrogen and light gases are removed from the reactor effluent, tiie 

effluent stream is cooled. This cooling is performed by the reformate cooler. Although 

heat is removed in the cooler, the cooler can be modeled with a model identical to the 
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preheaters. Because the sign of the duty term is not specified in the heat exchanger 

model, the same model can be used for either a heater or a cooler. 

6.6.5 Hydrogen Separator 

Hydrogen is separated from the reformate using a flash separation. Because the 

hydrogen boils at a substantially low temperature than the hydrocarbons, the separation 

achieved in the hydrogen separator is almost complete. For this reason, the hydrogen 

separator is modeled as a component separator. The overhead product is assumed to 

contain all of the hydrogen in the reactor effluent and none of the hydrocarbons. 

6.6.6 Stabilizer 

The light gas is separated from the reformate in the stabilizer. The stabilizer is 

also modeled as a perfect component separator. Although the separation achieved in the 

stabilizer is not as ideal as in the hydrogen separator, the error introduced by assuming 

perfect separation in the stabilizer is not significant. The overhead product of the 

stabilizer is assumed to contain all of the cracked paraffins and none of the heavier 

components. 

6.7 Model Benchmarking 

The main purpose of the reformer is to increase the octane of the reformate 

stream. The octane rating of the reformate is highly dependent upon its PNA analysis. 

The accuracy of the reformer model is first assessed by comparing the predicted values of 

the PNA analysis of the reformate to the industrial data. Table 6.5 shows the industrial 

and predicted values for the PNA analysis of the reformate. 

In addition to the PNA analysis of the reformate, the reformer model should also 

accurately predict the yields of each of the major product streams from the reformer. 

Specifically, the reformate yield provides an indication of the octane rating of the 

reformate. Table 6.6 summarizes the industrial and predicted values for the yields of the 

major product streams from the reformer. 
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Table 6.5: Reformer Product PNA Analysis 

Molecule Type 

Low Severity 

Paraffins 

Naphthenes 

Aromatics 

High Severity 

Paraffins 

Naphthenes 

Aromatics 

Industrial Data (vol %) 

39 

2 

59 

35 

2 

63 

Model Prediction (vol %) 

39.24 

1.82 

58.94 

34.94 

1.82 

63.24 

Difference (vol %) 

0.24 

-0.18 

-0.06 

-0.06 

-0.18 

0.24 

Table 6.6: Reformer Product Yields 

Product Stream 

Low Severity 

Reformate 

Light Gas 

Hydrogen 

High Severity 

Reformate 

Light Gas 

Hydrogen 

Industrial Data (BPD) 

8800 

600 

180 

7600 

800 

200 

Model Prediction (BPD) Relative Error (%) 

8635.42 

609.62 

182.76 

7456.21 

811.47 

196.76 

-1.87 

1.60 

1.53 

-1.89 

1.43 

-1.62 

Based upon the model predictions for the PNA analysis and yields in the 

reformer, the reformer model accurately represents the reformer operation for both high-

and low-severity operation. 

6.8 Muhiple Severity Operation 

Because the octane and RVP specifications in the gasoline blending section of the 

refinery change, the reformer is set up to operate in either a high-severity or low-severity 

mode. The inlet temperature of the first reactor in the series characterizes the severity of 

the reformer operation. When operated in high-severity mode, with a higher reactor inlet 

temperature, the reformer produces reformate with a higher octane rating. 
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The octane of the gasoline blending pool determines the severity at which the 

reformer is operated at any given time. When the octane of the pool is low, the reformer 

is operated in high-severity mode, producing a higher-octane reformate. Conversely, 

when the octane of the gasoline pool is high, the reformer is operated in low-severity 

mode. 

To account for operation of the reformer in both the high- and low-severity 

modes, the refinery model includes two reformer models, one representing each mode of 

operation. In actual operation, the entire reformer feed is sent to a single unit that 

operates in either mode for a certain fraction of the total operating time. Because the 

refinery model is a steady-state model, it cannot account for operating a single reformer 

at different conditions at different times. The fraction of time for which the reformer is 

operated in each mode is represented using a stream splitter on the reformer feed. The 

reformer feed is split into two streams, the fractions of which are based upon the time 

fraction for which the reformer operates in each mode. Li (2000) indicates that the 

refinery is operated in low-severity mode approximately 70% of the time. Based upon 

this number, 70% of the total reformer feed is sent to the model representing low-severity 

operation and 30%) of the total reformer feed is sent to the model representing high-

severity operation. 

6.9 Reformer Equations 

In this chapter, the detailed modeling of the reformer was discussed. In addition 

to the presentation of the model, the number of equations used to model each piece of 

equipment has been identified. The equations used in the approximate models for each 

piece of equipment are simply a subset of the equations used in the detailed models. The 

total number of equations present in both the detailed and approximate models has a 

significant effect on the solution time for the refinery-wide optimization. Table 6.7 

summarizes the number of equations included in the detailed and approximate models 

used in each reformer model. 
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Table 6.7: Reformer Equations 

Process 

First Reactor 

Second Reactor 

Third Reactor 

Preheaters 

Heat Integration 

Product Separation 

Total 

Detailed Model 

2698 

2698 

2698 

372 

250 

766 

9482 

Approximate Model 

2698 

2698 

2698 

3 

5 

271 

8373 

The equation summary presented in Table 6.7 indicates a single reformer model. 

Because the refinery-wide model includes two reformer models, the total number of 

equations contributed to the refinery model by reformers is twice the total value reported 

in Table 6.7. In addition to the two reformer models, a reformer feed splitter is also 

included, contributing three additional equations to the overall model. 

Due to the large dependence of the material balance equations on the reactor 

temperature, the approximate models of the reformer reactors contain the entire set of 

equations used to model the reactors. Because the reformer reactors represent the bulk of 

the reformer, the total reduction in equations for the approximate model of the reformer is 

small. 
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CHAPTER 7 

GAS TREATMENT MODEL 

7.1 Introduction 

The light gases produced in the cmde unit, FCC unit, and reformer are processed 

in the gas treatment section of the refinery. The gas treatment section of the refinery 

serves three major purposes. Ffrst, fiiel gas is produced in the gas treatment section of the 

refinery. This fuel gas is sent to the fiimaces in the refinery to heat certain feed streams. 

Second, the light components in the gas products are separated in the gas treatment 

section of the refinery. After purification, these light gas streams can be sold as products. 

Third, the alkylation unit in the gas treatment section of the refinery converts low 

molecular weight olefins in the light gas streams to high molecular weight paraffins. 

The majority of the products from the gas treatment section of the refinery are 

either used in the refinery or sold as products. Some products, though, are important to 

downstream processing unit, specifically gasoline blending. The alkylate product 

produced in the refinery becomes one of the major feedstocks in the gasoline blending 

section of the refinery. In addition, the purified normal butane stream is also sent to the 

gasoline blending section of the refinery. Because these streams are important to the 

overall operation of the refinery, a model of the gas treatment section must be included in 

the refinery-wide model. 

The gas treatment section of the refinery is typically divided into two sections. 

The first section that the gas enters is the gas plant. The gas plant contains two 

processing units. The fuel gas unit removes the fuel gases from the saleable light gases. 

The depropanizer then separates the saleable gases into the C3 product, containing 

propane and propylene, and the alkylation feed, consisting mainly of butanes and 

butylenes. The second section in gas treatment is alkylation. In the alkylation unit, the 

butylene and remaining propylene are reacted with isobutane to form isooctane and 

isoheptane, respectively. A schematic of the gas treatment section of the refinery used in 

this study is shown in Figure 7.1. 
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7.2 Sources of Light Gas 

Each of the major processing units in the refinery produces a light gas stream. In 

the crude unit, the light gas sent to the gas treatment section of the refinery is the product 

of the LPG mixer. This stream contains the liquefied petroleum gas as well as the vapor 

product from tiie atmospheric condenser. The light gas stream from the FCC unit is the 

vapor product from the condenser on the main fractionator. The light gas produced in the 

reformer is the overhead product from the stabilizer. These light gas streams are mixed 

together and become the feed to the gas treatment section of the refinery. 

7.3 Feed Characterization 

As products from the major processing units, the light gas streams are represented 

by the component slates used in those units. The gas treatment section of the refinery 

uses a component slate containing only light gases and alkylation products. Therefore, 

each light gas feed stream must be characterized into this new component slate before 

being used in the gas treatment section of the refinery. Since none of the light gas 

sfreams entering the gas treatment section of the refinery contain the alkylation products, 

isoheptane and isooctane, the compositions of these components are set to zero for all of 

the gas treatment feed streams. 

7.3.1 Cmde Unit Light Gas 

The crade unit provides a fairly substantial amount of light gas to the gas 

treatment section of the refinery. In the crade unit model, the light gas product is 

characterized using boiling point pseudocomponents. Unfortunately, no procedure exists 

for determining the composition of the light gas stream in terms of the actual components 

present. For this reason, the composition of the light gas product from the crade unit was 

determined based upon industrial data from the refinery considered in this work. Table 

7.1 shows the compositions of each component in the light gas product from the crade 

unit. 
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Table 7.1: Crade Unit Light Gas Composition 

Component 

Ethane 

Propane 

Propylene 

Normal Butane 

Isobutane 

Butylene 

Composition (wt %) 

.02 

.10 

.22 

.33 

.07 

.26 

7.3.2 FCC Unit Light Gas 

The light gas from the FCC unit provides the bulk of the light gas sent to the gas 

treatment section of the refinery. Ellis (1996) developed correlations for the yields of 

each of the light gases in the FCC unit. These correlations were not, however, consistent 

with the indusfrial data for the refinery considered in this work. Therefore, the industrial 

data for the light gas yields in the FCC unit were used in this study. Table 7.2 

summarizes the composition of the light gas product from the FCC unit. As in the crade 

unit light gas characterization, these compositions were used regardless of the operating 

conditions in the refinery. 

Table 7.2: FCC Unit Light Gas Composition 

Component 

Ethane 

Propane 

Propylene 

Normal Butane 

Isobutane 

Butylene 

Composition (wt %) 

9.40 

29.25 

17.05 

13.60 

21.65 

9.05 

7.3.3 Reformer Light Gas 

Unlike in the cmde unit and FCC unit, the model used in the reformer contains a 

fairiy detailed breakdown of the composition of the light gas product. The relative 

amounts of methane, ethane, propane, and butane are calculated in the reformer model 
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itself Because the reformer light gas product does not contain any olefins, the 

compositions of each type of olefin present in the gas treatment component slate is set to 

zero for the reformer light gas. In the reformer model, normal butane and isobutane are 

lumped into a single four-carbon paraffin lump. For use in the gas treatment section of 

the refinery, this butane lump must be separated into normal butane and isobutane. Based 

upon the industrial data for the refinery considered in this study, the butane lump is 

assumed to contain 42%) isobutane. 

7.4 Gas Treatment Flowsheeting 

Upon entering the gas treatment section of the refinery, the light gas streams are 

mixed together. This mixed light gas stream is first sent to the fuel gas production unit. 

Containing mostly methane and ethane, the fuel gas product is sent to the various 

furnaces in the refinery. The other product from the fuel gas production unit, containing 

three- and four-carbon molecules is sent to the depropanizer. The depropanizer removes 

separates this stream into the C3 product, containing propane and propylene, and the 

alkylation feed. From the depropanizer, the alkylation feed is mixed with both recycled 

and makeup isobutane and is fed to the alkylation unit. After exiting the alkylation unit, 

the alkylation product is sent through a series of separation units. First, the stream is sent 

to the depropanizer, where any remaining propane is removed. Next, the process stream 

is fed to a debutanizer. This debutanizer removes any unreacted isobutane from the 

product stream. Finally, the product stream is sent to another debutanizer, which 

separates the remaining normal butane from the alkylate product. The unit connectivity 

in the gas treatment section of the refinery is indicated in Figure 7.1. 

7.5 Gas Plant Model 

The first part of the gas treatment section of the refinery is the gas plant. In the 

gas plant, the light hydrocarbons are separated from the alkylation feed. This separation 

is conducted by two consecutive separations, the fuel gas production unit and the 

depropanizer. Because the separation achieved in the gas plant is somewhat less 
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important, rigorous models for these units were not constracted. The models of the gas 

plant units in this work are based solely upon macroscopic material and energy balances. 

7.5.1 Fuel Gas Production 

The main purpose of the fuel gas production unit is to remove the methane and 

ethane from the light gas streams. In addition, any hydrogen remaining in the light gas 

product from the reformer is removed in the fuel gas production unit. Due to incomplete 

separation, a portion of the heavier hydrocarbons also exit in the fiiel gas stream. 

The fuel gas production unit is modeled in this study as a component separator. 

The fraction of each component exiting in the fuel gas stream is set based upon the 

industrial data. For hydrogen, methane, and ethane, the entire component enters the fiiel 

gas stream. The losses of the heavier hydrocarbons in the fuel gas stream are 

summarized in Table 7.3. 

Table 7.3: Heavy Hydrocarbon Losses in Fuel Gas 

Component 

Propane 

Propylene 

Normal Butane 

Isobutane 

Butylene 

Loss in Fuel Gas (wt %) 

32.7 

26.2 

9.8 

16.85 

6.2 

7.5.2 Depropanizer 

The main purpose of the depropanizer is to separate the C3 product from the 

alkylation feed. The overhead product of the depropanizer contains propane and 

propylene while the bottoms product consists mainly of butane and butylene. Based upon 

the industrial data for the refinery considered in this sttidy, a portion of the propane and 

propylene are also present in the alkylation feed stream. Any residual propylene in the 

alkylation feed can also react to form alkylate. 
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The depropanizer is also modeled as a component separator. Based upon the 

indusfrial data, 60.7% of the propylene entering the depropanizer exits with the C3 

product. The industrial data does not indicate the fraction of the propane that exits the 

depropanizer with the C3 product. However, it is known that the C3 product contains 

40% propane and 60%) propylene. By specifying this composition for the C3 product, the 

fraction of the propane entering the C3 product can be calculated by the depropanizer 

model. The butanes, butylenes, and remaining three-carbon molecules are sent to the 

alkylation unit. 

7.6 Alkylation Unit Model 

In the alkylation unit, low molecular weight olefins are reacted with isoparaffins 

to produce higher molecular weight isoparaffins. The paraffins in the alkylation unit feed 

pass through the reactor and are removed from the alkylate product by a series of 

separations. The isoparaffins produced in the alkylation unit provide a gasoline blending 

stock with a high octane number and a low Reid vapor pressure (RVP). 

Without catalysis, alkylation can occur at high temperatures and pressures. These 

processes are not, however, industrially important. Commercially important alkylation 

processes involve low-temperature alkylation in the presence of sulfuric or hydrofluoric 

acid (Gary and Handwerk, 2001). The refinery considered in this work uses hydrofluoric 

acid as the alkylation catalyst. 

To minimize polymerization reactions, high isoparaffin-to-olefin ratios (4:1 to 

15:1) are used in the alkylation unit (Gary and Handwerk, 2001). Some isobutane enters 

the alkylation unit with the alkylation feed. However, this isobutane cannot satisfy the 

requirement for the alkylation reactions. Therefore, additional isobutane is purchased 

and mixed with the alkylation feed before it enters the alkylation unit. After reacting in 

the alkylation unit, the product is sent through a series of separations to remove any 

residual propane, isobutane, and normal butane from the alkylate product. A simplified 

schematic of the alkylation unit is shown in Figure 7.2. 
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7.6.1 Alkylation Reactor 

The principal reactions occurring in the alkylation reactor involve the reaction of 

isobutane with propylene and butylene to produce isoheptane and isooctane, respectively. 

Because two isomers of butylene can be present in the alkylation feed, isobutylene can 

react via two pathways. First, isobutylene can react with isobutane to form isooctane by 

the reaction 

CH3 CH3 CH3 CH3 

CH3-(:=CH2 + C H 3 - C H - C H 3 ^ C H 3 - C - C H 2 - ( : H - C H 3 

CH3 

Second, normal butylene can react with isobutane to form 2,4-dimethylhexane by the 

reaction 

CH3 CH3 CH3 
CH3-CH2-CH=CH2+ C H j - C H - C H j ^ CH3-CH2-Cf^CH2-CH-CH3 

Because the alkylation model does not distinguish between the butylene isomers, these 

reactions carmot be used independently. Because the properties of both reactions are 

similar, they are considered to be a single reaction in this study. 

In addition to reacting with butylene, isobutane also reacts with any propylene 

remaining in the alkylation feed. The isobutane and propylene react to form isoheptane 

via the reaction 

CH3 CH3 
CH2=CH-CH3 + CH3-CH-CH3^ CH3- C-CH2- CH2-CH3 

CH3 

Propylene and isobutane can also react via a different reaction pathway. The propylene 

and isobutane can react to form propane and isobutylene via the reaction 

CH, CH 
I 3 \ 3 

CH2=CH-CH3 + CH3-CH-CH3— CH3-CH2- CH3+ CH3-C=CH2 

The isobutylene produced in this reaction fiirther reacts with isobutane to form isooctane. 
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Contact times of 10 to 40 minutes (Gary and Handwerk, 2001) are typically used 

in industrial alkylation applications to ensure complete conversion of the olefins to 

isoparaffins. Because all of the propylene and butylene are assumed to react in the 

alkylation reactor, a detailed kinetic model for the reactor operation is not necessary. 

Instead, the alkylation reactor is modeled as a stoichiometric reactor, in which only the 

stoichiometric coefficients and reaction extents are required. 

In the alkylation reactor, the material balance equations relate the amount of each 

component exiting the reactor to the amount entering and the extents of each reaction. 

For each component, the material balance equation is 

Fout yout, = F,„ y,„^ + Xv^j X.. (7.1) 

In addition to the individual component material balance equations, an equation must be 

included to ensure that the compositions total unity, 

T.yout,=^- (7.2) 
I 

By specifying the extents of each reaction, Xj, the material balance equations can be 

solved for the flowrate and composition of the alkylation product stream. 

The reactor duty is calculated using the energy balance equation. The energy 

balance equation for a stoichiometric reactor is 

Q=Fo.,H^^,-F,„H,. (7.3) 

In the energy balance equation, the enthalpy of the outlet stream is calculated using the 

SRK equation of state. In total, the stoichiometric reactor model includes 4nc+13 

equations, where Uc is the number of components. Because the reaction extents are 

specified in the model, the reaction rates are not calculated, eliminating the effect of the 

number of reaction on the total number of equations. 

The propylene and butylene are assumed to react completely in the alkylation 

unit. Therefore, the outlet composition of the reactor is specified to contain no propylene 

or butylene. By making these specifications, two variables are removed from the model. 

To maintain a square model, two variables previously assumed to be specified must be 

unspecified. These variables are the extents of the first two reactions. The extent of the 
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third reaction, propylene to butylene, is still assumed to be specified. However, the 

extent of this reaction is dependent upon the amount of propylene entering the reactor. 

As indicated by the industrial data, 4.44%) of the propylene entering the reactor reacts via 

the third reaction. Therefore, an additional equation is added to the model. This 

additional equation is 

X3 =0.0444 F,„;.,„(C;). (7.4) 

By adding this equation to the alkylation reactor model, none of the reaction extents are 

specified; they are calculated by the model. The calculated extents are consistent with 

the assumptions of the amount of propylene reacting to form butylene and the complete 

consumption of all olefins entering the reactor. 

The light gas stream entering the alkylation unit does not contain sufficient 

isobutane for the alkylation reactions to proceed to completion. Therefore, additional 

isobutane is purchased by the refinery and mixed with the recycled isobutane. The 

alkylation reactor model calculates the required flowrate of this isobutane makeup 

sfream. 

7.6.2 Separation Train 

When the alkylation product exits the reactor, it is sent to a series of separation 

units. First, any residual propane is removed from the alkylate in the depropanizer. The 

propane removed in the depropanizer becomes a product of the refinery. Next, the 

unreacted isobutane is separated from the alkylate product in the deisobutanizer. The 

isobutane removed is recycled back to the alkylation reactor. Not all of the isobutane can 

be removed in the deisobutanizer. A fraction of the isobutane remains in the alkylate 

stream, which is then fed to another debutanizer. In this second debutanizer, the normal 

butane and remaining isobutane are separated from the alkylate. All of the normal butane 

and remaining isobutane enter the overhead stream of the debutanizer. Each of these 

separation units is modeled as a component separator in this study. 

The fraction of the isobutane remaining in the bottoms product of the 

deisobutanizer is not given in the industrial data. However, the data indicates that the 
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butane product from the debutanizer contains 2.09% isobutane. By specifying this 

composition for the butane product, the fraction of isobutane entering the recycle stream 

is calculated by the model. 

7.6.3 Acid Recovery Units 

As indicated in Figure 7.2, the alkylation unit also includes an acid settler and an 

acid rerun column. These units separate the alkylate and any polymerized material from 

the hydrofluoric acid catalyst. The alkylation model used in this study does not include 

the acid catalyst or polymerized material. Therefore, models of these units are not 

included in the alkylation unit model in this study. 

7.7 Diesel Hydrotreater Model 

The diesel hydrotreater cannot be classified as belonging to a single main section 

of the refinery. The diesel hydrotreater receives feed streams from the crade unit, the 

FCC unit, and the reformer, making its inclusion in either of these models impractical. 

For convenience, the diesel hydrotreater model is included in the gas treatment section of 

the refinery. 

The main purpose of the diesel hydrotreater is to remove any remaining sulfur 

from the diesel product. The diesel hydrotreater removes enough sulfur from the diesel 

product to meet the specification for the product stream. The diesel hydrotreater receives 

feed streams from both the crade unit and the FCC unit. The crade unit feed to the diesel 

hydrotreater is the product of the diesel mixer. This stream includes the overhead 

product from the reran unit and the diesel draw from the atmospheric column. The diesel 

feed from the FCC unit is the light cycle oil (LCO) draw from the main fractionator. In 

addition to the diesel feeds, the hydrotreater also receives hydrogen from the reformer. 

In the diesel hydrotreater, the diesel is separated into three products: diesel, 

naphtha, and sour gas. The diesel product from the hydrotreater is the diesel product of 

the refinery. The naphtha from the hydrotreater is mixed with the light naphtiia from the 

cmde unit to form the light naphtha product of the refinery. The sour gas, which contains 
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most of the sulfiir from the diesel feed streams, is sent to an Amine treater for additional 

processing. The hydrotreater model calculates the yields of each of these product streams 

as well as the hydrogen requirement in the hydrofreater. These values are calculated 

based upon the indusfrial data for the ratios of each stream flowrate to the total diesel 

feed. These ratios are summarized in Table 7.4. 

Table 7.4: Diesel Hydrotreater Yield Ratios 

Feed/Product Stream Ratio to Hydrogen Feed 

Hydrogen Feed 

Diesel Product 

Naphtha Product 

Sour Gas Product 

0.027 

0.981 

0.030 

0.016 

7.8 Model Benchmarking 

The only model in the gas treatment section of the refinery not modeled solely 

using industrial data is the alkylation reactor. However, the gas treatment model must 

still be benchmarked against the industrial data. Table 7.5 summarizes the industrial data 

and predicted values for the yields in the gas treatment section of the refinery. 

Table 7.5: Gas Treatment Yields 

Product Stream 

C3 Product 

Butane 

Alkylate 

Propane 

Makeup Isobutane 

Industrial Data (BPD) 

1254 

1360 

3744 

311 

960 

Model Prediction (BPD) 

1226.47 

1328.18 

3696.22 

320.16 

966.86 

Relative Error (%) 

-2.20 

-2.34 

-1.28 

2.95 

0.71 

The most important product from the gas treatment section of the refinery is the 

alkylate, which is one of the feedstocks for gasoline blending. It is also important that the 

gas treatment model accurately predict the yields of the other product streams. Based 
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upon the data in Table 7.5, the gas treatment model accurately predicts the yields in the 

gas treatment section of the refinery. 

7.9 Gas Treatment Equations 

In this chapter, tiie detailed modeling of the gas freatment section of the refinery 

was discussed. In addition to the discussion of the models, the equations used in each 

model were also identified. The equations used in the approximate models are simply a 

subset of tiie equations used in the detailed models of each piece of processing 

equipment. The time requirement for the refinery-wide optimization is dependent upon 

the total number of equations in the detailed and approximate models. Table 7.6 

summarizes the number of equations in the detailed and approximate models of the gas 

freatment section of the refinery. 

Table 7.6: Gas Treatment Equations 

Process 

Light Gas Characterization 

Light Gas Mixer 

Gas Plant 

Alkylation Reactor 

Separation Train 

Makeup Isobutane 

Isobutane Mixers 

Total 

Detailed Model 

146 

53 

168 

54 

252 

41 

106 

820 

Approximate Model 

146 

11 

64 

13 

96 

0 

22 

352 

Although the gas treatment section of the refinery is small in comparison to the 

other processing units, it must be included in the refinery-wide model for accuracy. 

Although the gas treatment model includes very few equations in comparison to the other 

processing units, these equations will effect the time requirement for the refinery-wide 

optimization and must be considered. 
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CHAPTER 8 

GASOLINE BLENDING MODEL 

8.1 Infroduction 

The final step in processing gasoline is gasoline blending. In this section of the 

refinery, the blending stocks produced by other units are mixed together to produce the 

various grades of gasoline produced in the refinery. Gasoline is the primary product from 

a fiiel-oriented refinery, comprising approximately half of the total product volume. 

From an economic standpoint, the gasoline blending accounts for 60-70% of the total 

revenue for the refinery (Singh et al., 2000). Because gasoline represents the major 

product from the refinery, upstream processing units are typically operated to produce 

blending stocks that allow the gasoline specifications to be met. Gasoline blending is 

very important to the overall operation of the refinery and must be included in the 

refinery-wide model. 

Gasoline blending is basically a mixing process. The blending stocks are mixed 

together in appropriate amounts to produce several grades of gasoline, each having 

different properties. Each gasoline grade is characterized using a number of 

specifications. For the refinery considered in this study, each grade of gasoline is 

characterized by 11 specifications. The main objective of gasoline blending is to produce 

a sufficient amount of each gasoline grade to meet the production requirements. 

Additional amounts of each gasoline grade can also be produced. Once the requirement 

demands are met, the additional gasoline production is based upon maximizing profit. 

8.2 Gasoline Specifications 

The refinery considered in this study produces three grades of gasoline: super 

unleaded, unleaded, and sub-octane with ethanol. Each of these grades is characterized 

by several property specifications. The first such specification is the octane rating. 

A specific grade of gasoline is assigned an octane rating based upon a comparison 

to a mixture of isooctane and normal heptane. Pure isooctane is assigned an octane 
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number of 100 while normal heptane is assigned an octane number of zero. The octane 

rating of a gasoline is set as the percentage of isooctane, in a mixture with normal 

heptane, that exhibits the same resistance to knocking under standard conditions in a 

standard engine (Palmer and Smith, 1985). 

The resistance of a certain fuel to knocking is characterized using two standard 

tests. First, the research octane number (RON) is determined using the ASTM D908 test 

procedure. In this test, the engine is operated at 600 revolutions per minute with an 

intake air temperature of 125 °F (McKetta, 1992). These test conditions represent low 

speeds and frequent acceleration. The antiknock properties at high-speed conditions are 

determined using the ASTM D357 test. In this test, the engine is operated at 900 

revolutions per minute witii an air intake temperature of 300 °F( McKetta, 1992). The 

octane number obtained from the ASTM D357 test is called the motor octane number 

(MON). Finally, the octane rating, also called the pooled octane number, of the gasoline 

is calculated as tiie average of the research and motor octane numbers. Both the motor 

octane number and octane rating are used to specify each grade of gasoline. 

The different grades of gasoline are also characterized by volatility. If the vapor 

pressure at ambient temperature is too high, the fiiel could cause vapor lock and engine 

stalling. If the vapor pressure is too low, difficulties in engine startup may be 

experienced (Palmer and Smith, 1985). The most common criterion for measuring the 

volatility of a gasoline is the Reid vapor pressure (RVP). The RVP of a gasoline is 

defined by the ASTM D323-56 test. 

Another factor than can affect engine startup is the boiling range of the gasoline. 

In addition to affecting startup, the boiling range of the fuel is of particular importance to 

quick acceleration and high-speed operation (Singh et al., 2000). Rather than define the 

boiling range of the fiiel by the initial and end points, three values along the boiling curve 

are used. Specifically, the temperatures at which 10, 50, and 90%) (using the ASTM D86 

distillation curve) of the fuel are vaporized are used to characterize the boiling range of 

the gasoline. These fractions affect startup and vapor lock, acceleration and smoothness, 

and complete combustion, respectively (Lin, 1988). 
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These points along the boiling curve are not sufficient to completely characterize 

the boiling range of the gasoline. To represent the entire boiling range of the fuel, the 

automotive and oil indusfries use the driveability index (DI). The driveability index is 

calculated from the three individual boiling point temperatures and gives an indication of 

the overall volatility of the gasoline. The driveability index can be calculated as 

DI=\.5T,,+3T,,+T,,. (8.1) 

Unzelman (1996) suggests that satisfactory performance is achieved by maintaining the 

driveability index below 1200. 

Each grade of gasoline is also characterized by specific gravity. If a fuel is too 

light, the mileage obtained from the gasoline can be severely degraded. As the density of 

the fuel increases, the mileage increases as well. However, as the fiiel becomes more 

dense, the volatility decreases, leading to ignition problems. For this reason, both lower 

and upper limits for the specific gravity are set for each grade of gasoline. 

The final characteristics used in characterizing the gasoline are the oxygen, sulfur, 

and benzene contents. The oxygen content of the gasoline is specified to reduce the NOx 

emissions from the gasoline. Similarly, the sulfur content of the gasoline is specified to 

reduce the SOx emissions. These chemicals are hazardous to the environment and 

responsible for acid rain. Finally, the benzene content is specified to reduce the carbon 

monoxide emissions. Since benzene has a low hydrogen-to-carbon ratio, fuels with high 

benzene content tend to have higher carbon monoxide emissions. 

Each grade of gasoline is specified using eleven different properties as discussed. 

The specifications for the three grades of gasoline produced in the refinery considered in 

this study are summarized in Table 8.1. Because the sub-octane gasoline is an 

oxygenated gasoline, its specifications differ from those of the super unleaded and 

unleaded, which are conventional gasolines. The higher RVP limit provides incentive to 

use replaceable ethanol in the gasoline blending. The lower limit for the oxygen content 

of the sub-octane gasoline is set based upon the 1990 amendment to the clean air act. 

Because ethanol has a relatively high oxygen content, the upper limit for the oxygenated 

gasoline is higher than for the conventional gasoline products. 
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8.3 Blending Feedstock Characterization 

The gasoline blending section of the refinery receives eight blending stocks: FCC 

gasoline, low-severity reformate, high-severity reformate, alkylate, light sfraight-ran 

gasoline, butane, toluene, and ethanol. Table 8.2 summarizes the quantity and source of 

the gasoline blending stocks for the refinery considered in this study. Because over 95% 

of the gasoline blending stocks are produced in the refinery, operation of the upstream 

processing units has a significant affect on gasoline production in the refinery. 

Table 8.2: Gasoline Blending Feedstocks 

Blending Stock 

FCC Gasoline 

High-Severity Reformate 

Low-Severity Reformate 

Alkylate 

Light Straight-Run Gasoline 

Butane 

Toluene 

Ethanol 

Flowrate (BPD) 

11704.47 

1227.47 

6701.92 

3681.19 

1771.48 

288.03 

200.04 

379.03 

Portion (vol %) 

45.10 

4.73 

25.82 

14.18 

6.83 

1.11 

0.77 

1.46 

Source 

FCC Unit 

Reformer 

Reformer 

Gas Treatment 

Crude Unit 

Gas Treatment/Market Pitfchase 

Market Purchase 

Market Purchase 

The processing unit models use material and energy balance to determine the 

molar flowrate, composition, and enthalpy of these blending stocks. Calculation of the 

specification properties of the gasoline blends requires the corresponding properties of 

the blending stocks. Therefore, several additional properties must be determined for each 

of the gasoline blending stocks. Each of these parameters contributes to at least one of 

the gasoline specifications. 

8.3.1 Mass and Volumetric Flowrates 

As calculated by the upsfream processing units, tiie flowrate of each gasoline 

blending stock is a molar flowrate. The gasoline blending model requires both the mass 

and volumefric flowrates of the blending stocks. The conversion from molar flowrate to 
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mass flowrate uses the molar composition and molecular weight of each component. The 

mass flowrate is calculated as 

Fn,a..s=F„,„,,,Yjyi^^^l- (8.2) 

The volumetric flowrate is calculated in a similar manner, employing both the molecular 

weight and specific gravity of each individual component. The volumetric flowrate is 

calculated as 

P _ F„,o,.. y y, MW, 
'• volume JL, ^(^ • y.°-^) 

r^ water ' OL/j. 

The calculation of mass and volumetric component rate is irrespective of the component 

slate used to define the specific gasoline blending stock. The same equations are used to 

calculate these flowrates, substituting the appropriate arrays of molecular weights and 

specific gravities. 

8.3.2 Octane Numbers 

The product specifications for the three grades of gasoline include specifications 

for both the motor octane number and the octane rating. The octane rating of the blend is 

calculated from the research and motor octane numbers of the blend. These octane 

numbers are calculated from the research and motor octane numbers of the gasoline 

blending stocks. Hence, the octane rating of each blending stock is not required by the 

blending model, only the research and motor octane numbers of the blending stocks must 

be calculated in the feedstock characterization procedures. 

8.3.2.1 FCC Gasoline. Sadeghbeigi (2000) suggests that the octane rating of the 

FCC gasoline is a function of operating conditions, feed quality, and the catalyst used in 

cracking. Rather than develop an overly-detailed octane model using all of these factors, 

the octane model developed by Ellis (1996) is used in this study. This model relates the 

octane number of the FCC gasoline to the temperature in the riser/reactor and the total 

conversion of gas oil to the gas and coke lumps. By using the total conversion, the 

effects of the additional operating parameters, feed quality, and catalyst can be indirectly 
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taken into account in the octane model. In the FCC gasoline octane model used in this 

study, the motor octane number of the FCC gasoline is calculated as 

M07V = 72.5 +0.05 (r,„,, -900)-f 0.17(Cow-0.55). (8.4) 

The conversion in the riser/reactor is defined as the mass fraction of the gas oil entering 

the reactor that is converted to either gas or coke. Using the molar flowrates and 

compositions from the FCC model, the conversion achieved in the riser/reactor is 

Conv=LA^^, (8.5) 
F,n^-yc) 

The research octane number of the FCC gasoline is calculated from the motor 

octane number. Based upon a regression of the data presented by Gary and Handwerk 

(2000), the research octane number is calculated as 

i?C>A^=1.091104 MOA^+12.06897. (8.6) 

8.3.2.2 Reformate. The octane ratings of the high- and low-severity reformate 

streams are not equal. The procedure for calculating the octane number, though, is the 

same regardless of whether the reformate stream was produced by high- or low-severity 

operation of the reformer. The research octane number of the reformate streams is 

calculated from the stream composition and the blending octane numbers for each of the 

components. The blending octane numbers assume that the blending occurs on a 

volumetric basis. Therefore, the molar compositions are converted to volumetric 

compositions in the reformate research octane number equation. The research octane 

number of the reformate is calculated as 

Pwater i ^^i 

The blending octane numbers used in calculating the research octane number for the 

reformate are summarized in Table 8.3. 

The motor octane number of the reformate is calculated from the research octane 

number. Based upon a regression of the data presented by Gary and Handwerk (2000), 

the motor octane number of the reformate is calculated as 

MON = 0.8 RON+ 10. (8.8) 
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Table 8.3: Reformate Component Octane Numbers 

Component 

nCj 

iC5 

nPe 

SBP6 

MBPs 

5N6 

As 

nP7 

SBP7 

MBP7 

5N7 

6N7 

A7 

nPs 

SBPg 

MBPg 

5N8 

6N8 

As 

nPs 

SBP9 

MBP9 

5N9 

6N9 

A9 

nPio 

SBP.o 

MBPio 

5N,o 

6N,o 

Aio 

Blending Research Octane Number 

67 

99 

22 

84.5 

92.5 

107 

91 

0 

54 

96 

90 

104 

112 

-19 

30 

82.6 

83 

80 

125 

-17 

20 

72 

78 

75 

142.2 

-15 

12.5 

52 

54 

52 

165 
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8.3.2.3 Alkylate. The alkylate blending stock contains two primary components: 

isoheptane and isooctane. In the alkylation unit, isoheptane is formed by the reaction of 

propylene with isobutane. For this reason, isoheptane is called propylene alkylate. By 

similar analysis, because isooctane is formed by the reaction of butylene with isobutane, 

isooctane is called butylene reformate. The research and motor octane numbers for the 

alkylate are computed as the volumetric average of the isoheptane and isooctane octane 

numbers. The blending octane numbers for the propylene and butylene alkylates are 

shown in Table 8.4. 

Table 8.4: Alkylate Octane Numbers 

Component Research Octane Number 

Propylene Alkylate 93 

Butylene Alkylate 96 

Motor Octane Number 

91 

94 

The alkylate sfream also contains a small fraction of lighter gases, which decrease 

the octane rating of the alkylate. To account for this reduction in octane number, the 

blending octane numbers for the propylene and butylene alkylates were modified. These 

modifications were made to ensure that the predicted octane rating of the alkylate stream 

was consistent with industrial data for a typical alkylate stream. The research and motor 

octane numbers for the alkylate are calculated as 

RON= 
F , ^y MW,RON, ^ /o QX 
i^o^yZi i L and (8-9) P , T SG 
r water i 

F , ^y,MWMON, . , (c,.n.. 
MON= Y — • ^, respectively. (8.1U) 

Pwater ' ^G, 

8.3.2.4 Light Straight-Run Gasoline. Like the FCC gasoline, the light straight-mn 

gasoline is characterized by boiling point pseudocomponents. However, an octane model 

for the light-sfraight ran gasoline is not available. Because the sfream is characterized by 

pseudocomponents, blending octane numbers are also unavailable. Due to the 

unavailability of either an octane model or blending octane numbers, the octane rating of 

the light straight-mn gasoline is calculated from the industrial data for the crade feed to 
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the atmospheric tower. The crude feed to the refinery can be separated into several crade 

cuts based upon boiling point. The light straight-run gasoline is assumed to contain the 

entire gasoline cut from the crude feed as well as a portion of the light naphtha cut. The 

portion of the light naphtha cut present in the light sfraight-mn gasoline is assumed to be 

equal to the portion of the feed to the naphtha splitter is not sent to the reformer. Using 

these assumptions, the research and motor octane numbers of the light straight-ran 

gasoline can be calculated from the industrial data for the yields and octane numbers of 

the gasoline and light naphtha cuts from the whole crade. The industrial data for the 

crade feed are shown in Table 8.5. 

Table 8.5: Industrial Crade Data 

Property 

Yield (%) 

API Gravity 

ParafFms Content (vol %) 

Naphthenes Content (vol %) 

Aromatics Content (vol %) 

RON 

MON 

Benzene Content (wt %) 

Sulfur Content (wt %) 

Gasoline Cut 

3.36 

86.452 

92.508 

6.05 

0.205 

70.585 

69.362 

1.23 

0.015 

Light Naphtha Cut 

8.01 

64.155 

60.751 

32.34 

4.092 

70.596 

68.628 

6.08 

0.017 

Using the industrial data, the research and motor octane numbers for the light 

straight-ran gasoline are calculated as 

^^^ JieU, RON,./,, Yields RON^^^^ (8.„) 
Yields+fi^,, Yield^ff 

^ , Yields MON^+frj, Yields MON^j, . , „̂ ,^^ 
MON= G_^LM LN LN_ ^ respectively. (8.12) 

Yields+fLN Yieldj^^ 

8.3.2.5 Pure Components. The research and motor octane numbers for the pure 

component blending stocks are taken from Edmister and Lee (1984) and Gary and 
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Handwerk (2000). These literature values for the octane numbers of the pure component 

blending stocks are summarized in Table 8.6. 

Table 8.6: Pure Component Blending Stock Octane Numbers 

Blending Stock 

Butane 

Toluene 

Ethanol 

Research Octane Number 

93.8 

120.0 

126.25 

Motor Octane Number 

89.6 

103.5 

99.75 

8.3.3 PONA Analysis 

In gasoline blending, the octane number does not blend linearly with respect to 

the fractions of each blending stock. The octane numbers of a blend are a function of the 

amount of each blending stock as well as the PONA analysis of that blending stock. For 

this reason, a PONA analysis must be conducted for each of the gasoline blending stocks. 

The gasoline blending model requires the relative amounts of saturates, olefins, and 

aromatics. Therefore, paraffins and naphthenes are lumped together in the PONA 

analysis of the gasoline blending stocks. 

8.3.3.1 FCC Gasoline. In his study on refinery-wide optimization, Li (2000) 

noted that a detailed calculation of the PONA analysis of the FCC gasoline could not be 

performed because a single lump in the ten-lump model represented this stream. In this 

study, a characterization procedure was developed to convert the ten-lump model back to 

a component slate containing boiling point pseudocomponents. The main purpose of 

performing this characterization is to allow for a detailed tray-to-tray model of the main 

fractionator. As an added benefit, characterization of the riser/reactor product using 

boiling point pseudocomponents also allows for a detailed PONA analysis of the FCC 

gasoline stream. For the FCC gasoline, a PONA analysis very similar to the FCC 

feedstock characterization procedure was used. 

8.3.3.2 Reformate. The lumping convention used in the reformer model separates 

the components into paraffins, naphthenes, and aromatics. The reformer model can be 

used to directly perform the PONA analysis of the reformate streams. Because the model 
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assumes that no olefins are present in the reformer, the olefins content of the reformate is 

set to zero. The aromatics content of the reformate is calculated by summing the 

volumetric fractions of the five aromatics (A^, Ay, Ag, A9, and Aio) present in the 

reformer model. Finally, the saturates content of the reformate is determined as the 

difference between unity and the aromatics fraction. 

8.3.3.3 Alkylate. The alkylate stream contains mostly isoheptane and isooctane. 

Both of these compounds are saturated hydrocarbons. Due to incomplete separation or 

reaction, the alkylate stream can include some additional molecule types. Although the 

models used in this study do not directly account for this possibility, the presence of 

different molecule types could have a significant effect on the octane rating of the 

gasoline blends. Therefore, industrial data was used to determine the PONA analysis of 

the alkylate sfream as 98.94% saturates, 0.96% olefins, and 0.1%) aromatics. 

8.3.3.4 Light Straight-Run Gasoline. The PONA analysis of the light straight-run 

gasoline was performed based upon industrial data for the crade feed to the refinery. As 

in calculating the octane numbers, the cmde data and split fraction in the naphtha splitter 

were used to calculate the PONA analysis. The saturates, olefins, and aromatics in the 

light sfraight-ran gasoline are calculated as 

Yield(^ Saturates^ +f,M Yield,^ Saturates^^^ /o n\ 
Saturates= , (o-^j) 

Yields +fj^^ Yield^^ 
Olefins = ^̂ "̂ ^̂ G Olefinsc + fi^ Yield^^ Olefins^^ ^ ^ ^ ^̂  ̂  ̂ ^ 

Yields+fj^^ Yield^f^ 

Aromatics = ^''^'^^ ^ r o ^ a ^ / c , + / , , Yield,, Aromatics,, ^ ^^^^^^^^^^^^ ^^^^^ 
Yields+fiM Yield,, 

8.3.3.5 Pure Components. For butane and toluene, a PONA analysis is 

straightforward. Because each is a pure component, it contains only a single molecule 

type. Butane is a saturated hydrocarbon and toluene is an aromatic hydrocarbon. Ethanol 

cannot be classified as easily as the other two pure component blending stocks. In fact, 

ethanol cannot be characterized using a standard PONA analysis. As a resuh, the ethanol 

must be treated differently in the blending model. The octane rating of the resulting 
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gasoline blend is calculated in such a way that the PONA analysis of ethanol is not 

required by the blending model. 

8.3.4 Distillation Curve 

The volatility of each gasoline blending stock contributes to the volatility of the 

gasoline blend. The gasoline blending stocks can be divided into two categories: 

hydrocarbon mixtures and pure components. For hydrocarbon mixtures, the volatility is 

represented by the distillation curve. For pure components, the boiling point represents 

the volatility. 

8.3.4.1 Hydrocarbon Mixtures. Li (2000) used nine temperatures (in °F) to 

represent the distillation curve of each hydrocarbon mixture. The remainder of the curve 

was approximated using cubic spline interpolation (Riggs, 1994). The nine intermediate 

points for each hydrocarbon mixture are summarized in Table 8.7. This approach leads 

to equations that cannot be represented by smooth curves, which are preferable for 

optimization (Edgar et al., 2001). By using this approach, the fidelity of the optimization 

procedure can be greatly reduced. 

Table 8.7: Blending Stock Distillation Curves 

Blending Stock 0% 5% 10% 30% 50% 70% 90% 95% 100% 

FCC Gasoline 98.74 123.14 134.38 170.87 224.19 290.15 268.94 401.57 422.10 

High-Severity 
107.59 149.71 171.46 231.02 272.30 304.58 347.23 376.60 424.69 

Reformate 
Low-Severity 

101.66 152.04 173.26 226.57 266.36 302.09 346.19 376.09 417.45 

Reformate 

Alkylate 96.07 137.95 151.95 198.76 216.90 227.67 277.59 359.98 397.90 

Light Straight- ^^^^^ ^^^^^ ^^^^^ ^^^^^ ^^^^^ 2oo.l9 243.86 273.06 305.22 

Run Gasoline 

In this study, a continuous function for the distillation curve of each hydrocarbon 

mixture was developed. Since the fraction vaporized ranges from zero to one over the 
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entire temperature range, a sigmoid fiinction was used to represent the distillation curve 

of each hydrocarbon mixture. In general, a sigmoid function is expressed as 

1 
J — 7 - (8.16) y--

To represent the distillation curves, two adjustable parameters must be added to 

the standard sigmoid curve. The first parameter, a, affects the slope at which the sigmoid 

rises. The second parameter, p, shifts the sigmoid on the abscissa. With these adjustable 

parameters, the modified sigmoid is expressed as 

1 
y-- \ + e -ax + p (8.17) 

One way to select the values of the adjustable parameters is to force the sigmoid 

function to match the distillation curve data at the 50% distilled point. By setting the 

value of the second adjustable parameter to the negative of the 50% distilled temperature, 

the sigmoid function matches the distillation data at this point.. The first adjustable 

parameter is then determined using a least squares error approach. The value is selected 

to minimize the sum of squared errors at the other eight points on the distillation curve. 

Another way to select the adjustable parameter values is to allow both parameters to vary. 

By allowing the second adjustable parameter to vary, the total error in the prediction can 

be decreased. This approach was chosen in this study. The adjustable parameters for 

each of the hydrocarbon mixtures, based upon a least squares error regression, are shown 

in Table 8.8. 

Table 8.8: Sigmoid Function Adjustable Parameters 

Blending Stock 

FCC Gasoline 

High-Severity Reformate 

Low-Severity Reformate 

Alkylate 

Light Straight-Run Gasoline 

Slope Parameter, a 

0.019102 

0.0249723 

0.0248922 

0.04254831 

0.04702495 

Shift Parameter, p 

-233.9134 

-268.4435 

-264.5371 

-214.5033 

-179.2829 

Squared Error 

0.019862 

0.002762 

0.002043 

0.011198 

0.017149 
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As indicated by the sum of squared error for each hydrocarbon mixture, the 

sigmoid fimctions represent the distillation curves quite well. Figures 8.1 through 8.5 

show the distillation curve data and sigmoid functions for the FCC gasoline, high-

severity reformate, low-severity reformate, alkylate, and light straight-ran gasoline 

blending stocks, respectively. Inspection of these figures indicates that a large portion of 

the error associated with the sigmoid approximation results from prediction errors below 

10%) distilled and above 90% distilled. Only the temperatures at which 10, 50, and 90% 

of the total sfream are distilled are used in the blending model, decreasing the total error 

associated with the sigmoid approximation. 
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Figure 8.1: FCC Gasoline Distillation Curve 
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Figure 8.2: High-Severity Reformate Distillation Curve 
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Figure 8.3: Low-Severity Reformate Distillation Curve 

166 



• Distillation 
Data 

— Sigmoid 
Approximation 

190 240 290 

Temperature (F) 

Figure 8.4: Alkylate Distillation Curve 
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Figure 8.5: Light Straight-Run Gasoline Distillation Curve 
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8.3.4.2 Pure Components. For a pure component, if the temperature is below the 

boiling point, tiie component is in liquid form. At temperatures above the boiling point, 

the component is completely vaporized. Once again, the equations resulting from this 

approach give curves that are not smooth, reducing the fidelity of the optimization 

procedure. To eliminate this problem, sigmoid curves were also used to represent the 

pure components in this study. 

For hydrocarbon mixtures, the distillation curves rises gradually as the 

temperature increases. For pure components, the distillation curve remains at zero until 

the boiling point is reached, at which time the curve jumps to one. To represent this 

phenomenon with a sigmoid, the second adjustable parameter is set to the negative of the 

boiling point. The slope at which the sigmoid rises increases with the value of the first 

adjustable parameter. By setting this parameter to a high value, the sigmoid function can 

closely approximate the step function in the pure component distillation curve. However, 

increasing the adjustable parameter too much can cause instability in the solution of the 

model. Therefore, the value chosen for the adjustable parameter must be sufficientiy 

high to approximate the step function yet low enough to prevent numerical instability in 

the solution. 

To prevent numerical instability, the first adjustable parameter was set to a value 

of three for each of the pure component blending stocks. For each pure component, the 

second adjustable parameter was set to the negative of the boiling point. Using this 

approach, the distillation curve begins to rise slightly before the boiling point and 

continues to rise after the boiling point is reached. The temperatures at which each 

distillation curve exceeds 1% distilled and 99% distilled are shown in Table 8.9. 

Table 8.9: Pure Component Blending Stock Distillation Curves 

Blending Stock 1% Temperature (°F) 99% Temperature (T) Boiling Point (°F) 

Butane 29.57 32.63 3 U 

Toluene 229.57 232.63 231.1 

Ethanol 171.59 174.65 173.12 
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For each pure component blending stock, the range over which the sigmoid 

function exhibits error is quite small, typically about 3 °F. Additionally, the pure 

component blending stocks are used in small quantities in comparison to the mixed 

hydrocarbon streams. Therefore, the small amount of error present in the pure 

component distillation curve will be further reduced by the small total volume of that 

component. 

8.3.5 Reid Vapor Pressure 

Reid vapor pressure is used to measure the volatility of a gasoline blending stock. 

For all of the blending stocks used in this study, the Reid vapor pressure is set as a 

constant, based upon industrial data. The Reid vapor pressure of each blending stock is 

shown in Table 8.10. 

Table 8.10: Reid Vapor Pressure 

Blending Stock 

FCC Gasoline 

High-Severity Reformate 

Low-Severity Reformate 

Alkylate 

Light Straight-Run Gasoline 

Butane 

Toluene 

Ethanol 

Reid Vapor Pressure (psi) 

7.664 

6.843 

6.897 

6.794 

7.172 

52 

0.3 

18 

8.3.6 Individual Component Content 

8.3.6.1 Reformate Benzene. The benzene content of the reformate can be 

calculated directiy from the reformate composition. The Ae lump in the reformer model 

represents benzene. The benzene content of the reformate is simply the weight fraction 

of this lump in the reformate stream. 
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8.3.6.2 LSR Benzene and Sulfur. The benzene and sulfur content of the light 

straight-run gasoline are calculated from the industrial data of the crude feed. The 

benzene and sulfur content of the light straight-ran gasoline are calculated as 

YieldQ Benzene^ +/,, Yield,, Benzene, „ 
Benzene= ^ /^ "f j ^ ^ , a n d (8.18) 

Yield^+f,, Yield,, 
c..ir...._ Yields Sulfur^ +/,, Yield,, Sulfur,, 
Sulfur- —— , respectively. (8.19) 

Yield^+f,, Yield, r j v / ^LN 

8.3.6.3 Remaining Ouantities. The remaining benzene, sulfur, and oxygen 

contents of the gasoline blending stocks are taken from industrial data for each stream. 

The indusfrial data for the benzene, sulfur, and oxygen contents of the gasoline blending 

stocks are shown in Table 8.11. 

Table 8.11: Blending Stock Chemical Content 

Blending Stock 

FCC Gasoline 

High-Severity Reformate 

Low-Severity Reformate 

Alkylate 

Light Straight-Run Gasoline 

Butane 

Toluene 

Ethanol 

Benzene (wt %) 

0.8 

2.0 

0.0 

1.5 

0.0 

8.4 Gasoline Blending Flowsheeting 

Sulfur (wt %) 

0.084 

0.001 

0.001 

0.001 

0.0 

0.0 

0.0 

Oxygen (wt %) 

0.0 

0.0 

0.0 

0.0 

0.0 

0.0 

0.0 

34.7 

To meet the specifications for the various grades of gasoline, the gasoline 

blending stocks are blended in various proportions. To allow each blending stock, with 

the exception of ethanol, to be used in any gasoline, the blending stock must first be split 

into several streams, one for each gasoline grade produced in the refinery. By this 

convention, each of the seven blending stock splitters has three outlets. One stream from 

each blending stock splitter is sent to each blender. Additionally, the entire ethanol 

blending stock is sent to the sub-octane with ethanol blender. In actual operation, the 
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ethanol is blended with the sub-octane gasoline offsite. However, to represent the final 

gasoline blend, the ethanol blending is included in the blending model. The super 

unleaded and unleaded gasoline blenders, therefore, have seven inlet streams while the 

sub-octane with ethanol blender has eight inlet streams. A schematic of the gasoline 

blending section of the refinery is shown in Figure 8.6. 

8.5 Gasoline Blending Model 

Gasoline blending involves simply splitting and mixing several feed streams. 

However, because the specifications for the gasoline products include many properties, 

the generic splitter and mixer models developed for use in the refinery-wide model 

cannot be used to represent the gasoline blending section of the refinery. Therefore, 

splitter and mixer models specific to the gasoline blending section of the refinery must be 

constracted. 

8.5.1 Blending Stock Splitters 

Similar to the generic splitter model, the blending splitter model only calculates 

the flowrates of each of the outlets streams. Unlike the generic splitter, which uses the 

inlet molar flowrate to calculate the outlet molar flowrates, the blending splitter uses the 

inlet mass and volumetric flowrates to calculate the outlet mass and volumetric flowrates. 

The properties of the outlet streams are set equal to the properties of the inlet streams 

using equivalence statements. 

8.5.2 Octane Numbers 

Octane numbers cannot be blended in a linear fashion. In other words, the octane 

number of a gasoline blend is not equal to the volumetric average of the octane numbers 

of the blending stocks. The nonlinearity in octane blending can be accounted for using 

interaction parameters. Morris (1986) proposed that the octane number of a gasoline 

blend could be calculated as 

a=x^a^+X2a2+b^2^\^2- (8.20) 

171 



o 

• I-H 

a 

s 
fl 

o 
oo' 

U) 

172 



The primary disadvantage to using this approach to calculate the octane number 

of a gasoline blend is the number of interaction parameters required. Additionally, the 

interaction parameters are highly dependent upon the operating conditions of gasoline 

blending. Twu and Coon (1996) introduced an octane blending model that requires only 

three interaction parameters. 

The Twu and Coon (1996) blending model characterizes each blending stock 

using is PONA analysis, characterizing the sfream into satiirates, olefins, and aromatics. 

For blending purposes, each blending stock is assumed to have a unique set of 

components. For example, the saturates in one blending stock are not assumed to be the 

same as the saturates in another blending stock. Due to this assumption, the blending of 

two different blending stocks involves six different components, only three of which have 

non-zero values for each blending stock. 

Using six components in each blending stock, the model requires thirty-six 

interaction parameters between components. To reduce the required number of specified 

mteraction parameters between components to three, several assumptions are used in the 

octane blending model. First, the interaction parameters between components within one 

blend are assumed to be equal to zero. Second, the interaction parameters between 

similar components in the two blending stock are assumed to be zero. Third, the 

interaction between two molecule types is assumed to be independent of the blends in 

which the molecules are present. For example, the interaction parameter between 

saturates in the first stock and aromatics in the second stock is equal to the interaction 

parameter for aromatics in the first stock and saturates in the second stock. Finally, the 

blending is assumed to be symmetric, with the interaction parameter between components 

independent of the manner in which the blending occurs. As a result of these 

assumptions, twelve interaction parameters between components have non-zero values, 

of which only three are unique. 

The values of the three non-zero interaction parameters between components for 

the research octane number are different than the interaction parameters between 
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components for the motor octane number. Table 8.12 lists the non-zero interaction 

parameters between components for both research and motor octane number calculation. 

Table 8.12: Octane Blending Interaction Parameters 

Interaction Parameter RON Value MON Value 

koA 0.0364 0.1479 

kos -0.0891 -0.1571 

kAs -0.0954 -0.0760 

Although the interaction parameters between components for the two octane 

number calculations differ, the procedure used to calculate the octane number is the 

same. First, the interaction parameters between blending stocks is calculated from the 

interaction parameters between components. The interaction parameter between blending 

stocks is calculated as 

K^=l-

Y.Y.(x,yj+Xjy,)-(a,+aj) (l-A:J 

X i ; ( x , x , + > ; , - j ; U ( a , + a J ( l -A:J 

(8.21) 

For use in the octane blending model, the octane number of each component in a specific 

blending stock is assumed to be equal to the octane number of the blending stock as a 

whole. Next, the interaction parameter between blending stocks is used to calculate the 

corrected average octane number. The corrected average octane number is expressed as 

a^.=^(a,+aJl-K,^). (8.22) 

Finally, the octane number of the gasoline blend is calculated using the corrected average 

octane numbers and the volume fraction of each blending stock present in the gasoline 

blend. The octane number of a gasoline blend is 

«-IZ---;S- (8.23) 

Ethanol cannot be classified as one of the molecule types included in the octane 

model. Therefore, the effect of blending ethanol with the other blending stocks is 
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considered separately. First, the octane number of the ethanol-free gasoline is calculated 

using the octane blending model proposed by Twu and Coon (1996). Then, the octane 

number of the gasoline with ethanol is calculated as the volumetric average of the octane 

of the ethanol-free gasoline and the blending octane number of the ethanol. 

8.5.3 Reid Vapor Pressure 

Some theoretical approaches (Stewart, 1959; Vazquez-Esparragoza et al., 1992) 

have been developed to predict the Reid vapor pressure of a gasoline blend. The 

computations required in these methods are complex in comparison to other methods 

(Singh et al., 2000). A much simpler method for predicting the Reid vapor pressure of a 

gasoline blend is the blending index method developed by the Chevron Research 

Company (Gary and Handwerk, 2000). In this method, the Reid vapor pressure of each 

blending stock is converted to a vapor pressure blending index (VPBI). The vapor 

pressure blending index for each blending stock is calculated as 

VPBI,=RVP'^\ (8.24) 

The vapor pressure blending indices of the blending stocks are used to calculate the vapor 

pressure blending index of the gasoline blend. The greatest advantage of the blending 

index method is that the blending occurs linearly. The vapor pressure blending index of 

the gasoline blend is calculated as the volumetric average of the vapor pressure blending 

indices of the blending stocks as 

VPBI=Y.^,VPBI,. (8.25) 

Finally, the vapor pressure blending index is converted back to Reid vapor pressure. The 

Reid vapor pressure of the gasoline blend is calculated as 

RVP=VPBI'\ (8-26) 

8.5.4 Distillation Curves 

For each gasoline blend, the specification includes the temperatures at which 10, 

50, and 90%o of the blend is vaporized. The temperatiire at which a specific fraction of 
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the gasoline blend is vaporized is calculated from the distillation curves of the gasoline 

blending stocks. At a certain temperature, the fraction of each blending stock vaporized 

is calculated from the sigmoid distillation functions. The fraction of the gasoline blend 

vaporized is then calculated as the volumefric average of the individual fractions as 

Frac = Y,2iFrac,. (8.27) 

The temperature at which a specific fraction of the gasoline blend is vaporized is 

determined by setting the total fraction vaporized to the specified value and allowing the 

temperature to vary. 

Once the 10, 50, and 90% distilled temperatures have been determined, the 

driveability index of the gasoline blend is calculated using Equation 8.1. 

8.5.5 Specific Gravity 

The specific gravity of the gasoline blend is calculated from the mass and 

volumetric flowrates of the gasoline blending stocks. The mass and volumetric flowrates 

of each blending stock are supplied to the blending model by the blending splitter 

models. The specific gravity of the gasoline blend is calculated as 

SG = Y^^^^^^^- (8.28) 
' volume, 

8.5.6 Chemical Content 

The benzene, sulfiir, and oxygen specifications for each gasoline blend are 

expressed in weight fraction. Therefore, averages weighted by the relative mass of each 

blending stock used in a particular gasoline blend are used in determining the chemical 

content of that blend. The benzene, sulfur, and oxygen content of a gasoline blend are 

calculated as 

Benzene=\x^ Benzene^ , (8.29) 

Sulfur=Y X, Sulfur,, and (8.30) 
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Oxygen=y]xi Oxygen. , respectively. (8.31) 

8.6 Model Benchmarking 

Gasoline represents approximately half of the total volume of products produced 

in the refinery. These products account for 60-70%o of the revenue for the refinery. 

Therefore, it is important that the gasoline blending model accurately predict the yields 

from the gasoline blending section of the refinery. For the refinery considered in this 

study, the gasoline blending section produces four products. In addition to the three 

gasoline blends, a portion of the light naphtha blending stock is sold directly. Table 8.13 

summarizes the industrial data and predicted values for the yields of these four product 

streams. 

Table 8.13: Gasoline Blending Yields 

Product Stream 

Super Unleaded Gasoline 

Unleaded Gasoline 

Sub-Octane Gasoline 

Light Naphtha 

Industrial Data (BPD) 

3300 

17742 

3700 

1017 

Model Prediction (BPD) 

3311.52 

17744.01 

3709.50 

1018.73 

Relative Error (%) 

0.35 

0.01 

0.26 

0.07 

The primary specification for each gasoline blend relates to the octane number. 

Therefore, it is imperative to the accuracy of the blending model that the characterization 

procedures accurately predict the octane ratings of the gasoline blending stocks. The 

industrial data and predicted values for the octane ratings of the five major gasoline 

blending stocks are summarized in Table 8.14. 

Based upon the data in Tables 8.13 and 8.14, the gasoline blending model 

accurately predicts the gasoline product yields and gasoline blending stock octane ratings. 

The accuracy of the octane blending model was also tested for the data sets given Tvm 

and Coon (1996). 
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Table 8.14: Blending Stock Octane Rating 

Blending Stock 

FCC Gasoline 

High-Severity Reformate 

Low-Severity Reformate 

Alkylate 

Light Straight-Run Gasoline 

Industrial Data 

87.1 

94.5 

92.3 

91.1 

69.0 

8.7 Gasoline Blending Equations 

Model Prediction 

87.1 

95.13 

90.44 

91.35 

69.59 

Relative Error (%) 

0.00 

0.67 

-2.01 

0.27 

0.86 

In this chapter, the detailed modeling of the gasoline blending section of the 

refinery was discussed in detail. The total number of equation present in the detailed and 

approximate models of the refinery has a significant effect on the solution time for the 

refinery-wide optimization. Table 8.15 summarizes the number of equations present in 

the approximate and detailed models of the gasoline blending section of the refinery. 

Table 8.15: Gasoline Blending Equations 

Process 

Blending Stock Characterization 

Blending Stock Splitters 

Gasoline Blenders 

Total 

Detailed Model 

89 

49 

486 

624 

Approximate Model 

89 

49 

486 

624 

The gasoline blending section of the refinery does not include any enthalpy or 

equilibrium calculations. Because the approximate models are created by eliminating the 

enthalpy and equilibrium constant equations from the detailed model, the number of 

equations in the approximate model of the gasoline blending section of the refinery is the 

same as the number of equations in the detailed model. 
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CHAPTER 9 

REFINERY-WIDE OPTIMIZATION 

9.1 Optimization Formulation 

Once the refinery-wide model has been constracted, the optimization problem 

must be formulated. Although any optimization problem can be expressed in many ways, 

industrial optimization problems are typically performed to maximize the profitability of 

the process. 

9.1.1 Objective Function 

In this study, the profitability of the refinery is maximized by adjusting only the 

operating conditions in the refinery. For the optimization problem, the crade slate and 

physical equipment are considered fixed variables, and cannot be changed in obtaining 

the optimal operating conditions. Because only the operating conditions of the refinery 

can be manipulated by the optimization, the fixed costs involved in operating the refinery 

cannot be affected by the optimization. Therefore, they are not included in the objective 

fiinction for the optimization. These fixed costs include capital costs for equipment and 

salary considerations. The objective function for the refinery-wide optimization problem 

includes feed costs, some operating costs, and product revenues. Using these values in 

the optimization problem, the objective function can be expressed as 

^=-Y,C,-'ZO,+ X^.-where 
feed unit product 

O=refinery profit ($ / day), 

C, = cos t of feedstock i ($ / day), 

V. = revenue from product j ($ / day), and 

O^ = operating cos t of unit k(%l day). (9.1) 
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9.1.2 Pricing Stracture 

The first and third terms in the objective function represent the costs of feedstocks 

and revenues from products, respectively. These terms in the objective fiinction are 

determined from the flowrates of the feed and product streams and the values of each 

feed and product. In most refineries, operation varies with season. In summer, when 

gasoline usage is high, gasoline prices are also high. In winter, the gasoline demand 

decreases and the demand for heating oils, such as kerosene and diesel, increases. These 

changes in demand are reflected in variations in the relative prices for each refinery 

product in different seasons. In this study, the determination of separate optimal 

operating conditions for each season is not necessary. Therefore, the optimization 

performed in this study uses only the pricing stracture for the summer operating mode of 

the refinery. The prices of the refinery feeds and products are summarized in Table 9.1. 

9.1.3 Operating Costs 

The second term in the objective function represents operating costs for the 

refinery. These operating costs are divided into three categories: catalyst and additives, 

fuel gas, and electrical power. The calculation of the amount of each utility required in 

each unit would require models containing significantly more detail than those built in 

this study. Because the models used in this study do not consider many of the variables 

affecting utility usage, utility requirement of each unit is determined by scaling the utility 

values given in the industrial data. The industrial data for utility usage in each of the 

processing units is shown in Table 9.2. 

For each unit, the total utility cost is determined by adding the cost associated 

with each of the four utility types. The total operating cost for the refinery is then 

determined by adding the utility costs for all the processing units. This calculation 

requires a pricing stracture for the utility streams. The prices for each of the utility types, 

as obtained from the industrial data, are listed in Table 9.3. 
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Table 9.1: Refinery Feed and Product Prices 

Feed or Product Price per Barrel ($) 

Feed Streams 

Crude Oil 

Isobutane 

Toluene 

Ethanol 

13.97 

12.65 

24.92 

43.75 

Product Streams 

Propane 

C3 Product 

Butane 

Light Naphtha 

Super Unleaded Gasoline—Rack 

Super Unleaded Gasoline—Spot 

Unleaded Gasoline—Rack 

Unleaded Gasoline—Spot 

Sub-Octane Gasoline—Rack 

Sub-Octane Gasoline—Spot 

Jet Fuel A 

Jet Fuel 5 

Low Sulfur Diesel 

No. 2 Diesel 

No. 6 Fuel Oil 

10.47 

13.02 

9.16 

13.93 

20.98 

19.72 

18.62 

18.20 

20.07 

19.65 

17.32 

17.44 

17.21 

16.35 

9.22 
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Table 9.2: Utility Requirements—Base Case 

Process Unit Catalyst and Additive (Ib/hr) Fuel Gas (MMBTU/hr) Electricity (kW) 

Atmospheric Tower 

Vacuum Tower 

Renm Unit 

ROSE Unit 

Debutanizer 

Naphtha Splitter 

Naphtha Hydrotreater 

Reformer 

Stabilizer 

FCC Unit 

Gas Plant 

Alkylation Unit 

Utilities Units 

Kerosene Treatment 

345 

286 

257 

27 

887 

104 

3939 

1056 

586 

290 

3000 

1705 

125 

237 

111 

194 

224 

4170 

432 

451 

3512 

40500 

14609 

457 

602 

161 

1478 

8814 

52547 

23230 

72325 

5992 

9022 

65453 

580 

Table 9.3: Utility Pricing 

Utility Type Price ($) 

Catalyst and Additive (lb) 1.10 

Fuel Gas (MMBTU) 2.30 

Electrical Power (kWh) 0.04 

The total utility usage for the refinery is calculated by adding the utility usages for 

the individual processes in the refinery. Additionally, the fuel gas product from the fiiel 

gas unit is subtracted from the total fuel gas requirement for the refinery. The total utility 

cost for the refinery is determined from the total utility usage and the utility costs. 

9.1.4 Decision Variables 

The decision variables are those variables that are adjusted by the optimization 

routine to maximize the profitability of the refinery. For an effective optimization, these 

variables should have a significant effect of the overall economics of the refinery. 
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During operation of the refinery, the decision variables provide the handles that operators 

use to manipulate the operation of the process. From a modeling perspective, each 

decision variables provides a single degree of freedom to the optimization algorithm. For 

the refinery-wide model, the decision variables include key variables from each of the 

major processing units in the refinery. 

The decision variables for refinery-wide optimization fall into two basic 

categories. The first category of decision variables includes the operating conditions of 

the separation and reaction units. This category includes such variables as cut points, 

temperatures, and recycle ratios. The second category of decision variables represents 

the split fractions used in the gasoline blending model. These fractions indicate the 

portion of each blending stock used in each gasoline grade. By adjusting the split 

fractions for the blending stocks, both the flowrates and properties of each gasoline grade 

can be altered to maximize the profitability of the refinery. 

Five of the gasoline blending stocks (FCC gasoline, high-severity reformate, low-

severity reformate, alkylate, and light straight-run gasoline) are produced entirely by the 

refinery. These streams are split into three streams, each of which is sent to a different 

gasoline grade. The gasoline blending model assumes that two of these three split 

fractions are fixed, with the third calculated from the first two. Because the sum of the 

three split fractions must equal unity, as calculated in the splitter model, only two of the 

three split fractions can be used as decision variables in the optimization problem. 

Toluene is purchased on the open market. The butane feedstock can be produced 

in the alkylation unit or purchased from the market. Because the flowrates of these 

blending stocks are not set by the processing unit models, they represent additional 

degrees of freedom for the optimization problem. Depending upon the operation of the 

refinery, the flowrates of these blending stocks can vary over a wide range. To reduce 

the variation in the decision variables, the additional degrees of freedom are incorporated 

into the refinery-wide model using the splitters for these blending stocks. The flowrate of 

each of these streams is set to its maximum value in the refinery-wide model. The 

splitters for these streams include a fourth outlet stream, representing the fraction of the 
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feed not used in blending. The total requirement for each of these blending stocks can 

then be calculated as the product of the flowrate and the sum of the fractions sent to the 

three gasoline grades. Using this convention, the possible values of the additional 

decision variables, which are the fractions of each stream sent to the third gasoline grade, 

are bounded between zero and one. 

The refinery considered in this study also possesses the option to sell a portion of 

the light naphtha blending stock directly. To accommodate this option, the splitter for the 

light naphtha blending stock also contains four outlet streams, with three split fractions 

being decision variables. For this splitter, the fractions of the light naphtha sent to the 

super unleaded and unleaded gasoline grades and the fraction of light naphtha sold 

directly are decision variables. The fraction of light naphtha entering the sub-octane 

gasoline is calculated by the blending model. Table 9.4 summarizes the decision 

variables for the refinery-wide optimization problem and their bounds. 

In the reformer, the dehydrogenation reactions provide the most significant 

increase in octane. The rates at which these reactions occur are highly dependent upon 

the reactor temperature. These reactions are very fast, occurring predominantly in the 

first reactor. The other reactions, which occur in the final two reactors, have a much 

lower dependence upon temperature. For this reason, the inlet temperature for only the 

first reactor is included in the decision variable set. 

9.1.5 Constraints 

The final set of variables that must be considered in formulating the optimization 

problem are the constraints. A fuel-oriented refinery contains many constraints, each of 

which addresses operational limits, product specifications, or throughput limitations. To 

ensure that the refinery-wide optimization determines an optimum operating condition 

that does not violate these constraints, the constraints must be included in tiie refinery-

wide optimization model. 
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Table 9.4: Refinery Decision Variables 

Refinery Section Decision Variable Lower 

Bound 

Upper 

Bound 

Crude Unit: 

FCC Unit: 

Reformer: 

Gasoline Blending: 

Crude Feed Rate (BPD) 

Atmospheric Fumace Temperature ("F) 

Light Naphtha ASTM 95% Cutpomt (°F) 

Heavy Naphtha ASTM 95% Cutpoint (°F) 

Kerosene ASTM 95% Cutpoint ("F) 

Diesel ASTM 95% Cutpoint (°F) 

Heavy Vacuum Gas Oil TBP Endpoint (°F) 

Riser/Reactor Temperature (°F) 

Regenerator Temperature (°F) 

Oxygen in Flue Gas (mole fraction) 

First Bed Inlet Temperatiue—Low Severity (°F) 

Recycle Ratio—Low Severity (mole H2/mole HC) 

Fu-st Bed Inlet Temperature—High Severity (°F) 

Recycle Ratio—High Severity (mole H2/mole HC) 

Low Severity Operational Fraction 

FCC Gasoline Fraction to Super Unleaded 

FCC Gasoline Fraction to Unleaded 

High-Severity Reformate Fraction to Super Unleaded 

High-Severity Reformate Fraction to Unleaded 

Low-Severity Reformate Fraction to Super Unleaded 

Low-Severity Reformate Fraction to Unleaded 

Alkylate Fraction to Super Unleaded 

Alkylate Fraction to Unleaded 

Light Straight-Run Fraction to Super Unleaded 

Light Straight-Run Fraction to Unleaded 

Toluene Fraction to Super Unleaded 

Toluene Fraction to Unleaded 

Toluene Fraction to Sub-Octane 

Butane Fraction to Super Unleaded 

Butane Fraction to Unleaded 

Butane Fraction to Sub-Octane 

Light Naphtha Fraction Sold Directly 

35,000 

650 

230 

360 

460 

620 

950 

980 

1250 

0.01 

900 

5 

900 

5 

0.1 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

0 

50,000 

665 

260 

385 

525 

670 

1100 

1005 

1340 

0.02 

980 

7.5 

980 

7.5 

0.8 
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Operational limits indicate ranges over which a certain piece of equipment can be 

operated. Violation of operational limits can lead to violation of safety regulations or 

damage to the processing equipment. These consequences of operating outside of the 

operational range of the equipment greatly reduce the profitability of the process. 

Product specifications represent the requirements for the product stream from the 

process. Production of a product that does not meet the specifications also reduces the 

profitability of the process. In many cases, a product not meeting specifications cannot 

be sold at all. In other cases, the product can be sold, but at a greatly reduced price. For 

this reason, meeting product specifications is essential to the profitability of the refinery. 

Throughput limitations define the maximum amount of material that can be 

processed by a specific process in the refinery. These limits are set by the unit size, 

catalyst inventory, and required residence time. In this study, the throughput limitations 

of the processing units are taken from the industrial data. 

A fiiel-oriented refinery is typically contracted to produce a certain amount of 

each grade of gasoline. This value indicates the minimum amount of each grade of 

gasoline that must be produced in the refinery. If the refinery produces more than the 

minimum amount of each grade of gasoline, the extra gasoline can be sold on the spot 

market. Table 9.5 summarizes the constraints present in the refinery-wide optimization 

model. 

9.2 Refinery Optimization 

Once the optimization problem has been formulated, the refinery-wide 

optimization problem can be solved. The refinery-wide optimization problem entails 

maximizing the values of the economic objective function by manipulating the values of 

the decision variables. The optimization must be performed subject to the model 

equations and process constraints. For the optimization, the model equations represent 

equality constraints. To evaluate the benefit of the surrogate model aplproach, the 

refinery was optimized using both the surrogate model approach and full-scale non-linear 

optimization. 
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Table 9.5: Refinery Constraints 

Refinery Section Decision Variable 

Crude Unit: 

FCC Unit: 

Reformer: 

Gas Treatment: 

Gasoline Blending: 

Diesel Product Flowrate (BPD) 

Reduced Crude Flowrate (BPD) 

Naphtha Splitter Bottoms Flowrate (BPD) 

Crude Debutanizer Throughput (BPD) 

ROSE Unit Throughput (BPD) 

Rerun Unit Throughput (BPD) 

Jet Fuel Tank Capacity (BPD) 

Preheat Fumace Temperature (°F) 

Fuel Flow to Fumace (SCFM) 

Reactor Pressure (psig) 

Regenerator Pressure (psig) 

Actual Speed of Lift Air Blower (RPM) 

Suction Flow/Surge Flow Difference (ICFM) 

Regenerator Pressure Difference (psi) 

Catalyst Level in Standpipe 

Combustion Air Blower Inlet Suction Flow (SCFM) 

Wet Gas Compressor Inlet Suction Flow (Ibmol/s) 

Combustion Air Blower Flowrate (Ib/s) 

FCC Unit Charge (BPD) 

Naphtha Hydrotreater Throughput (BPD) 

Reformer Charge (BPD) 

Low-Severity Reformate Research Octane Number 

High-Severity Reformate Research Octane Number 

Alkylation Unit Charge (BPD) 

Alkylate Product Flowrate (BPD) 

Diesel Hydrotreater Distillate Flowrate (BPD) 

Depropanizer Charge (BPD) 

Super Unleaded Gasoline Motor Octane Number 

Super Unleaded Gasoline Octane Rating 

Super Unleaded Gasoline Reid Vapor Pressure (psi) 

Super Unleaded Gasoline Specific Gravity 

Super Unleaded Gasoline Sulfur Content (wt %) 

Lower 

Bound 

Upper 

Bound 

4,000 

500 

14.7 

14.7 

5,100 

0 

-5 

0 

35,000 

30 

6,000 

94 

98.5 

83 

93.1 

6.4 

0.72 

12,000 

23,000 

1,000 

10,000 

6,500 

5,000 

5,800 

700 

39.5 

30 

30 

6,100 

2 

20 

42,000 

0.67 

65 

20,000 

10,000 

10,000 

96.5 

100.5 

8,000 

4,000 

14,500 

15,000 

94 

7.8 

0.784 

0.1 
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Table 9.5: Refinery Constraints (continued) 

Refinery Section Decision Variable Lower 

Bound 

Upper 

Bound 

Super Unleaded Gasoline Driveability Index 

Super Unleaded Gasoline Tio (°F) 

Super Unleaded Gasoline T50 (°F) 

Super Unleaded Gasoline T90 ("F) 

Super Unleaded Gasoline Oxygen Content (wt %) 

Super Unleaded Gasoline Benzene Content (wt %) 

Unleaded Gasoline Motor Octane Number 

Unleaded Gasoline Octane Rating 

Unleaded Gasoline Reid Vapor Pressure (psi) 

Unleaded Gasoline Specific Gravity 

Unleaded Gasoline Sulfur Content (wt %) 

Unleaded Gasoline Driveability Index 

Unleaded Gasoline Tio (°F) 

Unleaded Gasoline T50 (°F) 

Unleaded Gasoline T90 (°F) 

Unleaded Gasoline Oxygen Content (wt %) 

Unleaded Gasoline Benzene Content (wt %) 

Sub-Octane Gasoline Motor Octane Number 

Sub-Octane Gasoline Octane Rating 

Sub-Octane Gasoline Reid Vapor Pressure (psi) 

Sub-Octane Gasoline Specific Gravity 

Sub-Octane Gasoline Sulfiir Content (vrt %) 

Sub-Octane Gasoline Driveability Index 

Sub-Octane Gasoline Tjo (°F) 

Sub-Octane Gasoline T50 (°F) 

Sub-Octane Gasoline T90 (°F) 

Sub-Octane Gasoline Oxygen Content (wt %) 

Sub-Octane Gasoline Benzene Content (wt %) 

Super Unleaded Gasoline Production Rate (BPD) 

Unleaded Gasoline Production Rate (BPD) 

Sub-Octane Gasoline Production Rate (BPD) 

170 

82.1 

87.1 

6.4 

0.72 

170 

82.1 

87.1 

6.4 

0.72 

170 

3.7 

3300 

16000 

3700 

1250 

158 

250 

374 

4 

4.9 

84 

88.1 

7.8 

0.784 

0.1 

1250 

158 

250 

374 

4 

4.9 

84 

88.1 

8.8 

0.784 

0.1 

1250 

158 

250 

374 

4 

4.9 
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9.2.1 Optimization Equations 

In addition to the equations used to model each of the processing units in the 

refinery, the refinery-wide model includes some additional equations. Each of the 

process models assumes that certain parameters for the SRK equation of state have been 

calculated elsewhere. Because these parameters are independent of composition, being 

functions of only pure component properties, calculating these parameters in each of the 

process models would be redundant, leading to a significant number of unnecessary 

equations. To reduce the total number of equations, these parameters are calculated once 

and passed to each of the process unit models. The calculation of these global SRK 

parameters involves a total of 3nc equations. 

The refinery-wide model also includes several equations necessary to calculate 

the volumefric flowrates of certain process streams. The process models representing 

each of the processing units use molar flowrates. Many of the constraints, particularly 

throughput constraints, are given in terms of volumetric flowrates. To ensure that these 

constraints are not violated, the volumetric flowrates must be calculated from the molar 

flowrates, the average molecular weights, and average specific gravities. 

The refinery-wide model also includes additional equations necessary for 

calculating the value of the objective function. These equations include calculation of the 

operating costs for each unit, the revenues from product streams, and the costs for feed 

streams. Table 9.6 summarizes the equations present in the refinery-wide model. 

Table 9.6: Refinery-Wide Model Equations 

Refinery Section 

Global 

Crude Unit 

FCC Unit 

Reformer 

Gas Treatment 

Gasoline Blending 

Total 

Detailed Model 

379 

40026 

17253 

18967 

820 

624 

78069 

Approximate Model 

379 

11107 

5323 

16749 

352 

624 

34534 
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9.2.2 Optimization Results 

The refinery-wide optimum was determined using the CONOPT (Drad, 1992) 

optimization package available with the ASCEND modeling language. Because the 

refinery-wide optimization problem is non-linear, convergence to the global optimum 

cannot be guaranteed. The results for the refinery-wide optimization represent a 

condition that is a local optimum, not necessarily the global optimum. Table 9.7 shows 

the base case and optimum values for each of the decision variables in the refinery-wide 

model. The optimum values for the flowrates of the feed and product streams are shown 

in Table 9.8. This table also shows the values of each term in the objective function for 

both the base case and optimized solution. Table 9.9 summarizes the active constraints in 

the optimum solution. 

Typical optimization results provide economic benefit in two ways. First, by 

maximizing the throughput of the process, more products are produced. Usually, the 

increased production rates leads to much larger profits for the refinery. Second, by 

adjusting the process variables, the units can be operated to produce more of the high-

value products, increasing the profitability of the entire process. 

Because the crade feed to the crade unit is at is maximum value in the base case 

operation of the refinery, no profit increase can be obtained by increasing the throughput. 

Any profit increases from the refinery-wide optimization must come from changes in the 

operating conditions of the processing units. By changing the operating conditions, the 

refinery can make more high-value products, increasing the total profit. 

The primary differences between the base case operation and refinery-wide 

optimum are in the yields of the diesel, light naphtha, and gasoline products. Operating 

at the optimum conditions, the refinery produces more unleaded gasoline at the expense 

of diesel fiiel and light naphtha. Because the gasoline can be sold at a higher price than 

either the diesel or light naphtha, producing more gasoline increases the profitability of 

the refinery. Additionally, the optimum operating conditions indicate that the reformer 

should be operated in low-severity mode for the maximum amount of time. These resutts 

are consistent with those determined by Li (2000). 
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Table 9.7: Optimum Decision Variable Values (Summer Mode) 

Refinery Section Decision Variable Base 

Case 

Optimum 

Value 

Cmde Unit: 

FCC Unit: 

Reformer: 

Gasoline Blending: 

Crude Feed Rate (BPD) 

Atmospheric Fumace Temperature (°F) 

Light Naphtha ASTM 95% Cutpoint ("F) 

Heavy Naphtha ASTM 95% Cutpoint ("F) 

Kerosene ASTM 95% Cutpoint (°F) 

Diesel ASTM 95% Cutpoint (°F) 

Heavy Vacuum Gas Oil TBP Endpoint (°F) 

Riser/Reactor Temperatiu-e (°F) 

Regenerator Temperature (°F) 

Oxygen in Flue Gas (mole fraction) 

First Bed Inlet Temperature—Low Severity (°F) 

Recycle Ratio—Low Severity (mole H2/mole HC) 

First Bed Inlet Temperature—High Severity ("F) 

Recycle Ratio—High Severity (mole H2/mole HC) 

Low Severity Operational Fraction 

FCC Gasoline Fraction to Super Unleaded 

FCC Gasoline Fraction to Unleaded 

High-Severity Reformate Fraction to Super Unleaded 

High-Severity Reformate Fraction to Unleaded 

Low-Severity Reformate Fraction to Super Unleaded 

Low-Severity Reformate Fraction to Unleaded 

Alkylate Fraction to Super Unleaded 

Alkylate Fraction to Unleaded 

Light Straight-Run Fraction to Super Unleaded 

Light Sfraight-Run Fraction to Unleaded 

Toluene Fraction to Super Unleaded 

Toluene Fraction to Unleaded 

Toluene Fraction to Sub-Octane 

Butane Fraction to Super Unleaded 

Butane Fraction to Unleaded 

Butane Fraction to Sub-Octane 

Light Naphtha Fraction Sold Directly 

50,000 

665 

258 

370 

475 

622 

1091 

1300 

1000 

0.013 

900 

6.0 

912 

5.5 

0.7 

0.031 

0.001 

0.494 

0.565 

0.000 

0.200 

0.990 

0.969 

0.613 

0.019 

0.400 

0.421 

0.180 

0.000 

0.034 

0.000 

0.120 

50,000 

665 

230 

385 

489.16 

635.24 

1100 

1250 

1001.86 

0.02 

900 

7.376 

911.93 

7.217 

0.8 

0.023 

0.032 

0.617 

0.573 

0.000 

0.193 

1.000 

0.957 

0.719 

0.342 

0.347 

0.461 

0.106 

0.000 

0.035 

0.000 

0.011 
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Table 9.8: Optimum Feed and Product Stream Flowrates 

Item 

Feed Streams (BPD) 

Cmde Oil 

Isobutane 

Toluene 

Ethanol 

Product Sfreams (BPD) 

Propane 

C3 Product 

Butane 

Light Naphtha 

Super Unleaded Gasoline—Rack 

Super Unleaded Gasoline—Spot 

Unleaded Gasolme— 

Unleaded Gasoline— 

Sub-Octane Gasoline 

Sub-Octane Gasoline 

Jet Fuel A 

Jet Fuel 5 

Low Sulfur Diesel 

No. 2 Diesel 

No. 6 Fuel Oil 

Rack 

Spot 

—Rack 

—Spot 

Base Case 

Value 

50000 

966.86 

198.01 

379.03 

320.16 

1226.47 

1328.18 

1018.73 

3300 

11.52 

16000 

1744.01 

3700 

9.50 

800 

5000 

10677.10 

3371.71 

2448.96 

Optimum 

Value 

50000 

974.43 

200.01 

379.03 

315.96 

1144.71 

1321.72 

107.24 

3300 

83.90 

16000 

3113.19 

3700 

6.12 

800 

5000 

10396.10 

3282.99 

2451.41 

Relative 

Difference (%) 

0.00 

0.78 

1.01 

0.00 

-1.31 

-6.67 

-0.49 

-89.47 

0.00 

628.30 

0.00 

78.51 

0.00 

-35.58 

0.00 

0.00 

-2.63 

-2.63 

0.10 

Objective Function Values ($/day) 

Feed Costs 

Operating Costs 

Product Revenues 

Overall Refinery Profit 

732247 

24443 

881761 

123909 

732393 

24620 

887913 

129738 

0.02 

0.72 

0.70 

4.70 
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Table 9.9: Active Constraints 

Active Consfraint Constraint Type 

Jet Fuel Tank Capacity Upper 

Wet Gas Compressor Inlet Suction Flow Upper 

FCC Charge Upper 

Super Unleaded Gasoline Octane Rating Lower 

Super Unleaded Gasoline Reid Vapor Pressure Upper 

Unleaded Gasoline Motor Octane Number Lower 

Unleaded Gasoline Reid Vapor Pressure Upper 

Sub-Octane Gasoline Reid Vapor Pressure Upper 

If only product revenue were considered, intuition may lead to the belief that 

producing more super unleaded gasoline, instead of unleaded gasoline, could further 

increase the profitability of the refinery. However, several additional factors influence 

the gasoline production. The production rate of super unleaded gasoline could be 

increased by sending more of the gasoline blending stocks to the super unleaded grade. 

However, because the octane rating of the super unleaded gasoline is at its lower bound, 

only blending stocks that would increase the octane rating of the super unleaded gasoline 

could be used. 

Two of the blending stocks, toluene and high-severity reformate, have octane 

ratings higher than the specification for the super unleaded gasoline and could be used to 

increase the production rate. At the optimum conditions, the fraction of the toluene feed 

not used in blending is equal to zero, indicating that the maximum amount of toluene is 

already used in blending. The addition of more high-severity reformate to the super 

unleaded gasoline product would require an increase in the high-severity operation time 

of the reformer. However, because high-severity operation of the reformer resuhs in a 

lower reformate yield than low-severity operation, this method for increasing the super 

unleaded gasoline yield is not economically favorable. 

The super unleaded gasoline yield could also be increased by operating the FCC 

unit at higher temperatures, thereby increasing the octane rating of the FCC gasoline. 

However, this condition is not desirable due to the decreased FCC gasoline yield at high-
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severity operation. Also, an increase in the FCC unit severity would require a reduction 

in the FCC unit throughput, further reducing the amount of FCC gasoline available to the 

gasoline blending section of the refinery. 

The decreased reformate yield for high-severity operation also serves to explain 

the change in the low-severity operation time seen in the optimization results. Because 

high-severity operation of the reformer produces more light gases, the total amount of 

blending stocks available to the gasoline blending section of the refinery decreases as the 

high-severity operation time of the reformer increases. By operating the reformer in low-

severity mode for the maximum amount of time, the maximum amount of reformate is 

sent to the gasoline blending section of the refinery. 

The optimum operating conditions were calculating using both the surrogate 

model approach and a full-scale optimization of the detailed refinery-wide model. The 

two solutions to the optimization problem gave identical results. Using the surrogate 

model approach for refinery-wide optimization accomplishes the goal of obtaining an 

accurate solution for the optimum operating conditions. 

9.2.3 Optimization Timing 

Based upon the optimization resuhs, the surrogate model approach to refinery-

wide optimization achieves its first goal, obtaining an accurate solution for the optimum 

operating conditions of the refinery. The second goal of the surrogate model approach to 

refinery-wide optimization, reducing the computational time requirement for obtaining 

the optimum, must be evaluated by comparing the computational requirements for the 

full-scale optimization and the surrogate model approach. 

Because the full-scale optimization includes only a single step, the computational 

time is determined by simply recording the amount of time required to reach the optimum 

solution. For the surrogate model approach, several steps are taken before the optimum 

solution is obtained. To determine the total time requirement for the surrogate model 

approach, the time required for each step must be recorded. The total time requirement is 

equal to the sum of the times for each step and any additional time required for data 
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transfer between the detailed and approximate models. Due to the form of the 

approximate models and the use of the ASCEND modeling language, the additional 

transfer time is negligible compared to the solution time for each step of the process. 

The computational time requirement for either approach to refinery-wide 

optimization is dependent upon the processing speed of the computer used in solving the 

optimization problem. In this study, an AMD Athlon 1100 processor was used. Using 

this processor, a single iteration of the full-scale optimization requires over five hours to 

determine the optimum operating conditions for the refinery. To find the optimum 

operating conditions, the surrogate model approach requires three iterations of the 

optimization/solution procedure. However, because each optimization is performed 

using a much smaller set of equations, each iteration requires substantially less time. 

Overall, the surrogate model approach requires a total computational time of about 37 

minutes. Table 9.10 summarizes the computational time requirements for the two 

approaches to refinery-wide optimization. 

Table 9.10: Refinery Optimization Timing 

Optimization Solution Total 

Step Time Time 

Full-Scale Optimization 5:25:02 5:25:02 

Surrogate Model Approach 

Approximate Model Optimization 

Detailed Model Solution 

Approximate Model Optimization 

Detailed Model Solution 

Approximate Model Optimization 

Detailed Model Solution 

3:27 

16:18 

2:13 

9:47 

1:19 

5:04 

19:45 

21:58 

30:45 

32:04 

37:08 

Using the surrogate model approach, the optimum operating conditions of the 

refinery can be determined in a significantly shorter time than for the full-scale 

optimization. Defining speedup as the ratio of the solution times for the fiiU-scale 

optimization and the surrogate model approach, the surrogate model approach provides a 
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speedup of 8.75 for the refinery-wide optimization. This indicates that the surrogate 

model approach to refinery-wide optimization achieves its second goal, reducing the total 

computational time requirement for determining the optimum operating conditions. 

9.2.4 Convergence 

Initially, the refinery-wide optimization problem was solved using a converged, 

but not optimal, solution as the starting point. The computational time requirement for 

this case has been reported. The robustness of the surrogate model approach was tested 

using several different starting points for the optimization. The additional starting points 

were generated by randomly perturbing the process parameters. For small perturbations 

(less than 5%), the optimization routine converged for nearly all the cases. The only 

cases for which the optimization did not converge were those cases with starting points 

representing infeasible operating conditions. When larger perturbations in the starting 

point were used, convergence problems were observed in many more cases. In these 

cases, the magnitudes of the perturbations were such that the resuhing starting points 

corresponded to infeasible regions for the process models. Overall, the surrogate model 

approach shows neariy 100%) convergence for feasible starting points. 

9.3 Recycle Refinery Optimization 

One of the factors that affects the time requirement for optimization is the degree 

of coupling in the model equations. For a typical refinery, feed streams enter the process, 

flow through the process, and exit as products. Although some recycle and heat 

integration is used within each processing unit, no recycle streams are sent from 

downstream sections of the refinery to upstream sections. Because of this phenomenon, 

solution of the refinery-wide model can be performed sequentially. The crude unit can be 

solved first, followed by the FCC unit and reformer in either order. Next, tiie gas 

treatment section of the refinery is solved. Finally, the results of all of the other sections 

are used in the solution to the gasoline blending section of the refinery. 
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Many large-scale refineries and chemical plants include several recycle streams. 

When a recycle stream is included in the model, the equations representing the upstream 

processing units become dependent upon the results of the downstream processing units. 

By infroducing this dependence, the equations representing the upstream and downsfream 

units are coupled and must be solved simultaneously. This coupling can have a 

significant effect on the computational time requirement for the optimization routine. 

To determine the effectiveness of the surrogate model approach for this 

application, a "recycle refinery" was modeled. In this model, the fuel gas product from 

tiie gas freatment section of the refinery is recycled back to the crade unit. Because the 

fuel gas contains only light gases, the entire recycle stream exits with the overhead vapor 

from the atmospheric tower. This overhead vapor stream becomes a feed to the gas 

freatment section of the refinery, where the fuel gas is once again removed. By using the 

fuel gas stream, which is not included in the objective fiinction, as the recycle stream, the 

"recycle refinery" exhibits the same behavior as the standard refinery model. 

9.3.1 Optimization Equations 

The only difference between the "recycle refinery" model and the refinery model 

is the recycle of the fuel gas stream. When the fuel gas is recycled to the atmospheric 

tower, it enters as a vapor feed to the bottom tray. Using this convention, adding the 

recycle stream to the refinery model does not affect the number of equations in the 

model. 

9.3.2 Optimization Results 

Because the fiiel gas stream is not directly included in the objective function, 

removing it from the product slate does not affect the profitability of the refinery. 

Although not having a fuel gas product would increase the fuel gas requirements of the 

refinery, this effect is not considered in the "recycle refinery" model. The only purpose 

of including the recycle stream is to couple the material balance equations in the crade 

unit, FCC unit, reformer, and gas treatment sections of the refinery. Because the 
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objective function is unaffected by the inclusion of the recycle stream, the optimum 

conditions for the "recycle refinery" are the same as for the standard refinery case. 

9.3.3 Optimization Timing 

The additional coupling of equations in the "recycle refinery" case does affect the 

computational time requirements for the two approaches to refinery-wide optimization. 

In the optimization, the refinery-wide model is separated into blocks. These blocks 

represent groups of model equations that must be solved simultaneously. The additional 

coupling forces the model to be broken down into fewer, larger blocks. Because the 

model equations must be solved in much larger blocks, the total time requirements for 

both the fiill-scale optimization and surrogate model approach are substantially increased. 

Table 9.11 summarizes the time requirements for the "recycle refinery" case. 

Table 9.11: "Recycle Refinery" Optimization Timing 

Optimization Solution Total 

Step Time Time 

Full-Scale Optimization 

Surrogate Model Approach 

Approximate Model Optimization 

Detailed Model Solution 

Approximate Model Optimization 

Detailed Model Solution 

Approximate Model Optimization 

Detailed Model Solution 

Approximate Model Optimization 

Detailed Model Solution 

!:08:00 

4:16 

25:12 

3:02 

14:51 

1:59 

6:41 

0:48 

2:22 

8:08:00 

29:28 

32:30 

47:21 

49:20 

56:01 

56:49 

59:11 

For the "recycle refinery" case, the surrogate model approach requires a total of 

four iterations to obtain the optimum solution, as compared to three iterations for the 

standard refinery. Although the total number of iterations increases, the surrogate model 
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approach still provides substantial speedup compared to the fiill-scale optimization. For 

the "recycle refinery" case, the surrogate model approach gives a speedup of 8.25. 

9.4 Additional Optimization Cases 

The standard refinery and "recycle refinery" both contain the same number of 

equations. The speedup obtained from the surrogate model approach is similar in each of 

these two cases. To determine how the speedup varies with the total number of equations 

in the model, the surrogate model approach was also applied to several subsets of the 

refinery model. The computational time requirement for each case was compared toe the 

computational time requirement for full-scale non-linear optimization. Because each of 

these subsets contains a different number of equations, the speedup obtained from the 

surrogate model approach should vary as well. The number of equations present in each 

subset of the refinery model can be determined from the data given in Table 9.6. 

Li (2000) showed that the optimum operating conditions calculated using single-

unit optimization might not be consistent with the refinery-wide optimization results. 

Because the single-unit optimization result is highly dependent upon transfer prices, the 

optimization typical leads to maximization of the most valuable product. By ignoring the 

remaining units in the refinery, the optimization cannot account for operation of those 

units. For this reason, only the computational time requirements, not the optimization 

results, for each additional optimization case were recorded. 

9.4.1 Crade Unit 

The crade unit model was optimized using both full-scale optimization and the 

surrogate model approach. Table 9.12 shows the timing results for optimization of the 

crade unit. The crade unit contains approximately half of the total number of equations 

present in the refinery-wide model. The time requirement for full-scale optimization is 

reduced by much more than half, indicating that the time requirement for full-scale 

optimization is highly-dependent upon the model size. The time requirement for the 

surrogate model approach is not reduced by as much as for the full-scale optimization. 
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These differences in the time reduction for the two approaches limit the speedup of the 

surrogate model approach to only 4.43 for the crade unit. 

Table 9.12: Crude Unit Optimization Timing 

Optimization 

Step 

Full-Scale Optimization 

Surrogate Model Approach 

Approximate Model Optimization 

Detailed Model Solution 

Approximate Model Optimization 

Detailed Model Solution 

Approximate Model Optimization 

Detailed Model Solution 

Solution 

Time 

1:09:47 

1:24 

6:08 

0:52 

4:26 

0:32 

2:24 

Total 

Time 

1:09:47 

7:32 

8:24 

12:50 

13:22 

15:46 

9.4.2 FCC Unit 

The fluidized catalytic cracking unit was optimized using both the fiill-scale and 

surrogate model approaches. Because a portion of the slurry oil from the main 

fractionator is recycled back to the riser/reactor, the material balances over the entire 

FCC unit are coupled. Table 9.13 shows the timing results for the optimization of the 

FCC unit. For this case, the surrogate model approach provides a speedup of 3.19. 

9.4.3 Reformer 

The reformer was also optimized using both full-scale optimization and the 

surrogate model approach. The refinery-wide model contains two reformer models, one 

for high-severity operation and one for low-severity operation. For this case, only the 

high-severity reformer was optimized. By including only a single reformer, the speedup 

of the surrogate model approach was determined for a smaller model. Table 9.14 shows 

the timing results for optimization of the reformer. For this subset of the entire refinery 

model, a speedup of 1.33 is obtained by using the surrogate model approach. 
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Table 9.13: FCC Unit Optimization Timing 

Optimization 

Step 

Full-Scale Optimization 

Surrogate Model Approach 

Approximate Model Optimization 

Detailed Model Solution 

Approximate Model Optimization 

Detailed Model Solution 

Approximate Model Optimization 

Detailed Model Solution 

Solution 

Time 

20:14 

Total 

Time 

20:14 

0:54 

2:33 

0:38 

1:18 

0:20 

0:38 

3:27 

4:05 

5:23 

5:35 

6:21 

Table 9.14: Reformer Optimization Timing 

Optimization 

Step 

Solution 

Time 

Total 

Time 

Full-Scale Optimization 

Surrogate Model Approach 

Approximate Model Optimization 

Detailed Model Solution 

Approximate Model Optimization 

Detailed Model Solution 

3:23 3:23 

0:38 

1:12 

0:18 

0:25 

1:50 

2:08 

2:33 

9.4.4 Crade and FCC Units 

The final section of the refinery optimized using both approaches was a 

combination of the crade and FCC units. These two units represent nearly 75% of the 

total equations present in the refinery model. Additionally, the FCC unit includes 

material recycle, increasing the coupling of the equations in the model. Table 9.15 

summarizes the timing results for optimization of the combined crade and FCC units. 

For this case, a speedup of 5.99 is achieved using the surrogate model approach. 
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Table 9.15: Crude and FCC Unit Optimization Timing 

Optimization 

Step 

Full-Scale Optimization 

Surrogate Model Approach 

Approximate Model Optimization 

Detailed Model Solution 

Approximate Model Optimization 

Detailed Model Solution 

Approximate Model Optimization 

Detailed Model Solution 

Solution 

Time 

Total 

Time 

2:12:31 2:12:31 

1:46 

8:42 

1:02 

5:59 

0:42 

3:56 

10:28 

11:30 

17:29 

18:11 

22:07 

9.5 Projected Benefits 

The models created in this study are much smaller than the process models used 

indusfrially. An industrial scale model could contain up to one million equations 

(Hendon, 2001). The number of decision variables and constraints for an industrial 

model would also be larger than for the model used in this study. In total, an industrial 

model could contain 150 decision variables and 300 constraints (Cutier, 2001). 

To estimate the benefit of the surrogate model approach to refinery-wide 

optimization for industrial applications, the computational time requirements for both 

optimization approaches must be predicted. Estimates for these time requirements can be 

obtained from the optimization cases performed in this study. Table 9.16 summarizes the 

model size parameters for the optimization cases. 

Table 9.16: Model Size Parameters 

Optimization Case 

Refinery 

Cmde Unit 

FCC Unit 

Reformer 

Cmde and FCC Units 

Indusfrial Model 

Equations 

78069 

40026 

17253 

9482 

57279 

500000 

Decision Variables 

32 

7 

3 

2 

10 

150 

Consfraints 

63 

7 

12 

3 

19 

300 
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The computational time requirement for optimization of the industrial-scale 

model is determined by extrapolation of the results of these cases. Figure 9.1 shows how 

the computational requirements for both full-scale optimization and the surrogate model 

approach vary v^th the total number of equations. By plotting this data on a log-log plot, 

the order of the relationship between the computational requirement and the number of 

equations can be obtained. 
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2.5 

Full-Scale Optimization 

Surrogate Model Approach 
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log (number of equations) 

Figure 9.1: Computational Time Requirements 

The data in Figure 9.1 indicates a fairly linear relationship between the logarithms 

of the time requirement (in seconds) for full-scale optimization and the number of 

equations in the model. To allow for extension of this data to the industrial scale, a linear 

relationship between these two logarithms is developed using a least squares approach. 

As a result, the natiiral logarithm of the computational requirement is found to be 

log,o (r)==2.01641og,o (A^)-5.6196. (9.2) 
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The computational requirement for the industrial-scale optimization is determined 

by extrapolating this equation out to the number of equations in the industrial model. 

This extrapolation indicates that full-scale optimization of the industrial-scale model 

would require almost 207 hours, or 8.5 days. 

As for the full-scale optimization, the logarithm of the time requirement for the 

surrogate model approach also exhibits a linear dependence upon the natural logarithm of 

the number of equations. As indicated in Figure 9.1, the time requirement for 

optimization using tiie surrogate model approach increases more slowly than for full-

scale optimization. For the surrogate model approach, the time requirement for 

optimization can be expressed as 

log,o(0=1.21511og,o(7V)-2.6174. (9.3) 

The time requirement for optimization of an industrial-scale model using the 

surrogate model approach can be estimated by extrapolation of this expression. Using 

this relationship, the computational time requirement for optimization of an industrial 

model is estimated as 5.6 hours. 

Over the course of eight days, an industrial process can undergo significant 

changes in the operating conditions. For this reason, the model used in the full-scale 

optimization may not represent the actual operation of the plant when the optimum 

operating conditions are found. Because the plant operation has changed, the optimum 

values calculated by the optimizer may be invalid. Due to these changes in the process, 

full-scale non-linear optimization carmot accurately predict the optimum operating 

conditions for an industrial refinery-wide application. By reducing the computational 

time requirement to only a few hours, the surrogate model approach makes industrial 

refinery-wide optimization possible. 

In this study, the optimization timing was determined using an AMD Athlon 1100 

processor. For industrial application, a faster, dedicated processor may be employed, 

further reducing the computational requirement for the surrogate model approach. Using 

a different processor could reduce the time requirement to the one to two hour range. 
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CHAPTER 10 

CONCLUSIONS AND RECOMMENDATIONS 

10.1 Conclusions 

The surrogate model approach to refinery-wide optimization involves four major 

steps. The preliminary steps involve choosing the modeling platform and the form of the 

approximate models. Once these decisions have been made, both detailed and 

approximate models of each of the operating units in the refinery must be constracted. 

Finally, the refinery-wide model is used to determine the optimum operating conditions 

for the refinery. 

In this study, the ASCEND modeling language was chosen as the modeling 

platform. This language provides the benefit of user-written models while eliminating 

many of the difficuhies associated with integrating the refinery-wide model with the 

solver and optimizer. The ASCEND language includes a graphical user interface, further 

simplifying the solution and optimization procedures. The models created using the 

ASCEND modeling language are in open-equation form. Li (2000) recommended that 

using the open-equation form in the refinery-wide model could greatly increase the 

accuracy of the optimization solution by improving the accuracy of the fiinction 

derivatives. Additionally, the ASCEND modeling platform uses object-oriented 

programming. In this approach, small models are built and instances of these models are 

used to create larger models. By using this approach, the modeling effort required to 

constract the refinery-wide model can be reduced. The ASCEND modeling software also 

allows for straightforward transfer of data between the approximate and detailed models. 

The surrogate model approach to large-scale optimization can be applied using 

approximate models of any form. However, the choice of the approximate model types 

can greatiy affect both the accuracy and computational requirements for the refinery-wide 

optimization, fri this study, fixed physical property phenomenological models were used 

as the approximate models. The detailed models in the surrogate model approach are 

rigorous first-principles models of the refining equipment. The approximate models are 
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identical to the detailed models, with the exception that the molar enthalpies and 

equilibrium values are assumed constant. This form for the approximate models exhibits 

several benefits. First, the detailed model can be easily converted into the approximate 

model, reducing the modeling effort required for the refinery-wide optimization. Second, 

because both tiie detailed and approximate models contain the same variables, data 

fransfer between the two models can occur seamlessly. Finally, at convergence of the 

surrogate model approach, the solutions of the detailed and approximate models are 

guaranteed to be identical, within a preset tolerance. 

The majority of the effort in this study was spent in developing the detailed and 

approximate models for the units within the refinery. The refinery was divided into five 

main sections, each of which was modeled separately. The models of each section were 

then joined together to form the refinery-wide model. Li (2000) gave several 

recommendations for improving the quality of the refinery-wide optimization. Many of 

these recommendations were incorporated into the refinery models in this study. 

The first section of the refinery is the crade unit. To increase the effectiveness of 

the optimization (Li, 2000), detailed tray-to-tray models were used to represent the 

atmospheric and vacuum distillation towers in the crade unit. In addition to the two main 

fractionators, models for each of the auxiliary pieces of equipment were also included in 

the crade unit model. These units were modeled based upon material and energy 

balances over the entire unit. The crade unit model was benchmarked against operating 

data for the refinery considered in this study. 

The second section of the refinery is the fluidized catalytic cracking (FCC) unit. 

The major components of the FCC unit are the riser/reactor, the regenerator, and the main 

fractionator. In the riser/reactor, heavy hydrocarbons are cracked into light higher-value 

molecules. In the cracking process, carbon is deposited on the cracking catalyst. This 

carbon is removed from the catalyst by combustion in the regenerator. The product from 

the riser/reactor is sent to the main fractionator, where it is separated into several product 

streams. The bulk of the FCC model in this study is based upon the model used by Ellis 

(1996). In this model, however, the main fractionator is assumed to be ideal, separating 
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the riser/reactor product based upon the chemical lumps. Li (2000) recommended that a 

detailed model of the main fractionator be included in the refinery-wide model. To 

address this need, the refinery-wide model in this study includes a detailed-tray-to-tray 

model of the main fractionator. The FCC model was benchmarked against industrial data 

for the refinery considered in this study. 

The reformer represents the third section of the refinery. In the reformer, 

chemical reactions modify the stracture of the feed stream to produce a high-octane 

product. The reformer consists mainly of three reactors in series. Additionally, the 

reformer contains separation processes for removing hydrogen and light gases from the 

main product sfream. The model developed by Taskar (1996) was used as the basis for 

the reformer model in this study. This model uses Langmuir-Hinshelwood Hougen-

Watson kinetics to represent the reaction rates. This model was also benchmarked 

against indusfrial data for both high- and low-severity operation. 

The gas freatment section of the refinery processes the light gases from the first 

three sections of the refinery. The dominant process in this section of the refinery is the 

alkylation unit. The alkylation unit is modeled using the stoichiometry of the alkylation 

reactions in conjunction with the industrial data. 

The final section of the refinery is gasoline blending. In this section of the 

refinery, the gasoline blending stocks are mixed together in such a manner that the 

specifications for each grade of gasoline are met. In this study, each grade of gasoline is 

characterized by a total of 11 specifications relating to octane number, volatility, and 

chemical content. The gasoline blending model uses an interaction method for 

determining the octane numbers of the gasoline blends. The Reid vapor pressure of each 

grade of gasoline is determined using the vapor pressure blending index (VPBI) 

approach. The distillation curves of the gasoline grades are determined from the 

distillation curves of the blending stocks. To improve the reliability of the optimization, 

continuous fimctions representing the blending stock distillation curves were developed 

in this study. Finally, the chemical content of each gasoline grade is determined using 

weighted averages of the chemical content of the blending stocks. 
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After each of the individual sections of the refinery have been modeled, these 

models must be connected together to form the refinery-wide model. Because each umt 

uses a different set of components, the components in one model must be converted to the 

components in another. This procedure is called characterization. Characterization of the 

FCC feed is a well-known procedure. Using either the TOTAL or n-d-M methods, the 

paraffins, naphthenes, and aromatics in the FCC feed can be easily determined. 

Similarly, the composition of the reformer feed can be calculated from the crade assays. 

Because the detailed model of the main fractionator requires the use of boiling 

point pseudocomponents, the product of the FCC riser/reactor must also be characterized. 

In this study, a procedure has been developed for determining the composition of the 

main fractionator feed from the lumped analysis of the riser/reactor product. Although 

this procedure has not been tested over a wide range of data, it should be accurate over 

the entire range of FCC processing parameters used in this study. 

Once all of the models have been connected, the refinery-wide optimization can 

be performed. In this study, the surrogate model approach to large-scale optimization 

was used to determine the optimum operating conditions for the refinery. To verify the 

accuracy of the surrogate model approach, the refinery-wide optimum was also 

determined using a full-scale non-linear optimization. The optimum operating conditions 

calculated using these two approaches were the same, indicating that the surrogate model 

approach predicts accurate values for the optimum operating conditions in the refinery. 

For both approaches, the optimization predicted an increase in profitability of 4.70% for 

the entire refinery. This value is consistent with both the previous work (Li, 2000) and 

the expected profit increase (Hendon, 2001). 

The computational requirement for the surrogate model approach was also 

compared to the requirement for the full-scale optimization. For the refinery model used 

in this study, the surrogate model approach decreased the computational time requirement 

by a factor of 8.75. The surrogate model approach was also applied to several subsets of 

the entire refinery model. In each case, the surrogate model approach provided a certain 

degree of speedup when compared to a full-scale optimization. 
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The surrogate model approach to refinery-wide optimization also offers improved 

convergence when compared to fiill-scale optimization. Li (2000) found that fiill-scale 

refinery-wide optimization converges for only 60% of the trials. In this study, the 

surrogate model approach to refinery-wide optimization converges for neariy 100% of 

the starting points representing feasible operating conditions for the refinery. 

In these tests, the speedup obtained using the surrogate model approach was 

found to increase with the size of the model. An industrial-scale model is much larger 

than the model used in this study. The computational time requirements for optimization 

of an industrial-scale modeled were estimated by extrapolating the resuhs from several 

smaller cases. By extrapolation, the time requirement for fiill-scale optimization of the 

industiial model was estimated as 207 hours, or over 8 days. For the surrogate model 

approach, the computational time requirement was found to be 5.6 hours. With this 

reduction in the time requirement, optimization can be applied to large-scale processes 

for which the computational load of optimization has previously been prohibitive to the 

success of the optimization. 

10.2 Recommendations 

Although the models created in this study are fairly detailed, they do not approach 

the scale of industrial models. The applicability of the surrogate model approach to 

industrial-scale models can only be projected in this study. To better determine the 

benefits of the surrogate model approach for an industrial-scale refinery model, more 

detail must be added to the refinery model. One of the main areas in which additional 

detail can be added to the refinery model is in the modeling of the secondary separations 

units. In this study, these units are modeled as splitters and component separators. In 

reality, the separation occurring in these units is much more complex. 

Another area in which model detail can be improved is by the inclusion of 

additional decision variables and constraints. A typical refinery can select from various 

crade oils to be used as the feed to the cmde unit. By including the crade type as a 

decision variable, the appropriate crade oil feed can be selected. Further, only the 
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specifications of the gasoline products are considered in this study. The other products 

from the refinery have specifications as well. By including these specifications as 

constraints, the optimization can ensure that these specifications are met as well. 

The sulfur balance could become important for refineries processing sour crade 

oils. Because the refinery considered in this study does not process any high-sulfur cmde 

oils, the sulfiir balance does not become a factor in the optimization. However, for 

refineries processing high-sulfur crade oils, the capacity of the sulfur recovery unit could 

become an active constraint in the optimization. 

In this study, the crade oil is separated into 40 components based upon boiling 

point. In an industrial model, the crude oil is separated into many more components. 

Increasing the number of components used to represent the crade oil has a significant 

affect on the total number of equations used to model the processes in the refinery. 

Additional detail in the refinery model would allow the model size (number of 

equations, decision variables, and constraints) to approach those in an industrial-scale 

model. By applying the surrogate model approach to a much larger process model, the 

benefits of the surrogate model approach can be more accurately predicted for industrial-

scale models. 

The surrogate model approach to large-scale optimization involves selecting the 

modeling platform and form of the approximate models. In this study, the ASCEND 

modeling language was chosen as the modeling platform. The approximate models used 

in this study were formulated using fixed physical property phenomenological models. 

Several other modeling platforms and approximate model types could be used in the 

surrogate model approach. In this study, no attempt is made to compare these options. 

Although some other modeling platforms and approximate model types were considered 

in this study, a detailed comparison was not performed. More studies on the application 

of these different modeling platforms and approximate model types could give an 

indication of which options provide the best results for large-scale optimization. 
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