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CHAPTER I 

INTRODUCTION 

Since the turn of the century, biotechnology has made 

use of bacteria and yeast to produce ethanol, citric acid and 

penicillin. At that time, there was still very little 

understanding of the science behind it. A mere trial and error 

technique was used to produce these products. The technology 

has grown over the years through a more thorough study of 

living systems. With it is the advent of new types of products 

like insulin, interferon, growth hormone and vaccines. Some of 

these can only be derived from plant cells. Plant cell culture 

is a relatively new field that was first established in 1934 

and has reached commercial scale operation only in 1977 (Sahai 

et al., 1985). Advances in this field have been slow due to 

the inherent characteristics of plant cells which are 

extremely different from animal cells. Plant cells are very 

sensitive to shear from agitation and aeration and are very 

susceptible to lysis. This is attributed to the cells' rigid 

cellulosic wall and large size (20 J.1m to 100 Jlm diameter) 

resulting in rapid settling that affects the mixing regime. 

Its metabolic rate is significantly lower giving rise to a low 

product yield and extended culture time. These complexities 

are compounded by the varying degrees of shear-sensitivity 

among different plant cells. 
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Cotton is the single most important textile fiber in the 

world supplying 67% of all fiber requirements. The annual 

world production between 1984 to 1988 averaged 38.7 billion 

pounds (GAO Document RCED-90-170, 1990). Cotton is one of the 

few plant cells grown in vitro. Previous studies showed that 

providing the necessary macronutrients, micronutrients and 

hormones and operating at the proper conditions can result in 

a specific fiber length (Goodin et al., 1989). The possible 

commercialization of in vitro-grown cotton cells could 

revolutionalize the supply economics of cotton. 

The first known commercially successful plant cell 

culture process is that of Mitsui Petrochemical operation 

producing sbikonin, a naphthaquinone from Litbosper.mum 

erytbrorizon (Curtin, 1983) . It is a highly priced derivative 

used as an anti-inflammatory pharmaceutical and as a red 

cosmetic dye. It is produced in two stages--a 250 L and then 

a 750 L fermentor. In contrast to reactors used for animal 

cell culture whose volumes reach as high as 500,000 L, the 

size of the largest reported plant cell (tobacco) culture 

process, which is operated in Japan, is only 20,000 L. The 

current state of this technology is still far from full 

commercialization. This fact though does not change the trend 

showing that by the year 2000, the world biotechnology market 

for both animal and plant cell-derived products will reach $65 

billion (Sheets, 1982) . This market growth can only be met by 

a fuller understanding of growing plant cells. 
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The study of the kinetics of biological system can be 

approached in five different levels (Figure 1) . The fourth 

level dealing with the equipment used, the bioreactor, is of 

the most interest in a chemical engineering perspective. The 

basic function of any type of bioreactor is to supply the 

organisms with the correct amounts of substrates just in time 

to prevent their branching into unwanted metabolic pathways. 

Characteristics of an ideal bioreactor are discussed by Rehm 

(1981) and for all practical purposes boil down to its ability 

to sustain growth of cells. 

Several reactor configurations currently used are shown 

in Figure 2. For suspended cell culture, bioreactors usually 

used are either mechanically stirred or pneumatically driven. 

The mechanical type gives high mass and heat transfer 

coefficients, provides good mixing and can handle a wide range 

of liquid residence times and superficial velocities 

(Tatterson, 1991) . The pneumatic type, more commonly termed 

airlift on the other hand, is characterized by its efficient 

mass transport, low power consumption but limited to low-shear 

applications (Shuler et al., 1984). 

Of the current aerated bioreactors used in industry, 93% 

(by value of the product) are of the mechanical type (Moses et 

al., 1991). A conventional mechanically stirred reactor is 

more economic to use because of its simple construction and 

flexibility of design. It is less affected by foaming and 

deposits formation. 
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For plant cells, the main setback of mechanically stirred 

reactors is the high level of hydrodynamic stress that is 

detrimental to cell growth. This is where airlift is 

especially suited even if it is rather more complex to build 

and operate. The reason some reactor designers are reluctant 

to choose this type has been its inherent inflexibility in 

design (Siegel et al., 1991). Once the geometric parameters 

have been selected for a given process, the reactor is less 

adaptable to other processes which might need different gas 

distribution, liquid velocities and mass transfer 

characteristics. 

Large-scale plant cell culture is a high-risk investment 

that requires careful studies before scale-up design can be 

done. Unlike the petroleum industry where physical properties 

are available for process modelling and design, 

biotechnological processes rely largely on empirical data. 

Further, while biochemical kinetics are scale-independent, 

heat and mass transfer mechanisms are not (Rehm et al., 1981). 

The design basis for a laboratory reactor may not be valid at 

a scale several thousands larger. Therefore, actual 

experiments are required for each stage from the initial 

laboratory scale to gradually increasing pilot scale. 

The objectives of this study are: 

(a) Quantify the engineering design parameters of 

the two types of bioreactors used in the 

laboratory scale in vitro cotton culture with 



emphases on the following: 

(i) oxygen mass transfer coefficient, k1a, 

(ii) rheological behavior of the broth, 

(iii) mixing time, 

(iv) gas hold-up; 

7 

(b) Determine the overall effects of these 

parameters on the growth of the cotton cells; 

(c) Establish a general base of comparison from 

which a recommendation can be made on the more 

suitable bioreactor configuration for the 

process; 

(d) Prepare a preliminary cost estimate of a 

theoretically scaled-up design of the process 

to assess the the economic viability of the 

technology. 



CHAPTER II 

LITERATURE SURVEY 

Plant cells are generally considered to have very low 

tolerance to hydrodynamic stress. This stress is contributed 

by laminar shear, turbulent shear, aeration and collisions 

between cells and reactor parts. Varying degrees of stress are 

created by different reactor designs operated at different 

conditions. Coupled with the uncertainties in the robustness 

of plant cells, exceptions arise from this generalization. 

Kato et al. (1975) have successfully grown tobacco cells in a 

stirred tank at a speed less than 100 rpm. Meijer (1984) also 

cultivated C. roseus in a 2-L turbine stirred reactor at 150-

rpm without any problem. However, diverging shear tolerance 

results were obtained for three other cell lines namely, 

Nicotiana Tabacum, Tabernaemontana Divaricata and Cinchona 

Robusta. Scragg et al. (1988) compared growth mechanisms of C. 

roseus, B. annuus and P. quassioides in both mechanical and 

airlift. A stirred tank is capable of sustaining growth at 

slow stirred speeds of 150- to 200-rpm and tolerant to shear 

up to 1,000-rpm with specific growth rate 30% lower than that 

of airlift. 

Comparative characterization of laboratory and pilot

scale mechanical and airlift reactors have been undertaken by 

previous investigators. Results indicated that airlift 

provides a better growth-conducive environment for plant 

8 
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cells. Trager et al. (1989) further concluded that as the 

reactor scale increases, this disparity becomes even more 

pronounced. At high cell concentration level, airlift 

bioreactors become shear limiting. A number of investigators 

(Shuler, 1984 and Tanaka, 1982) working with different plant 

cells have found out that this occurs when cell dry weight 

concentration exceeded 20 to 30 g/L. In actual large-scale 

operations, fermentation broths handled are more viscous . 

Hence, a bioreactor with a more efficient mixing capability is 

required. 

Aside from the shear minimization, the ability of the 

reactor to effectivel.y supply oxygen to the respiring cells is 

another important requirement for growth. Oxygen transport is 

affected by the rheology and the properties of the 

fermentation broth which changes with culture time. This is 

usually quantified by measurement of the mass transfer 

coefficient, k1a. Numerous workers have come up with 

correlations for both mechanical and airlift for both 

Newtonian and non-Newtonian fluids~ These, however, mostly 

used simulated fermentation broths which only resembled the 

rheological properties but not the actual oxygen transport 

mechanism in a living system. Yagi et al. (1975) and Ogut et 

al. (1988) studied the agitated type of reactor concluding its 

strong dependence to gassed power input per unit volume (PG/V) 

and superficial gas velocity (U.) for Newtonian and non

Newtonian fluids, respectively. Mann (1983) came up with 
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correlations for both mechanical and airlift. A comprehensive 

study on airlift has been done by Chisti (1989) pointing to 

the strong dependence of k 1 a on the solid cell concentration 

of the broth. For actual suspension cultures, it is not 

practical to use these correlations. Periodic measurements of 

the broth properties would introduce contamination risks in 

the system. 

Gas hold-up is defined as the volume fraction of the air 

to the volume of the aerated broth. It is a function of the 

bubble size, number of bubbles, broth viscosity and solids 

concentration. It influences the residence time of the gas in 

liquid. In combination with bubble size, it influences the 

interfacial area available for mass transfer. For mechanically 

stirred reactors, this depends on the degree of dispersion of 

the rising bubbles which is also influenced by the impeller 

speed. For airlift reactors, Siegel et al. (1986) determined 

this to be a function of riser superficial velocity. 

The quality of mixing has an overall effect on cell 

yield. The measured parameter is mixing time, i.e., the time 

required after injection of the tracer for its concentration 

to reach 95% of its final value (Chisti, 1989) . This needs to 

be shorter than the oxygen transfer time (k1 a-1
) to prevent 

oxygen depletion especially in the poorly mixed regions of the 

fer.mentor (Meijer, 1984) . Measurements of mixing time have 

been made mostly in the absence of actual living organisms. 

Einsele et al. (1978) was able to study the actual mixing time 
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behavior of a fermentation broth using fluorescence of cells 

in the culture. 

The developmental and capital investments for a process 

manufacturing a plant tissue culture derivative are extremely 

high. For a product to be commercially feasible, it must be 

priced at least $1,000 per kg (Veltkamp et al., 1985), which 

limits its use only to specialized, highly valuable 

applications. Of the derivatives that have been or are yet to 

be commercialized, very scarce information on their economics 

has been released by companies due to proprietary reasons. 

Several authors have come up with their own cost estimates on 

the plant cells they had investigated as summarized in Table 

1. Since plant cell culture and high biosynthesis rate have 

been known to be mutually exclusive, product yields have been 

very low. Consequently, unit production costs are high giving 

a bleak scenario on the immediate commercialization of this 

technology. However, more research efforts are still ongoing 

because of the utmost necessity of products solely derived 

from plant cells in the life sciences, especially 

pharmaceutics. 
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Table 1 - Cost estimates of different plant-cell culture 
products 

PRODUCT PRODN, BATCH UNIT WORKER 
kg/yr TIME, COST, 

days $/kg 

Serpentine 375 10 35,000 Mizahi et al. 
(1983) 

Diosgenin 200,000 16 674 Sahai et al. 

Rose Oil 1,825 782 
(1985) -

Hypothetical 20,000 15 1045 
Product 

Ajmalicine 800 35 3,215 Drapeau et al. 
(1987) 



CHAPTER III 

EQUIPMENT AND MATERIALS 

The l.aboratory scale bioreactors used were a Multigen 2-L 

Magnetical.ly stirred unit (New Brunswick Scientific Co. Inc. 

Edison, New Jersey) and a Kontes 0.6-L Split Cylinder Airl.ift 

(Model 880600-0580 Vineland, New Jersey) . The reactor 

configurations are shown in Table 2. 

Air was manually metered using a float-type flowmeter 

(Dwyer RMB49, Instruments Inc. Michigan, Ind.). Sterility was 

maintained by use of air filters. Dissolved oxygen 

concentration was monitored by use of two galvanic probes: 

Series 900 (New Brunswick Scientific Co. Inc.) and a 

compatibl.e Gl.ass DO probe (Cole Parmer L05643-20) . The 

experimental set-ups for both types of reactor are drawn in 

Figure 3. 

Cotton cel.l suspension cultures were started from callus 

tissue Gossypium hirsutum L. cell variety SJ1 (Trolinder et 

al.., 1987) propagated in the In Vitro Cotton Laboratory of the 

Biol.ogical Sciences Department at Texas Tech University. The 

cell. l.ines which were subcultured every two weeks are 

suspended in shake flasks maintained at 20°C and 100-rpm. The 

medium used is composed of the Murashige-Skoog mixture of 

inorganic nutrients (see Appendix B for detail.s) with 30 g/L 

of gl.ucose. Antifoaming agent (Antifoam A, Sigma Chemical Co.) 

was added to the suspension culture at 0. 33 ml/L concentration 

13 



Table 2 - Configuration and 
laboratory-scale 
experiments . 

I PARAMETER I 
Total Volume, ml 

Operating Volume, ml 

Height, em 

Diameter, em 

Baffle Width, em 

Riser area/Downcomer area 

Impeller Diameter, em 

Impeller Speed, rpm 

Aeration rate, * vvm 

Type of sparger 

Temperature, °C 

Material of Vessel 

14 

operating 
bioreactors 

condition of 
used in 

the 
the 

MECHANICAL I AIRLIFT I 
2,000 600 

1,500 580 

21.6 40.6 

11.1 4.8 

NA 4.6 

NA 1.2 

5 (nominal) NA 

0-1000 NA 
(actually used 

150, 200 and 
300) 

1.1 1.2 

radial holes in porous metal air 
the hollow filter/distribu-

impell.er shaft tor 

34 34 

borosilicate borosilicate 
(pyrex) glass (pyrex) glass 

* Volume of air per minute per volume of fermentation 
liquid. 
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(b) 
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whenever excessive foaming arose. The media was autoclaved for 

40 minutes at 121°C. The inoculum for each reactor is about 

10-20% cell volume of the total operating reactor volume. 



CHAPTER rv 

EXPERIMENTAL PROCEDURES 

Mass Transfer Coefficient, k,a 

The rate of diffusion of oxygen from the air bubble to 

the broth is given by: 

where: 

--

c* 

c --

--

(1) 

specific oxygen uptake rate, mg 
0 2 / (ml*hr), 

specific mass-transfer coefficient, 
hr-1

, 

dissolved oxygen concentration in 
the bulk liquid which would be in 
equilibrium with the gas phase, 
mg/ml, 

dissolved oxygen concentration in 
the bulk liquid, mg/ml. 

kl.a was measured using the N2 Dynamic Gassing-Out 

technique (Bandyopadhyay, 1967) . When steady-state level of 

dissolved oxygen has been achieved, the reactor head space was 

blanketed with nitrogen gas to eliminate oxygen transfer due 

to surface aeration and to reduce the value of c* to zero. 

Then aeration of the culture was temporarily stopped. The 

decline of the dissolved oxygen during this period was 

monitored. This linear decline (Figure 4, sections a-b) is 

expressed as: 

dC E 

dt 

17 
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r = specific rate of respiration, mg 0 2 /mg of 
cells, 

X = cell mass concentration, mg cell I mg 
culture. 

Oxygen reduction was carried out to a level above the 

critical oxygen demand of the cells to minimize morphological 

changes or possible lysis of the cells. In the experimental 

runs, this level was set at 20% oxygen partial pressure (0. 254 

mg/ml or ppm) . 

After nongassing, blanketing was stopped and aeration was 

resumed. Again, the increase in dissolved oxygen was 

monitored. A negative exponential increase until maximal 

saturation resulted (Figure 4, sections b-e) and expressed as: 

(3) 

where the term rX is the value from Eq. (2) during the 

nongassing phase. This was based upon the assumption that 

respiration rate and the cell mass concentration during the 

measurement period remained constant. Upon rearrangement of 

Eq. (3), the final form of the working equation was derived: 

C = __ 1_ ( dC + I X) + c• 
k 1a dt 

(4) 

wherein k~a was computed by taking the negative reciprocal of 

the slope of the plot of C against (dC/dt + rX) . 
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Growth 

Cell growth indices used were (a) fresh weight and dry 

weight and (b) viability (Pollard et al., 1990) . It was 

essential to measure both fresh and dry weights since often 

the wet weight of the cells continued to rise after the dry 

weight had already declined. The latter effect occurs when the 

cells start to utilize the accumulated starch after the 

stationary phase. The continued increase in wet weight is due 

to the trapped medium in the large cells. 

Weight concentration measurements were done by filtration 

of 3-ml culture samples through a No. 1 Whatman Filter for 10 

seconds. Drying of the wet filtered cells was done for 24 

hours in a 60°C oven. Fresh and dry weight concentrations were 

calculated from: 

WetWt -
wet Filter Paper w/ Cells - Dry Filter Paper (5) 

ml of sample 

DryWt 
5 

Dry Filter Paper w/ Cells - Dry Filter Paper (6) 
ml of sample 

The specific growth rate, ~rat• of the culture was 

measured by: 

where: ~rate 

x.vg 

.. 
.l. 

~zat:a 5 X 
avg 

ax 
at 

(7) 

specific growth rate of the cells, 
day-1, 

average mass concentration (wet or 
dry) of the broth during which 
measurement was conducted, g/~, 
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change in mass concentration of the 
broth, g/ml, 

time interval when measurement was 
conducted, day. 

For viability, Fluorescein Diacetate (FDA) dye was used 

to stain the sample. FDA quickly penetrates the cells and is 

converted to nonpolar fluorescein which accumulates in the 

cytoplasm. Under a UV microscope, viability is estimated by 

counting the number of cells that fluoresce in a given field 

and expressing this as a percentage of the total number of 

cells in that field. 

Mixing Time 

The fermentation culture was simulated for ease of 

measurement by using a cellulose fiber, Solka Floc Grade 1016 

size 290 ~ (Fiber Sales and Development Corporation, 1228 

Muzzy Rd., Urbana, Ohio) at varying solids concentration. Air 

flow rates were regulated to maintain an aeration rate of 1.1 

to 1.2 vvm (volume of air per minute per volume of 

fermentation broth) for both reactors. A 10% NaCl tracer 

solution was used. Instantaneous injection was done midway 

through the liquid height for the mechanically stirred reactor 

while for airlift reactor, through the injection port at the 

bottom. Conductivity changes were monitored at the surface of 

the liquid for both reactors. Dimensionalized quantity C was 

plotted over time and homogeneity was arbitrarily set as the 
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time to achieve 95% of the final conductivity reading (Chisti, 

1989) . 

C E 

where: c --

C(t) --

c (0) -

C(oo) -

Gas Hold-Up 

C(t} - C(O} 
C(oo) - C(O) 

dimensionless conductivity 
reading, 

conductivity reading at any 
time t, mho, 

initial conductivity reading 
before the tracer is injected, 
mho, 

the final conductivity reading 
(fully mixed state), mho. 

The experimental method employed was the Manometric 

Technique (Chisti, 1989) . A U-tube manometer was connected to 

the reactor through two ports located at different levels . The 

manometer fluid level difference before and after aeration was 

measured. Gas hold-up was computed by: 

where: 

e e 
(9) 

E = local gas hold-up, 

Px - density of the manometer fluid 
(Trichlorobenzene) , kg/m3

, 

P:t. = density of the fermentation broth 
(i.e. simulated with Solka Floc 
solution but is very close to 
water), kg/m3

, 

Pea = density of the aerating gas (ambient 
air) , kg/m3

, 
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c:nv= difference in height of the 
manometer arms, em, 

d% = difference in 
manometer port 
em. 

height of the 
level connections, 

Rheological Properties 

Fluids handled in fermentation processes are usually non-

Newtonian. To study the rheological behavior of the in vitro 

cotton fermentation broth, a coaxial cylinder viscometer 

(Brookfield LVT Stoughton, Massachusetts) with a UL adapter 

for small-volume sample was used. Viscosity was measured at 

increasing rotor speeds and the change in viscosity reading 

was monitored. These data were used to characterize what kind 

of non-Newtonian behavior the broth exhibits. Not only is the 

broth non-Newtonian but its properties also change with 

culture time. Presuming a simple Power Law model, the changes 

in consistency and flow behavior index were studied: 

(10) 

where: -- shear stress, Pa, 

K consistency index, Pa see-n, 

dV/dx= shear rate, sec-1
, 

n flow behavior index. 

The viscometer used provides viscosity reading as a function 

of rpm. The model is manipulated to transform the raw data to 

shear stress and shear rate, respectively, yielding the 

following working equation (see derivation at Appendix A) : 



24 

n R ~ 
o n 

--------------]n 
1. 1. 

(11) 

n (R n - R n) 
0 l 

where: J.l - viscosity reading, Pa s, 

n - rotor speed, radians sec-1
, 

~ - outside radius of the inner -
cylinder, em, 

~ - inside radius of the outer cylinder, -
em. 

A nonlinear regression using Nelder-Mead optimization (Riggs, 

1988) was used to compute for K and n. 



CHAPTER V 

RESULTS AND DISCUSSIONS 

The overall unpredictability of the outcome of biological 

systems causes large variability in most studies. It is an 

essential requirement to have as many reproducible runs as 

possible to offset these variations. Numerous exploratory- and 

confirmatory-experiments have been conducted. Presented on 

this study are the results of the completed and reproducible 

runs which are summarized in Table 3. For brevity, the 

mechanically stirred and the airlift bioreactors 

termed MS and AL, respectively, from this point. 

Effects of Aeration-Agitation on Oxygen Transport 
and Cell Growth 

will be 

At constant aeration rate, the oxygen transport in a 

particular system is affected by the mixing and gas dispersion 

capability of the reactor used. Coupled to this are the 

effects of the changes in viable cell population in the 

viscosity and mixing regime of the system. It is not the 

objective of this study to correlate these coupled variables. 

Rather, it is to establish a reference by which the two 

reactors in question can be compared quantitatively. 

The changes in mass transfer coefficient (k1a), settled 

cell volume, fresh weight concentration (FW), dry weight 

concentration (DW) and viability are given in Figures 5 

(a,b,c,d,e) and 6 (a,b,c,d,e) for MS and AL, respectively. 
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Table 3 - Summary of the results of the measured parameters 
for Airlift and Mechanically stirred bioreactors. 

I PARAMETER I AIRLIFT I MECHANICAL 

I. AERATION 

a. Mass Trans- Run 6.25-16.03 200 4.99-7.58 
fer Coef- #1* RPM 
ficient, 

300 6.10-8.55 k~a, hr-1 Run 9.48-18.46 
#2* RPM 

II. MIXING 

a. Mixing Time - 22 10 
seconds 

b. Gas Hol.d-up SYSTEM SYSTEM 200 300 
RPM RPM 

Water 0.027 Water 0.021 0.033 

1.67% 0.025 1.67% 0.003 0.018 
SF SF 

2.5% 0.021 not measured 
SF 

III. GROWTH 

a. Specific Run # Fresh Dry RPM Fresh Dry 
Growth WT Wt Wt Wt 
Rate, day-1 

1 0.287 0.144 200 0.095 0.070 

2 0.218 0.091 300 0.023 0.037 

b. Mass 66 183 
Doubling 
Time, hrs 

c. Time re- Run 11 200 8.5 
quired to #1 RPM 
reduce ini-
tial via.bi- Run 9 300 2 
lity by #2 RPM 
1/2, days 

d. Shear stress 0.018 0.166 
generated, 
Pa 

* ~produc.ibility o~ Airllrt: runa -• acre ~~i.cul.t to achi.e-.., beDce coodi.ti.ona ~or both runa 
..re kept COD.tant. 

** Vai.Dg aeratiOD l.eYel. ill tbe actual. batc:b. operati.OD. 

I 
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Though MS is generally characterized for its efficient 

mixing, the shear minimization constraint was a limiting 

factor. Thus, impeller speed was kept as low as possible. 

Agitation rates at 150-, 200- and 300-rpm were tested. 

Massive cell settling resulted at 150-rpm. The minimum 

speed at which the cells were kept suspended was 200-rpm. 

Results showed that growth was possible at this modestly 

agitated environment. A period of 12 days elapsed before 

complete lysis occurred with 7 days needed to reduce initial 

cell viability into half as can be seen in Figure 5e. Maximal 

cell growth was attained during the 8th day of the batch cycle 

time as shown by the peak in settled cell volume (Figure 5b) . 

This corresponded to the FW and OW concentrations maxima which 

gave a specific growth rate of 0. 095 day-1 and 0. 070 day-1 

based on FW and DW, respectively. On a mass doubling time 

basis, this can be translated to 183 hours. Generally, mass 

doubling time for plant cells ranges from 25 to 100 hours 

(Fowler) . Increasing the impeller speed to 300-rpm resulted to 

a 13% increase in k 1 a values. However, its deleterious effect 

on the overall growth of the cells became apparent . A 

stagnation in the settled cell volume and a negligible 

increase in FW and DW concentrations were observed (Figures 

Sb, Sc and Sd) . This can be explained by the drastic downward 

trend the initial viability took from 70% to 10% just 3 days 

after the start of the batch (Figure Se) . It might be possible 

to acclimatize the cells to this high shear environment (e.g., 
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through successive subculturing), but morphological changes 

may occur that would alter the structure of the cells. The 

compromise between efficiency of mixing and optimum growth was 

clearly demonstrated here. 

Reproducibility of results in AL was more difficult to 

achieve. This was attributed to the greater susceptibility of 

the cells to foaming problems inherent to the design of most 

pneumatic reactors. Optimization of the aeration rate became 

restricted. The fixed aeration rate (vvm) of the MS was taken 

as control against which results of AL runs were compared. 

A period of 14 days passed before complete lysis occurred 

and the time required to reduce initial viability by half was 

9-11 days (Figure 6e) . The peak in settled cell volume, FW and 

OW concentration occurred on the 8th day with specific growth 

rate based on FW and OW reaching a value of 0. 287 day-1 and 

0.144 day-1
, respectively (Figures 6b, 6c and 6d). On a mass 

doubling time basis, this can be translated to 66 hours. 

Figures 6a and Sa showed that at the specified aeration 

rate, the initial k~a values of AL are about twice as much as 

that of MS, (-17 hr-1 against -a hr-1
) • This implied that the 

oxygen-supplying effectivity of AL was twice that of MS. This 

ratio decreased though with culture time because the k~a 

values for both MS and AL considerably decreased and 

approached each other. With the proliferation of cells, the 

settled cell volume increased. The net effect of this on 

oxygen transport became more dominant than the distinct 
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aeration-agitation capability of each reactor. This was 

through the influence of increased concentration of solids on 

viscosity and gas hold-up. The presence of solids caused a 

turbulence-dampening effect which reduced agitation. The 

degree of dispersion of the air bubbles was therefore reduced. 

This led to bigger bubbles which have a greater tendency to 

coalesce and rise up to the surface faster. The turbulence

dampening effect was also contributed by the thickening of the 

broth as the solids concentration increased. Experimental 

results showed that viscosity (i.e., instrument reading at 

speed of 60-rpm presuming a Newtonian fluid) increased in a 

sigmoidal fashion with settled cell volume (Figure 7) reaching 

a value of 3.43 cp for 72% settled cell volume. 

As cells grew and secreted phenolic compounds (Fowler et 

al.), the broth became more viscous. This caused cell adhesion 

and accretion to the dissolved oxygen electrodes increasing 

the mass transfer resistance of the liquid boundary layer. 

Observed in both reactors, the probe used gave erratic oxygen 

partial pressures beyond 30% settled cell volume. This problem 

limited k 1 a determination just to the first half of the entire 

culture cycle. For further studies and for larger-scaled 

operations, a more interference-tolerant and more sensitive 

probe should be used. 
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Rheological Changes in Fermentation Broth 

The non-Newtonian behavior of the fermentation broth was 

validated from the readings of the Brookfield viscometer. The 

instrument reading decreased with increasing rotor speed 

indicating pseudoplastic (shear-thinning) characteristic. As 

the cell population increased over time, the broth strayed 

further from Newtonian nature with the flow behavior index, n 

decreasing from 0.848 to 0.62 (Figure Sa). Correspondingly, 

the consistency index, K increased from 0.0025 to 0.0167 Pa

s-n. With these values known, the shear stress developed can 

be quantified as shown in Figure Bb. The Power Law model aptly 

characterized the rheological behavior of the fermentation 

broth as shown in the accurate prediction of the viscometer 

readings in Figure 9. 

As the solids concentration increased from 10% to 54%, 

the magnitude of shear stress quadrupled (i.e., @ 6-rpm, from 

0.014 to 0.055 Pa). This introduced additional growth

restricting effects on the cells aside from the reduction of 

oxygen transport. 

The effect of the type of reactor used on the viability 

of cells can be more clearly quantified by comparing the 

actual shear stress generated in each bioreactor 

configuration. For MS, this has been widely studied (Metzner 

et al., 1961). A shear rate-shear stress nomograph for single 

flat-bladed turbine is available. For AL, Sokolov et al. 

(1981) correlated this as shown below: 
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where: 

Re-
8 u{- n dn PL 

K(6n+2)n 
n 
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(12) 

( 13) 

'tL = shear stress in the liquid slurry, Pa, 

PL = density of the broth, kg/m3
, 

UL = superficial gas velocity based on the 
airlift riser area, m/s, 

d = reactor diameter, m. 

Based from these correlations, the approximate shear stresses 

actually developed in the bioreactors were 0 .166 Pa and 0. 0182 

Pa for MS (@ 200-rpm) and AL, respectively. 

Mixing Time 

The degree of mixing affects the dispersion of bubbles 

which will determine the efficiency of oxygen transport. The 

mixing time more strictly defined is the time elapsed after 

instantaneous injection for the "noise"-less (local average) 

signal to settle to within ±5% of the final change. For MS at 

200-rpm, this required approximately -10 seconds (Figure lOa) . 

This ~as considerably shorter than the oxygen transport time 

(reciprocal of k~a) even at the smallest measured value of k~a, 

i.e., 5. 0 hr-1 (k~a-1 = 720 seconds) occurring at 37% settled 

cell volume. This ensured the non-occurrence of oxygen 

depletion especially in the poorly mixed region of the 
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reactor. By increasing the impeller speed to 300-rpm, the 

mixing time was not significantly reduced (Figure lOb) . 

For airlift, mixing time took about 20 seconds (Figure 

11) . This was also considerably shorter than the oxygen 

transport time at the smallest measured value of k1a, i.e., 

6. 25 hr-1 (k1a-1 = 576 seconds) occurring at 16% settled cell 

volume. 

Expectedly, the mixing time for MS was much shorter, 

about half that of AL. Its efficiency of mixing, in spite 

modest agitation level, was further displayed by the rapid 

dispersion of the tracer. As shown in Figures lOa and lOb, the 

reading registered only a single fluctuation before 

asymptotically stabilizing to homogeneity; whereas for the AL, 

several fluctuations of decreasing amplitude registered before 

homogeneity was attained. This reinforced the trend stated in 

the literature of the better mixing efficiency of the 

traditional impeller type reactor over pneumatic which makes 

it suited for large-scale viscous fermentation systems. 

The effects of solid concentration as can be seen from 

Figures lOa and lOb validated the turbulence-dampening theory 

as discussed in the Aeration section. Using water (which 

simulated the early stage of fermentation where cell volume 

was -10% or less), the large amplitude of the tracer 

concentration curve showed a high turbulence achieved 

resulting in a rapid dispersion of the tracer salt. With 

increasing solid concentration, the amplitude decreased 
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indicating a longer period of time required for a tracer 

particle to reach the conductivity probe. This trend was not 

observed however in AL (Figure 11) . For varying solid 

concentrations, the magnitude of decrease in ampl.tude almost 

just overlapped. It can be interpreted that the level of 

turbulence created in the constricted cross-section of the 

reactor was only weakly affected by the concentration of the 

solids. 

Gas Hold-Up 

As given in the literature survey, for non-Newtonian 

fluids in agitated reactor, k~a (and indirectly gas hold-up as 

well) is a function of superficial gas velocity. The effect of 

the increase in aeration rate to the superficial gas velocity 

was small due to the large cross-sectional area of the reactor 

which accounted for the less steep change in slope in Figure 

12a. ForMS at 200-rpm, gas hold-up reached a maximum of 0.021 

for water. An increase in agitation speed substantially 

increased hold-up due to a better dispersion of bubbles. The 

effect of aeration was not clearly demonstrated probably due 

to experimental technique insensitivity. The incremental 

increase in height of the manometer fluid was not easily 

detected at very low and at very high aeration rates . Gas 

hold-up remained constant at these aeration levels and a 

single transitional increase at about 3 scfh was observed. By 
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increasing the solids concentration to 1.67% SF, gas hold-up 

was reduced to 0.003 (Figure 12b). 

Gas hold-up for AL using water reached a maximum of 0. 025 

(Figure 13) . A linear increase with aeration rate was 

observed. From the literature survey, kJ.a is a function of 

gassed power input per unit volume (Pr;/V), where Pr; is directly 

proportional to aeration rate. With an increase in solids 

concentration, hold-up was also reduced. 

The effect of the presence of solids on gas hold-up was 

consistent with its results in viscosity and mixing time. 

These factors were all interrelated whose combined effect 

ultimately reduced kJ.a. 
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CHAPTER VI 

COST ESTIMATE 

The commercial viability of in vitro cotton production, 

as in most suspended plant cell culture is mainly restricted 

by its inherent slow biosynthetic rate. This necessitates the 

use of extremely large reactors which are operated at long 

cycle times. The susceptibility of the culture to 

contamination, the variability of growth pattern and the 

complexity of the product separation make this process a high

risk investment. Expectedly, the cost of production based on 

extant technology will be high and cannot feasibly compete 

with cotton grown the traditional route via agricultural 

production. However, to obtain an insight of the economics of 

this technology in its current state, an order-of-magnitude 

cost analysis was included in this study. Actual findings from 

experimental runs were used for scale-up calculations. Where 

unavailable, reasonable assumptions were made for other design 

parameters. 

Based on the preceding sections, it was shown that cotton 

cells can be grown in a mechanically stirred environment at 

moderate agitation. However, to achieve high specific growth 

rates, an airlift bioreactor is recommended. This was the 

reactor configuration used in this cost estimate. The effects 

of scaling-up on growth of the cells have not been fully 
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ascertained. For purposes of design computations, it was 

considered not limiting. 

Process Description 

Plant cells in the for.m of partially differentiated or 

unorganized tissues are observed to have high yields (Shuler 

et al., 1984). This for.m usually has very low or zero rates of 

proliferation. Thus conditions which enhance product for.mation 

suppress growth and vice versa. To solve this complication, 

most suspended plant cell cultures are designed with 

sequential stages to allow first, product for.mation and then 

product growth. From this concept, a three-week, two-stage 

cycle has been designed to grow cotton fibers as shown in 

Figure 14. The first stage allows the cells to multiply 

(proliferation phase). This takes 6 days in a 15,000 L airlift 

bioreactor. At the end of this stage, the cells are harvested, 

split and used to inoculate four 12,500 L Stage II airlift 

bioreactors. The second stage (elongation) takes 14 days in 

which the cells increase in length and begin to deposit a 

thick secondary cell wall of about 34% cellulose. A 2,500 L 

seed reactor is operated continuously for broth make-up to 

replace losses arising from sampling, evaporation and 

formation of deposits. 

Downstream processing for most biologicals are still 

considered more of an art than a science. However, because of 

the nature of the end product in this study, purification and 
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separation was assumed to be achieved by rotary drum vacuum 

filtration and subsequent drying. 

Given on the Table 4 are the production parameters for 

each stage. The following critical assumptions were made: 

Stage I: 

(a) Cellulosic content was 8% (Trolinder, 1992). This 

was used as the basis in wet cell density 

calculation. 

(b) External cell porosity was pegged at 0.30. 

(c) k~a was 18 hr-1 and gas hold-up was 0.027. 

Stage II: 

(a) Productivity used was 0.288 mg per g per day (dry 

weight basis) (Shuler et al., 1984) 

(b) Final cellulose content was 0.34 (Trolinder, 1992). 

(c) k~a was 10 hr-1 and gas hold-up was 0.022. 

Purification: 

(a) An overall recovery and purification loss factor of 

17% was arbitrarily assumed. 

Capital Cost 

The heart of the process is the two-stage batch 

suspension culture in bioreactors. The production output is 

deter.mined by the magnitude of these reactors and also plays 

a pivotal role in the sizing calculations of the rest of the 
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Table 4 - Production Parameters 
given in Appendix C) . 

(details of calculations 

I STAGE I I 
Total Reactor volume 15,000 L 

Percent Operating Volume 80% 

Height to Tank Diameter (H/D) Ratio 9 

Number of Units 1 

Cycle Time 6 days 

Initial Cell Volume Concentration 20% 

Specific Growth Rate 0.287 day-l 

External Porosity of Filtered Fiber Cells 0.30 

Fresh Weight to Dry Weight Ratio 7.43 

Cellulose Fraction in Dry Cell 0.08 

Density of Cellulose 1.35 g/ml 

Weight Cell Density 1.036 g/ml 

k 1 a 18 hr-1 

I STAGE II I 
Total Reactor Volume 10,000 L 

Percent Operating Volume 80% 

Height to Tank Diameter (H/D) Ratio 9 

Number of Units 4 

Cycle Time 14 days 

Specific Productivity 0.00028 g/(g day) 
dry weight 

Final Cellulose Fraction 0.34 

k 1a 10 hr-1 

I HARVESTING / PURIFICATION 

Annual Operating T:ime 48 weeks 

Number of Batches 12 batches 

Percent Loss in Recovery/Purification 17% 

Annual Cellulose Production 2,723 kg 

I 
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equipment. In this regard, bioreactor volumes were maximized 

using sizes currently used in actual commercial operation as 

the upper limit. Design was carried out to the closest detail 

possible based from the prepared data in the Material Balance 

Data Sheet (Figure 15) . Cost of equipment were approximated 

from Popper (1970) and Ulrich (1984) and updated using the 

Chemical Engineering Index. The details of the design 

computations are given in Appendix D. 

Table 5 summarizes the design and cost of key pieces of 

equipment. Total key process equipment investment reached $4. 3 

million. Of this, the bioreactor-related equipment expectedly 

constituted the biggest portion at 43%. Purification-related 

equipment comprised 25%. Its absolute cost is predicted to be 

a lot higher for specialized biological products like 

secondary metabolites. Unlike cellulose fiber which can be 

separated using traditional means, these metabolites may 

require sophisticated instruments and higher manpower because 

of the minute amounts handled. The total capital investment 

cost amounted to $9.9 million. 

As a rough comparison, for a moderate capacity production 

plant of biologicals based on rDNA, key process equipment 

investment ranges from $3-10 million and total investment, 

about $15-50 million (Rosen, 1987) . 
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MATERIAL BALANCE 

SEED MEDIUM 
Glucose 22J3 kg STERILIZATION 
Inorganic 4 kg batch type 
Water 773 kg 121 deg C tor 30 min 

Inoculum 146 kg SEED FERMENTATION 

temper eture 34 c : 

r elr reqmt 0.258 cu.m/mln 

ant Ito am ooo ml continuous 

STAGE I MEDIUM STERILIZATION 
Glucose 232 kg continuous 

t norgenlc 40 kg 143 C for 30 s 
Water 7728 kg 

steam Injection 

STAGE I FERMENTATION 
Inoculum 1450 kg temperature 34 C 

etr reqmt 6.1 m3/mln 

cycle 5.5 days 

at harvest: ~ 
! 

ant Ito am 990 ml wet weight solids 5810 kg ~ 
water 8728 kg 

STAGE II MEDIUM STE RILl ZATION 

Glucose 928 kg continuous to 3 other unite l 
I norganlc 160 kg 143 C for 30 sec 

Water 30912 kg steam Injection 

~ ' l 

antlfoam ggo rnl STAGE II FERMENTATION 

temperature 34 c 
air reQmt 4.986 rn3/mln 

HOLDING TANK cycle 1-4 days 
at her vest: 

Yte.t we\Qbt aolld 6800 kg wet welg ht solid 14 50 kg 
(dry weagnt aolid ·eo4 KCJ> (dry welg h t solid 201 kg) 

Water 30912 kg water 7728 kg 

from 3 other unlta 
to mad 

f 

3 

tum recycle moisture 

lltrete ~. l ' ROTARY 

061-4 kg VACUUM ROTARY ORYE R I FILTER 

; 

: . 
' 

~ ~· 

4.0 4 kg 

76S dry solids dry wt solids 667 k g 

g) solid lose 137 kg (cellulose 227 k 

Figure 15 - Material balance data sheet 
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Table 5 - Capital Cost Summary. Cost of equipment were 
estimated using Ulrich (1984) and Popper (1970) 
with CE cost index. Details are given on Appendix 
D. 

I 
ITEM 

I 
# 

I 
BARE MODULE 

I COST, $ 

RM Mixing Tank, agitated, 2. 5 m3
, f~at top, 1 27,600 

f~at bottom, ss 

Agitator, prope~~er type, open tank, 5 hp, ss 1 13,690 

Media Sterilizer, 3.33 m coi~ ~ength 1 31,780 

Seed Airlift, 1. 25 m3
, jacketed, ~ow pressure 1 41,400 

(50 psi), ss 

Stage I Airlift, 15 m3
, jacketed, ~ow 1 131,100 

pressure (50 psi), ss 

Stage II Airlift, 12.5 m3
, jacketed, ~ow 4 483,000 

pressure (50 psi), ss 

Holding Tank, 44 m3 

' 304 ss, f~at top, f~at 1 24,640 
bottom 

Filtrate Recycle Tank, 36m3 1 69,000 

Air Sterilization Unit, She~l and Tube, 150 1 49,830 
m2' steam condensing, fixed sheet and tube 

Air Compressor, 930 scfm, 80 hp, 50 psig, 1 109,520 
staged, doub~e acting, water-coo~ed, centrifugal 

Cooling Tower, 9,400 gpm 1 854,290 

Rotary Vacuum Filter, 7 m2 1 264,170 

Rotary Dryer, 1,900 ~/hr evaporation rate, 1 98,570 
co-current war.m air contact, 10 m3 interna~ 
vo~ume 

Holding Bin, 5m3 1 7,390 

Pump, rotary positive disp~acement, 2 hp, for 5 65,715 
viscous range 
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Table 5 - (continued) 

TOTAL PLANT DIRECT COST (TPDC) 4,543,420 
Using Lang Factor = 2 x L installed 
cost (Ulrich, 1984) 

Engineering (25% TPDC) 1,135,855 
Construction (40% TPDC high labor) 1,817,370 

----------
TOTAL PLANT INDIRECT COST (TPIC) (TPIC - 2,953,220 -

Engineering + Construction) 

TOTAL PLANT COST (TPC = TPDC + TPIC) 7,496,640 

Contractor's Fee (8% TPC) 599,730 
Contingency (20% TPC speculative 1,499,330 

process) ----------
2,099,060 

DIRECT FIXED CAPITAL (DFC = TPC + 9,595,700 
Contractor + Contingency) 

WORKING CAPITAL (15% of DFC) for 314,860 
maintenance and raw materials 
Reisman, 1988) 

TOTAL CAPITAL FOR TRANSFER 9,910,560 
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Operating Cost 

Rule-of-thumb indices were used to estimate production 

cost. Breakdown of operating cost items of an actual 

penicillin-based fermentation process was used as a reference 

(Swartz, 1979). This is summarized in Table 6. 

The capital-intensive nature of the process coupled by 

the low production output renders large-scale in vitro cotton 

production highly infeasible. To get at least a 20% return on 

investment, the cotton product should be sold at $1,925 per 

kg. This is indeed a very exorbitant price considering that 

the cotton US Spot Price (between the duration of 1987 to 

1989) has not exceeded $ 0.53 per kg (GAO Document RCED-90-

170, 1990). To make in vitro process competitive against 

agricultural production, yield of the current process should 

be increased 3500-fold, an impossibility for plant cells. 

An alternative that can be explored is the production of 

more valuable derivatives that will offset the large 

investment requirement of the process. 



Table 6 - Production Cost Summary 

OPERATING COST 

Raw Materials 

Operating Labor 

Direct Supervision 
(37% of Operating Labor) 

Maintenance 
(5.3% of Fixed Investment) 

Laboratory 
(4 .1% of Labor) 

Utilities 
(50% of Raw Materials) 

Supplies 
(0.7% of Fixed Investment) 

Waste Disposal 
(2. 5% of TCI) (Bruck et al . , 

1983) 

Depreciation 
(4% of Equipment Cost) 

Real State Taxes 
(3.0% of Fixed Investment) 

Insurance 
(0.7% of Fixed Investment) 

Plant Overhead 
(53. 6% of Labor, Supervision 

and Maintenance) 

Return on Investment 
(20% of Total Capital) 

I TOTAL COST I 
Sources: (Drapeau et al., 1987) 

(Swartz, 1979) 
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UNIT COST, % OF UNIT 
$/kg COST 

84.17 4.37 

64.41 3.35 

24.15 1.25 

186.98 9.71 

2.64 0.14 

42.08 2.19 

24.69 1.28 

91.09 4.73 

33.41 1.74 

105.83 5.50 

24.69 1.28 

147.69 7.67 

1,093.08 56.79 

1,924.92 I 100.00 I 
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CHAPTER VII 

CONCLUSIONS AND RECOMMENDATIONS 

seven-month study on the comparative 

characterization of two of the most commonly used bioreactors 

in suspended plant cell culture confirmed the better 

suitabil.ity of airl.ift over the mechanically stirred. The 

following design parameters were quantified (summarized in 

Table 3) which can be used for further pilot plant studies on 

in vitro process: 

(a) Oxygen-supplying capability. At the operating 

aeration rate used, the oxygen mass transfer 

coefficient (k~a) of AL was about twice as much as 

that of MS ( - 17 hr-1 against - 8 hr-1
) • However, 

beyond 30% settled cell volume, severe build-up 

problems in AL occurred which rendered dissolved 

oxygen measurement using the availabl.e analyzer 

impossible. 

(b) Rheological properties of the broth. As in most 

pl.ant cel.l suspensions, the fermentation broth 

studied al.so exhibited pseudoplastic behavior. As 

solids concentration increased with culture time, 

the broth strayed further from Newtonian behavior 

(n decreased from 0.848 to 0.62). With this change 

was the increase in shear stress (measured at 6-

rpm) from 0. 014 to 0. 055 Pa. This increase with 
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solids made culturing beyond 60% very tedious and 

difficult to control. Between AL and MS, the former 

minimized shear more effectively. At the latter 

stage of the process (solids concentration was 

about 55%), the stresses generated were 0.018 and 

0.166 Pa for AL and MS, respectively. 

(c) Mixing time. The more efficient mixing capability 

of MS was shown in its mixing time which was half 

as that of AL (10 seconds against 22 seconds) . 

However, 

because 

this 

of 

characteristic cannot be utilized 

shear minimization constraints. 

Agitation level was restricted between the range 

150-rpm, where cell settling occurred, and 300-rpm, 

where rapid cell lysis resulted. 

(d) Gas hold-up. The average gas hold-up of AL was 

about eight times as much as that of MS (0. 025 

against 0.003). This property indirectly influenced 

oxygen transport hence, these 

consistent with k~a's measured. 

results were 

The overall effect of these parameters on the growth of 

Gossypium birsutum L. cell variety SJ1 was quantified by 

resulting specific growth rate. The AL provided a more growth

conducive environment than MS (specific growth rate of 0.287 

day-1 against 0 . 0 95 day-1
) • On a mass doubling basis, these 

translated to 66 and 183 hours for AL and MS, respectively. 
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At its current state, growing of cotton using in vitro 

techno1ogy wou1d cost about $1,925 per kg. Considering that 

fie1d-grown cotton costs just about $0.53 per kg, the process 

faces insurmountable economic barriers. A more exotic, highly

priced derivative 1s required to compensate for the two 

constraints inherent to most plant cell culture: (a) slow 

biosynthesis rate and (b) high capital investment. 

These findings are just initial trends observed on the 

availab1e laboratory-scale bioreactors . Further studies on 

mass transport and hydrodynamics effects in pilot-scale 

systems should be conducted for a better understanding of the 

cell behavior in large bioreactors and for a more realistic 

basis for scale-up. 
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DERiv.ATION OF THE WORKING EQUATION FOR 
THE COMPUTATION OF K AND n 

66 

This section gives the derivation of the working equation 
to transform the Power Law model variables (i.e. , shear stress 
and shear rate) into measurable variables, rpm and viscosity 
read from Brookfield Viscometer. 

Consider a system of concentric cylinders with the inner 
cylinder (outer radius is ~) rotating and the outer one 
(inner radius is ~) stationary. For a cylindrical component, 
the Equation of Motion for 9 component is (Bird et al., 1960): 

p [ave 
+ v ave 

+ 
Ve ave 

+ 
VI Ve 

+ v ave 
at I ar r ae r z az 

= 1 ap [.J:_ a (r2 "tre) + l:. a "tee a"tez] + p ge (1) 
ar + r ae r2 r ae ~z 

The following simplifying assumptions are made: 

a) steady-state 
b) Ve does not change with r 
c) only the e component is considered 
d) no pressure drop effects 
e) no gravitational effects 

Eq. (1) therefore becomes: 

~~r [ r 2 "t re J - o 

which upon integration becomes: 

- cl "tre = -r2 
(2) 

Presuming a Power Law Model for fermentation broth has 
been been found valid by Tatterson (1991) . 

(3) 

where y for cylindrical coordinates is: 

a ( Ve) 
r (4) 

'Y = r 

The coordinate system must be selected so that y is positive 
and Ve decreases in magnitude as r increases. For (0/0r) (V8/r) 



to be positive, 
Substituting Eqs. 

e must act in the opposite 
(3) and (4) in Eq. (2) yields: 

which upon integration becomes: 

1 2 

( _ cl) n n r 1 - 1i Va = - + c2 r 
K 2 
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direction. 

( 5) 

The boundary conditions are used to compute for the 
values of the integration constants, c 1 and c 2 • 

BC 1 : V8 (@ r=~) = 0 

1 -1 o = _ ( _ c1 ) n n R n 
K 2 o + c2 

(6) 

BC 2: V8 (@ r=~) = Q 

1 -1 c E - (- cl ) n n R. n 
K 2 ~ + c2 

(7) 

By solving Eqs. (6) and (7) simultaneously, the values of c 1 

and c 2 can be obtained and substituted back into Eq. (5) to 
give the expression for V8 : 

w -1 1- 1 
(r Ron - r n) 

-1. ( 8) 

With this value known, (O/Or) (V8/r) can be obtained to give 
the expression for y: 

l>(Ve) c 2 --I 2 I n (9) y - r -
l>I 2 -1. --

n (Ro 
n - Ri n) 

The torque, r measured outside the outer radius of the 
inner cylinder is: 

r = 2 1t R· L ~..6 R· 
~ ,Lg ~ 

( 10) 

However, the torque measured by the Viscometer which is 
used to measure viscosity presumed newtonian behavior hence, 
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the newtonian definition of r can be used. 

R2 R2 
r=41tJ.LLC 1 0 

R 2 - R~ 
0 ~ 

( 11) 

Equating Eqs. (10) and (11) will finally give the working 
equation to measure K and n. 

2 

J.L n R~ 2 n Rn (12) 
2 K [ 0 ] n -R2 2 2 2 - R· 0 ~ n Ron n - Ri 

The researcher is particularly indebted to Dr. R. 
Rhinehart (Professor - Chemical Engineering Department, Texas 
Tech University, Lubbock, Texas) for correcting his initial 
derivation and guiding him through this derived final form. 



ALGORITHM OF THE NONLINEAR REGRESSION FORTRAN 
PROGRAM TO COMPUTE K AND n 

69 

This section gives the algorithmn of the Nonlinear 
Re~ression FORTRAN program using Nelder-Mead optimization 
(Riggs, 1988) for the calculation of K and n in the Power Law 

Model. 

c 
C***************************** 
c 

ABSTRACT ******************** 

c 
c 
c 
c 

THIS PROGRAM DETERMINES THE CONSISTENCY AND FLOW INDICES 
OF THE POWER LAW MODEL USING NON-LINEAR REGRESSION. THE 
NELDER- MEAD PATTERN SEARCH OPTIMIZATION METHOD. 

C**************************** 
c 

NOMENCLATURE **************** 

c 
c 
c 
c 
c 
c 

C(I)- THE UNKNOWN PARAMETERS, C(1)=K AND C(2)=n 
H- THE INITIAL SIMPLEX SIZE 
N- THE NUMBER OF DATA POINTS USED 
P(I)- THE VISCOSITY (cp) 
RPM(I)- THE VISCOMETER SPEED (rpm) 

C***********************************************************C 
c 

REAL C (2) 
COMMON /DATA/RPM(4),P(4),N 

c 
C SET THE INITIAL SIMPLEX SIZE AND SELECT PRINT OPTION 
c 

c 

H=.01 
IPRINT=O 

C INPUT THE VAPOR PRESSURE/TEMPERATURE DATA 
c 

c 

N=4 

RPM(1)=6 
RPM(2)=12 
RPM(3)=30 
RPM(4)=60 
WRITE (6, 1) 

1 FORMAT( 18H INPUT P(I) 1 TO 4) 
READ(6,*) P(1),P(2),P(3),P(4) 

C INPUT INITIAL GUESSES FOR K AND n 
c 

C(1)=0.2 
C(2)=0.1 

C CALL NELDER-MEAD OPTIMIZER 



c 

c 
c 
c 

c 
c 

CALL NMEAD(C,2,H,IP~NT) 

PRINT OUT RESULTS 

WRITE(6,22) 
WRITE ( 6 , 2 0) 

20 FORMAT( 14H K AND n ARE:) 
WRITE(6,21)C(1),C(2) 

21 FORMAT( 3H K=,E12.5,4X,3H n=,E12.5) 
WRITE(6,22) 

22 FORMAT( ///) 
STOP 
END 

70 

C**************************** ABSTRACT ********************* 
c 
C THIS SUBROUTINE CALCULATES THE SUM OF THE SQUARES OF THE 
C ERROR GIVEN K AND n, C(I). 
c 
C*********************************************************** 
c 

SUBROUTINE NSOLV(X,F) 
RE~ X(2),DP(100) 
COMMON /DATA/RPM(4),P(4),N 
F=O. 
DO 10 I=1,N 

C NOTE THE EXPONENTIAL FORM OF THE ANTOINE EQUATION IS USED 
C HERE 

ALPHA=2. /X (2) 
DP(I)=P(I)*RPM(I)-805.412*X(1)*(0.20994*RPM(I)*1.0625** 

+ ALPHA/(X(2)*(1.0625**ALPHA-0.96875**ALPHA)))**X(2) 
10 F=F+DP(I)*DP(I) 

RETURN 
END 
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This section gives the detail of the Raw Material 
composition and costs of the Proliferation and Elongation 
Media used in In Vitro Cotton Culture. The Unit Prices were 
obtained from Chemical Marketing Reporter (December 1991) . 

Table 7 Summary of the composition and the cost of 
Proliferation and Elongation Media 

PROLIFERATION MEDIA 

Raw Material Composition Cost # of L Total 
per L per L per Annual 

batch Cost 

Glucose 30.00 g 0.592 8,800 62,555 

Inorganic Nutrients 4.72 g 

Distilled Water 1000 ml 

ELONGATION MEDIA 

Glucose 22.00 g 0.433 32,000 166,383 

Inorganic Nutrients 1.25 g 

Distilled Water 1000 ml 

TOTAL COST 228,938 

Note: # of batches per year = 12 

The details of the media composition are given on the 
following sheets. 
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Details of the composition and the cost of the 
Proliferation Media 

STOCK COMPOSITION COST PER 
AMOUNT PERUTER UNIT COST UTER 

30 g 0.01020 0.57800 

0.1 ml 
0.5 ml 

100 ml 

-~-------~----------
NH4N03 ee g 1.85 g 0.00013 0.00021 
KN03 76 g Ul g 0.00053 0.00101 
KH2P04 6.a g 0.17 g 0.00015 0.00003 
Ferric EDT A 1.72 g 0.043 g 0.00143 o.ooooe 
MGS04 14.8 g 0.37 g 0.00034 0.00013 
CaCI2 Stoctl 116 ml 

CaCI2 300 g 0.435 g 0.00174 0.00076 
Ol.tllled Water 

2000 ml 
Micronu1rients 1 40mt 

H3B03 6.3 g 0.0063 g o.oooee 0.00000 
MnS04 22.3 g 0.0223 g 0.05000 0.00112 
ZnS04 6.6 g 0.0086 g 0.00070 0.00001 

Oiatilled Water 

1000 ml 
Micronu1rients 2 40ml 

CuS04 0.025 g 2.5E-05 g 0.0012,g 0.00000 
Na2Mo04 0.025 g 2.5E-05 g 0.00616 0.00000 

CoCI2 0.025 g 2.5E-05 g 0.00913 0.00000 
Ol.tllled Water ml 

1000 ml 

KIStock 40ml 
Kl 0.75 g 0.00075 g 0.02882 0.00002 

Distilled Water ml 

1000 ml 

VItamin Stock 40ml 

Nicotinic Acid 1.002 g 0.001002 g 0.00705 0.00001 

Thiamine HCI 10.002 g 0.010002 g 0.04100 0.00041 

Pyrodoxlne HCI 1.001 g 0.001001 g 0.05000 0.00005 

Myo-lno.ltol ee.ee g 0.09G9G g 0.03000 0.00300 

Ol.tllled Water mt 

1000 ml 

Olltilled Water 

4000 mt 

Antlfoam 0.1 ml 0.09580 0.00958 

OVER AU.. PROLIFERATION TOTAL COST 

COMPOSITION MEDIA PERUTER 

Gluco• 30 g 0.58238 

Inorganic 4.71802 g 
Oi.tllled Water 1000 ml 

1000 ml 



Table 9 

CHEMICAL 

Gluc:o.. 
2.4-0 
Kinetin 
BTconc 

BT CONC COMP051T10N 

74 

Details of the composition and the cost of the 
Elongation Media 

STOCK COMP06ITION COST PER 
AMOUNT PER UTER UNIT COST UTER 

22g 0.0102 0.42:240 
0.1 ml 
0.5 ml 

100 ml 

-------------------Stoclc #1 10 ml 
KH2P04 '0.18 g 0.0'018 g 0.0014N5 4.0213E..()5 
H3803 0.8183 g o.oooe1aa g 0.000558 4.08&4E~7 
Na2Mo04.2H20 0.0242 g 2.42E..()5 g 0.00818 1.4807E~7 
Dlatilled Water 

1000 ml 
Stoclc#2 10 ml 

CaCI2.2H20 44.106 0.044106 g 0.001738 7.8e56f..()5 
Kl 0.083 8.3E..()5 g 0.02882 2.3821E-06 
CoCI2.eH20 0.0024 2.4E-06 g 0.00913 2.1912E~ 
Olatilled Water 

1000 ml 
Stock #3 10 ml 

MgS04.7H20 49.3 0.0493 g 0.()()()341 1.8811 E-05 
MnS04.H20 1.6902 0.0016902 g 0.05 8.4510E..()5 
ZnS04.7H20 0.86'0 0.00086'0 g 0.000704 8.0734E~7 

CuS04.5H20 0.0025 2.5E-06 g 0.001285G 3.2148E~ 
Distilled Water 

1000 ml 
Stock #4 20ml 

KN03 505.55 1.0111 g 0.00053 5.3588E-04 
Olatilled Water 

1000 ml 
Stock#5 10 ml 

FeS04.7H20 0.8341 0.0008341 g 0.0001·H 1.1781E~7 

NaEDTA 1.1187 0.0011187 g 0.00143 1.6888E-Oe 
Olatilled Water 

1000 ml 
Stock #8 10 ml 

Nicotinic Acid 0.0492 .c,g2E..()5 g 0.00705 3.4886E~7 

Pyrodoxlne.HCI 0.0622 8.22E..()5 g 0.05 4.1100E-Oe 
Thlemlne.HCI 0.1349 0.0001348 g 0.041 5.5309E-Oe 
Oiatilled Water 

1000 ml 

Stock #7 10 ml 

Myo-lnc*tol 18.016 0.018016 g 0.03 5.4048E-04 

Distilled Water 

1000 ml 

Olatilled Weter 

1000 ml 

Antltoam 0.1 ml 0.0958 9.5800E~ 

aONGATION COST PER 

OVERALL COMP051T10N MEDIA UTER 

Gtucoee 22g 0.43329 

Inorganic 1.2552024 g 

Oletllled Water 1000 ml 

1000 ml 
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This section gives the details of the production output 
calculations of a large-scale in-vitro process producing 
cot~on (cel~ulose) . The resulting figures were used as the 
bas1s of un1t cost analysis. 

STAGE I 

The total designed volume of Stage I Airlift bioreactor, 
~I was 15 m

3
, 80% of which was operational. The starting cell 

1noculum, CI was 20% by volume. 

From the results of actual laboratory experiments, the 
fresh weight to dry weight ratio, FW/DW was measured to be 
7.43. This was assumed constant throughout the entire stage. 
From this, the wet cell density was computed using a basis, m.c 
of 1 g wet cell: 

Pwc = 

where: 

mwc 
FW/DW I 

Pwc 
lnwc 
FW/DW 

1 
+ mwc I 

P cellulose 

(FW/DW- 1) 

FW/DW 
1 

Pwat:er 

--
--

density of wet cells, g/ml, 
basis weight of wet cells, g, 
fresh weight to dry weight 
ratio of the cells, 

P cel.l.ul.oae -- density of cellulose (1.35 
g/ml), 
density of water (1.00 g/ml). Pwater --

Al.so from actual results, the specific growth rate, ~rate 
of the the cells at this stage was 0.287 day-1

• The external 
cell porosity, £ was assumed to be 0.30. The total cycle time 
can last about 1 1/2 weeks. An exact cycle time, tii of 5.5 
days was computed to be required to produce the amount of 
cells necessary to inoculate all the four Stage II bioreactors 
from the following equation: 

mii 5 0 I 80 VI Cz (1 - e) Pwc {1 + J.l.rate) tr 

where: mxx - total amount of cells (wet -
weight basis) needed to 
inoculate all Stage II 
bioreactors at 20% (vol) 
initial concentration, kg, 

VI - total volume of Stage I -
reactor, m3' 

Cz - cell volume percent of the -
inoculating cells, 

£ - external cell porosity, -
~rate - specific growth rate of the -
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cells, day-1
, 

stage cycle time, day. 

STAGE II 

The designed total volume of the four Stage II 
bioreactors was 12 . 5 m3 each. Previous studies showed that the 
total cycle time, t:n for this stage took about two weeks with 
a final cellulose content, Ccel.l.ul.o•• of at least 34% (Trolinder, 
1992) . In the separation/recovery processes, a loss factor 83% 
was estimated. 

The key process parameter for the Elongation stage was 
the specific productivity, prodtu (i.e. the amount of new 
material generated from the old material per unit time) . The 
scope of this study covered only hydrodynamic, mass transport 
mechanisms and growth behavior in the Proliferation stage. For 
most plant cell tissue cultures though, specific productivity 
ranges from 4 to 20 microgram per gram per hour on a dry 
weight basis (Shuler, 1984) . A median value was used in the 
designed process (0.288 mg per g per day). 

The total annual production output computed was 2,723 kg 
from the following: 

mrr 
prodn = (mii productii trr + FW/DW) no.batcnes (1 - loss) Crr 

where: prodn 
prodtu 

t:r:r 
no. batchea 

loss 
Cu 

---
-
-

----

total annual production, kg, 
specific productivity, mg per g 
per day, 
total cycle time, days, 
the total number of batches per 
year (i.e. 12 for a 48 week
year with a one week turnaround 
period), 
recovery loss factor, 
final cellulose content of the 
cells at the end of the cycle. 
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This section gives the detail of computations for the 
sizing of the equipment. ~l costs were obtained from Popper 
(1970) and Ulrich (1984) and otherwise given for other 
sources. 

Stage II, low pressure (50 psi), jacketed 

The total reactor volume for each Stage II airlift 
bioreactor is 12,500 L, of which 80% is operational. The 
rule-of-thumb for the slender ratio (height to tank 
diameter) is 2 to 10 (Choi, 1990) . Geometric similarity 
between laboratory scale and large scale reactor was 
observed by keeping this value at 9. This basis was also 
used for the Stage I and the Seed bioreactor. 

VII = 12,500 L 

Du = 1 . 123 m 
H:n - 10.103 m 

Installed Cost= $35,000 

Stage I, low pressure (50 psi), jacketed 

VI= 15,000 L 

DI = 1.193 m 
HI - 10.736 m 

Installed Cost - $38,000 

seed Tank, low pressure (50 psi), jacketed 

v ... 4 = 1,250 L Installed Cost- $12,000 

1t 2 
- 4 Dseed Hseed 



D aeec! - 0 . 521 m 
H.eed - 4 . 6 9 0 m 
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Raw Materials (Glucose and Inorganics) Mixing 

(a) Mixing Tank, agitated 

The volume of the mixing tank for glucose and 
inorganic materials is designed to give a pumping 
t~e of 20 minutes (Bartholomew, 1979) . The slender 
ratio is 1.5. 

V.u = 2,500 L Installed Cost - $8,000 

D l..m.J-l.l.er = 0 . 514 m 

(b) Agitator, open tank, propeller type (Ulrich, 1984) 

The impeller diameter is 40% of the tank 
diameter. The power consumption is a function of 
the Newton's number, Ne. 

KWmixing = Newton (Impeller Speed) 3 Dimpallaz p 

from Schugerl (n.p., n.d.), Newton's number can be 
taken as 0.48. 

KWmizinq = 3 • 0 9 KW 

Holding Tank 

Purchase Cost~~= $4,800 
Material Factorss = 2 . 5 
Purchase Costtotal. = $12, 000 

The volume of the holding tank should be sufficient 
to hold the slurry harvested from the four Stage II 
bioreactors and the wash water. The flowrates used for 
the design are given in the Material Balance Data sheet 
(Figure 13) . 

Vhol.d.ing = 41, 000 L 

Filtrate Storage Tank 

Purchase Cost = $5,000 
Material Factorss = 4 . 5 

Large volume of filtrate can be recycled back to the 
medium preparation. This can help minimize the amount of 
waste to be disposed off and save on raw material cost. 

V.ril.trat• = 36, 000 L Installed Cost = $20,000 



81 

Air Sterilization Unit, shell and tube heat exchanger, steam 
condensing 

Air is sterilized using steam condensing in the 
shell side of the heat exchanger. The temperature of 
ambient air is raised to 130°C. Its design is 
approx~ated using rule-of-thumb heat transfer 
coefficient from Perry (1984) . 

For the shell side (steam), the total heat required 
can be computed from: 

Oshell = U A ( Tshell enter - Ttube out) - ( Tshell out - Ttube ent:er) 

ln ( Tshell enter - Ttube out) 

( Tshell out - Ttube enter) 

The overall heat transfer coefficient, U can be 
estimated using the shell side heat transfer coefficient, 
h from Eq. 10-99 (Perry, 1984) : 

where: h -
b = 
L-

h = b [ _.f._ ] 1/3 

WF 

J/ (m2 s OX), 
constant (2080 in SI units), 
length of the heat transfer surface, 
m (approximated to be 2m), 
mass flowrate of the steam (30,000 
kg/hr from Figure 13) . 

h = 1,293 J/(m2 sOX) 

The total area available for heat transfer, A is the 
unknown. The temperatures for the incoming and outgoing 
streams in this countercurrent shell and tube heat 
exchanger are: 

For the tube side, the total heat supplied is: 

Ocube = m CP ( Ttube out - Ttube enter) 

where: m = flowrate of the air (47,405 kmol/hr 
from Figure 13), 

CP= specific heat capacity of air (0. 25 
cal/g °C) . 

By equating the heat supplied from the shell side to 
the heat required by the tube side, the overall heat 
transfer are is computed to be: 
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Areaa.at !rran•~·r - 14 9 m2 Installed Cost= $12,000 

Media Sterilizer, continuous coil injection 

The large amount of media used necessitates 
continuous media sterilization. An effective method is 
t~rough direct contact of steam and media by injection 
w1th a short retention time in extended coils (Stanbury 
et al., 1984). 

retention time = 30 seconds 

where: 

t _ A L 
retention = V 

A = cross sectional area of the coil 
used, m2

, 

L = length of the coil used (length-to
diameter ratio is 20), m, 

V = volumetric flowrate of the media 
(8.728 m3 /hr from Figure 13). 

From this, the total length of the sterilization 
coil is computed to be: 

Length = 3.33 m Purchase Cost - $22,000 

Rotary Drum Filter, Constant Pressure Filtration 

In fermentation industry, constant pressure 
filtration is usually encountered with filter cakes of 
compressible nature (Aiba, 1965) . To estimate the total 
filtration area, actual filtered cake and filter medium 
resistances must be known. Since neither of these are 
measured, the filtration area of this process is prorated 
by the amount of product from a similar economic study of 
a suspended plant cell derivative. 

Areal'i.l.trati.on = 7 m2 Purchase Cost - $46,000 

Rotary Dryer, warm air direct heat co-current (for heat 
sensitive solids) 

Maximum liquid removal capacity of a vacuum filter 
is 75% (Ulrich, 1984) . A final dryer is needed to obtain 
99.5% dry solids. A rotary dryer that can handle heat 
sensitive solids is specified (Perry, 1984). 

Loa~~ = 864 kg/hr Purchase Cost = $90,000 
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Holding Bin, for filtered and dried product 

Installed Cost = $8,500 

Cooling Tower 

The total cooling tower capacity is calculated from 
the energy required to bring the sterilized air (t=l30°C) 
and the sterilized media (t=143°C) temperature down to 
reactor temperature of 34°C. A 15°C temperature rise from 
30°C in cooling tower is specified. The flowrates 
required for the computations are: 

m.t.ri.l.i.zed ai.r = 47' 405 kmol/hr 
m.t.ri.l.i.zed medi.um = 7, 728 kg @ 20 minute-pumping period 

CapacitY to-r = 9, 420 gpm Installed Cost = $67, 000 

Compressor, single staged, double acting, water cooled 

The total air flowrate to be compressed is 
calculated from the aeration requirement of the Seed, 
Stage I and Stage II bioreactors. The mass transfer 
coefficicient, k1.a and gas hold up, £ measured in the 
experiment are used to compute for this. Correlation is 
given by Chisti (1989) : 

klalarge -

where: 

6 [ k 1 a small ( 1 - E ) J 
6 E 

Q 

--

--

mass transfer coefficient 
of the designed large 
scale reactor, hr-1

, 

mass transfer coefficient 
of the laboratory scale 
reactor, hr-1

, 

gas hold-up, 
riser area, m2

, 

downcomer area, m2
, 

constants particular to a 
specific airlift system; 

for a viscous system, a= 0.00016 
~ - 0.90 and 

for a dilute system, a= 0.00071 

--

~ = 0.812, 
density of the 
fermentation broth, kg/m3

, 

air flowrate, m3 /s, 
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g -- g r a v i t a t i o n a 1 
acceleration, m/ s 2

• 

k1a is used as the translational parameter and is kept 
constant as the reactor scale is increased from the 
laboratory to large-scale . The broth changes as the 
fermentation progresses and this is accounted for by 
varying the values of k1a and E used: 

Stage II E .... u. - 0.022 -
k1a - 10 hr-1 -

Stage I E .... u. - 0.027 
k1a - 18 hr-1 -

The total air required for aeration is: 

lllai.r = 1, 580 m3 /hr 

The power rating of the compressor is computed from 
the adiabatic compression equation (Perry, 1984) : 

p k-1 
k (Q Pl) [ (-2) -k- - 1] 

k - ::. P, 

where: KWaci 

k 
pl 
p2 

----
---

... 

theoretical KW rating, KW, 
1.67 for air, 
suction pressure (1 atm), 
discharge pressure (3 atm) . 

From this, the hp rating of the air compressor: 

hp compreaaor = 8 0 hp Purchase Cost= $40,000 
(centrifugal) 

Material Factor = 2.5 

Standard pump design and costs were arbitrarily 
chosen. 

hppump - 2 hp Purchase Cost = $6,000 
(rotary positive displacement) 
Material Factor = 2.0 

The tabular summary showing the updating to 1991 cost 
figures is given on the following sheet. 



Table 10 Details of the Total Capital Investment 

ITEM 

Raw Material mixing tank, agitated, 2.5 m3, flat 
top, flat bottom, stainless steel 

Agitator, propeller type, open tank, 5 hp, ss 
Medium Sterilizer, 30 g/m, 304 SS 

Seed airlift fermentor, 1.25 m3, jacketed, 

low pressure (SO psi), ss 
Stage I airlift fermentor, 15m3, jacketed, 

low pressure (SO PSI), SS 

Stage II airlift fermentor, 12.5 m3, jacketed, 

low pressure (SO pSI), SS 

Holding tank, ~ m3, 304 SS, flat top, flat 

bottom 

Rltrate Recycle Tank, 36m3 

/4Jr Sterilization, 1 SO m2, Shell and tube 

steam condensing, fixed tube and sheet 

/4Jr Compressor, 930 cfm, 80 hp, SO psig, staged 

double acting, water-cooled, centrifugal 

Cooling Tower, 9,400 gpm 

Rotary Vacuum Filter, 7 m2 

Rotary Dryer, 1,900 lb/hr evaporation rate, 

cocurrent warm air contact. 1 0 m3 volume 

Holding Bin, 5m3 

Pump, r~ positive displacement, 2 hp 

for viscous range 

TOTAL 

TOTAL PLANT DIRECT COST (TPOC) 

(LANG FACTOR '"" 2 x sum installed cost, (Ulrich, 1984) 

TOTAL PLANT INDIRECT COST (TPIC) 

Engineering (25% TPOC) 

Construction (40% TPDC high labor jobs) 

TOTAL PLANT COST (TPC • TPDC + TPIC) 

DIRECT AXED CAPITAL (DFC) 

Contractor's Fee ( 8% TPC) 

Contingency ((20% TPC for speculative process) 

DFC • TPC + Contr. + Cant 

Worl<ing capital (maintenance, raw materials) 

(15% at OFC (Reisman, 1988)) 

TOTAL CAPITAL FOR TRANSFER 

REFERENCE 

PURCHASE 

OTY COST 

8,000 

5,000 
22,000 

12,000 

38,000 

4 35,000 

5,000 

20,000 

13,000 

40,000 

780,000 

67,000 

20,000 

1 1,500 

5 6,000 

INST. REFERENC 1991 

FACTOR CE INDEX CE INDEX 

1.00 100 345 

2.SO 315 345 

1.34 320 345 

1.00 100 345 

1.00 100 345 

1.00 100 345 

4.SO 315 345 

1.00 100 345 

3.SO 315 345 

2.50 315 345 

1.00 315 345 

3.60 315 345 

4.SO 315 345 

4.50 315 345 

2.00 315 345 
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1991 

TOTAL 

DIRECT 

COST 

27,600 

13,690 

31,783 

41,400 

131,100 

483,000 

24,643 

69,000 

49,833 

109,524 

854,286 
264,171 

98,571 

7,393 

65,714 

2,271,709 

4,543,419 

1,135,855 

1,817,367 

2,953,222 

7,496,641 

599,731 

1,499,328 

2,099,059 

9,595,700 

314,859 

9,910,559 
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This section gives the manpower crewing for the key 
operating equipment . The number of workers per shift per 
equipment is obtained from Reisman (1988) . 

Table 11 Details of Manpower Scheduling 

EQUIPMENT # OF tOF TOTAL PER 
WOR!tU. 

EQPMT PER SBU'T SHIFT 
PER ZQPK'l' 

Airlift fer.mentor 5 0.3 1.5 

Rotary Vacuum Filter 1 0.2 0.2 

Dryer 1 0.2 0.2 

Total Manpower per shift 2.0 
(rounded off) 

Wage rate ($/worker/hr) 10 

# of hours per shift 8 

# of shifts per day 3 

# of days per year 365 

TOTAL COST OF OPERATING LABOR 175,200 
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