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CHAPTER 1 

INTRODUCTION 

Distillation columns constitute a major part of chemical 

processing plants. These processes are highly nonideal, 

nonlinear and highly coupled. Hence control of distillation 

column is a very challenging process control problem. 

Extractive distillation is the type of distillation 

wherein a solvent or an extractant is added to the 

distillation column in order to facilitate the separation of 

the components in a mixture which are difficult to separate by 

normal distillation. Extractive distillation is used when the 

feed components cannot practically be separated by ordinary 

distillation due to their close boiling points or an azeotrope 

prevents the desired separation (Gerster, 1969). The 

extractant generally has a low vapor pressure so that it is 

added near the top of the column and is removed with the 

bottoms product. Generally, a sol vent which produces the 

highest relative volatility for a given solvent dosage is 

selected. Other factors such as ease of recovery, cost of the 

agent, stability and corrosiveness are also considered while 

selecting the solvent. 

An extractive distillation column at the Hoechst Celanese 

chemical plant in Pampa, Texas, 78469, was chosen for this 

simulation and control study. The system under consideration 

has four components namely water, formic acid, acetic acid and 

a proprietary solvent. The column separates formic acid from 
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acetic acid. Formic and acetic acid form an azeotrope which 

prevents an effective separation of these acids using 

conventional distillation. The column has sixty stages. A 

proprietary solvent, which has a low vapor pressure at the 

operating range of temperatures, forms a complex with acetic 

acid to carry it to the bottom of the column: therefore water 

and formic acid predominately form the distillate. The 

bottoms is processed, using conventional distillation, to 

separate the acetic acid from the solvent and the solvent is 

returned to the extractive distillation column. 

A dynamic simulator was developed as a first part of this 

project. It was based upon the approach used by Franks ( 19 7 2) 

for dynamic tray-to-tray modeling of multicomponent 

separation. Franks' approach uses hydraulic-tim~ constants 

for the liquid dynamics of each tray, uses a dynamic energy 

balance to calculate the vapor rate leaving each stage, and 

considers the vapor and liquid enthalpies to be linear 

functions of temperatures. The major differences between the 

approach by Franks and the approach used in this project were 

different vapor-liquid equilibria correlations, and the 

addition of composition analyzer delays and level controls for 

the accumulator and reboiler. 

The system under consideration is a highly nonideal 

system. Formic acid and acetic acid undergo dimerization and 

cross-dimerization in the vapor phase. This dimerization was 

considered as an equilibrium reaction. Vapor phase fugacity 
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was found by the correction method (Prausnitz et al., 1980) 

for vapor phase nonideality. This method calculates partial 

pressures of all monomers, dimers and cross-dimers 

iteratively, and from this, vapor phase fugacity coefficients 

are calculated. Liquid phase nonideality, i.e., liquid phase 

activity coefficients, were calculated using the UNIQUAC model 

(Sandler, 1989). 

A computer-aided design (CAD) package, by Simulation 

Sciences, Inc., California, 92633, was applied until it 

matched steady state operation of the extractive distillation 

column at the Hoechst Celanese Pampa plant. The CAD 

simulation results were provided as initial conditions for the 

dynamic simulator. The CAD simulation results provided values 

for the liquid rates and vapor rates, vapor and liquid 

compositions, temperature and pressure on the tray. Then the 

dynamic simulator was bench marked against the CAD simulation 

results on a steady state basis. 

The system under consideration was a very computationally 

intensive system. The inside-out algorithm (Boston and 

Sullivan, 1974) was introduced for the calculation of bubble 

point on each tray. This greatly reduces the number of times 

vapor-liquid equilibrium calculations are done on a particular 

tray, while providing a good approximation for the bubble 

point calculation without sacrificing accuracy. 

The gain predictions showed that the system under 

consideration is a highly nonlinear system. So under normal 
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circumstances a linear control strategy is not expected to 

work very well for this system. Thus the control strategy 

should be nonlinear. Hence a nonlinear process model based 

control strategy was tried. The results of PMBC controller 

were compared with logarithmic transformed PI controller 

results. 

Development of the process simulator, vapor-liquid 

equilibria, insideout algorithm, controller model development, 

control results and comparisons are discussed in the following 

chapters. 
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CHAPTER 2 

LITERATURE SURVEY 

Extractive distillation is used when feed components 

cannot be separated by ordinary distillation due to their 

close boiling points, or an azeotrope prevents the desired 

separation. The first and the foremost thing in the 

extractive distillation is the solvent selection. A solvent 

which produces the highest relative volatility for a given 

solvent dosage should be selected. Tassios (1969) has given 

a five-step procedure for solvent selection. 

paraphrased as follows: 

It can be 

(1) Compare the molar volumes of the close boiling 

hydrocarbons to be separated, and prepare a list of potential 

solvents. 

(a) If the difference amounts to 5% or more, 

consider the solvents of high polar cohesive energy; and 

assume that the optimum solvent will also have a high 

polar cohesive energy. 

(b) If the molar volumes are too close, select as 

potential solvents those having high electron affinity. 

(2) Consult the literature to see whether experimental 

data might be available on some of the systems under 

consideration. 

(3) If any of the close boiling hydrocarbons belong in 

the three groups-saturated hydrocarbon olefins, or aromatics 
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use Weimer-Prausnitz method to estimate the selectivities of 

the potential solvent. 

(4) For generally more reliable values, and for 

hydrocarbons not included in the foregoing classes, use the 

Pierotti-Deal-Derr method to calculate solvent selectivity. 

(5) Compare the potential solvents for temperature and 

concentration effects. 

Selectivity of the solvent expresses its capacity to 

interact more strongly with one constituent of a close boiling 

mixture. Tassios ( 1969) also gave different methods to 

calculate the selectivities of the potential solvent. 

Activity coefficients at infinite dilution are a useful 

tool for solvent selection. Information referring to activity 

coefficients at infinite dilution of a solute in a potential 

solvent for an extractive distillation was collected and a 

computerized data bank was established. Bastos et al. (1985) 

have given the list of the solvents included in the data bank. 

The information stored in the data bank gives the selection of 

the most promising solvent for a given separation. The 

relative volatility is a function of infinite dilution 

activity coefficient. A total of 129 solvents, 60 solutes, 

1007 solutejsolvent pairs, 2097 data points were considered. 

The most common method for determining experimental value of 

infinite dilution activity coefficient involves the use of 

gas-liquid chromatographic technique and the measurement of 

the retention time of the solute in a chromatographic column 

6 



containing the solvent as the stationary phase. In recent 

years, group contribution methods such as UNIFAC and ASOG have 

been widely adopted for prediction of phase equilibria 

relationships: such methods can also be used to predict 

numerical values of infinite dilution activity coefficient if 

the required interaction parameters are available. A detailed 

comparison between experimental and calculated values of 

infinite dilution activity coefficient, based on ASOG and 

UNIFAC was carried out (Bastes et al., 1985). For typical 

separations, lists of solvents arranged in terms of 

experimental and calculated selectivities were compared. 

Gerster (1969) has discussed factors such as ease of 

recovery, cost of agent, stability, corrosiveness that should 

also be considered while selecting a solvent. 

Once a solvent has been selected, the extractive 

distillation column can be modeled. Actually extractive and 

azeotropic distillation are similar kinds of processes. The 

difference is in the way the solvent works. Gerster (1969) 

has discussed when and why azeotropic and extractive 

distillation are used. The conditions have been reviewed 

under which these methods are promising separation schemes. 

The article also discusses the stepwise design of extractive 

distillation making use of the illustration of the use of 

phenol an extractant to improve the separation between 

methylcyclohexane and toluene. Basically after the solvent 

selection, a complete set of equilibrium data must be made 
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available to the designer either by direct measurement or by 

predictive methods or combination of both. Then the tower is 

designed as an ordinary multicomponent column with two feeds: 

the components to be separated and an extractive agent. The 

proper reflux ratio and feed tray location for both feeds must 

be determined. 

Holland et al. (1981) have given steady state 

mathematical modeling of azeotropic and extractive 

distillation. The article also gives the "almost band 

algorithm" which is used in any type of column for separating 

highly nonideal mixtures. The article gives various examples 

in which azeotropic and extractive distillation are used such 

as hydrocarbon oxidation product separation, separation of 

acetone and methanol from a mixture of tetramethylene oxide 

using a polar and nonpolar solvent, separation of ethanol and 

water using benzene etc. In the article, 11 almost band 

algorithm" method is illustrated for an absorber. The 

independent variables are taken to be component flow rates in 

the liquid and vapor phase, and the temperature. 

Kumar et al. (1984) have given steady state and dynamic, 

nonlinear mass and energy balance models, and corresponding 

experimental and simulation results for an extractive 

distillation system separating an acetone-methanol azeotrope 

using water as a solvent. Murphree efficiencies were used to 

corroborate experimental data. Literature data were used for 

the equilibrium calculations for the three component mixture. 
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The system comprises of fifteen centimeters diameter bubble 

cap column with thirteen trays. Transfer function models 

fitted to process data were compared with mass and energy 

balance simulation models describing the transient responses 

of the system at various operating conditions to changes in 

the inlet feed rates, feed composition, reflux rate and 

reboiler duty. The nonlinear behavior of the column is 

illustrated by gain changes at different operating conditions, 

reinforcing the need for comprehensive models with complete 

system dynamic characterization. 

Gani et al. (1986) have presented a model for simulating 

the dynamic behavior of an extractive distillation column. The 

set of ODE's representing the distillation column is highly 

nonlinear and found to have a very large stiffness ratio. Thus 

they found that numerical method handling very stiff ODE's is 

necessary. This model has been tested on an industrial 

extractive stripping process. The industrial system used was 

an extractive distillation column separating an azeotropic 

mixture isopropanol/water using ethylene glycol as a solvent. 

This system shows a sharp temperature gradient appearing 

within a few plates of the column. The temperature front moves 

up and down the column depending upon the column operating 

conditions. Due to this characteristic behavior, it was 

thought that implementation of variable structure would be 

advantageous. Thus the applicability of variable control 

structure has been studied. Distillation processes with 
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complex behavior, e.g., azeotropic and extractive 

distillation, are difficult to control due to the existence of 

sharp temperature gradients and were found to be ideal 

candidate for the implementation of variable control 

structures. A simple proportional control scheme was used as 

the only intention in the control was to show the effect of 

the location of the sensor on the qualities of the controlled 

response. 

Distillation Control Literature 

Distillation columns constitute a major part of chemical 

processing plants. Distillation is very energy intensive, and 

the main objective is to achieve minimum energy cost. Hence, 

control of the distillation column is important. The basic 

control objectives that are to be achieved are: (1) material 

balance control, (2) product quality control, and (3) 

satisfaction of constraints. There are numerous distillation 

column articles available, but only a few references are 

discussed here. 

There are various control configurations PI 

(proportional-integral), and PID (proportional-integral

derivative) being the conventional ones. Shinskey (1984) and 

Buckley et al. (1985) have discussed these configurations in 

detail. They have reviewed the theory and mathematics 

involved in combining feedforward compensation, overrides and 
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controllers (PI, PID) and antireset windup. Controller tuning 

is also very important and they have also discussed it. 

There is a traditional pattern of instrumentation in 

chemical and petroleum industry based on single loop control. 

Single loop means there is one measurement, one controller, 

and one final control element, usually a valve. Single loop 

controllers usually have neither antireset windup nor 

automatic tracking, and there is little or no logic circuitary 

to tie the many loops together. As a consequence, the 

operator must perform the startup operation with the control 

stations switched to "manual." To avoid the limitations of 

single loop design and to provide a more flexible and 

sophisticated process operating logic than can be implemented 

by human operators, one can use the approach called 

multivariable control. Buckley et al. have discussed 

multivariable control approach for distillation column. 

Buckley et al. (1985) have discussed composition control in 

detail. They stated that the usual philosophy used in 

composition control is to use feedforward for fast, 

approximate control and feedback for long term, accurate 

control of composition. 

Shinskey (1984) also discusses different aspects of 

composition control like composition control by temperature, 

by feedforward, etc. Shinskey (1984) also discusses different 

aspects of accumulator and base level control. Apart from 

11 



that, Shinskey gives information about differential pressure 

control and differential temperature control. 

Shinskey (1984) has given a general outline about 

extractive distillation. The separation between components A 

and B can be improved by 

(1) Increasing reflux flow, 

(2) Increasing extractant flow, 

(3) Reducing extractant temperature. 

The mathematical equations which give the relationship of 

these variables to the separation of the components are highly 

nonlinear and interacting. A choice must be made regarding 

which variable should be adjusted to control separation. The 

choice of a variable to manipulate for the control of a 

separation would fall on the one with the greater effect on 

separation per unit heat input. 

If the reflux manipulation is more efficient, reflux flow 

should be set to minimum and extractant temperature at minimum 

so that extractant flow is no greater than required to achieve 

the desired separation. Should extractant flow have the 

greater effect on separation per BTU, its flow and temperature 

should be high with just enough reflux provided to keep the 

extractant out of the overhead product. 

Steam flow to the extractive distillation column should 

be manipulated to control the content of component 'A' (light 

key) at or near the bottom. The component 'B' in the 

distillate would be controlled by manipulating extractant 
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flow: its concentration does depend, however, on how much 

component 1 B 1 (heavy key) remains in the lean extractant 

leaving the stripping column. 

Extractive Distillation Control Literature 

Extractive distillation is a highly integrated process. 

The changes in the process design variables have a significant 

effect on product specifications at steady state. Grassi et 

al. (1992) have shown how to design an effective plant-wide 

control scheme for an extractive distillation system. They 

have shown that extractive distillation towers properly 

designed are very controllable at or very near the best 

economic process design. They have studied three general 

extractive distillation systems: and first principles, dynamic 

simulation, multivariable plant wide dynamic analysis and 

economic analysis led them to the conclusion that the 

generalized optimum control structure is a simple robust 

single input-single output scheme, where single temperatures 

in the extraction and solvent towers are controlled and that 

higher order control schemes are not needed unless there are 

unique process requirements. The controllability of the 

process is very sensitive to the choice and pairing of the 

manipulated and control variables. Extractive distillation is 

a process with five degrees of freedom, hence five variables 

to be controlled. Grassi et al. (1992) have discussed 

different pairings of manipulated and control variables. The 
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most important control variables are overhead and bottom 

compositions as they are of customer interest. Grassi et al. 

(1992) found it convenient to control product compositions in 

extractive distillation processes by measuring temperatures in 

that section of the column. They found that the stripping 

section of the extraction column is well suited to temperature 

control. But the overhead composition cannot be controlled 

using temperature. The bottom composition is inferred using 

tray temperature and for that proper control tray location is 

important. Grassi et al. (1992) have discussed two criterion 

for this purpose. First 1 the tray temperature must be 

insensitive to changes in the feed composition at constant 

product composition. Second, the tray temperature must be 

sensitive to changes in the manipulated variable at the 

constant feed composition. Balancing these two criterion will 

lead to the best tray location for control. 

Choo et al. (1987) have developed an overhead composition 

scheme for an extractive distillation tower to improve its 

product recovery and consistency. They have developed an 

inferential temperature control technique, to eliminate total 

dependence of the new control strategy on the composition 

analyzer. 

Nonlinear Process Model Based Control 

Nonlinear Process Model Based Control 1 popularly known as 

nonlinear PMBC 1 uses a nonlinear approximate model directly 
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for control purposes. The approximate model does not have to 

be a rigorous model but should contain the major 

characteristics of the process. 

The Generic Model Control (GMC), one of several model 

based control techniques, was proposed by Lee and Sullivan 

(1988). The control law employs a nonlinear process model 

directly within the controller. The control law also includes 

the feedback term such that the closed-loop response exhibits 

zero offset. The process model is usually a nonlinear 

description of the process derived from fundamental mass and 

energy balance considerations. GMC is a control framework for 

both linear and nonlinear systems in the time domain. All the 

equations and structure of GMC will be explained in the 

chapter for "Nonlinear PMBC Controller." 

Economou et al. (1986) extended Internal model control 

(IMC) to include nonlinear models. This approach is called 

nonlinear internal model control (NLIMC) and uses an 

interactive integration of the approximate model for its 

control law. Rhinehart and Riggs (1990) compared GMC and 

NLIMC for a wide range of exothermic CSTR control problems and 

found that GMC and NLIMC yielded essentially the same control 

performances. They pointed out that the GMC control law is an 

explicit numerical formulation and NLIMC is an implicit one. 

GMC is easier to apply and implement. 

Nonlinear model predictive control (NLMPC, Parrish and 

Brosilow, 1988) uses the internal model structure but assigns 
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any processjmodel mismatch to unmeasured disturbances. 

Patwardhan et al. (1988) applied NLMPC for the startup of an 

open-loop, unstable exothermic CSTR. Riggs (1990) applied a 

version of GMC to the same problem considered by Patwardhan et 

al. and found that GMC and NLMPC gave an equivalent 

performance. Thus, there is not much difference between the 

performance of various nonlinear PMBC methods when the same 

approximate model is used. The basic difference between the 

various nonlinear PMBC methods is the way in which the offset 

is removed, e.g. , for GMC, integral term is used: NLMPC, 

adjustments to disturbances. 

A variety of nonlinear models have been investigated 

using the differential geometric approach. Nonlinear 

decoupling via feedback using this approach has been explored 

by Isidori at al. (1981). An overview of nonlinear geometric 

methods have been summarized by Kantor (1987). Henson and 

Seborg (1989) have discussed a unified differential geometric 

approach to process control • Ha and Gilbert ( 19 8 3) have 

outlined a complete characterization of decoupling laws for a 

general class of nonlinear systems. 
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CHAPTER 3 

MODELING APPROACH 

An extractive distillation column was modeled as a 

multicomponent distillation column with two feed trays, one 

for the feed mixture which is to be separated, and the other 

for the solvent or an extractant. Refer to Figure 1 at the 

end of this chapter. It shows a typical schematic for an 

extractive distillation column. For modeling a multicomponent 

distillation column, the general approach used by Franks (1972) 

was used. 

The overall material balance, component balance and 

energy balance equations were written for each stage including 

the feed stages. An overall material balance was used to 

calculate the liquid rate off the tray, and the component 

balance equations were used to calculate the liquid 

compositions on the tray. Liquid dynamics are modeled using 

a hydraulic time constant. Bubble point calculations were 

applied to calculate the equilibrium vapor compositions. To 

get the exact vapor composition from an equilibrium vapor 

composition, the Murphree tray efficiency was used. The 

vapor rate off the tray is calculated using an unsteady state 

energy balance equation. 

Now consider stage "n" as shown in Figure 2. The stages 

are numbered from bottoms up. The overall material balance on 

each stage is given by equation (3.1). 
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where 

L = liquid flow rate in molesjsec, 

M = molar holdup, 

t = time, 

v = vapor rate off the tray in molesjsec. 

The total molar holdup is considered constant. Hence, the 

equation (3.1) becomes 

dLn 
dt 

where 

= 
(Ln+1 + Vn-1- Ln- Vn) 

HTC I 

HTC = hydraulic time constant in seconds. 

(3.2) 

The principal dynamic characteristics of a distillation column 

are due to the accumulation and balance of all the components 

on all the stages in the column. Starting with the standard 

definition 

Accumulation= In - Out 

that is, 

d(MXn) 
dt = (LX) n+1 + ( VY) n-1- (LX) n- ( VY) n' (3.3) 

where 

X = mole fraction of the component in the liquid phase, 

y = mole fraction of the component in the vapor phase. 

By differentiating, and using the assumption that molar holdup 

is constant one gets equation (3.4) 
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= 
( (LX) n+l + ( VY) n-1- (LX) n- ( VY) n) (3.4) 

M 

The above derivative is calculated for those components with 

a "K" value (ratio of vapor phase mole fraction of the 

component and liquid phase mole fraction of the component) 

less than 5. For those components with "K" > 5, the algebraic 

balance is calculated, establishing the instantaneous value of 

the vapor and liquid composition. (At higher values of "K" 

the differential equations become very stiff. Therefore for 

higher values of "K" algebraic balances are calculated: The 

threshold ratio K=5 is chosen arbitrarily.) 

From the bubble point calculation, one gets an 

equilibrium vapor composition. Then Murphree tray efficiency 

~' is used to calculate the exact vapor composition as follows 

( 3. 5) 

where 

yneq = equilibrium vapor mole fraction, 

ynex = exact vapor mole fraction, 

~ = Murphree tray efficiency. 

A correct heat balance on stage "n" is given by 

d(MhL) = ( VHv) + (LhL) - ( VHv+ LhL) . dt n-1 n+1 n 
(3.6) 

Differentiating we get 

M dhL +hL dM = (VHv) + (LhL) - (VHv+LhL) · 
dt dt n-1 n+1 n 

(3.7) 
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Now neglecting the first term (as the change in the liquid 

enthalpy with respect to time is negligible, the first term in 

the above equation is neglected) and substituting equation 

(3.1) for the second term on left-hand side of the equation 

and rearranging terms we get 

where 

v = n 
( ( VHv) n-1 + (LhL) n+1- (Ln+1 + Vn-1) hL) 

(Hv-hL} 
(3.8) 

hL = enthalpy of the liquid stream leaving the stage, 

By = enthalpy of the vapor stream leaving the stage, 

Vn = vapor rate off the tray "n." 

There is slight modification in the equations when feed 

stage is modeled. Refer to Figure 3 at the end of this 

chapter. Feed stream "F" can be liquid or vapor, or even a 

mixture of both. The feed is included in the overall mass 

balance, the heat balance and the component balance. The 

final equations for these three, i.e, overall balance, 

component balance and energy balance are (as the development 

procedure is exactly same as for general stage) 

Overall Material Balance 

(3.9) 

where 

F = flow rate of the feed stream in molesjseconds, 

HTC = hydraulic time constant in seconds. 
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where 

where 

dXn 
= 

dt 

Component Balance 

((LX) n+l + (VY) n-l- (LX) n- (VY) n+ (FXy)) 

M 

XF = composition of the feed. 

Heat Balance 

d(MhL) 
dt = (VHv) + (LhL) +FHF- (VHv+LhL) , 

n-1 n+l n 

HF = molar enthalpy of the feed. 

( 3. 10) 

(3.11) 

The accumulator modeling takes into account the dynamic 

holdup. The accumulator has a single phase input and output 

streams having the same phase (liquid). The composition and 

overall material balance and energy balance are applied to the 

accumulator. The storage volume contains a total of "M" moles 

of holdup, and assuming efficient mixing, the exit stream 

extensive properties (composition, temperature, etc.) will be 

identical with those of the holdup. It is not necessary, 

then, to assign a node number to the holdup, and "M" merely 

symbolizes the total moles in the holdup. The mole balance 

for the component "m" becomes 

dM 
( FinpXinp- FoutXm- Xm ( dt) ) ( 3. 12) 

M 
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Now the total mole balance is given as 

dM/dt= F ;np - F out. 

Substituting this expression in the above equation we obtain 

a component balance equation as 

dXm 
dt 

= ( F1np (X1np- Xm) ) 
M 

Similarly, the heat balance is 

where 

EN
0 

= molal enthalpy of the outgoing stream. 

(3.13) 

(3.14) 

The base of the column requires special treatment for the 

following reasons: 

(1) There is an input heat flux Q establishing the boilup 

vapor flow v. 
(2) The holdup is variable and considerable, and changes 

in sensible heat cannot be neglected. 

(3) The outflow of liquid from the bottoms is determined 

externally, eventually to be controlled by the bottoms level 

controller. 

The major model equations used for the bottoms of the column 

are as follows. 

Holdup H. 

The rate of change of moles in the holdup is given by 

equation (3.15). 
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d(M8 ) 
dt = LI-LO-IV, ( 3. 15) 

where 

Ha = liquid holdup, 

IV = vapor boil up stream number, 

LI = input liquid stream number, 

LO - output bottoms stream number. 

Heat Balance 

The basic relationship is, 

( 3 .16) 

where 

Q = heat flux. 

Differentiating and rearranging, we obtain 

IV= 
(3.17) 

Substituting for d(Ms)/dt from the mass balance 

(3.18) 

Me* (dhL) /dt term was neglected for the various stage 

simulations, but will be accounted for here by forming a 

derivative of the enthalpy hL. 
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Enthalpy of the liquid and vapor stream is calculated 

using quadratic interpolation. The liquid phase enthalpies of 

various components at different temperatures and the heat of 

vaporization of various components at various temperatures are 

known. Depending upon the temperature at which enthalpy is to 

be calculated, the neighboring temperatures and corresponding 

liquid enthalpy and heat of vaporization are chosen for the 

particular component. Then by quadratic interpolation, 

enthalpy of the stream is calculated for the particular mole 

fraction of the component. 

Doing material and energy balance on the stage, feed 

stage, an accumulator, and bottom, the ordinary differential 

equations are obtained. The differential equations are 

integrated using an Euler integrator. 
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CHAPTER 4 

VAPOR-LIQUID EQUILIBRIUM 

A major challenge in the modeling of a multicomponent 

nonideal distillation column is the modeling of the vapor

liquid equilibrium. 

The simulator developed for modeling the extractive 

distillation column uses detailed thermodynamic modeling based 

upon the UNIQUAC model for the liquid phase activity 

coefficients and considers the dimerization and cross 

dimerization of formic acid and acetic acid to be equilibrium 

reactions in the vapor phase. 

The system under consideration was a highly nonideal 

system. Formic acid and acetic acid undergo dimerization and 

cross dimerization in a vapor phase. These dimerizaton and 

cross dimerization were considered as equilibrium reactions. 

Let us consider dimerization of formic acid (formic acid is 

referred to as component A, and acetic acid as component B, in 

this discussion). The dimerization reaction could be written 

as 

A+A ..,... 2A. ( 4 .1) 

The equilibrium constant for this reaction could be defined as 

(4.2) 
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where 

KoA = Equilibrium constant of dimerisation for component 

"A" in (1/nun of Hg), 

PAM = Partial pressure of monomer of pure component "A" 

in (nun of Hg) , 

PAD = Partial pressure of dimer of component "A" in (nun 

of Hg). 

All the vapor phase nonideality is defined by a single 

parameter called the fugacity coefficient. The fugacity 

coefficients were found by the correction method for vapor 

phase nonideality. The general description of the process is 

as follows. Let "A" and "B" be the two components undergoing 

dimerization and cross-dimerization. The equilibrium constant 

for the dimerization reaction is found by the equation 

(4.3) 

where Aor ~ are the constants for a particular compound and 

T is the temperature in degree K. These constants for formic 

acid and acetic acid are listed in Table 1, while they are 

listed in subroutine "PRAS" in the simulator. The real vapor 

pressure of pure monomer of component "A" can be calculated by 

the equation 

pO 
A 

(4.4) 

where AA, BA, CA are the Antoine constants for component "A, " 

while "t" is the temperature in degree c. The Antoine 
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constants for the components used in the system are listed in 

Table 2 while they are listed in "BLOCK DATA" in the 

simulator. PAM0 is the hypothetical vapor pressure of the pure 

monomer of component "A." It is related to the real vapor 

pressure PA0 of the pure component "A" as follows. 

This equation is solved for p 0 
AM 

( 4. 5) 

as a simple quadratic 

equation, as PA
0 and KnA are previously calculated and are the 

constants while solving this equation. 

Thus once the hypothetical vapor pressure of the pure 

monomer "A" is achieved, it is related to the actual partial 

pressure of pure monomer of component "A" as 

where 

( 4. 6) 

XA = mole fraction of component "A" in a liquid phase, 

yA = liquid phase activity coefficient of component "A" 

in a liquid phase, 

PAM = actual partial pressure of pure monomer of component 

"A." 

As the partial pressure of the pure monomer is known, the 

partial pressure for the dimer can be calculated from equation 

(4.2) as the value of equilibrium constant of dimerization for 

a particular component is already calculated at a particular 

temperature on a particular tray. This procedure is 

iterative. One starts with the knowledge of vapor phase mole 
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fraction of component "A" on a particular tray as an initial 

condition. The new calculated value of the vapor phase mole 

fraction of component "A" is given by 

(4.7) 

where 

P = total pressure on a particular tray in mm of Hg, 

YA - vapor phase mole fraction of component 'A' on a 

particular tray. 

(Initial total pressure on a particular tray is known as one 

starts with it as an initial condition.) Thus, YA found from 

equation(4.7) is compared with the actual vapor phase mole 

fraction of component "A" (initial condition)_ on a tray. If 

the difference between them is not within the tolerance limit, 

then a new guess for P~ is given. Sequentially, a new P~ and 

a new YA are found. This procedure is repeated untill the 

difference between YA and the actual initial vapor phase mole 

fraction of component "A" on a tray is within the tolerance 

limit. Thus, one gets the exact value of PAM and P~. The 

same procedure is repeated for component "B" which also 

undergoes dimerization. Thus, one gets exact values of P8", 

The cross-dimerization reaction can be written as 

A+B,.. AB. (4.8) 

It was again considered as an equilibrium reaction and an 

30 



equilibrium constant can be written as equation (4.9). 

PAB (4.9) 

where 

~c = Equilibrium constant of cross dimerization of 

components "A" and "B," 

PAB = Partial pressure of cross-dimer of component "A" and 

"B" in mm of Hg, 

PBM = Partial pressure of monomer of component "B" in mm 

of Hg. 

Thus when partial pressures of all monomers and dimers are 

found, a relation could be written as 

( 4. 10) 

where 

P = Total pressure in mm of Hg, 

Pc = Partial pressure of other nondimerizing components. 

The vapor phase component mole fraction can be calculated as 

follows 

y - PAN --, AH- p 
(4.11) 

YAD = PAD --, p 
( 4. 12) 

~ - PBII --, BM- p 
(4.13) 
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YBD = PBD -, p 
(4.14) 

YAB = PAB --, p 
(4.15) 

Yc = Pc -, p 
(4.16) 

where 

Y = component mole fraction in a vapor phase. 

The fugacity coefficient of a component is a ratio of 

fugacity coefficient of a component in a mixture and fugacity 

coefficient of a component in a pure form. 

The fugacity coefficient of a component "A" in a pure 

form is given by 

p 0 
AH 

pO 
A 

(4.17) 

The fugacity coefficient of a component in a mixture is 

given by 

(4.18) 

Thus the fugacity coefficient of a component "A" can be found 

by taking the ratio of equation (4.18) and equation (4.17). 

Similarly, fugacity coefficient is calculated for dimerizing 

component "B." The fugacity coefficient for all nondimerizing 

components is calculated by the formula given by equation 

(4.19). 
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(4.19) 

The fugacity coefficient of the non dimerizing components in 

a pure form is assumed to be equal to 1 (ideal). Refer to 

Figure 4. It shows a schematic for calculation of the 

fugacity coefficient for the dimerizing components. 

Liquid phase activity coefficient was calculated using 

the UNIQUAC model (Sandler, 1989). It takes into account the 

binary interaction parameters for various combination of 

components in a multicomponent mixture. The liquid activity 

coefficients are the functions of temperature as the binary 

interaction parameters change with temperature. The binary 

interaction parameters are also a function of mole fraction of 

the component in the liquid phase. The UNIQUAC method uses a 

group contribution method to calculate area and volume 

parameters for the various components. Area parameters for 

the components in the system under consideration are given in 

Table 3. Volume parameters are given in Table 4. Once these 

parameters are calculated Vander Wall's volume fraction for 

component "i" is given as 

(4.20) 

where 

i = ith component, 

N = total number of components in the system, 

r = volume parameter, 

33 



X = mole fraction of the particular component in a 

mixture, 

P = volume fraction for the component. 

Similarly area fraction can be given by the equation 

(4.21) 

where 

q =Vander wall's area parameter, 

8 = Area fraction for the component. 

Binary interaction parameters can be represented as a function 

of temperature and defined by the equation (4.22). 

(4.22) 

where 11 0 11 and 11 E11 are the constants and 11 t 11 is the temperature 

in degree c. The values of 11 0 11 and 11 E11 for the various 

combinations of 11 i 11 and "j 11 are given in Table 5. The 

equations of the kind of equation (4.22) are given in 

subroutine 11ACTY" in the simulator. 

UNIQUAC adjustable parameter r, is given by the equation 

T: lj (4.23) 

where 

u,j-ujj = Binary interaction parameter I 

R = Universal gas constant= 1.987 caljqmoljdegree 

K, 

T = Temperature in degree K. 
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The final UNIQUAC equation which calculates the activity 

coefficient of component "i" in the liquid phase is given by 

equation (4.24). 

(4.24) 

where 

1 1= ( (Z/2) * (r1-q1))- (r1-1), 

Z = Average coordination number=lO, 

y =Activity coefficient of component 'i' in the liquid 

phase. 

Refer to Figure 5 at the end of this chapter. It shows a 

schematic for the calculation of the liquid phase activity 

coefficient. 
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Table 1: Constants for Dimerizinq Components 

Componentjs An Bn 
Formic Acid -10.743 3083.0 

Acetic Acid -10.421 3166.0 

Formic Acid + Acetic Acid -10.356 3193.0 

Table 2: Antoine Constants 

Component A B c 
Water 14.36 -3820.1 227.28 

Formic Acid 13.511 -3911.7 260.65 

Acetic Acid 13.779 -4002.3 242.41 

A Solvent 13.755 -4364.3 171.37 
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Table 3: Area Parameters 

Components Parameters 
Water 1.4 

Formic Acid 1.532 

Acetic Acid 2.072 

A Solvent 4.772 

Table 4: Volume Parameters 

Component Parameter 

Water 0.9199998 

Formic Acid 1.528 

Acetic Acid 2.202399 

A Solvent 5.5744 
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Table 5: Components to Calculate Binary Interaction 
Parameters 

i . 
D E J 

(Compo. No.) (Compo. No.) 

1 1 0.0000000 0.0000000 

2 1 -251.7583 0.0000000 

3 1 407.00730 0.0000000 

4 1 300.97570 2.2019470 

1 2 -124.8409 0.00000000 

2 2 0.0000000 0.00000000 

3 2 190.63510 0.00000000 

4 2 334.73950 0.72241650 

1 3 -251.6868 0.00000000 

2 3 -178.4649 0.00000000 

3 3 0.0000000 0.00000000 

4 3 133.60370 0.20877580 

1 4 328.83140 -0.3830000 

2 4 357.00680 -0.1460968 

3 4 -2.496555 -0.0408289 

4 4 0.0000000 0.00000000 
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CHAPTER 5 

INSIDE-OUT ALGORITHM 

Inside-out algorithm is an approximate model for vapor

liquid equilibrium calculations. It allows us to reduce the 

number of times vapor-liquid equilibrium calculation has to be 

done during the simulation. The rigorous vapor-liquid 

equilibrium calculations are done periodically or when 

temperature difference between actual bubble point and the one 

calculated by inside out algorithm exceeds one degree celsius. 

The inside out algorithm gives a good empirical approximation 

for bubble point calculation without sacrificing the 

simulation accuracy while being computationally efficient. 

Inside-out algorithm is basically "Ka model" (Boston et 

al., 1974). A parameter "Ka" is defined for a particular tray 

which is a function of bubble point temperature on the tray. 

The vapor-liquid equilibrium calculation is done at base 

bubble point temperature "T8" and an incremented bubble point 

temperature "T
8
+DT." The "K" values (ratio of mole fraction 

of component in a vapor phase to mole fraction of the 

component in a liquid phase) are obtained for all components 

on all the trays at these two conditions. The parameter "Ka" 

on a tray can be calculated by the following equation. 

(5.1) 
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(logK8 ) = ~ Y1 log(K1 ) , 
TB+UI' LJ TB+UI' 

(5.2) 

where 

K = ratio of mole fraction of component in a vapor 

phase to mole fraction of the component in a 

liquid phase, 

Y - mole fraction of a component in a vapor phase. 

The relation can be represented as 

log(K8 ) =Am-(~m), 
B 

where 

A.,. = intercept of Ka model, 

Bm = slope of Ka model. 

A.,. and Bm are calculated as 

B 
A = log (K8 ) + (--....!!) • 

m Ts 

We get A.,. and Bm for each tray. 

(5.3) 

(5.4) 

(5.5) 

Relative volatility for the component "i" can be calculated as 

(5.6) 

Thus we have got Am's, Bm's, T8 's and relative volatilities for 
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all the components on all the trays. These parameters will 

remain constant until reparameterization is done, i.e. , vapor

liquid equilibrium calculation is done on a particular tray 

which changes Ki's, changing~' Bm, T8 , relative volatilities 

on that particular tray. Now relative volatilities of the 

components and Ka on the tray are used to calculate 

equilibrium vapor phase mole fractions and murphree tray 

efficiency is further used to calculate the actual vapor phase 

mole fraction on the tray. Using the current bubble point 

temperature on the tray, the vapor and the liquid stream 

enthalpies are updated. Now from the dynamic material 

balance, d(Xi)/dt is calculated which can be integrated to get 

new Xi (liquid phase mole fraction on the tray). Now new 

bubble point temperatures are calculated. To derive the 

equation which calculates the bubble point temperature 

equation (5.3) is used in coordination with the basic rule for 

vapor-liquid equilibrium, i.e. I r Ki xi = r yi = 1. 

Now 

(5.7) 

(5.8) 

From equation (5.3) and equation (5.8), we get 

1 (5.9) 

Solving equation (5.9) for temperature T8 , we get 
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(5.10) 

"X." value is updated using Tnew as 

( 5 .11) 

Now Tnew on a tray is compared with the base case bubble 

point temperature on that tray. If the temperature difference 

is greater than one degree celsius, then we need to 

reparameterize that tray by doing vapor-liquid calculations on 

that particular tray which gives the new values of K1 's, ~·s, 

Bm' s and relative volatilities. If the temperature difference 

is not greater than a degree, then all these parameters are 

assumed to be constant. In any case, vapor-liquid equilibrium 

calculations on all the trays are done periodically after 

every sixty seconds of simulation time. 

The general schematic for the insideout algorithm can be 

shown as shown in Figure 6 at the end of this chapter. This 

procedure is repeated for all the trays in the column. 
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CHAPTER 6 

APPROXIMATE MODEL 

An approximate model is used as part of the nonlinear 

PMBC controller. An approximate model is a steady-state 

model, so it provides a steady-state gain and decoupling 

information for the controller. Since the process is nonideal 

and nonequimolal overflow, a design-type a of steady state 

model is required. 

The approximate model is a nonlinear tray-to-tray model 

for an extractive distillation column. It contains all the 

major characteristics of an extractive distillation column. 

The controller model is used to calculate the reflux rate and 

reboiler duty at steady state. The model is parameterized 

using an insideout algorithm (Boston et al., 1974) at the base 

case conditions. The vapor rate and liquid rate off each tray 

are calculated using an energy balance and material balance 

simultaneously. The Thomas method (Riggs, 1988) is used to 

solve for all the vapor and liquid component flow rates on all 

the trays. The calculated value of the liquid and the vapor 

compositions on all the trays are obtained from the component 

flow rates and total flow rates. The 9 method (Holland, 1981) 

is used to compute an improved set of compositions on the 

basis of the most recent set of calculated values of the 

component flow rates. The compositions so obtained are used 
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to compute a new set of bubble point temperatures using the 

'Ka' model (Boston et al., 1974). 

The approximate controller model, as stated before, is a 

steady state model as opposed to the dynamic simulator which 

closely represents the actual process. The approximate model 

tried to match as close with the simulator as possible, but it 

is not the same as the simulator. The approximate model used 

contains the same number of trays as the simulator and uses 

the same rigorous vapor-liquid equilibrium calculations and 

inside-out algorithm as the simulator. But the approximate 

model uses stagewise tray efficiency, while the simulator uses 

Murphree tray efficiency. Because of this mismatch in the 

simulator and the approximate model, when the gain predictions 

are done by both of these, they differ by almost 40% 

(relative). The general modeling procedure used in the 

simulator was explained previously in the Chapter 3. In this 

chapter, the general equations used in the approximate model 

will be explained in details. 

The distillate rate is calculated using an overall 

component material balance (for components 1 and 2). 

where 

F* (X1 +X2 ) +FS* (XS1 +XS2 ) = D* (XD1 +XD2 ) +B* (XB1 +XB2 ), 

(6.1) 

B = bottoms rate in molesjsec, 

D = distillate rate in molesjsec, 

F = feed rate in molesjsec, 

47 



FS = solvent rate in molesjsec, 

X = composition of component in feed, 

XB = composition of component in bottoms, 

XD = composition of component in distillate, 

xs = composition of component in solvent flow. 

B = F+FS-D, (6.2) 

Equations 6.1 and 6.2 can be solved simultaneously to get 

"B" and "D." Next, the vapor-liquid equilibrium calculations 

on all the trays and enthalpies of all the vapor and liquid 

streams are updated. The reboiler duty is equal to the net 

amount of heat introduced to the reboiler per unit time. It 

is calculated using an energy balance at the bottom of the 

column. The condenser duty is equal to the net amount of heat 

removed per unit time by a condenser. It is calculated by the 

energy balance over the entire column. 

where 

H = enthalpy, 

QC = condenser duty, 

QR = reboiler duty. 

The column is divide into three sections: 

(1) A section below the feed tray; 

(6.3) 

(2) A section above the feed tray but below the solvent 

addition tray; and 

(3) A section above the solvent addition tray. 
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Now using the values of reboiler and condenser duties and 

moving from one tray to other successively and doing energy 

and material balances over the sections, the vapor and the 

liquid rates off each tray are calculated using energy 

balance. 

where 

For section 1, trays (1-14) 

For section 2, trays (16-41) 

v. 1 
~- HL.-HV. 1 ~ ~-

For section 3, trays (42,60) 

Vi-1 = Li +D, 

HL = enthalpy of the liquid stream, 

HV = enthalpy of the vapor stream, 

L = molar flow rate of the liquid stream, 

v = molar flow rate of the vapor stream. 
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Using the Thomas method, the vapor and liquid component 

rates are calculated for each component separately. The 

general equation for the steady state component material 

balance on each tray; for component "j" on tray "i" is given 

as follows 

(6.10) 

New vapor and liquid compositions on all the trays are 

calculated from the component and total flow rates. At this 

point, the 8 method is applied to compute an improved set of 

compositions on the basis of the most recent set of calculated 

values of the component flow rates. The temperatures on all 

the trays are updated using a "Ka" model. The general 

equation used to calculate the bubble point on the tray, in 

the 1 Ka 1 model is given by the following equation. 

(6.11) 

where 

A.. = intercept of the 1 Ka 1 model, 

Bm = slope of the 1 Ka 1 model, 

i = stage number, 

T~ = new bubble point temperature, 

a = alpha value of the component. 

A..' Bm, a values are obtained from the inside-out 

algorithm. The equations which calculate these values are 
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explained in the section for the insideout algorithm. The "K" 

values (ratio of vapor phase mole fraction to the liquid phase 

mole fraction for the component) for the component are updated 

in the "Ka" model using stagewise efficiency. The equation 

for which is given by 

In the 8 method, the corrected product rates are used as 

weight factors in the calculation of improved sets of mole 

fractions. The corrected terminal rates are selected such 

that they are both in overall component material balance and 

in agreement with the specified value of 'D' that is, 

(6.13) 

E (di) co = D, (6.14) 

where 

b 1 = bottoms rate for the component "i" in molesjsec, 

d 1 = distillate flow rate for the component "i" in 

molesjsec, 

D = overall distillate rate, 

F = feed flow rate in molesjsec, 

FS - solvent rate in molesjsec, 

x1 = mole fraction of the component "i" in feed, and 

xs. = mole fraction of the component "i" in the solvent. 
1 

"co" denotes the corrected value of the species. The 2 

conditions given by the equations (6.13) and (6.14) may be 

satisfied simultaneously by the suitable choice of the 
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multiplier "9" which is defined by the equation 

(6.15) 

where subscripts "co" and "ca" denote the corrected and 

calculated values of the species. Using equation (6.15) in 

equation (6.13) and after proper arrangements yields the 

formula for ( d 1) co which is given as 

(6.16) 

Since the specified values of (di)co are to have a sum equal 

to the specified value of D, the desired value of 9 is that 

9 > 0 that makes g(9)=0, where 

g'<8> = -E b 2 
( 1 + 9 ( di ) ca) 

1 

(6.17) 

(6.18) 

In order to find the value of 9, Newton's method of 

convergence is used, the general formula for which is given by 

9 - 9 - g <8> 
new - old g' (9) • (6.19) 

Newton's method converges to the positive root of g(9), 

provided 9=0 is taken to be the first trial value. 
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There are two convergence checks used for bubble point 

temperatures. The outer loop compares the values of 

temperatures calculated by "Ka" model on each tray, with the 

values of base case bubble point temperatures on each tray. 

In the inner loop, the second convergence criteria is applied 

where temperature on each stage calculated by "Ka" model is 

compared with the temperature calculated on the tray by the 

vapor-liquid equilibrium calculations on that particular tray. 

If the difference in the temperatures is more than a certain 

limit, then reparameterization of that particular tray is done 

by doing vapor-liquid equilibrium calculations again. After 

the inner two loops converge, a function is defined whose 

value is to be minimized in order to correctly calculate the 

value of the manipulated variables reboiler duty and reflux 

rate. The equation for the function to be minimized is given 

as 

(6.20) 

where 

HK = heavy key, 

HHK = heavier than heavy key, 

Y = composition in the vapor phase, and 

Y
0 

= setpoint of impurity in the top. 

A secant search is applied to calculate the value of reboiler 

duty. The schematic of the model is shown in Figure 7. 
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CHAPTER 7 

INFERENTIAL CONTROL 

Normally in the distillation processes, composition loops 

are slower as compared to the temperature loops. So in order 

to get a quicker and a better control action inferential 

temperature controller is used in addition to the composition 

loops. In this case, the tray temperatures are used to infer 

the product compositions. A composition analyzer deadtime of 

five minutes is considered for the column. In inferential 

control, for a given change in the product composition, the 

tray which shows the largest change in the tray temperature 

is used to infer the product composition. The basic idea here 

is that even for small changes in the product composition, 

there will be a measurable change in the temperature on that 

tray. Hence, it allows short-term changes in the product 

compositions to be inferred using the tray temperature. 

In this simulation work, the temperature on the 

particular tray at a particular time is used to infer the 

value of the bottoms' impurity composition at that instant. 

Suppose the temperature on "N" is used to infer the bottoms' 

impurity composition, the linearized correlation used is as 

follows, 

(7 .1) 
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where 

I = intercept value of the linearized correlation, 

s = slope of the linearized correlation, 

TN = temperature on the "N"th tray in degree celsius, 

X8 = Bottom impurity composition (composition of the 

light key in the bottoms). 

Initially, the simulator was run to steady state at 

different operating conditions. When Ln (X8 ) was plotted 

against "TN," the graph was found to be a straight line, so 

the above correlation was developed. This linearized 

correlation is used to infer the bottom impurity compositions. 

It is assumed that the slope of the linear relation remains 

constant over the range of operation (as it was found that, at 

different operating conditions, when Ln(X8 ) was plotted 

against "TN," the slope of the straight line was almost 

constant); however, the value of the intercept does change. 

The technique used was to update the value of the intercept 

using the value of the composition given by the analyzer. 

The value of the intercept is updated as follows, 

ICAL~ = (LnXs) 1 1 - (S* TN). ... ana yzer, (7.2) 

(7.3) 

where "f" is the filter factor used to update the 

intercept. 
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Choice of Tray 

As discussed before, it is important to use that tray 

which exhibits the largest change in the tray temperature for 

a given change in the product composition. The procedure to 

determine which tray is used to infer the bottom impurity 

composition is as follows. 

The simulator was run to steady state at different 

operating conditions, i.e., giving feed composition changes in 

positive and negative directions and giving setpoint changes 

in the bottom impurity composition in both positive and 

negative directions. The plots were generated for the steady 

state temperatures on each tray against the tray number. We 

get 6-7 different plots in the same graph. (Figure A.11) 

Then the tray which gives the largest change in the tray 

temperature under different operating conditions was chosen to 

infer the bottom impurity composition. As can be seen from 

the Figure A.11, approximately tray numbers 3 through 11 show 

a large deviation in tray temperatures at different operating 

conditions. So, that is out range of interest. Figure A.12, 

shows the enlarged version of this range of interest. As can 

be seen from the plot, tray number 8 shows the maximum 

deviation in the tray temperature at different operating 

conditions. Tray number 8 was chosen for inferring the 

bottoms impurity composition. We can see that at different 

operating conditions, tray temperatures in the rectifying 

section do not change much. So the tray temperature cannot be 
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used to infer top impurity composition. So the value of the 

top impurity composition provided by the composition analyzer 

is used in the rectifying section of the column. 
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CHAPTER 8 

NONLINEAR PMBC CONTROLLER 

A controller model is needed to calculate the control 

action required when any kind of upset or disturbance occurs 

in the process due to the change in the manipulated variable 

or change in the external variable. A controller model 

calculates the control action required using a nonlinear PMBC 

control law and a mul ticomponent steady state controller model 

which was described previously in the chapter for an 

"Approximate Model." 

The nonlinear PMBC control law is used to calculate the 

raw target values of impurities in the top and the bottom 

(controlled variables) denoted by Xss and Yss, respectively. 

Impurity in the top is the heavy key in the top, and impurity 

in the bottom is the light key in the bottom, which are the 

controlled variables. The target values of these are 

calculated from Xss and Yss, using an exponential approach to 

upper and lower limits of these impurity level. Thus, upper 

and lower bounds of these impurity levels is set. The target 

values of these impurity levels are transferred to a tray-to

tray steady state appoximate model which calculates reboiler 

duty and reflux rate, which are the manipulated variables. 

The type of nonlinear PMBC control law used in the 

controller is GMC law developed by Lee and Sullivan (1988). 

To understand GMC, consider a SISO (single input-single 

output) process that is described by the following equation. 
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where 

dY 
dt 

= f(Y,u,d,k), 

d = vector of measured disturbances, 

k = vector of parameters, 

u = manipulated variables, and 

Y = output variables. 

( 8 .1) 

Assuming that Y has the value of Y
0 

and it is desired to move 

the process from Y
0 

to Y
5
P in some time interval ., , then 

equation (8.1) using a forward difference approximation for 

dY/dt becomes 

Ysp- Yo = f (Yo, u, .d.Q, k) . 
't 

(8.2) 

Equation (8.2) can be directly solved to determine u, the 

control action provided we know do, k. The time interval, .,, 

is a tuning parameter. Since the approximate model doesn't 

exactly represent the process, there will be some steady state 

offset. To eliminate this offset, Lee and Sullivan added an 

integral term resulting in a GMC control law given by the 

following equation. 

f(Yo,u,.da,k) +Kl (Yo-Ysp) +K2fot(Y-Ysp) dt = 0. ( 8 • 3 ) 

Here K1 represents 1/f' from equation (8.2). The controller 

model for an extractive distillation column is a steady state 

model. But the implementation of GMC requires a dynamic 

model, the steady state controller model is converted into a 
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dynamic model assuming linear first-order dynamics. We need 

to go to Xss and Yss, then the dynamic model equations become, 

dX (Xss-X) 
= 

dt 'tp 
(8.4) 

dY ( Yss-Y) 
= 

dt 
, 

'tp 
( 8. 5) 

where Xss and Yss are solutions of the steady-state controller 

model using the current values of manipulated variables and 

measured disturbances. Incorporating these equations in the 

GMC control law yields, 

Xss = Xo+K1 1 (Xsp-Xo) +K2 1 ( t (Xsp-Xo) dt. 
• · lo 

(8. 6) 

Yss = Yo+K1 , 2 (Ysp- Yo) +K2. 2 fo t (Ysp- Yo) dt. 

(8.7) 

Here it is important to mention that parameter r P is not a new 

variable, but it is incorporated in the tuning parameters Ki,j 

in equations 8.6 and 8.7 (i=1,2 and j=1,2). 
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CHAPTER 9 

CONTROL STUDIES 

Control studies were performed on an extractive 

distillation simulator to compare the performances of a PMBC 

and a logarithmic transformed PI controller. Both of the 

controllers were tested for setpoint changes and disturbance 

rejections. 

Logarithmic Transformed PI Controller 

A standard way to reduce the inherent nonlinear 

characteristic of distillation columns is to use logarithm 

transformation of impurities in the products, i.e., 

xlk x' = 1 og ( ( x ) ) , 
lk sp 

(9 .1) 

yhk 
Y 1 = 1 og ( ( Y ) ) , 

hk sp 

(9.2) 

where 

hk = heavy key, 

lk = light key, 

sp = setpoint, 

X' = logarithmic transformed impurity in the bottom, 

Y' = logarithmic transformed impurity in the top. 

The controlled variables are X' and Y'. The manipulated 

variables used are QR/F for the bottom and RR/F for the top. 

62 



where 

F = feed rate in molesjsec, 

QR - reboiler duty in PCU/sec, 

RR = reflux rate in molesjsec. 

Thus, the single loop PI controller was used in the following 

configuration, 

QR/F X' 

RR/F Y'. 

Tuning 

A quarter decay ratio response method proposed by Ziegler 

and Nichols (1942) for online tuning of controllers was 

employed to tune the controllers. The controllers were tuned 

for a noiseless and stationary process with the intention of 

minimizing the integral of square of error between the actual 

value and the setpoint for servo action. For PI, initial 

tuning parameters were set using Cohen-Coon tuning rules 

(Cohen and Coon, 1953) and then they were fine-tuned to get 

minimum ISE, i.e., integral of square of error. For PMBC, 

initial tuning parameters were set by trial and error and 

adjustments were made to get minimum ISE. Table 6 gives the 

final set of tuning parameters used for the PMBC controller 

and the logarithmic transformed PI controller. 

The general formula for ISE is, 

ISE = foe e2dt, (9.3) 
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where 

e = error between controlled variable and setpoint. 

Reboiler duty and reflux rate are the two manipulated 

variables and impurity in the top and impurity in the bottom 

are the two controlled variables. Impurity in the bottom is 

controlled by using reboiler duty (QR), while impurity in the 

top is controlled using reflux rate (RR) • Actually in PI, the 

ratios of (QR/Feed rate) and (RR/Feed rate) are used as 

manipulated variables instead of using just QR and RR. So 

when feed rate changes are introduced in the system, PI 

controller apart from providing a normal feedback action also 

provides a feedforward action which dynamically compensates 

for the feed rate disturbances, i.e., manipulated variables 

actually track the feed rate changes. When feed rate changes 

are introduced, the feed rates that actually go to the 

controller are filtered so that the controller does not 

overreact. The controller uses a steady state model. It uses 

feed rate as a feedforward signal. When the feed rate 

changes, the controller would immediately take the full steady 

state change required in the reboiler duty and the reflux 

rate. However, this would be done before the effect of a feed 

rate change begins to be expressed in the process. Therefore, 

the controller would take action too soon and too much. 

Hence, the feed rate filter is very important. The general 

equation for the filtered feed rate can be written as equation 

(9.4). 
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where 

f = filter factor, 

FR = feed rate in molesjsec, 

i = iteration number. 

(9.4) 

Feed rates and feed compositions that are provided to the PMBC 

model are also filtered so that PMBC does not overreact to 

those kind of disturbances. The feed rate and feed 

composition filters are properly tuned. 

Results and Discussion 

Different tests were performed on both the controllers 

and the comparative performances can be seen from the figures 

in the Appendix A. 

The response shown by Figure A.l compares the performance 

of PI and PMBC for the setpoint change in the bottom impurity. 

A setpoint change in the bottom impurity was given from 0.0064 

to 0.0095 at 150 seconds and it was brought back to 0.0064 at 

7500 seconds. It is a 50% relative change in the bottom 

impurity level. For this case, PMBC shows a faster response 

as compared to PI. After the setpoint change is given, PMBC 

brings the impurity to its setpoint very quickly and levels 

out quite well. PI is somewhat sluggish and does not level 

out at the new setpoint very well. Both of the controllers 

show slight overshoot but do not show ringing. If we compare 

the initial responses of both the controllers, i.e., the time 
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at which impurity level hits the new setpoint, PMBC is three 

times faster than PI. The very fact that the top impurity 

does not change with the setpoint change in the bottoms 

impurity, shows a high degree of decoupling. The manipulated 

variables for this particular setpoint change are shown by the 

Figure A.9. In the beginning, as the setpoint change is given 

from 0.0064 to 0.0095, the reboiler duty decreases and 

correspondingly the reflux rate also decreases. And when the 

setpoint is brought back to 0.0064, the reboiler duty 

increases and the reflux rate also increases as expected. 

The response shown by the Figure A.2 compares the 

performances of PI and PMBC for the setpoint change in the 

bottoms impurity in the opposite direction. A setpoint change 

in the bottom impurity is given from 0.006399 to 0.0045 at 150 

seconds, and it is brought back to its original value at 7500 

seconds. For this case, the performances of PI and PMBC are 

more comparable. PMBC shows a faster response than PI, but PI 

has less overshoot. Again in this case, the initial response 

of PMBC is faster than PI. Both of the controllers do not 

show any ringing and attend the steady state very well. Again 

in this case, the top impurity shows a negligible change, 

although a setpoint change is given in the bottom impurity. 

This confirms a high degree of decoupling which was shown in 

the earlier case. 

The response shown by the Figure A.3 is a comparison of 

the performances of PI and PMBC for a disturbance in the 
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system. A 10% feed rate increase is given at 150 seconds and 

the feed rate is brought back to its original value at 7500 

seconds. In this case PMBC shows a much better performance 

than PI. As the feed rate increases initially, impurity in 

the bottom should increase before being brought down by the 

controller to its setpoint. PMBC shows the good performance 

in this respect and settles down to its setpoint very quickly 

and very smoothly. While PI shows a very sluggish response 

and appreciable amount of deviation from the setpoint. 

The response shown by the Figure A.4 compares the 

performances of PI and PMBC again for the feed rate 

disturbances. This time a negative 10% feed rate change is 

introduced in the system at 150 seconds, and the feed rate is 

brought back to its original value at 7500 seconds. Again, 

the PMBC shows a better performance for this case. PMBC 

brings the impurity in the bottom back to its setpoint quite 

quickly and very smoothly. PI shows an appreciable amount of 

deviation and a sluggish response. 

The response shown by the Figure A.5 compares the 

performances of PMBC and PI for a disturbance in the feed 

composition. A positive 5% (absolute) step change is 

introduced in light key in the feed at 150 seconds and the 

composition of the feed is brought back to its original value 

at 7500 seconds. In this case, the performance of PMBC is 

slightly better than PI. The deviation of the impurity level 
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from the setpoint is smaller in PMBC as compared to PI, when 

a disturbance is introduced. 

The response shown by the Figure A.6 is a comparison of 

the performances of PI and PMBC for a negative 5% step change 

in the light key in the feed. A negative 5% step change is 

introduced at 150 seconds, and the composition of the feed is 

brought back to its original value at 7500 seconds. PMBC 

keeps the impurity in the bottom near the setpoint in spite of 

the disturbance, i.e. , there is less deviation in the impurity 

level when PMBC is used as compared to when the PI is used. 

The response shown by the Figure A.7 is plotted for the 

case of combination of setpoint change and disturbance. A 

setpoint change in the bottom impurity from 0.0064 to 0.0095 

is given at 150 seconds; and at 7500 seconds, a disturbance of 

combination of positive 10% change in the feed rate and 

positive 5% ramp change in the light key in the feed is 

introduced in the system. Again, for the initial setpoint 

change PMBC shows a quicker and a better response as compared 

to PI. But for disturbance at 7500 seconds, both of them show 

a small deviation from the setpoint. But overall for the 

combination of setpoint change and disturbance both of them 

work quite well. The behavior of the manipulated variable to 

this particular combination of setpoint change and disturbance 

is shown in the Figure A.10. When setpoint change is given 

from 0.0064 to 0.0095, the reboiler duty and the reflux rate 

decrease. At 7500 seconds, when a 10% feed rate change and a 
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5% ramp in the feed composition are given, reboiler duty 

increases initially to compensate for the increased feed rate 

change. There is a slight change in the reflux rate. 

The response shown by the Figure A.S is again plotted for 

the combination of the setpoint change and disturbance. The 

only difference in this case from the previous case is 

setpoint change is given in the negative direction from the 

bottom impurity level of 0.0064 to 0.0045. The performances 

of PI and PMBC are almost the same. There is no major 

advantage of one controller over the other in this case. Both 

of them level out quite well for this case. 

performances are comparable. 

Conclusion 

Their 

Overall, both of the controllers, PMBC and PI worked very 

well for the setpoint changes and disturbances in the system. 

By the inherent characteristic of the system, the top end of 

the column is extremely sluggish as compared to the bottom. 

Because of this characteristic PI controller can be tuned as 

well as the PMBC for this system. For some of the 

disturbances, PMBC shows a faster response and performs better 

than PI. But, apart from that, PI and PMBC performances are 

very much comparable. PMBC does not show any appreciable 

amount of advantage over PI for this particular system. 
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Table 6: Tuning Parameters 

Kx Taux Ky Tauy 
pcujsec 1/sec molesjsec 1/sec 

Log PI 166.66 0.001 0.833 0.00005 

PMBC 2.5 0.005 1.1 0.0005 

Table 7: Gain Comparisons 

Gain {t.X/t.QR) in (mole 
fractionjpcu) 

Positive change in the -2.6943E-05 
rebolier duty 

Negative change in the -5.2760E-05 
reboiler duty 
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CHAPTER 10 

CONCLUSIONS AND RECOMMENDATIONS 

Conclusions 

(1) A detailed dynamic simulator of an industrial 

extractive distillation column has been developed and bench

marked against the steady state CAD simulation data provided 

by Hoechst Celanese. The data cannot be given here as it is 

proprietary. 

(2) The system was found to be highly nonideal and highly 

nonlinear. Formic acid and acetic acid undergo dimerization 

and cross-dimerization in the vapor phase. All these 

nonidealities were taken into consideration while modeling the 

vapor phase thermodynamics. Table 7 on page 70, shows the 

values of the gains obtained when gain prediction testing was 

done on the system. The values of the gain are different in 

the positive and negative directions which proves the 

nonlinearity of the system. 

(3) A detailed thermodynamic modeling of the system was 

done and validated. The thermodynamic modeling was explained 

in the chapter for "Vapor-Liquid Equilibrium." 

(4) The inside-out algorithm, an approximate model for 

vapor-liquid equilibrium calculations was successfully 

developed and validated, which reduced the number of times 

vapor-liquid equilibrium calculations done during the 
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simulation. Because of this inside-out algorithm, the 

simulation time was 15 times less than the actual process 

time. 

(5) An inferential temperature controller was developed. 

A linear correlation which inferred bottoms impurity 

composition from the tray temperature was developed. 

(6) A rigorous approximate model called "6" model was 

developed in order to implement the nonlinear PMBC controller 

on the system. 

(7) The nonlinear PMBC controller performance was 

compared with the logarithmic transformed PI controller. Both 

of the controllers worked very well for the system. The 

Nonlinear PMBC controller outperformed the logarithmic 

transformed PI controller, but not very much for the setpoint 

changes and the feed composition changes. 

(8) By the inherent characteristic of the system, the top 

end of the column is extremely sluggish as compared to the 

bottom end. This dynamic mismatch between the top and the 

bottom made the control problem much easier than most of the 

other columns. 

Recommendations 

(1) Some other advanced technique can be studied on this 

system such as "almost band algorithm" which was suggested by 

Holland et al. (1972) for an extremely nonideal systems. 
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Holland says that it is computationally more efficient and 

quicker. 

(2) Application of other advanced techniques such as 

neural nets can also provide some advantages. The approximate 

models which are used are phenomenological models. They may 

not be able to take into account all the nonidealities and 

disturbances that may hit the system. In that respect, neural 

nets may provide some advantages if properly trained. 

( 3) An experimental demonstration of this work would 

prove the authenticity of this work. 

(4) Some other system, which is of the similar kind as 

this (equally severe in nonideality), but having a less severe 

mismatch in the dynamics of the top and the bottom should be 

studied. That will clearly distinguish the performance of 

nonlinear model based controller from the conventional PI 

controller. 
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APPENDIX A 

IMPURITY COMPOSITION AND MANIPULATED VARIABLES RESPONSES 

SETPOINT CHANGE IN BOTTOM IMPURITY 
Graph A, 0.0064 - 0.0095 - 0.0064 
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Figure A.1 • Response to setpoint change in the positive 
direction. 
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SETPOINT CHANGE IN THE BOTTOM IMPURITY 
Graph AA, 0.0064- 0.0045- 0.0064 
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Figure A.2 • Response to setpoint change in the negative 
direction. 
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FEED RATE CHANGE (+10%) 
Graph B, 0.2868 - 0.31548 - 0.2868 
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Figure A.3 • Response to +10% feed rate change. 
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FEED RATE CHANGE (-10%) 
Graph 88, 0.2868 - 0.25812 - 0.2868 
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Figure A.4 • Response to -10% feed rate change. 
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Figure A.S • Response to positive step change in the feed 
composition. 
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Figure A.6 • Response to negative step change in the feed 
composition. 
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SETPOINT CHANGE AND DISTURBANCE 
Graph D, 0.0064-0.0095-( +1 0%+5%RAMP) 
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Figure A.7 • Response to combination of positive setpoint 
chanqe and disturbance. 
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SETPOINT CHANGE AND DISTURBANCE 
Graph DD, 0.0064-0.0045-( + 1 0%+5%RAMP) 
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Figure A.S • Response to combination of negative setpoint 
change and disturbance. 
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Figure A~9 • Behavior of the manipulated variables for the 
setpoint change. 
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MAN I PULA TED VARIABLES FOR COMBINATION 
Graph EE, SETPOINT + DISTURBANCE 
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Figure A.lO. Behavior of the manipulated variables for the 
combination of setpoint change and disturbance. 
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Figure A.ll. Temperature distribution at different operating 
conditions. 
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interest. 
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