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CHAPTER 1 

INTRODUCTION 

Most chemical processes are nonlinear. In spite of this 

fact, chemical processes have been traditionally controlled 

using linear systems analysis and design tools. A major 

reason for the extensive use of linear systems theory is that 

one can develop generalized analytical solutions and, hence, 

the stability and the performance proofs are relatively easier 

to solve. Another reason is the ease in implementation and 

fewer computations involved in linear controllers. But, even 

with linear algorithms, until digital computers replaced 

analog computers, hardware limitations prevented full 

industrial utilization. 

In the silver jubilee issue (January 1970) of 

Instrumentation Technology, the journal of the Instrument 

Society of America, the readers overwhelmingly elected the 

digital computer as the most significant development in the 

recent times. The technology of applying digital computers to 

process control has developed rapidly since the late 1950's. 

Modern advanced control systems such as distributed control 

systems have made the implementation of advanced control 

techniques a reality. Although the job of installing a 

computer control system is complicated, the ability of the 

computer control system to collect large quantities of data, 
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analyze it and make logical decisions based upon these results 

makes it attractive for industrial applications. 

During the 1960's, a surge in the process control 

research is witnessed, at least partly, by the introduction of 

the state-space approach. This period of activity was 

followed by a period of reflection during the 1970's which was 

precipitated by the realization that the wealth of new theory 

had only a minimal impact on process control practice. 

However, with the increasing use of computers for process 

control applications, these state-space approaches have been 

successfully put into practice on complex processes, such as 

fluidized catalytic cracker, hydrotreater, crude columns and 

high purity distillation columns. Also, of notable 

development in the process control academician's standpoint is 

the internal model controller ( IMC) . This control method uses 

an open-loop step response transfer function representation of 

the process as a model for its control purposes. 

Methods which use nonlinear process models directly for 

chemical process control (Lee and Sullivan, 1988; Economou et 

al., 1986; Parrish and Brosilow, 1988) have been developed. 

However, the above mentioned methods do not update the models. 

Recently, methods that update models from on-line data (Riggs 

and Rhinehart, 1990) have been developed. These methods use 

on-line model parameterization to update the models from 

process data. 
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Adjustable model parameters .represent a true process 

phenomena and can be useful in process diagonistics. For 

example, a process model based fluid flow controller uses 

friction factor as an adjustable parameter. If the value of 

the friction factor parameter increases, this could indicate 

plugging filters or screens or an inadvertently closed valve. 

If it decreases, it could indicate a failed filter or a sudden 

line opening. 

Model parameterization usually is from steady-state data 

and does not require induced upsets in contrast to the 

conventional strategies which require open loop responses to 

empirically measure gains and time constants. In addition, 

feedforward and internal model controllers require the open 

loop responses obtained from step tests to determine the 

control action. 

The use of nonlinear process models for control purposes 

provides inherent nonlinear feedforward and decoupling 

characteristics that produce better control action than the 

conventional strategies. Conventional strategies require 

addition of such features as feedforward and decoupling, to 

counter the effects of disturbances and process interactions. 

Tuning constants for nonlinear controllers are globally 

valid and need not be changed with change in operating 

conditions. "Controller gain" intelligently and automatically 

changes as the process state changes. The tuning constants of 

conventional controllers are valid only for conditions where 
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the controller is tuned and would require retuning, when 

operated at other conditions. 

1.1 Flow Control 

Nonlinearities in fluid flow processes are mostly due to 

the interaction of the final control element, the control 

valve, with the fluid flow system. Most control valves 

consist of a plug (trim) on the end of the valve stem as shown 

in Figure 1.1. The trim opens or closes an orifice opening as 

the stem is raised or lowered. The flow rate through a 

control valve depends on the size of the control valve, the 

pressure drop across the control valve and the fluid 

properties. The design equation for a control valve is 

(1.1) 

where 

cv - valve capacity coefficient, 

~Pv - pressure drop across the valve, 

x - stem position, 

f(x) - function of stem position, 

p - density of the fluid. 

By changing the shape of the plug and seat, valves can be made 

with a number of flow characteristics. Three commonly used 

characteristics are linear trim, equal percentage trim and 

square root trim shown in Figure 1.2. The valve 

characteristic developed when the valve is isolated is 
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inherent valve characteristic. In this situation the ~Pv 

across the valve is constant, independent of flow rate. By 

contrast, the valve characteristic developed when the valve is 

installed with such things as an orifice flow meter, a 

thermowell, elbows, manual valves, etc., is referred to as 

installed valve characteristic. In this situation, the system 

~P is constant but since friction losses change with Q, ~Pv 

changes with Q, or with x. 

A valve with a linear behavior would appear to be the 

most desirable, but when installed it would very often have a 

nonlinear characteristic. A equal percentage type of 

nonlinear valve often will yield a more linear flow relation 

after installation than will a linear valve, as the pressure 

across the control valve usually does not vary linearly with 

flow rate. Thus, the installed valve characteristic would be 

much different from the inherent valve characteristic. 

The objective of a valve designer is to obtain an 

installed valve characteristic that is as linear as possible 

by adjusting f(x). Linear trim valves are often used when the 

pressure drop across the control valve is fairly constant over 

a wide range of flows. Equal percentage valves are often used 

when the pressure drop available across the control valve 

significantly reduces as the flow increases. Therefore, if we 

can develop a controller that has knowledge of the installed 

valve characteristic, the controller would significantly 
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enhance the control performance by overcoming the effects of 

nonl ineari ties, a common problem for conventional controllers. 

1.2 Temperature control of a heat exchanger 

The control of a heat exchanger can be rather complex due 

to its nonlinear dynamics. The heat exchanger in this study 

is a shell-and-tube heat exchanger with water flowing in the 

tube side which is heated with steam condensing on the shell 

side is shown in Figure 1.3. The controlled variable is the 

heat exchanger outlet temperature and the manipulated variable 

is the steam flow rate. The deadtime of the system changes 

with the steam and water flow rates. 

Consider an element of water at the tube side exit of the 

heat exchanger. The time taken by the element to reach the 

thermowell from the tube side exit is the dead time and is 

dependent on the water flow rate. Thus, the dead time is less 

at higher water flow rates and more at lower flow rates. 

Again, when the steam flow rate is increased, the steam would 

make the tubes hotter and the hotter the water would be at the 

tube-side outlet. The higher the flow rates of steam the 

faster the tubes are heated; and the faster the water 

temperature is raised, the less is the dead time. 

The use of conventional proportional integral controllers 

may require several tuning adjustments for a satisfactory 

performance. To account for nonlinearities, methods such as 

gain-scheduling are devised. Improved control can be achieved 

8 



liquid 
out 

Liau·id 
en 

T~ 
L --.... 

w 

Tt 
.... ,.. 

w 
' 

- _. 

ws 
.._--Steam 

I 

Cond ens ate - ·trap 

,~ 

r 

Figure 1.3 A schematic of a heat exchanger 

9 



by using different gains for each operating condition, but 

gain-scheduling is limited to applications where process 

dynamics depend on known measured variables. 

Feedforward controllers are used to maintain the process 

at its set point in the face of disturbances. Feed forward 

control based on linear control theory would increase the 

steam flow rate by the same amount for a specified increase in 

water flow rate, even at different operating conditions (high 

temperature conditions or low temperature conditions). In 

practice, we would require the steam flow rate to increase by 

different amounts at different operating conditions. Hence, 

the feedforward controller requires retuning for different 

operating conditions. 

In addition to this, a number of controllers have been 

designed in recent times such as time optimal controllers, 

suboptimal controllers, deadtime compensators, adaptive 

controllers and internal model controllers. The superior 

performance of these controllers over PI controllers is 

demonstrated. However, some of the controller methods are 

difficult to implement and the others require knowledge of 

advanced math to understand. 

This work involves in developing a controller that is 

easy to implement and understand, and would significantly 

enhance the control performance over conventional controllers. 
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CHAPTER 2 

EXPERIMENTAL SET-UP 

The experimental work is performed on the heat exchanger 

and fluid flow experimental system in the Process Control and 

Unit Operations Laboratory of the Department of Chemical 

Engineering at Texas Tech University. The system is fitted 

with contemporary industrial instrumentation and is interfaced 

to 386 25MHz personal computer through a Camile 2000 data 

acquisition and control system. This chapter describes the 

experimental set-up including the instrumentation. 

2.1 Heat exchanger and fluid flow system 

The system is designed for a wide variety of experimental 

investigations: 

1. Evaluate the fundamental principles of heat and momentum 

transfer (heat exchanger, hotjcold mixing, fluid flow 

losses, orifice calibration, valve characteristic), 

2. Investigate the control relevant issues associated with 

nonlinearity, calibration, sizing and deadtime, 

3. Investigate various control strategies (cascade, multi

input multi-output, ratio, feedforward, gain scheduling), 

and 

4. Evaluate and develop novel control strategies for flow, 

temperature and pressure control. 

Figure 2.1 shows a schematic flow diagram of the facility. 
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The system is equipped to operate in one of many options 

and has tappings from the building cold water header at a 

pressure of 70 psia ( 482.5 KPa), hot water header at a 

pressure of 70 psia (482.5 KPa) and steam header with steam 

supply saturated at 60 psia ( 413. 6 KPa) • The tapping from the 

cold water and hot water headers are 1" nominal diameter BWG 

16 tubes and from the steam header is 1.5" nominal diameter 

BWG 16 copper tubes. 

All the tubing from the headers are fitted with control 

valves to regulate the respective flow rates. The tube from 

the hot water header is fitted with a 1" (0.0254 m) modified 

equal percentage valve of nominal cv of 2.5 (FCV 1), the tube 

from the cold water header is fitted with two 1" (0.0254 m) 

modified equal percentage control valves of Cv's of 2.5 (FCV 

2) and 9 (FCV 3) and the tube from the steam header is fitted 

with two 1.5" modified equal percentage valves of Cv's of 50 

(FCV 5) and 9 (FCV 6). The by-pass to the heat exchanger is 

also fitted with a 1" modified equal percentage valve of c v 

of 2.5 (FCV 4). All control valves are Bauman Little Scotty 

2000 series air to open valves. All the control valves are 

installed in an assembly with bypasses. 

The system is also equipped with a shell and tube heat 

exchanger with shell side outer diameter of 5" (thickness= 

0.35") and 8 u tubes of 1/2" nominal diameter and BWG 18. 

The length of the exchanger is 3 ft (0.91 m) and has a single 
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pass on the shell side and four passes (of four parallel tube 

paths each) on the tube side. The heat exchanger and the 

tubes carrying hot water, steam and condensate are insulated 

with 3/4" (0.02 m) fiber wool to minimize the heat losses to 

the atmosphere and are color-coded with green for cold water, 

pink for hot water and yellow for steam. The tubing system is 

designed such that the tube side fluid can be either hot 

water, cold water or a mixture of hot water and cold water. 

The shell side fluid can be either hot water or steam. The 

condensate passes through a steam trap and a double pipe heat 

exchanger for after-cooling of the condensate to minimize the 

possibility of scalding. 

The system is also fitted with a tube fluid by-pass 

around the heat exchanger as an optional temperature control 

mechanism. The tubing from the cold water header is also 

fitted with a centrifugal pump for higher pressure heads and 

higher water velocities in the tube. In addition to the 

control valves, the tubing system is also fitted with 1" globe 

valves which are to be opened and closed manually. Tubing is 

soldered with 1" nominal diameter elbow joints and straight 

pipes are joined with 1" nominal diameter unions. 

2.1.2 Instrumentation 

The system is equipped with standard industrial 

instrumentation at strategic locations for unit operations and 

control studies. The system is fitted with five 1" (0. 0254 m) 
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Foxboro Integral flow orifice assemblies (IFOA) for the 

measurement of flow rates. These include one each on the hot 

water (FT 1), cold water (FT 2) and steam (FT 5) tubes, one on 

the heat exchanger by-pass (FT 3) and one on the heat 

exchanger tube side outlet (FT 4) before the drain. The 

system is also fitted with two rotameters: one on the cold 

water tube (FI l)with a range of 0 to 10 GPM (0 to 2. 27 

cu.mjhr) and another on the hot water tube (FI 2) with a 

range of 0 to 10 GPM (0 to 2.27 cu.m /hr). 

There are five thermocouple assemblies used to measure 

the temperatures of hot water (TT 1) , cold water (TT 2) , steam 

condensate (TT 8), to measure the temperature of the shell 

side heat exchanger outlet (TT 7) when hot water is flowing, 

and the tube-side inlet of heat exchanger (TT 3). These 

thermocouples are type "T" made of copperjconstantin with 

operating range of -200 to 400 °C and are encased within 1/8" 

(0.0032 m) thermowells and inserted about 2" (5 em) into the 

process fluid. 

The system • 1S also equipped with three resistance 

temperature detector (RTD) assemlies to measure the 

temperature of mixture of the hot and cold water (TT 3) (when 

operating under this option), temperature of the steam 

upstream of the steam orifice measuring steam flow rate (TT 

6), and the temperature of the heat exchanger tube side outlet 

(TT 4). The detectors are platinum wire types, encased in 
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1/8" (0.0032 m) stainless steel wells and inserted about 2" 

(0.05 m) into the process fluids. 

There are seven Foxboro pressure transmitters used to 

measure the pressure after the cold water pump (PT 1) , 

pressure at the discharge of the pump in the cold water tube 

(PT 2), pressure of the cold water before the manifold 

assembly containing the control valves (PT 3), pressure of 

cold water after the manifold assembly (PT 4), pressure at the 

tube side inlet of the heat exchanger (PT 5), pressure at the 

tube side outlet of the heat exchanger (PT 6), and pressure 

before exiting into the drain and pressure of steam upstream 

of the steam orifice (PT 7). 

All sensors are direct-coupled to passive 4-20 mA 

transmitters, except for the thermocouples which output a 

milli-volt signal. 

The system is equipped with a Camile 2000 data 

acquisition and control system and two Moore Mycro-352E single 

loop digital controllers (SLDC) for recording the data made 

available from the sensors and controlling the required 

variables. The data acquisition and the control system is 

explicitly described in Chapter 3. Mycro-352E SLDC is a 

completely self-contained, microprocessor based, industrial 

controller with the important features of being configurable 

for all applications, analog display of process, setpoint and 

valve, accurate digital display, flashing alarm display, more 

than 70 selectable function blocks available, direct 
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thermocouple input option with linearization, built in 

configuration controls, no programming language required and 

basic configuration such as PID stored in read-only memory. 

2.2 Features of the experimental system 

The installed valve characteristic of the control valve 

in the cold water tube (FCV 3), shown in Figure 2.2 

illustrates the nonlinearity of the process. The valve stem 

position is linearly proportional to the Camile output. The 

slope of the relation in Figure 2.2 is the process gain. The 

process gain changes by a factor of 4:1 over the 3 to 17 GPM 

turbulent flow range. 

Figure 2. 3 shows the inherent valve characteristic of the 

control valve in the steam tube, f(x), versus the stem 

position, x. The inherent valve characteristic was obtained 

experimentally by measuring the flow rate and valve assembly 

pressure drop, using the loss coefficient method to estimate 

friction losses within the assembly. There are no expansion 

or contraction joints. The calculation is as follows: 

f(x) = g * ~ _4_P_a_s-se.-mb-ly ___ E'---k-(_1_/_2_)_p_v_2 , ( 2 .1) 

where 

Q - volumetric flow rate, 

- Valve coefficient, 

~passembly - Measured pressure drop across the 

control valve assembly, 

17 
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v 

k 

- calculated pressure drop across the 

fittings in the assembly, 

- fluid density, 

- fluid velocity, 

- fitting or device loss coefficients. 

The functional relationship of inherent valve 

characteristic is obtained by dividing the plot into three 

different regions, as shown in Figure 2.3, and fit each to a 

power law. The power law equations for the three regions are 

as follows: 

f(x) - 0.556*x1•15 for X< 0.74, (2.2) 

f (X) - 1. 14 7 *x3 •49 for 0.74 < X < 0.95, (2.3) 

f(x) - 1. OOO*X 1.o3 for X > 0.95. (2.4) 

The installed valve characteristic of the control valve 
. the steam tube (FCV 6), shown . Figure 2.4, illustrates 1n 1n 

the nonlinearity of the process. Figure 2 . 5 shows the 

inherent valve characteristic, f(x) versus x, and again the 

functional relationship is obtained by dividing the plot into 

three different regions and fit each to a power law. The 

equations for the three . as follows: reg1ons are 

f(x) - 0 . 7 8 3 *X 1. 54 for X < 0.48, ( 2. 5) 

f(x) - 0 . 7 8 5 *X 1 • BO for 0.48 < X < 0.84, ( 2. 6) 

f(x) - 1 . o 3 7 * x2 
• 
92 for X > 0.84. (2.7) 

The ratio of the change in steam flow rate to the change 

in camile controller output is the process gain. The process 

gain is not constant and changes by a factor of 5:1 with steam 
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flow rate as shown in Figure 2.6. Figure 2.7 shows an "eye

balled" average curve drawn through the experimental data and 

a curve fitted by a least squares procedure. The equation fit 

to the curve is as follows: 

KP = -124. 2*m
5
3 + 6. 462*m

5
2 + 0. 598*m

5 
+ 0. 00041. (2.8) 
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CHAPTER 3 

DATA ACQUISITION AND CONTROL SYSTEM 

The invention of the microcomputer in the mid 1970's has 

completely transformed process data acquisition and control. 

Data acquisition involves recording values of process 

variables at regular intervals, and control involves adjusting 

the manipulated variables at regular intervals in order to 

maintain specified variables at setpoint values. A typical 

plant has thousands of variables and it is humanly impossible 

to manually record and control the process. Although the job 

of installing a computer control system is complicated the 

ability of the computer controlled system to collect large 

quanti ties of data, analyze, and make logical decisions, makes 

it attractive for these applications. Contemporary industrial 

process control systems are invariably "computer controlled". 

3.1 Hardware overview 

The data acquisition and control system used for our 

purposes has two basic hardware components: a Zenith 386 25 

mhz PC-compatible host computer and a Dow Corporation Camile 

2000 interface unit. The host computer and Camile can 

communicate with each other using either a RS232C or an RS422 

communications protocol involving both parity and checksum 

calculations, but in our case, we use RS232C. The following 

items are available in a standard Camile box: 
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1. Eight-channel signal conditioning cards with 13 bit 

precision that provide capabilities for handling all 

common input sensors. These input function processors 

provide all necessary sensor excitation, linearization 

and conversion of sensor signals to engineering units. 

2. An eight-channel output card with 12 bit accuracy that 

provides 0- 20 mA output. 

3. Field terminations for up to 50 input or output devices. 

These can be arranged on eight terminal blocks having 20 

terminal connections each on the back panel of the Camile 

2000 system. 

4. A power supply which provides +5 V and +15 V for the 

internal power requirements of the box processor card, 

function processor cards and field device excitation 

requirements. It also provides 24 V (upto 0.5 Amps) 

power supply to drive small load field devices like 

current loop transmitters. 

s. A filtered cooling fan along with appropriately located 

cooling vents are provided for ventilating the Camile 

2000 hardware box. 

6. A box processor board for controlling communications with 

the host computer and passing I/O requests to function 

processors. 

1. A bus terminator board to reduce Standard bus noise. 

A schematic of the complete flow of information from its 

source to its destination is shown in Figure 3.1. 
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The system is also equipped with two Bellofram 1000 I/P 

transducers. The purpose of this is to convert 4 to 20 rnA 

output current signal to a 3 to 15 psig air pressure signal. 

The 3 to 15 psig air pressure signal is used to move the stem 

of the control valve up or down to open or close, 

respectively. 

3.2 RS232C communications 

RS232C transmits the ASCII information in serial form. 

In serial transmission the least significant bit is 

transmitted first and the most significant bit is transmitted 

last. If the receiver is set to receive 10 bit data, 

transmission format will read in 10 bits of information in 

sequence at the specified baud rate. 

number of bits transmitted per 

The baud rate is the 

minute in serial 

communications. Communication rates of 19.2 kilobauds are 

possible with the RS232C interface in the Camile system, but 

the Zenith 386 personal computer can communicate at a maximum 

of 9.6 kilobauds so the baud rate is set at 9.6 kilobauds. 

Parity is an extra bit included in a data format to ensure 

data integrity. RS422 is just RS232 for long distances. 

3.3 Box processor 

A box processor is the brain of each Camile system. It 

acts as an "intelligent" interface to the host computer 

accepting requests for data from analog and digital inputs, 
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and allows control of analog and digital outputs. Proportional 

Integral Derivative (PID) control loops are also set up by the 

box processor and are serviced once each second. The one 

second update time is the smallest possible.time interval by 

the Camile 2000 system. The box processor uses a 16 bit 8088 

microprocessor with an 8087 math coprocessor as standard 

equipment. It provides 32 KB of RAM (Random access memory) and 

64 KB of EPROM (Erasable programmable read only memory). A 

RAM can be written into and read more than once and has very 

fast write times. RAM's are used to store data that changes 

frequently during the operation of a program. ROM is 

unalterable and nonvolatile retaining all data in the absence 

of electrical power. For this reason ROM is useful in 

dedicated systems, control and other fixed data applications. 

A disadvantage of ROM is the difficulty and high cost 

associated with changing a customized mask program. EPROM's 

have been developed, for nonvolatile, small to moderate 

applications or periodic program updating. 

3.4 Multifunction Processors 

The FP510 multifunction input board is a single card 

function processor that provides signal conditioning for 

various sensors. There are eight sensors per card and the 

standard camile box is designed to accept a maximum of 16 

cards. The sensors which can be used with a multifunction 

card fall into several categories: devices outputting 
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millivolts (such as thermocouples), devices outputting ohms 

(such as RTD's or stress cells), devices outputting a voltage 

(such as standard 0 to 10 V) and devices outputting (such as 

4 to 2 0 mA current signals) as shown in Table 3. 1. The 

sensors are connected to the FP510 back panel signal 

connections as shown in Figures 3. 2 to 3. 6. Figure 3. 7 

illustrates the typical arrangement for reading analog values 

from the process. The function of each of the elements in 

Figure 3.7 is as follows. 

3.4.1 Signal conditioning 

Signal conditioning may encompass a variety of elements 

including the sensor itself. If the output of the transducer· 

is other than a voltage signal, the signal conditioner 

generally transforms it to voltage signal prior to the 

multiplexer. 

3.4.2 Multiplexer 

The multiplexer provides the mechanism by which one of 

the several signals is connected to the A/D converter through 

an amplifier. 

3.4.3 Amplifiers 

The function of the amplifier is to scale the process 

signal either upward or downward so that the resulting range 

matches that of the A/D converter. A programmable gain 
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Table 3.1 Devices handled by FPSlO Multi-function procesor 

Sensor Type Mnemonic Input Range Precision Accuracy 

Type E thermocouple TCE -210 to 1000 C +0.4 c +1.0 c 
Type J thermocouple TCJ -200 to 760 C +0.5 c +1.2 c 
Type K thennocouple TCK -210 to 1370 C +0.7 c +1.6 c 
Type T thermocouple TCf -270 to 400 C +0.2 c +1.2 c 
Type S thermocouple TCS 0 to 1760 C +0.5 c +1.3 c 
Type R thermocouple TCR 0 to 1760 C +0.4 c +2.0 c 
Type 385 RTD (Euro) RTD85 -200 to 800 C +0.25 c +0.6 c 
Type 392 RID (Am) RTD92 -200 to 630 C +0.25 c +0.6 c 
Dale C8 1 OK Thermistor TM -80 to 15.0 C +0.1 c Device Depend. 

SS Temp Sensor (AD592) ss -55 to 150 C ±0.1 c Device Depenci 

DC Voltage V0.02 -20 to +20 rnV + .005rnV +0.02 mV 

DC Voltage V0.1 -0.1 to +0.1 v +.025rnV +.0.1 rnV 

DC Voltage V1 -1.0 to +1.0 v ±0.25rnV +1.0 rnV 

DC Voltage VlO -10 to +10 v +2.5rnV +10.0 mV 

DC Voltage VAUfO Autorange Varies Varies 

Strain Gauge SG2 2mV/V +.05%FS Device Depenci 

Strain Gauge SGIO IOmV/V +.05%FS Device Depenci 

Strain Gauge SG100 100 mV/V +.05%FS Device Depend. 

Variable Reluctance VR20 20mV/V +.06o/oFS Device Depend. 

Variable Reluctance VR35 35mVN +.04%FS Device Depenci 

Variable Reluctance VR50 50mVN +.03%FS Device Depend. 

Current MA20 0.0 to 20 rnA +.005mA +.02 rnA 

Current MA50 0.0 to 50 rnA +.05mA +.05mA 
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Channel 

eeeeeeoeeoeoeoee®oee 
1 2 3 4 5 6 7 8 9 1 0 11 12 13 14 15 16 17 18 19 

+- + -+- +-+ -+-
1 2 3 4 5 6 

+ 
7
- + 8-l Shield I 

(Earth Ground) 

Figure 3.2 FP510 back panel signal connections 
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Figure 3.3 Thermocouple connections 
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Figure 3.4 Voltage connections 
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Figure 3.5 Current loop connections 
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amplifier permits the computer to specify which one of the 

several available gains is to be used. 

3.4.4 A/D converter 

Conversion of the signal from analog (continuous) to 

digital (discontinuous) form is accomplished by the A/D 

converter. The resolution of the A/D converter is related to 

the number of bits in the digital output by the equation 

Resolution = 
1 ( 3. 1) 

For process control applications, an 11 bit converter is 

entirely adequate, giving a resolution of about 0.05% of full 

calibration scale. 

3.4.5 Comparator 

The input is compared to high and low limits outside the 

central processing unit (CPU). This feature relieves the CPU 

of its burden. If either limit is violated , an interrupt is 

generated, calling for the CPU's attention. Thus the input 

scan proceeds independently of the CPU until a limit is 

violated. 

3.5 System Boards 

The analog output, analog input, digital input and 

digital output boards have a similar architecture. They all 
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contain an identical slave processor board which provides a 

microprocessor, RAM and a program on a EPROM. The EPROM's are 

unique for each of the three different function processors. 

3.6 Output signal conditioning 

Another board which has additional circuitry provides 

signal conditioning for field instrumentation. This 

additional board is an eight channel 12 bit D/A board that 

receives digital data from the Camile Box processor; converts 

it to variable current signal and places the current in the 

field terminals. 

3.6.1 Analog output function processor 

Analog outputs are used to provide a variable signal for 

field instrumentation that is being used for control. Devices 

such as control valves and positioners are examples of such 

equipment that are controlled with an analog output signal. 

These devices typically require that the output signal be 

either o to 10 V or o to 20 rnA. The analog output boards used 

inside Camile can produce a 0 to 20 rnA signal, which can also 

be converted to a 0 to 10 V signal. To illustrate the use of 

these devices, consider the output of a quantity such as a 

valve position or setpoint for an analog controller. Perhaps 

the most direct approach is to use a D/A converter as 

illustrated in Figure 3.8. Pertinent points are 
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0/A converter 

Computer I,..... 1 .. >- 1/P 
-~ 4-20 m-A - -

3-15 pslg 

Valve 

Figure 3.8 Analog output system 
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1. Since most valves are pneumatic, a current to pneumatic 

i/p transducer is required. 

2. The output of the D/A converter can be displayed so that 

the operator can readily ascertain the valve position. 

3. As the output is the actual valve position, some 

mechanism must be provided so that the computer can read 

the initial valve position. 
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CHAPTER 4 

NONLINEAR PROCESS MODEL-BASED CONTROL 

In recent times, a number of control methods, algorithms 

and control philosophies have taken birth, and Generic Model 

Control (GMC), developed by Lee and Sullivan (1988), is one 

such control methods. Their work shows that the technique can 

result in superior performance over linear based methods and 

has proven to be remarkably robust in the face of model and 

parameter uncertainties. A summary of the GMC technique with 

simulations, pilot plant studies and industrial applications 

is also included in their work to demonstrate the approach. 

A deadtime compensation version of GMC and a plantjmodel 

mismatch compensation algorithm is also developed . 
. 

Cott et al. ( 1987) developed selection procedures for 

process model based controllers, primarily the GMC based 

control algorithms. The model selection process is a rigorous 

and integrated method as the selection of the model is vital 

to the controller performance. 

Bezanson et al. (1989) showed that GMC is not robust for 

critically overdamped closed loop specifications. They 

proposed a robust form of GMC (RGMC) structure which is based 

on a derivative feedback. The structure is distinct in that 

RGMC estimates and compensates for the error between the 

process and the model output derivative. 
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Choi at al. (1988) have experimentally demonstrated that 

an inline pH control strategy for a multicomponent process 

wastewater can control well. This is based on a patented dual 

base injection system. Neutralization is accomplished by 

splitting the base flow and subsequently injecting it into the 

wastewater line. 

Pandit and Rhinehart (1989) applied GMC to a fluidized 

bed coal gasifier. The simulation covered a wide range of 

operational objectives indicating robust and effective control 

in spite of nonlinear multivariable coupling, deadtimes, 

inverse action, nonstationary process behavior and process 

model mismatch. 

Ramachandran and Riggs (1992) applied GMC to a multi-unit 

supercritical fluid extraction process simulator which 

consisted of a highly coupled extractor, distillation column 

system. 

Pandit (1991) and Pandit and Rhinehart (1992 a,b) have 

experimentally demonstrated application of GMC to an 

Laboratory scale distillation column. The controller has been 

tested for a wide variety of disturbances. A study of 

unconstrained as well as constrained control has also been 

performed. 

Riggs et al. (1989) have implemented GMC on a commercial 

distillation column demonstrating huge economic benefits over 

conventional strategies. 
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Malleswararao and Chidambaram (1992) proposed a model 

reference non-linear controller with PID actions and evaluated 

by simulation for regulatory and servo problems. 

Modern control techniques such as fuzzy-logic control can 

also be considered as nonlinear model-based control. Fan et 

al. (1993) explored the effectiveness of fuzzy-logic control 

for industrial applications by regulating the operation of a 

heat exchanger. 

4.1 Generic Model Control 

Nonlinear process model based control (NPMBC) uses an 

approximate model directly for its control purposes. Models 

need not be rigorous, but they must contain the major 

mechanistic characteristics. While conventional control 

strategies, such as PID and linear model-based controllers, 

ignore the fundamental material and energy balance 

information, the NPMBC strategy uses this information 

directly. 

Generic model control (GMC) directly imbeds a process 

model in the control algorithm. The process model is usually 

a nonlinear description of the process derived from 

fundamental mass and energy balance considerations. Consider 

a single input single output (SISO) system described the 

following model 

~~ = f(y, u,d,k), ( 4. 1) 
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where y is the output variable, u is the manipulated variable, 

d is the vector of measured disturbances, k is a vector of 

unmeasured disturbances. Consider that the process is at Yo· 

A setpoint change to a different output variable, Ysp is 

desired. The deviation in y from Ysp could be either due to 

an setpoint change or to an unmeasured disturbance which 

changed y. Assuming that the derivative of the output 

variable remains constant during the time interval, a forward 

difference approximation can be used to represent the 

derivative 

dy = 
dt I 

(4.2) 

where r is a time interval. Substituting this approximation 

in Equation 4.2 in the process model one obtains 

f(y
0

, U, d
0

, k) . 

(4.3) 

The only unknown in Equation (4.3) is u, which can be solved 

to determine the control action. If r is a short time period, 

the process would rapidly approach the setpoint. On the other 

hand if r is large the process response will be slower. 

Therefore r is a tuning parameter of the controller, but note 

that a smaller r makes the controller more aggressive. This 

is counter-intuitive. 
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The controller model is an approximate model and is not 

a true replica of the process and, hence, control with the 

model will result in an steady-state offset. We would like 

the process to have a zero offset. Hence, in the GMC 

formulation an integral term (analogous to a PI controller 

integral term) is added to the control law to remove the 

offset. 

(4.4) 

Further, r has been replaced with K1 , so that a larger tuning 

coefficient value makes the controller more aggressive. 

4.1.1 GMC using steady-state process models 

The process model of Equation ( 4 .1) assumes that an 

approximate dynamic model of the process can be derived from 

fundamental mechanistic considerations. However, steady-state 

models are more common and easier to formulate 

( 4. 5) 

It is possible to obtain an approximate estimate of the 

average time constants from the step response data. The 

response of the output variable can be approximated as 

dy = 
dt 

<Yss-y) 

't'l 
I ( 4. 6) 

where r
1 

is the time constant and Yss is the ultimate value of 

the output variable, y, if no further control action is taken. 
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From this approximate description of the dynamic response as 

in Equation (4.6), the performance specification of a 

temporary steady-state target can be calculated as follows 

The control action required to achieve this steady-state 

target can be found from the nonlinear steady-state model of 

Equation (4.5). 

4.2 NPMBC application to a flow process 

In the experimental system, water is flowing through a 

piping system and a flow control valve. The flow is driven 

mainly by a hydrostatic pressure. A relatively simple dynamic 

process model can be obtained by assuming that 

1. the fluid is Newtonian, 

2. the fluid is incompressible, and 

3 • the fluid flow is turbulent (the profile . flat) . 1S 

Then an overall momentum balance is performed on the system. 

Following are the contributing terms. 

Overall change in momentum in the system -

where 

A - cross section area of the pipe, 

L - system length, 

p - fluid density, 
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t - time, 

v - average fluid velocity. 

Change in the momentum due to potential head 

(4.9) 

where 

g - acceleration due to gravity, 

h - elevation difference across the system. 

Change in momentum due to pressure head 

( 4. 10) 

where 

gc - unit conversion coefficient, and 

~P1 - total pressure drop across the system. 

Change in momentum due to friction losses in the pipe -

(4.11) 

where 

fm MoodyjDarcy friction parameter, 

D - pipe diameter. 

Change in momentum due to friction losses in the pipe fittings 

(4.12) 

where 

K. =loss factor of selected devices. 
1 
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Volumetric flow rate through a control valve -

~ 
Q = Cv•f(x) *~ ~, (4.13) 

where 

cv - valve capacity coefficient, 

APV - pressure drop across the control valve, 

f(x) - the inherent valve characteristic, a function of, 

G - fluid specific gravity, and 

~ - unit conversion coefficient. 

Pressure drop across the control valve = 

= <v> 2 •A 2 *G*~ 
C/*f(x) 2 

Change in momentum due to the control valve -

Overall momentum change 

~ *gc*A3*G* <v>2 

c;*f(x) 2 

(4.14) 

( 4. 15) 

= Momentum change due to pressure head 

+ Momentum change due to potential head 

+ Momentum change due to pipe fittings 

+ Momentum change due to control valve. 

~ *gc*A 3*G* <v> 2 

Cv2 *f(x) 
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Dividing Equation (4.16) by LAp 

dv 
dt 

(4.17) 

Equation (4.17) represents a nonlinear dynamic model for a 

flow process. Equation (4.17) can be simplified by using 

Equation 4.13 and combining the coefficients as follows: 

dv 
dt 

( 4. 18) 

In a flow process the controlled variable is the flow 

rate or the velocity (assuming uniform pipe diameter) and the 

manipulated variable is the stem position. Along with the 

previous assumptions of flat profile, Newtonian and 

incompressible flow, Equation (4.18) is characterized by 

1. no valve dynamics, 

2. no calibration errors, 

3. no signal mismatch, 

4. the ideal squared velocity dependence. 

4.2.1 Parameterization of the model 

No model can perfectly describe a process. There exists 

a process/model mismatch, and if used for control, the model 

would cause a steady-state offset. To correct this mismatch 

our approach is to adjust the value of a model parameter. 

This is in contrast to using the GMC integral. The 

coefficient c represents two friction loss mechanisms of the 
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system: pipe friction losses which are flow rate dependent and 

device losses which are relatively independent of flow rate. 

It is the parameter with the greatest amount of uncertainty, 

varies somewhat with the velocity and can change with pipe age 

and piping system configurations. Hence, it is chosen as the 

adjustable model parameter. 

The model parameters a,b,c and d were calculated from 

fluid dynamic practice and yielded the following idealistic 

model when combined with nominal values of ~P and h: 

dv = 12 . 8 7 - ( 2 . 0 4 + 1 · 7 0 ) * v 2 

dt f(x)2 ' 
(4.19) 

where the units on velocity are ftjs and time is in seconds. 

At steady-state the time derivative of Equation ( 4.18) is 

zero and the equation can be rearranged to yield 

~ (x) 2. (4.20) 

At each sampling, we use Equation (4.20) and measured v, ~P, 

h, and an estimate of x to calculate c. We actually apply 

Equation (4.20) at every sampling, not only during steady

state conditions, and justify doing so by two reasons. First, 

· th long term the bulk of operation is near steady 1n e , 

conditions. second, the analytical solution of Equation 

( 4 .19) indicates that within the sampling period of one 

second, the velocity attains 80% of its change in response to 

ideal step changes in valve stem position. 
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However, the value of x required in Equation (4.20) • 
~s 

the actual valve stem position. It is not measured, and lags 

behind the controller output due to the dynamics of the 

pneumatic system. Tests indicated that the valve stem 

response to a step controller output is roughly first order 

with a two-second time constant. Accordingly, we accommodate 

for the pneumatic dynamics by using a lagged value of x. 

With a two-second time constant and a one-second sampling 

interval the filter equation becomes: 

where 

Xt. = 0.4*X·+0.6*Xt· I 
~ ~ ~-1 

i - interval time counter, 

xt - lagged stem position, actually used in 

Equation (4.19), 

x - final stem position corresponding to the 

controller output. 

(4.21) 

The adjustable parameter c could be filtered to dampen 

the effects of noise from the flow rate measurement. However, 

we found this to be unnecessary as the noise is low. Further 

this is undesirable, since filtering causes the model 

correction response lag. 

4.2.2 Nonlinear control law 

Initially let us assume that the process is at velocity 

v and that a desired velocity of vsp has to be attained in some 

desired time interval T. This might represent either a 
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setpoint change or unmeasured disturbance rejection. Desiring 

that the initial rate of return is 

(4.22) 

and making backward difference approximation in Equation 

(4.22) 

v -v d 
sp = a*aP + b*h - (c+ ) *V2 

't' f(x)2 I 

on rearranging Equation (4.23) yields 

f(x) = ( a*aP + b*h - K1* (v8.,-v) 

d*V2 

where K1 = 1/r. 

1 c --
-) 2 I 

d 

(4.23) 

(4.24) 

If K1 is chosen to be relatively large, the process will be 

driven to the setpoint quickly; and if K1 is relatively small 

the process will be driven to the setpoint relatively slowly. 

Therefore, K1 is a tuning parameter. The stem position 

required to attain the desired velocity, v sp is calculated from 

the power law Equations (2. 2), (2. 3) and (2. 4) • The GMC 

~ntegral is not used. Feedback is through the mechanistic 

parameter adjustment of Equation (4.20). 

4.3 NPMBC application to a heat exchanger 

Almost all of the heat exchangers operate under steady-

state conditions. The experimental system under consideration 

is a shell-and-tube heat exchanger with water flowing in the 

tube-side and steam condensing in the shell-side. 
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There is no shaft work and mechanical, potential and 

kinetic energies are small in comparison with the other terms 

in the energy balance equation. The rate of heat gained by 

the cold water flowing through the tube-side of heat exchanger 

is ideally 

(4.25) 

where 

m - cold water flow rate, 

q - rate of heat transfer into cold water, 

H
8 

- enthalpy per unit mass of cold water at entrance, 

Hb - enthalpy per unit mass of cold water at exit. 

For vapor condensing on the shell-side the heat transfer rate 

is ideally given as 

(4.26) 

where 

m
8 

- Flow rate of steam, 

A
8 

- latent heat of steam. 

Equation (4.26) is based on the assumption that the vapor 

enters the condensate as saturated vapor (no superheat) and 

that the condensate leaves at condensing temperature without 

being subcooled. 

Ideally, q from Equation (4.26) is equal to the q from 

Equation (4.25). However there are ambient losses. These are 

not desired in practice and are usually reduced to a small 

magnitude by suitable insulation. However, no insulation is 
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perfect, hence there are some losses. Performing a steady-

state heat balance about the exchanger 

Heat lost by steam = heat gained by cold water 

+ heat losses to the ambient air 

(4.27) 

If constant specific heats are assumed on the water side 

Equation (4.27) becomes 

4.3.1 Heat loss model parameter adjustment 

In this idealized treatment, the variable heat loss, HL 

ostensibly represents actual ambient heat losses, but in 

reality is a lumped parameter which accounts for all model 

errors (including the assumptions of saturated steam, constant 

CP, no subcooling, calibration errors on measured flow rates 

and temperatures). To completely describe a process, a very 

rigorous model would be required. A simple model such as the 

energy balance for a heat exchanger would create a 

processjmodel mismatch. To correct this mismatch, our 

approach is to adjust a model parameter. Heat loss is chosen 

as the adjustable parameter as this is the parameter with the 

least amount of certainty. Heat loss parameter is calculated 

by rearranging Equation (4.25) to yield 

(4.29) 
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If a step change is made in the steam flow rate the heat 

exchanger outlet temperature reacts after some delay with a 

lag. With the approach of Equation (4. 29), the parameter 

value moves in the wrong direction. To avoid this, a first-

order-plus-deadtime model of how the steam flow rate affects 

the heat exchanger outlet temperature is developed and used to 

delay and lag the steam flow rate. 

lagged initially as follows: 

The steam flow rate is 

T T = (1--) *m + -*m1 , 't s 't ag1_1 
p p 

(4.30) 

where 

mlag - lagged steam flow rate, 

m
5 

- steam flow rate, 

T - sampling time, 

rP - time constant of the first-order-plus-deadtime. 

model. Then it . delayed as follows: 1S 

where 

ml&d - ms .. 
J 

ms. - ms j- 1• 
J 

-• • 

- • • 

ms2 
- ms1 • 

ms1 
- mlag' 

j _ deadtime in the first-order-plus deadtime model, 

mL&d - lagged and delayed steam flow rate to account for 

the time coordination. 
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4.3.2 Control law for the master controller 

Let us assume that the process is at temperature, T and 

that a desired temperature Tsp has to be attained, a temporary 

steady-state target is calculated as follows (as per Equation 

(4.7)) 

(4.31) 

The steam flow rate required to achieve this steady-state 

target can be found from the steady-state model of Equation 

(4.28) as follows 

(4.32) 

This steam flow rate is given as the setpoint input to the 

NPMBC slave steam flow controller. 

4.3.3 NPMBC slave steam flow controller 

The steam flow controller used is a simplified version of 

the flow controller explained earlier in this chapter. The 

basic assumption in this simplification is that the pipe 

friction losses and device losses due to the flow of steam are 

negligible in comparison to the pressure drop across the 

control valve. Thus, Equation (4.17) can be simplified as 

(4.33) 

At steady state Equation (4.33) becomes 
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(4.34) 

system remain relatively constant and hence Equation (4.34) 

can be rearranged to yield 

V= I 

where b 1 is a parameter that changes with flow rate. 

4.3.4 Steam flow controller model parameter 

adjustment 

( 4. 35) 

The coefficient b1 is adjusted to correct the process/ 

model mismatch as follows 

= f(x) 
bl (4.36) 

v 

4.3.5 Control law for the slave controller 

Let us assume that the steam flowing at a velocity, v and 

that a desired velocity of v~ has to be attained, a temporary 

steady-state target is calculated as follows: 

(4.37) 

The value of the function of stem position required to achieve 

this steady-state target is calculated from the steady-state 

model of Equation (4.35) as follows 

The stem position required to maintain the steam flow 
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(4.38) 

The stem position required to maintain the steam flow 

rate at the setpoint provided by the master or primary 

controller is calculated from the function of stem position 

from the power law Equations (2.5), (2.6) and (2.7). 
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CHAPTER 5 

CLASSICAL TEMPERATURE CONTROLLER 

Classical feedback controllers such as proportional only 

(P only), proportional-integral (PI) and proportional

integral-derivative controllers have become a norm in the 

industry for most common applications. Any book on process 

control would cover material on feedback controllers. The 

notable texts are by Stephanopolous (1990), Shinskey (1984), 

Seborg, Edgar and Mellichamp (1989), Smith and Corripio 

(1985), and Luyben (1990). The function of any controller is 

to receive the measured process variable signal Ym(t); and, 

after comparing it with the setpoint Ysp' take an action such 

that the process variable would ultimately reach the setpoint. 

The input to a classical controller is the actuating error 

e ( t) = y sp - y m ( t) ( 5 . 1 ) 

while its output symbol is c (t). The various types of 

controllers differ in the way they relate e(t) to c(t). 

5.1 Proportional-integral-derivative controller 

The output of a proportional-integral-derivative (PID) 

controller is given in the standard form as follows: 

c( t) = Kce(t) + KcJe(t)dt + K't de(t) + c 
• i c d dt s 

(5.2) 

where Kc is the proportional gain of the controller, r 1 is the 

integral time constant or reset time in minutes, fd is the 
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derivative time constant in minutes and c
5 

is the controller 

bias signal (the controller output when switched from manual 

to automatic). 

The proportional action is affected by the proportional 

gain. The higher the proportional gain, or equivalently the 

smaller the proportional band, the higher the sensitivity of 

the controller to the error, e(t). A P-only controller will 

result in steady-state offset. The integral action causes the 

controller output to change as long as an error exists in the 

process output and hence removes steady-state offset. The 

derivative term (dejdt) helps the controller in anticipating 

the future magnitude of the error and applies a control action 

which is proportional to the current rate of change in the 

error. 

5.2 Cascade control 

cascade control is a very common, profitable and useful 

control technique in process industries, particularly when the 

manipulated variables are subject to disturbances. In this 

control configuration, we have one manipulated variable (from 

a process viewpoint) but two or more controllers and more than 

one process measurement. 

consider the heat exchanger control system shown in 

Figure 5.1. In this system, the outlet process fluid 

temperature is controlled by manipulating the steam valve 

position. Notice from a process viewpoint, that the steam 
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Figure 5.1 Simple control strategy 
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flow rate is being manipulated. The steam flow rate depends 

on the steam valve position and the pressure across the valve. 

If the header pressure changes, the steam flow rate will 

change, and the controlled temperature will change. The 

control configuration shown in Figure 5.1 can account for this 

change only after the process temperature has deviated from 

the setpoint. 

Consider the cascade control configuration shown in 

Figure 5.2. In Figure 5.2, changes in the steam flow rate due 

to any disturbances are compensated by the flow loop. The 

physical significance of the output signal from the 

temperature controller is the flow of steam required to 

maintain the temperature at setpoint. In actuality FT 5 

requires pressure, temperature and differential pressure 

across the orifice measurements. 

The loop that measures temperature is the dominant, or 

primary, or master control loop and uses a setpoint supplied 

by the operator. The loop that measures the flow rate uses 

the output of the primary controller as its setpoint and is 

called the secondary or slave loop. 

The closed loop response of the primary loop is 

influenced by the dynamics of the secondary loop. The 

dynamics of the secondary loop must be faster than those of 

the primary loop. Generally, 
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Figure 5.2 Cascade control strategy 
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(5.3) 

where 

TP - process time constant, 

ep - deadtime. 

The tuning of the two controllers of the cascade control 

system proceeds in two steps: 

(a) First, we determine the Kc and T. 
1 

settings of the 

secondary controller. Since the slave setpoint is the 

master controller's output one can only make slave 

setpoint changes by placing the master in manual and 

manually adjusting the master output. 

(b) Second, we determine the Kc, r 1 and Td settings for the 

primary controller. Since the slave controller is part 

of the process, the tuned slave controller must be in 

automatic to properly tune the master. 

5.2.1 Implementation of cascade control 

The setpoint to the primary loop is supplied by the 

operator. The output of the primary loop forms the setpoint 

to the secondary loop as follows 

Kc J d(el) Output= Kc*el + -:;:--:-* eldt + Kc*'td* , 
~~ dt 

(5.4) 

where 

el - xlsp - x, 

Kc - proportional gain of the primary controller, 

r. - integral time constant of the primary controller, 
1 
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rd - derivative time constant of the primary 

controller, 

xl
5

P - setpoint supplied by the operator in degrees 

Centigrade, 

xl - resistance temperature detector measurement of 

temperature in degrees Centigrade. 

The output of the secondary loop directly controls the control 

valve manipulating the steam flow rate as follows 

Output = Kc*e2 + ~~ * J e2dt + Kc*'t d* d(e
2

) , 
~~ dt 

(5.5) 

where 

e2 - x2 5 P - x2, 

Kc - Proportional gain of the secondary controller, 

1
1 

- integral time constant of the secondary 

controller, 

rd - derivative time constant of the secondary 

controller, 

x2
5

P - set point, the primary controller output, 

x2 - orifice measurement of steam flow rate. 

5.3 Feedforward Control 

Feedback Control reacts to the disturbance only after it 

affects the process. Feedforward control, on the other hand 

takes the control action before the disturbance actually 

affects the process measurement. For a control system, if the 

transfer function of how the disturbance affects the process 
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output is Gd(s) and how the manipulated variable affects the 

process output is GP(s), the transfer function of feedforward 

controller should be 

(5.6) 

When implementing feedforward control, we usually assume that 

Gd(s) and GP(s) are both first-order-plus-deadtime (FOPDT), 

i.e., 

(5.7) 

(5.8) 

Then, the transfer function of feedforward control is 

Kd 'tPS+l -<6 -6 ) = -- e p p s, 
KP -r ds+l 

(5.9) 

where 1P is the lead time and 1d is the lag time. 

Parameters of the transfer functions ( KP, Kd, 1 P' 1 d' 8P, 

ed ) responding to both the controller output and disturbance 

can be calculated from the open-loop responses of the 

controlled variable obtained by making step changes in the 

manipulated variable and the disturbance variable. The 

disturbance is water flow rate, the manipulated variable is 
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steam flow rate, and the controlled variable is temperature of 

water at the heat exchanger outlet. 

Nonlinearity of the processes, inaccuracies of 

measurements and the inability of feedforward control systems 

to overcome disturbances that cannot be measured require that 

a combined feedforward and feedback control strategy be used 

instead of feedforward control alone. 

5.3.1 Implementation of Feedforward Control 

The transfer function of feedforward control is 

(5.10) 

The transfer function can be rearranged to make implementation 

easy. Adding and substracting (1/fd) term to the numerator 

= K c 

't s + -rp - -rp + 1 
p 'td 'td e- <Od- ap) s. (5.11) 

Dividing the individual terms in the numerator by the 

denominator 

Let 

1 
1

] e- <Od - Op) s. 
-r ds + 

i = integer of [ "'d ~ "'" ]. 
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where 

T -sampling period (one second for this work). 

Define the disturbance, d, by 

d = x3 - x3 ss, (5.14) 

where 

x3ss - base case value of water flow rate, 

x3 - water flow rate. 

Then the computer code becomes 

d = X3 - X3ss. 

y 

'tp 
K- ·d. 

c 't 
d 

(5.15) 

( 5. 16) 

. y2 • (5.17) 
old 

(5.18) 

The % output of the feed forward controller is y. The reaction 

disturbance will be delayed by • samplings . 
to the l. USJ.ng: 

OPFF - OP .• 
1 

OP. - OP. 1 1 1-

• • 

• • 

OP2 - OP1 • 

OP1 - y. 
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The % output of combined feedbackjfeedforward controller is 

OP, where 

where 

OP 

% output of feedforward controller, 

% output of feedback controller. 

5.4 Gain-scheduling 

(5.20) 

Gain-scheduling is a method of adjusting the PID 

controller gain as process conditions change. For nonlinear 

processes, the process gain changes as we move from one 

operating regime to another. As the process gain decreases, 

a PID with fixed controller gain will become sluggish and as 

the process gain increases, a PID controller with a fixed gain 

will become overactive resulting in oscillatory or unstable 

operation. 

Where time constants do not change, the product of the 

controller gain and the process gain should be a constant. 

K * K = constant, c p (5.21) 

where Kc is the controller gain and KP is the process gain. 

Equation (2.8) provides the functional relationship of the 

process gain to the steam flow rate. 
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5.4.1 Implementation of gain-scheduling 

Tune the secondary controller (controlling steam flow 

rate) for any steam flow rate and read Kc. For this flow 

rate, also calculate the process gain from Equation (2.8). 

Calculate the constant by taking the product of process gain 

and controller gain. The controller gain at any flow rate is 

subsequently calculated from the ratio of the constant and the 

process gain as follows 

K = constant 
c KP 

(5.22) 
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CHAPTER 6 

INTERNAL MODEL TEMPERATURE CONTROLLER 

Internal model control (IMC) is a control strategy which 

has been extensively analyzed by Morari and co-workers 

(1982). Garcia and Morari (1982) defined internal model 

control for single input-single output, discrete time system 

and its relationship to other control schemes. Economou and 

Morari (1986) performed a number of stability tests on IMC. 

Skogestad and Morari (1987) developed the design procedure for 

robust performance of IMC. Morari et al. (1986) 

experimentally demonstrated the temperature control of a heat 

exchanger and the level/temperature control of a stirred tank. 

IMC, like any other model-based control (MBC) strategy, 

uses a model of the process to calculate a value for the 

manipulated variable to make the process behave in a desired 

way. IMC uses 

function models. 

open-loop step-response Laplace transfer 

If the model is perfect and there are no 

constraints, then the "inverse" of the model coupled with the 

process leads to perfect control. Practically, a perfect 

model is not possible and hence some form of feedback 

correction is required. Thus the difference (d) between the 

model (M) and the process (P) is used to adjust (A) a model 

coefficient or a controller feature (c), such as set point 

bias. This is shown in Figure 6.1. The IMC strategy adjusts 

the model by biasing the set point. We shall use a 
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hypothetical first-order-plus-deadtime (FOPDT) model to 

illustrate the concept of IMC. Consider a process which can 

be described by a FOPDT transfer function 

where 

KP - Process 

1p - Process 

ep - Process 

G = p 

. ga1n, 

time constant, 

dead time. 

(6.1) 

From the block diagram (Figure 6.1), we would want the 

controller to be the inverse of the process such that the 

controlled variable instantaneously tracks its set point. 

Thus the controller transfer function is represented by 

G = 1/G = c p (6.2) 

and, in the Laplace domain, the required control action as 

represented by the change in manipulated variable given by 

A 8p-S A 
m = e ('t Ps + 1) X , 

KP sp 
(6.3) 

where 

xsp = setpoint. 

or in the real time domain 

(6.4) 
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This control action is unrealizable because it implies that 

the controller must make the change before the setpoint 

changes. In addition, for a step setpoint change, the 

derivative term becomes infinite. Various other problems 

exist if the controller function is used in this form, such as 

changes in KP and T P with time, spikes due to derivative action 

and the presence of inverse action. Expanding the exponential 

function in a McLaurin series and limiting the expansion to 

two terms we have 

which when inverted gives 

KP (1-6 Ps) 

( 't PS+1) 

1 1 = 

, (6.5) 

(6.6) 

again a form which is not realizable, because there is a time 

for which the corresponding value of s makes the denominator 

zero. To eliminate these deadtime and inverse action problems 

in the controller, the process is approximated by a model with 

a transfer function 

G = G G · p + -

(6.7) 

G+ contains the unrealizable parts of the actual process 

transfer function such as the deadtime and inverse action 

while the realizable and stable part is represented by G_. 
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The controller transfer function is the inverse of the latter, 

such that 

G* = c 
1 

(6.8) 
G_ 

As shown in Figure 6.2, the error between process and 

model is used to bias the setpoint. Since the error includes 

noise and is a random variable, the biased setpoint will 

reflect noise. This is not conducive to good control and 

hence filtering is carried out. A filter basically adjusts 

the extent to which the new value of a particular variable is 

allowed. For example, a first-order filter is of the form 

PVt = lPVnaw + ( 1 - A) PVt , 
new old 

(6.9) 

where 

PV - process variable, 

- weighting factor ( ( 1 - e -T/'c f) , 0 ::S l ~ 1) , 

T - control interval, 

rf - filter time constant. 

The smaller the value of l, the smaller the influence of 

the new value of the process variable. In the Laplace domain, 

the first-order filter is represented by a first-order lag as 

(6.10) 

we can either filter the error (the process-model 

mismatch) or the corrected setpoint. The latter is preferable 

as it reduces the effect of noise as well as prevents the 
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derivative spikes (the derivative term becoming infinite) for 

a setpoint step change. 

With a FOPDT model, the IMC structure simplifies to that 

shown in Figure 6.3. The controller is a combination of the 

transfer functions GP, F and Gc* analogous to Figure 6.1 where 

the controller is represented by the dotted line enclosing M, 

A and I. 

The single tuning parameter in IMC is the filter time-

constant and it determines the time taken by the process to 

return to its setpoint, as well it attenuates the response to 

feedback noise. Lower values of this parameter leads to a 

more aggressive action while higher values cause smaller 

changes in the process variable as is evident from Equation 

( 6. 9) . This considerably reduces the complexity of the tuning 

exercise as instead of the three tuning parameters of 

conventional proportional-integral-derivative control (Kc, 'f • I 
1 

and 'fd) we have to adjust only one parameter. 

transfer function is then given by 

G = c 
FG* c 

The controller 

(6.11) 

Often processes cannot be represented by first order 

models and higher order models may be used. To prevent output 

spiking upon setpoint changes, the filter used should at all 

times have the same order as the process and its model. Hence 
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F= 
1 

I 

('t f S + 1) n 

where n is the order of the model 

6.1.1 Implementation of internal model control 

Read: Xsp' X and T 

where 

Xsp - set point for process variable, 

X - present value of process variable, 

T -simulation interval (one second). 

err = Xsp -X. 

y = 

yold - Y • 

Z - Y + err. 

W = w. old 

(6.12) 

(6.13) 

(6.14) 

(6.15) 

(6.16) 

(6.17) 

(6.18) 

The controller output required to attain the desired setpoint 

is 

m (6.19) 
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where 

err - error at time t, 

Tp - process time constant, 

1), - process • ga1n, 

Tf - filter time constant, 

y ,w, z = variables employed as per block diagram, 

m(t-6p)= value of the manipulated variable at time 

(t-6p) , 

value of Y and W at time (t-1). 

The IMC controllers are implemented in cascade form with 

the primary IMC temperature controller providing the setpoint 

to the slave steam flow rate controller. The steam flow rate 

controller controls the steam flow rate by adjusting the valve 

position. 

6.2 Feedfoward control 

Feedforward control is of immense benefit to any control 

strategy. This capability allows you to anticipate what the 

effect of a disturbance will be, and allows you to 

program/schedule changes in manipulated variable that will 

exactly counter that effect. 

In classical controllers the feedforward action is 

separate from feedback action but in the model-based 

controllers, the model for feedback must incorporate the 

disturbance if it incorporates the feedforward controller 

action. 
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6.2.1 Implementation of feedforward control 

The block diagram for the implementation of feedforward 

control coupled with a IMC controller is provided in Figure 

6.4. The transfer function of the first-order-plus-deadtime 

(FOPDT) model of how the disturbance (water flow rate) affects 

the controlled variable (heat exchanger tube-side outlet 

temperature) is as follows 

(6.20) 

The effect of the disturbance on the controlled variable is 

determined by the FOPDT model and the code is as follows 

d = X - xss' (6.21) 

where 

d - measured disturbance, 

xss - base case water flow rate, 

x - measured water flow rate. 

(6.22) 

where 

T = control interval. 

This effect due to the disturbance is added to Equation 

(6.14). The correction in the manipulated variable required 

to counter the effect of disturbances is implemented as in the 

previous chapter. 
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6.3 Gain-scheduling 

IMC controllers in this work are based on first-order

plus-deadtime models. These models are valid in the operating 

region around which they are developed and are no longer valid 

once we move out of this operating region. Hence the process 

gain changes with operating conditions and needs to be 

scheduled. The gain-scheduling is done by calculating the 

current value of process gain from Equation (2.8) with the 

current value of steam flow rate, and using this process gain 

in the model. 
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7.1 Flow control 

7.1.1 Results 

CHAPTER 7 

RESULTS AND DISCUSSION 

The nonlinear process-model-based controller and the 

velocity mode form of the standard proportional-integral (PI) 

controller are experimentally demonstrated and compared. Both 

the controllers have a sampling and control period of one 

second. The tuning parameter of the nonlinear process-model

based controller is K1 = 5 s-1 and the PI controller was tuned 

for a quarter amplitude damped response at a flow of 5 GPM 

using a Kc of 3 %/GPM and r 1 of 4.3 s. 

The performance of the PMBC controlled system for servo 

action is shown in Figure 7.1 and compared with the PI 

controlled system shown in Figure 7.2. At about 75 s after 

starting the controller, a setpoint change of 5 GPM to 15 GPM 

is made. In Figure 7 .1, the flow rapidly returned to the 

setpoint with slight overshoot. In Figure 7.2, the response 

is quite oscillatory. At about 250 s after starting the 

controller, the setpoint is changed from 15 GPM to 5 GPM and, 

again the flow rapidly returned to the new setpoint in Figure 

7.1. Note that at high flow rate conditions, the nonlinear 

controller is calling for small changes in valve stem position 

and larger changes at low flows. This is an "intelligent" 

response to the process and is evidence of the nonlinear 
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control action which recognized the process gain change of 

4:1. The PI controller, of course, does not. 

The performance is also compared for disturbance 

rejection. At about 350 s after starting the controller, a 

disturbance is introduced in the system by manually closing a 

by-pass and forcing the fluid to go through a restricted 

path. At about 450 s the by-pass is re-opened. The response 

of the controlled variable, flow rate, is again, shown in 

Figures 7.1 and 7.2. Both controllers react and return the 

process to the setpoint. 

In either, the servo or regulatory mode, the controller 

outputs of the PMBC and PI controllers as shown in Figures 7.3 

and 7.4, respectively, are distinctly different. In Figure 

7.4, the PI controller output expresses the typical 

oscillatory or sluggish responses that accompany improper 

local tuning. By contrast, once tuned for one operating 

condition, the PMBC output as in Figure 7.3 is tuned for all 

the operation conditions (and shows the same pattern at all 

conditions). Further, the PMBC controller knows where to 

locate the valve because the model calculates the desired 

position. By contrast the PI controller follows a "trial-and

error" search. 

The integral of the squared error (ISE) is used as a 

standard of comparison between the PMBC controller and the PI 

controller. ISE is defined as follows: 
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(7. 1) 

where 

e - error of measured variable with respect to the 

setpoint. 

Digitally, we approximate the integral by the trapezoidal 

rule. 

The visual difference in the servo and regulatory 

purposes are confirmed by the ISE values in Table 7.1 where 

the first column indicates the time period over which the ISE 

was accumulated. The second column describes the event which 

is bracketed, and the remaining columns report the ISE values. 

The controller performances are equivalent in two of the 

events (the conditions for which the PI controller was tuned), 

but for the four other events the PMBC controller ISE was at 

least half of the PI controller. 

The parameter c of the PMBC controller, which is 

calculated from Equation (4. 20), represents the friction 

losses in the system and is plotted in Figure 7.5. In the low 

flow rate region, the value of c is 3 ft- 1
, and returned to 

that value after the setpoint and disturbance events. During 

the high flow rate period, the value is about 1 ft- 1
• These 

support our a priori calculation of 2.0 ft- 1 from the 

analytical solution. During the disturbance period, the model 

parameter jumped to 20 ft- 1 • The feedback offset removal 

mechanism of this PMBC controller is model parameterization. 
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Table 7.1 Comparison of integral square errors of PMBC and PI 
flow controllers 

Time Period System event PMBC PI 
(sees) (m2 Is) -(m2 Is) 

60-125 Change in setpoint 48.3 100.9 
(5 to 15 GPM) 

125-200 At a setpoint of 15 GPM 0.5 2.7 

200-250 Change in setpoint 24.0 46.6 
(15 to 5 GPM) 

250-350 At a setpoint of 5 GPM 0.4 0.4 

350-450 Disturbance given by 2.9 8.1 
closing manual valve 

450-540 Disturbance qiven by 23.1 22.8 
opening manual valve 
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As Figure 7.5 shows, the adjustable parameter makes rapid and 

direct change its new appropriate value. 

Note that the model fric.tion loss parameter drifts during 

the low flow rate periods as compared to either the high flow 

rate or high line friction periods. This is due to the 

relative sensitivity of the parameter to noise and drift at 

those conditions. If one wonders whether the controller 

reflects the drifts in the model parameter, the answer is 

"No." When the model parameter is sensitive to the process 

the control action is insensitive to the model parameter, as 

Figure 7.3 shows. 

7.1.2 Discussion 

Aside from enhancing control, the adjustable model 

parameter represents a true process phenomena and can be 

useful in process diagnostics, maintenance, and supervisory 

action. For instance, if the friction parameter increases, 

this could indicate plugging filters or screens or an 

inadvertently closed valve. If it decreases, it could 

indicate a failed filter or a sudden line opening. 

The friction parameter has phenomenological meaning, and 

thereby it can be used to predict the constrained flow rate if 

the valve were fully open. This would be useful to either a 

supervisory multi-variable model-predictive control algorithm 

or to an optimization program. Both require contemporary 

knowledge of process constraints. Figure 7. 6 illustrates this 
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feature by plotting the calculated (projected) constrained 

flow rates versus the actual constrained flow rates (when the 

valve was opened 100%). The solid line represents the ideal 

exact prediction value. The data points indicate the 

prediction based on conditions at valve openings of 70, 80, 

and 90%. 

The PMBC algorithm has one tuning parameter which is valid for 

a wide operating range. The PI controller has two tuning 

coefficients which must be re-adjusted to maintain good 

performance as the process changes. This globally valid and 

single tuning parameter should make implementation easier. 

7.2 Temperature control 

7.2.1 Results 

The process-model-based temperature controller (PMBC), 

internal model temperature controller (gain schedule, 

feedforward and cascade) and the classical temperature 

controller (PID feedback, gain schedule, feedforward and 

cascade) are experimentally demonstrated and compared on a 

shell and tube heat exchanger. The sampling interval and the 

control period for all three controllers is one second. The 

tuning parameters, model parameters and the functional 

relationships of the three controllers are provided in Tables 

7.2, 7.3 and 7.4, respectively. 

The performance of the PMBC controller for servo action 

as shown in Figure 7.7 is compared to IMC controller in Figure 
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Table 7.2 Values of the tuning parameters of the 
temperature controllers 

PMBC CONTROLLER 

Steam flow controller 1.2 
_gain, K, 

Temperature controller 1.8 
gain, K., 

Filter on the friction 1.0 
parameter, a, 

Filter on the heat 0.8 
losses parameter, a., 

IMC CONTROLLER 

Steam flow controller 2.5 s ,, 

filter constant, 1: f1 

Temperature controller 17 s 
filter constant, t:f., 

CLASSICAL CONTROLLER 

Steam flow controller 450 %/(kg/s) 
gain, K,.., 

Steam flow controller 2.85 s -1 

reset time, 1:., 

Temperature controller 0.0008 (kg/s) /°C 
gain, K ... ., 

Temperature controller 1.143 -1 s 
reset time, t: ~., 

Temperature controller 0.019 s 
derivative time, t:rl, 
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Table 7.3 Values of model parameters of the temperature 
controllers 

PMBC CONTROLLER 
--

Time constant, ~ 
1 

(steam 
~anipulated vari~ble) 

flow rate as 13.5 s 

Deadtime, e 1 (steam flow 
manipulatedPvariable) 

rate as 11 s 

IMC CONTROLLER 

Process gain, K 1 (steam flow rate as 653.44 
manipulated varlable) °C/ (kg/s) 

Time constant, L 1 (steam 
manipulated vari~ble) 

flow as 13.5 s 

Deadtime, ep1 
variable) 

(steam flow as manipulated 11 s 

Process gain, K 1 (steam ,of low controller 0.00034 
output as manip~lated variable) (kg/s)/% 

Time constant, L 1 (steam flow controller 
output as manipulated variable_) 

5 s 

' 

Deadtime, eP1 (steam flow controller as 1 s 
manipulated variable) · 

Process gain, K 2 (water flow rate changes 3.64 
as disturbance)P GPM/(kg/s) 

Time constant, LP2 (water flow rate changes 7 s 
as disturbance) 

Deadtime, e 2 (water flow 
changes as aisturbance) 

rate 13 s 

CLASSICAL CONTROLLER 

Process gain, K 1 ( steam flow rate --as 653.44 
manipulated variable) °C/ (kg/s) 

Time constant, L 1 (steam flow rate as 13.5 s 
manipulated vari~ble) 

Deadtime, 6 1 (steam flow rate as 11 s 
manipulatedPvariable) 

Process gain,· K 1 
(water flow rate changes 3.64 

as disturbance)P . GPM/(kg/s) 

Time constant, LP2 (water flow rate changes 7 s 
as disturbance) 

Dead time, 8 
2 (water flow rate changes as 13 s 

disturbance) 
\ 
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Table 7.4 Functional relationships used 
controllers 

. 
.1n the temperature 

PMBC CONTROLLER 
-· 

Inherent valve Equation (2.5) to (2.7) 
characteristic and Figure 2.3 

IMC CONTROLLER 

Gain-scheduling equation Equation (2.8) 

. IMC CONTROLLER 

Gain-scheduling equation E_g_uation (2.8) 
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7.8 and the classical controller in Figure 7.9. At about 50 

seconds after starting the controller, a setpoint change of 55 

to 30 °C is made. In Figure 7.7 and Figure 7.8, the 

temperature rapidly returned to the setpoint in about 60 s 

without any overshoot. In Figure 7.9, the temperature had 

returned to the setpoint with an overshoot and then took about 

12 0 s to settle. The performance of the PMBC, IMC and 

classical steam flow controllers are shown in Figures 7.10, 

7.11 and 7.12, respectively. Both of the model-based 

temperature controllers provided the right value of the steam 

flow setpoint as soon as a change in temperature setpoint is 

made. In all three, the steam flow controllers quickly 

respond to the setpoint change by putting the valve at the 

right stem position. Note that the setpoint provided by the 

model-based temperature controllers for the steam flow 

controller remained about the same for the setpoint change 

period. The IMC controller, however, has a noisier setpoint. 

on the other hand, the classical temperature controller 

initially provided a steam flow setpoint that is less than the 

steam flow actually required, and it had to make multiple 

adjustments before it reached the desired steam flow rate. In 

all the cases, the steam flow controller responded well to the 

setpoint changes, but the IMC and the classical controllers 

are slightly aggressive compared to the PMBC controller. 

At about 500 seconds, a setpoint change of 30 to 50°C is 

made. The PMBC controller rapidly returned the temperature to 
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the setpoint. As soon as a setpoint change is made, the 

temperature controller has called for higher steam flow rates 

due to the steady-state target which was calculated to be a 

high value as shown in Figure 7.10. These high steam flow 

rates have given a boost to the temperature, quickly raising 

it to a value about the setpoint. Then the master controller 

adjusts by cutting back on the steam flow rate setpoint. Note 

that the IMC controller and the classical controller have 

taken a longer time to return to the setpoint. The classical 

and the IMC controllers are tuned at 55 °C conditions for the 

best responses. 

At about 850 seconds, a duplicate setpoint change from 55 

to 30°C is made to check the responses for the repeatability 

of the performances. The responses are very similar to the 

first setpoint change. 

At about 1050 seconds, a setpoint change is made from 30 

to 40°C, the PMBC has responded much faster compared to the 

IMC and the PID controllers. Similar responses are observed 

when setpoint change is made from 40 to 50°C at about 1400 

seconds. 

The performance of PMBC controller for disturbance 

rejection is compared with the IMC controller and the 

classical controller. At about 250 seconds, a disturbance is 

introduced in the system by manually opening the water flow 

control valve from 50 to 70%. The control valve is opened by 

the same amount to introduce the same disturbance for all the 
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three controllers. The PMBC controller immediately responds 

to the disturbance by increasing the steam flow rate (the PMBC 

controller has the inherent feedforward feature) and the 

temperature has remained at the setpoint, except for a slight 

blip. At about 400 s, the control valve in the cold water 

tube is manually put back at the initial position and the 

temperature still remains at the setpoint. In the case of 

IMC and the classical controllers, the feed forward action 

immediately reacts to the change in the cold water flow rate 

by increasing the steam flow rate, but it increased the steam 

flow rate to a much higher flow than required. This effect 

increased the temperature and the feedback controller had to 

cutback on the steam flow to return the temperature to the 

setpoint. 

At about 600 s, a disturbance is introduced by opening 

the control valve manually. The PMBC controller has again 

acted immediately and hence there was not much deviation in 

temperature from the set point. The IMC and the classical 

controllers have also reacted well as the feedforward 

controller is tuned at these conditions. Then at 700 s the 

control valve is closed to the initial position and the 

controllers have shown similar performances. 

At about 1250 s, a disturbance is introduced in the 

system by closing the control valve manually and the PMBC 

controller has responded well but the IMC and the classical 

controllers have responded aggressively by decreasing the 
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steam flow rate to a value less than required. As the process 

operating state changes, different amounts of steam flow rates 

are required for the same disturbances. The feed forward 

controllers have a constant gain and increase the steam flow 

rate by the same amount for a given disturbance even when 

operated at different operating conditions. The PMBC 

controller is based on a phenomenological model and hence 

understands the process and manipulates the steam flow 

accordingly. 

In either the servo or regulatory mode, the controller 

outputs of the PMBC, IMC and the classic controllers as shown 

in Figures 7.13, 7.14 and 7.15, respectively, are distinctly 

different. The IMC and the classical controller's outputs are 

much noisier and oscillatory compared to the PMBC controller 

output. PMBC controller, once tuned, shows the same type of 

behavior for all the conditions. 

The parameter beta of the PMBC controller, represents the 

heat losses in the system. When the controller is operated at 

high temperatures the heat losses are much higher than the 

heat losses at low temperatures as shown in Figure 7.16. 

The values of the integral of the squared errors (ISE) 

calculated for the PMBC, IMC and the classical controllers are 

provided in Table 7.5 and is another proof of the superior 

performance of the PMBC controller. 
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Table 7.5 Comparison of integral square errors of the 
temperature controllers 

Time System Event PMBC IMC Classi-
Period cal 
_{sees) (°C/ S) (°C/ S) ( °C/ s) 

30-180 Change in setpoint 9478.4 11725.0 14852.2 
(55 - 30 °C) 

180-305 Disturbance given 11.9 436.8 894.5 
by decreasing 
water flow rate 

305-460 disturbance given 6.9 841.0 1357.3 
by increasing 
water flow rate 

460-600 Change in setpoint 9167.0 12197.7 9833.3 
( 30 - 55 °C) / 

600-715 Disturbance given 40.9 36.8 42.0 
by decreasing 
water flow rate 

715-825 disturbance given 69.0 65.5 69.7 
by increasing 
water flow rate 

825-1035 Change in setpoint 10424.0 11392.0 14399.0 
(55 - 30 °C) 

1035-1150 Change in setpoint 1091.1 1923.8 1943.3 
(30 - 40 °C) 

1150-1200 disturbance given 42.4 700.4 95.9 
by increasing 
water flow rate 

1200-1365 Disturbance given 25.8 290.3 136.5 
by decreasing 
water flow rate 

1365-1470 Change in setpoint 1303.3 2054.6 
( 40 - 50 °C) 1618.9 
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7.2.2 Discussion 

The adjustable parameter beta keeps the model true to the 

process by taking into account the changes in the process 

conditions and the ambient conditions. The beta parameter can 

be used as a performance characteristic of the heat exchanger 

as it should have about the same value when operated under the 

same conditions as observed in Figure 7.16. When setpoint 

changes are made, spikes are induced in the heat loss 

parameter due to time coordination issues but the temperature 

calculated from the model (steady-state energy balance) shown 

in Figure 7.17, as a dotted line follows perfectly the process 

temperature as observed. 

The PMBC algorithm requires two tuning coefficients, 

three model parameters and two empirical parameters which are 

valid over a wide range of operating conditions while the IMC 

requires two tuning coefficients and nine model parameters. 

The feedforward tuning is not globally valid and needs to be 

re-tuned when operated at different operating conditions. 

Moreover, while gain-scheduling adjusts the process gain, 

changes in the dynamic characteristics such as time constant 

and the process gain are not taken care. 

The classical controller requires five tuning parameters 

including three for the primary controller, two for the 

secondary and six model parameters for the feedforwarc 

controller. Again the feedforward tuning is not globall~ 

valid and the controller needs to be re-tuned for different 
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operating conditions. Gain-scheduling takes care of the 

changes in the controller gain but the changes in the integral 

time and the derivative time are not adjusted with changes in 

the process conditions. The effect of this could be observed 

in the response of classical controller in Figure 7.9 

(responses for positive and negative setpoint changes are 

different) . 

The bottom line for these single-input-single output 

experiments is that engineering effort is similar for either 

controller and performance is similar. But PMBC gives 

globally better results and develops a phenomenological 

process understanding (useful for engineering staff) and 

provides a phenomenological measure of process behavior (for 

process monitoring and constraint prediction). 
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CHAPTER 8 

CONCLUSIONS AND RECOMMENDATIONS 

A single coefficient process-model-based controller is 

shown to give better performance for both servo and regulatory 

action than a QAD tuned PI controller. While the PI 

controller could be gain-scheduled for similar performance, 

the advantage of the PMBC controller is that it understands 

how the process responds over a wide operating range, 

incorporates feedforward action, requires only one tuning 

coefficient, and provides process diagnostic information. 

A process-model-based temperature controller which is 

easy to implement, is developed and is shown to give better 

performance than both classical controller (PID feedback, 

feedforward and gain-schedule) and IMC controller (feedforward 

and gain-schedule) for servo and regulatory action. The 

process-model-based controller has a phenemenological basis, 

easy to understand, easy to implement, incorporates 

feedforward action, tuning constants are globally valid and 

provides process diagnostic information. 

8.1 Recommendations 

Some of the recommendations for the future work in this 

area are listed below: 

1. The basic flow control technique can be incorporated in 

processes where the nonlinearity of the process is 
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primarily due to the control valve. 

confirmation is desired. 

An industrial 

2. The process-model-based flow controller is compared to 

the PI controller but there is a need to compare it to 

other model-based control techniques, sampled data 

systems, model predictive control and modern control 

techniques such as fuzzy-logic. 

3. The flow control technique is experimentally demonstrated 

on two modified equal percentage valves for control of 

water (liquid) flow rate and on one modified equal 

percentage valve for control of steam (gas) flow rate. 

The control technique needs to be tested on valves with 

other flow characteristics such as linear trim and square 

root trim. 

4. GMC technique using a dynamic model is.implemented for 

control of the liquid flow rate. Preliminary 

investigations of GMC technique using a steady state 

model did not yield good control. 

investigation needs to be carried out. 

A thorough 

5. The possibility of developing a generalized flow 

algorithm and providing it with DCS systems as an 

additional feature needs to be investigated. 

6. The process-model-based temperature controller is 

compared to the conventional and the IMC controller and 

has resulted in better performance, but a thorough 

comparison needs to be made with other model-based 
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controllers, sampled data 

control techniques such 

networks. 

systems and other 

as fuzzy-logic and 

modern 

neural 

7. The process-model-based temperature controller is 

experimentally demonstrated and resulted in good 

performance. The controller needs to be tested in an 

industrial setting. 

8. The possibility of applying the model-based-temperature 

controller to precise control applications such as 

polymerization reactors with cooling jackets needs to be 

investigated. 

9. The experimental system was used for control of single

input-single-output systems such as flow and temperature 

control. The system is yet to be, put to use for 

multivariable control (e.g., flow and temperature control 

of a mixture of cold and hot water). 
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