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NOMENCLATURE 

A^ Active area, m .̂ 

Aj Antoine vapor pressure equation coefiBcient for component i. 

Ath Total hole area, m .̂ 

Bj Antoine vapor pressure equation coefiBcient for component i. 

B Bottoms flow rate, Kgmole/min. 

C- Antoine vapor pressure equation coefiBcient for component i. 

Co Discharge coefficient in the vapor hydraulic equation. 

D Distillate flow rate, Kgmole/min. 

DI Column diameter, m. 

F Feed flow rate, Kgmole/min. 

Fa^ CoefiBcient. 

hp Feed enthalpy, Kcal/Kgmole. 

ĥ  Liquid enthalpy, Kcal/Kgmole. 

HJ Vapor enthalpy, Kcal/Kgmole. 

ho„ Pressure drop through dry holes of tray n, m of liquid. 

how„ Height over weir, m. 

ht„ Total pressure drop of tray n, m of liquid. 

L^ Liquid flow rate, Kgmole/min 

L^ Weir length, m. 

Mg Reboiler liquid holdup, Kgmoles. 

Mjj Reflux Drum holdup, Kgmoles. 

M^ Liquid holdup on tray n, Kgmoles. 

NF Feed tray. 

NT Total tray number, top tray number. 
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PCj Critical pressure o f component i, bar. 

P D Reflux drum pressure, mm-Hg. 
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P ' Vapor pressure o f component i, mm-Hg. 
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Uh„ Vapor velocity, m/sec. 
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Xp Feed composition, mole fi'action Toluene. 

Xg B o t t o m composition, mole fraction Toluene. 
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y^ Vapor composit ion on tray n, mole fi'action Toluene. 
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CHAPTER 1 

INTRODUCTION 

The control of distillation columns is probably one of the most studied areas of 

process control because they are important to product quality, are major energy 

consumers and express several control difficulties. The purpose of a distillation column is 

to split the feed into two or more products with compositions different fi'om that of the 

feed composition and the desired compositions of the products may be fixed by product 

requirements or they may result fi'om some plantwide optimization. An important 

objective of the control system should be to keep these product compositions at their 

desired values; however in practice, very few industrial columns maintain dual 

composition control, and it is still common to find that both compositions are controlled 

manually which usually results in overpurification or loss of valuable product. Reports 

fi'om industry indicate energy savings of 10-30% if dual composition control is used 

mstead of manual control (Ryskamp, 1980; Stanley, 1985). 

The main reason dual composition control is not widely used in industry is the 

stability problem often encountered when such a system is tuned to get reasonably fast 

response. Some reasons usually cited in the literature for the problem with dual 

composition control are: 

1. Strongly nonlinear behavior, 

2. Very sluggish response, 

3. Measurement problems, deadtimes for composition measurements, 

4. Difficulty in choosing appropriate manipulated variables for composition control, 

5. Strongly interactive system, 

6. Non-stationary system characteristics. 



These problems are more acute for high purity columns, e.g., Fuentes et al. (1983) 

show that systems with low relative volatility (a<2) respond slowly enough so that good 

control can be achieved at very high purity levels with a 5-minute analyzer deadtime. 

However, systems with high relative volatility (a>4) respond so quickly that large 

deviations in product purities occur before the analyzer can respond. 

Most of the columns studied in the literature have product purities that are low to 

moderate (1.0 to 5.0 mole% impurity). Very few papers consider the dynamics and 

control of high purity columns, despite their industrial importance. The control problems 

with high purity columns have been so severe that many process designers try to avoid 

making high purity products out of both ends of a column simultaneously. It is a very 

common practice in the chemical industry to build two columns instead of one and to 

provide large intermediate tanks to recycle flows between these columns. Pure products 

are produced out of one end of the column. This practice increases both capital 

investment and energy costs. Thus, there is considerable economic incentive to improve 

control of high purity columns. Tyreus et al. (1976) reported difificuh problems for a 

methanol-water column with product purities in the range of 1000 ppm. A highly 

nonlinear behavior was reported. Nonlinearity can arise because of complex processing 

configurations (e.g., prefi'actionators, sidestreams, and multiple feeds) or fi'om non-ideal 

vapor-liquid equilibrium (VLE). However, nonlinearity occurs most fi-equently in 

distillation because of high product purities (Luyben, 1987b). As purity level increases 

above 98% level, the response of the system becomes highly nonlinear (Fuentes et al., 

1983). 

Distillation colunms with liquid or vapor sidestream draw-ofifs are utilized to 

accomplish a separation in the column which would otherwise require two or more 

colunms. While sidestream draw columns ofifer the economic incentive of reduced capital 

and operating expenses, they also pose a more challenging control problem due to the 
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extra degree of fi'eedom and additional coupling caused by the sidestream draw-ofifs 

(Riggs, 1990). 

In order to efifectively address this control problem, several advanced and 

conventional control techniques are now available. In fact, the increased availability of 

advanced control options in the last decade has forced industry to make several decisions 

regarding advanced control techniques. First, for any application, it has to be decided if 

advanced control is really required or whether a properly implemented conventional 

control technique will be sufficient. Second, if advanced control is to be considered, 

which of the several options should be adopted. So far, there are few guidelines available 

to industry in order to better enable it to make these decisions. 

The Department of Chemical Engineering in association with the Process Control and 

Optimization Consortium at Texas Tech University has identified a broad based project 

which is intended to address the above issue regarding advanced control techniques. As a 

part of this project, several advanced control techniques and conventional Proportional 

Integral (PI) control with advanced features such as cascade, inferential and feedforward 

control will be implemented on a wide variety of chemical processes using computer 

simulations and/or experimental systems. The aim of this project is to develop the 

information that will allow industry to be able to make decisions regarding advanced 

control. 

The following control techniques are being investigated: 

1. PI control, 

2. Process Model Based Control (PMBC), 

3. Model Predictive Control (MPC), and 

4. Artificial Neural Net Based Control. 

In this work, PI control with advanced features (such as nonlinear feedforward action 

and decoupler) and Process Model Based Control (PMBC) were applied on a high purity 
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Toluene/m-Xylene vacuum distillation colunm using computer simulation. The column 

studied is a low reflux ratio column with high purities (0.1 mole%) at both the ends. A 

rigorous dynamic model which considers pressure dynamics was used to simulate the 

vacuum distillation column. The high purities at both ends makes the column highly 

nonlinear in regards to process gain as well as time constant. The control problem was 

treated as a dual composition control problem. The composition control was via analyzer. 

The approach adopted was to first attempt to address the issue of control configuration 

selection for PI control. The best configuration for PI control was determined. 

Thereafter, PMBC was applied using the [L,V] structure and its performance was 

compared with PI control. 



CHAPTER 2 

LITERATURE SURVEY 

Distillation modeling and control has been a topic of research for many years now. 

Many researchers have worked in this field and the literature available m this category is 

vast. In this chapter, an attempt will be made to cite some important literature directly 

related to this thesis. 

This chapter is divided into three sections. The first section will discuss literature 

related with distillation modeling and simulation. The second section reports literature on 

distillation control. Nonlinear Process-Model Based Control (NPMBC) will be discussed 

in the third section. 

2.1 Distillation Modeling and Simulation 

Distillation is probably the most popular and important process studied in chemical 

engineering literature. Distillation is used in many chemical processes for separating feed 

streams and for purification of final and intermediate product streams. Most distillation 

columns handle multicomponent feeds, but many can be approximated by binary or 

pseudo-binary mixtures. Dynamic mathematical models are widely used in distillation 

process design and operation. Dynamic modeling and simulation has proven to be an 

insightful and productive process engineering tool. They are a powerful tool for a host of 

studies: for example, to evaluate alternative process and controller structures, to tune 

controllers, to alternatively determine the dynamic effects of disturbances and to optimize 

the operation of the plant. 

Dynamic mathematical model of distillation column consists of component balance, 

mass balance and energy balance on each tray in addition to algebraic equations for Vapor 

Liquid Equilibrium (VLE), plate hydraulics, etc. Luyben (1989) has discussed several 
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approaches to modeling of distillation columns. Franks (1972) has given a step by step 

procedure for developing a dynamic simulator of a distillation column. While Luyben uses 

the Francis Weir formula to calculate liquid rate fi'om a tray, Franks uses the Hydraulic 

Time Constant (HTC) model. Grassi (1989) has also discussed rigorous modeling of 

distillation columns. 

Models of distillation columns differ in as to how the energy balance is handled. 

Fuentes et al. (1982) have discussed dififerent ways of handling energy balance on a tray. 

They have discussed three models in the article. Model 1 assumes that the energy 

derivative is zero and steady energy balance is used to calculate the vapor rate fi'om each 

tray. Model 2 assumes that only the enthalpy derivative is zero and an algebraic 

expression is used to calculate the vapor rate fi'om each tray. In model 3 the complete 

energy derivative is used. Model 3 is the most rigorous version and it is shown to give the 

most realistic responses, particularly for transient in vapor rates through the column. 

Choe et al. (1987) have further looked into the most common assumptions made in 

distillation column modeling like negligible vapor holdup and constant pressure. They 

have demonstrated through digital simulations of several specific distillation systems, that 

these assumptions lead to erroneous predictions of dynamic responses when column 

pressures are high (greater than 10 atm.) and when column pressures are low (vacuum 

column). A rigorous vapor hydraulic model was developed to incorporate pressure 

dynamics into the simulation. The authors concluded that vapor holdup should be 

considered in modeling of high pressure columns and pressure dynamics should be 

considered in modeling of vacuum columns. Since in the rigorous model the energy 

balance is handled as a ODE, it was computationally intensive. Implicit algorithms had to 

be used for integration for realistic simulation. 



Recently, Flatby et al. (1994) have shown that a rigorous dynamic simulation of 

distillation columns, including varying pressure and vapor holdup, is feasible using the 

UV-flash approach. 

Gani et al. (1986) have developed a generalized dynamic model of distillation column 

which includes rigorous plate hydraulics and also flooding correlations. 

2.2 Distillation Control Literature 

Distillation columns constitute a major part of most chemical processing plants. The 

desired compositions of the top and bottom products may be fixed by product 

requirements or may result fi'om plantwide optimization. An important objective of the 

control system should be to keep these product compositions at their desired levels. Since 

distillation is a very energy intensive process, good control will also lead to minimizing 

energy cost. There is an enormous amount of distillation column control literature 

available and only a few relevant references are discussed here. 

In practice, very few industrial columns maintain dual composition control and it is 

still common to find that only one end of the column is controlled (one point control) or 

both compositions are controlled manually. Ryskamp (1980) and Stanley (1985) have 

reported 10-30% energy savings if dual composition control is used instead of manual 

control. Chiang et al. (1985) have also pointed out that energy consumption in a 

distillation column decreases if all product compositions are controlled. However, they 

also point out that dual composition control leads to instrumentation complexity and 

control loop interaction. The study indicated that in many binary systems there is a very 

little incentive for controlling the compositions of all product streams and hence each 

column should be given an initial screening to determine which control configuration 

works best. 



In distillation column control it is also necessary to find out the proper controlled 

variable-manipulated variable pairing in a diagonal controller. Even in the case of a 

multivariable controller like Dynamic Matrix Controller (DMC), it is necessary to select 

which manipulated variables should be used for composition control and which should be 

used for pressure control and level control. Morari et al. (1987) provide guidelines for 

control configuration selection for distillation columns. For two product distillation 

colunms, considered as a 5 X 5 plant, the procedure for control system design is: 

1. Choosing two manipulated inputs for composition control, 

2. Design the level and pressure control system, and 

3. Design a 2 x 2 controller for composition control. 

The paper focuses on step 1 and shows that the ratio configurations (e.g., L/D or 

V/B) provide improved feed flow disturbance rejection, while L-V scheme provides 

improved feed composition disturbance rejection. Shinskey (1984) has also provided 

guidelines for distillation column control configuration selection. Skogsted et al. (1990) 

studied eight distillation columns and concluded that controller design should be based on 

the initial response (high frequency behavior) rather than the steady state analysis. Based 

on fi-equency-dependent RGA analysis and opthnal PI controller designs of four dififerent 

configurations, the (L/D) (V/B) configuration was found to be the best choice for two-

point composition control while LV configuration was found to be the best choice for 

one-point control. The (L/D) (V/B) configuration is also recommended by Shinskey 

(1984) except for high purity columns or columns using low reflux (i.e., large relative 

volatility) which can be sensitive to mput uncertainty and flow disturbances. 

Skogestad et al. (1988) present a realistic study of the LV control of a high purity 

distillation column. A single linear controller is developed which gives satisfactory control 

of the high purity column at widely dififerent operating conditions. Logarithmic 

transformations of compositions are used to counteract the nonlinearity of the process. 
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Using the composition in the overhead vapor as a controlled output makes the system less 

sensitive to variations in the reflux drum holdup. A single diagonal PI controller is 

compared and is found to be robust with respect to plant/model mismatch. The diagonal 

PI controller gives a sluggish return to steady state and the response is improved using a 

H-optimal controller. 

Fuentes et al. (1983) have studied the dynamic behavior of high purity (10 ppm) 

distillation columns via digital simulation. The effects of product purity, relative volatility, 

composition analyzer sampling time, and magnitude of disturbance have been explored. 

Results show that system with a lower relative volatility (a < 2) respond slowly enough so 

that good control can be achieved at high purity levels with 5-minute analyzer delays. 

However, systems with high relative volatility (a > 4) respond so quickly that large 

deviations in product purities occur before the analyzer can respond. Effective control is 

obtained by using a composition/temperature cascade system. An intermediate tray 

temperature is controlled to achieve fast dynamics response to disturbances, and the 

setpoint of the temperature controller is reset from a product composition controller. The 

secondary temperature controller gives better control for feed composition disturbances 

when it is proportional only and loosely tuned. The opposite is true for feed rate 

disturbances. 

Luyben (1987b) used Astrom's "autotune" method (relay feedback, "ATV" test 

(Astrom and Hagglund, 1983) to get critical gains and frequencies for each diagonal 

element of the plant transfer function matrix. The effectiveness of the method was 

illustrated on a highly nonlinear distillation column that features product purities of 10 

ppm. Only N tests were required for an N x N multivariable process. The Biggest Log 

Modulus Tuning (BLT) procedure (Luyben, 1986) was used to tune the PI controllers. 

The BLT method is based upon decreasing each controller gain and increasing the reset 

times by a single factor (Toijala and Fagervik, 1972). However, the BLT method requires 
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identification of all process transfer functions which is difficult. Moreover, the identified 

transfer function parameters can be in considerable error (Finco et al., 1987). Recently, 

Friman et al. (1994) have proposed using data from the ATV test to derive model 

parameters for integrator-plus-deadtime or gain-plus-deadtime process models. These 

models may be used in the BLT approach to get the detuning factor. 

Deshpande et al. (1980) describes an indirect dual composition control scheme for a 

high purity, industrial deethanizer. A feedforward algorithm varies the reflux flow setpoint 

to minimize energy demand and a cascade feedback loop inferentially controls bottom 

composition. The feedforward (supervisory) algorithm responds to changes in feed 

flowrate and/or feed composition. The control scheme reduced the reflux and steam flow 

by an average of 10 percent. 

Dififerent control algorithms have been applied to distillation column control. 

Maurath et al. (1988) have applied Model Predictive Control (MPC) to a distillation 

column simulation as well as a lab scale distillation colunm. They compared the 

performance of the MPC controller to a conventional PID controller. The authors 

concluded that while control performance of PID controller and MPC controller were 

comparable in unconstrained case, the MPC controller was slightly better in the 

constrained case. Georgiou et al. (1988) compared the performance of Dynamic Matrix 

Control (DMC) for dififerent product purity distillation colunms with a conventional 

multiloop Proportional-Integral (PI) control structure (LV). They found out that the load 

rejection capability of the DMC becomes worse than that of the conventional structure as 

the product purity increases. However, simple nonlinear transformations improved the 

disturbance rejection capability of DMC. McAvoy et al. (1990) compared Quadratic 

Matrix Control (QDMC) and conventional PI control, with and wthout decoupling to a 

simulated crude tower. Because of dynamic interaction, PI controller had to be 
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substantially detuned. QDMC is shown to give good transient performance, and is 

considered to easier to apply than traditional PI methods. 

2.3 Nonlinear Process-Model Based Control 

Nonlmear Process-Model Based Control (NPMBC) uses the Generic Model Control 

(GMC) law proposed by Lee and Sullivan (1988). GMC imbeds a process model directly 

in the control law. The process model is usually a nonlinear description of the process 

derived from fundamental mass and energy balance considerations. To understand GMC, 

consider a single input single output (SISO) process described by the following model: 

^ = f(y,u,d,k), (2.1) 

where y is the output variable, u is the manipulated variable, d is a vector of measured 

disturbance, and k is a vector of adjustable parameters. Assuming that y has a value of ŷ , 

and it is desired to move the process from ŷ  to y^ in some interval x, then equation (2.1) 

can be approximated using the forward difference approximation of the first derivative: 

^^^-^ = f(y„,u,do,k). (2.2) 

Then equation (2.2) can be solved directly to determine u, the control action, if we know d 

and k. The time interval x is the tuning parameter. Larger the value of x, more sluggish is 

the response. Smce the control model used m equation (2.2) is not exact, use of this 

control law will result in steady-state offset. To eliminate this ofifset, Lee and Sullivan 

added an integral term, resulting in the GMC control law given below: 
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_ _ I 

f(y„,u,d„,k) + k,(y„-y^) + kJ(y-y,p)dt = 0, (2.3) 

where kj and k^ are the tuning constants and are similar to the proportional gain and reset 

time in a PI controUer. Thus equation (2.3) can be solved to calculate the control action. 

For a muhiple input, multiple output (MIMO) control configuration, the control laws can 

be written for all the loops and the resulting equations can be solved simultaneously to get 

the desired control action. 

Since in distillation column control, the approximate model used for control is a 

steady-state model like Smoker equation (Smoker, 1938) or a rigorous tray-to-tray model 

and the GMC law requires a dynamic model, the approximate model is converted into a 

dynamic model by assuming first-order dynamics: 

J = -^(y.-y), (2-4) 
dt Xp 

where yss is the solution of the steady-state approximate model. Combining GMC law 

and equation (2.4) we get, 

y« = y+ ki(y^ - y ) + k j ( y ^ -y)dt. (2.5) 

Equation (2.5) is written for both top and bottom compositions and the steady-state model 

is solved with ŷ ^̂  and x̂ ^ as the inputs, where y ^ and x̂ ^ are the steady-state target 

values for top and bottom compositions, respectively. 

Nonlinear PMBC has been successfully applied to processes, such as coal gasification 

(Pandit et al., 1989), pH (Rhinehart et al., 1988; Williams et al., 1990; Mahuli et al., 
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1993), Propylene sidestream column (Riggs, 1990), supercritical fluid extraction 

(Ramchandran et al., 1992), heat exchanger (Parachuri et al., 1994), plasma reactor 

(Subawalla et al., 1994). 
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CHAPTER 3 

MODELING AND SIMULATION 

A vacuum distillation column separating Toluene and m-Xylene was modeled as a 

binary distillation colunm with one feed stage and two liquid products from the top and 

the bottom ends respectively. Almost pure Toluene is drawn from the top end of the 

column and almost pure m-Xylene is drawn from the bottom end. A schematic of the 

column is shown in Figure 3.1. This column was previously studied by Choe et al. (1987). 

They developed a rigorous dynamic model of the column. A rigorous vapor hydraulic 

model was used to incorporate pressure dynamics in the simulation. This model was used 

to develop the dynamic simulator of the colunm in this study. The description of the 

model is given in the dynamic modeling section. The steady state design of the column 

was taken from Choe et al. (1987). The steady design procedure is described in the steady 

state design section. 

3.1 Modeling Assumptions 

The following modeling assumptions were made in the dynamic and steady state 

modeling of the Toluene/Xylene vacuum column : 

1. Perforated trays. 

2. Vapor holdups are negligible. 

3. The liquid holdup on each tray can vary with time. 

4. Tray liquid dynamics are described using the Francis Weu' formula (Smith, 

1963). 

5. Ideal gas behavior (low pressure system). 

6. Vapor Liquid Equilibrium (VLE) is described using Raulfs law with Antoines 
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Figure 3.1 Schematic of the Toluene/Xylene Vacuum Column. 
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equations used for calculation of vapor pressure (Choe, 1985). 

7. Sensible heat change on each tray is not negligible. 

8. Negligible secondary heat effects (heat loss and heat of mixing). 

9. Stages are non-ideal and are modeled by incorporating stagewise efficiency. 

10. Saturated liquid reflux. 

11. Partial reboiler (operates as an equilibrium stage). 

12. The condenser is a total condenser. 

13. Valve dynamics for all the flows are represented by first-order differential 

equations (Time constant = 4 seconds). 

14. Heat transfer dynamics in the reboiler is represented by a first-order 

differential equation (Time constant = 8 seconds). 

15. Composition analyzer sampling time is 5 minutes. 

16. Liquid in the reflux drum is well mixed, i.e.. Distillate and Reflux have the 

same composition as the liquid in the reflux drum at any time. 

17. Liquid in the reboiler is well mixed, i.e., the bottoms has the same composition 

as the liquid in the reboiler at any time. 

18. Perfect pressure control is assumed at the top of the column, i.e., the pressure 

in the reflux drum is fixed at 90 mm of Hg for all simulations. 

19. Liquid is perfectly mixed on a tray. 

3.2 Steady State Design 

The steady state design procedure is taken from Choe (1985). A rigorous tray to tray 

steady state model consisting of steady state material balances, component balances and 

energy balances along with algebraic equations for VLE and enthalpy calculations for all 

the trays was developed. First of all, the column was designed assummg constant tray 

pressure with a reflux ratio (RR) 1.2 times the minimum reflux ratio(RRM). The total tray 
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number (NT) and feed tray location (NF) were determined. The column diameter (ID) 

was also evaluated using the data from this first design. Then the variable pressure 

colunm was designed using these fixed values (NT, NF, RRM and ID). 

At a fixed reflux drum pressure (90 mm Hg), the pressure on the top tray was 

evaluated using the gas flow equation (Geankoplis, 1983) assuming a constant fiiction 

factor in the overhead piping and condenser. 

Tray pressures, P„, were calculated from the vapor hydraulic equation given in the 

next section (eq. 3.10) using the vapor flow rates calculated from the constant pressure 

column. The calculated reboiler pressure was compared with its old value. If the 

difference was larger than the specified error tolerance, 10"̂  mm-Hg, the new tray 

pressures were used in the tray to tray model that adjusted reboiler heat input until 

convergence was obtained (with fixed NT and NF). After the tray to tray model 

converged, new tray pressures were calculated from the new vapor flow rates. This direct 

substitution achieved a convergence in 5 to 8 iterations. Parameters such as friction factor 

and tray discharge coefficient (Co) were changed till a steady state design as close to that 

given in Choe et al. (1987) was obtained. The steady state design specification for the 

Toluene/Xylene column is summarized in Table 3.1. This design is for column with ideal 

stages. A Murphree tray efficiency of 65% was calculated using the MacFarland, Sigmun 

and Van Winkle correlation (MacFarland et al., 1972). A stagewise efficiency of 94% 

corresponding to this Murphree tray efficiency was calculated for the base case using the 

steady state simulator. A new column containing the stagewise efficiency was designed. 

All the design parameters of the new column are the same as the ideal stage column except 

for the number of stages and feed tray location. The steady state design specification for 

the Toluene/Xylene column with non-ideal stages is summarized in Table 3.2. This 

column was used for control studies. 
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Table 3.1. Steady State Design Specification for Toluene/Xylene Column with 
Ideal Stages 

Description 

Feed Flow Rate 

Feed Composition 

Feed Temperature 

Distillate Flow Rate 

Distillate Composition 

Bottoms Flow Rate 

Value 

18 Kgmole/min 

0.67 mole fraction Toluene 

95 C (Liquid feed) 

12.066 Kgmole/mm 

0.999 mole fraction Toluene 

5.934 Kgmole/min 

Bottoms Composition 

Reflux Drum Pressure 

Reflux Ratio 

Base Temperature 

Reflux Drum Temperature 

^n,avg. 

Total Trays 

Feed Tray (from bottom) 

Reboiler Heat Duty 

Column Diameter 

Weir Height 

Weir Length 

Active Area/Total Area 

Hole Area/Active Area 

Tray Spacing 

0.001 mole fraction Toluene 

90mmHg 

1.20773 

109.0 C 

49.5 C 

8.0 mm Hg 

29 

14 

240214.9 Kcal/min 

3.962 m 

0.0635 m 

3.78 m 

0.8 

0.2 

0.6096 m 
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Table 3.1. (Continued) 

Description Value 

Tray Discharge Coefificient (Co) 0.75 

Reboiler holdup 120 Kgmoles 

Accumulator holdup 65 Kgmoles 

Composition Analyzer sample time 5 minutes 
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Table 3.2. Steady State Design Specification for Toluene/Xylene Column with 
Non-Ideal Stages 

Description Value 

Feed Flow Rate 

Feed Composition 

Feed Temperature 

Distillate Flow Rate 

Distillate Composition 

18 Kgmole/min 

0.67 mole fraction Toluene 

95 C (Liquid feed) 

12.066 Kgmole/min 

0.999 mole fraction Toluene 

Bottoms Flow Rate 

Bottoms Composition 

Reflux Drum Pressure 

Reflux Ratio 

Base Temperature 

Reflux Drum Temperature 

^n,avg. 

Total Trays 

Feed Tray (from bottom) 

Reboiler Heat Duty 

Colunm Diameter 

Weir Height 

Weir Length 

Active Area/Total Area 

Hole Area/Active Area 

Tray Spacing 

5.934 Kgmole/min 

0.001 mole fraction Toluene 

90mmHg 

1.20773 

118.73 C 

49.5 C 

8.0 mm Hg 

49 

24 

240214.9 Kcal/min 

3.962 m 

0.0635 m 

3.78 m 

0.8 

0.2 

0.6096 m 
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Table 3.2 (Continued). 

Description Value 

Tray Discharge Coefficient (Co) 0.75 

Reboiler holdup 120 Kgmoles 

Accumulator holdup 65 Kgmoles 

Composition Analyzer sample time 5 minutes 
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3.3 Dvnamic Modeling and Simulation 

A rigorous Vapor Hydraulic model proposed by Choe et al. (1987) was used to 

simulate the Toluene/Xylene vacuum column. The model allows both the tray pressures 

as well as the pressure drops across the tray to change in time. Choe et al. (1987) have 

shown that the rigorous model gives more accurate dynamic responses for this colunm 

especially for reboiler heat duty changes than the conventional models with constant 

pressure assumptions. The description of the model is given below. 

The rigorous model consists of differential equations describing the fundamental 

unsteady state material balances, component balances and energy balances for all trays, the 

reflux drum and the reboiler along with algebraic equations for VLE , liquid flow rate, 

vapor flow rate, enthalpy and liquid and vapor densities calculations . Figure 3.1 shows a 

schematic of the Toluene/Xylene binary column. Figure 3.2 shows a schematic of a 

typical tray (n) in the column. For a typical tray 'n', the material, component and energy 

balance equations can be written as: 

^!ln.^L , + V , - L - V . 3.1 

^(MpXp) - . _L X - V v 32 
at 

d(Mnhn)_T h -^V H - L h - V H 33 
at 

Modifications of the material, component and energy balances represented by equations 

3.1, 3.2, and 3.3 are required for the feed tray, the reflux drum and the reboiler and are as 

follows: 
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Ln+l'^n+1 

V l , yn-1 

Figure 3.2 Schematic of a Typical Tray in the Toluene/Xylene Column 

23 



For the feed tray: 

dM 'NF 

dt — ^NF+l ••" ^NF-l "^'^ ^ N F ^ N F - ^' 

d ( M ^ x ^ ) 4 . v v J . F V _ T Y - V V 3 5 
, ~ -^NF+l^NF+l "̂  *NF- iyNF- l "^'^^F ^NF^NF ^NFyNF' *'•-' 

^ ^ ^ ^ ^ = L„.,h«p., + V^.,H^_, + Fh, - L^h„ - V^H^. 3.6 

For the reflux drum: 

^ ^ = V - R - D 3.7 
dt ^ 

^ ^ ^ = V ^ y ^ - ( R + D)x,. 3.8 
at 

For the reboiler: 

^ ^ - T _ v _ R 3.9 
dt 

= L, -Vg-B. 

d(MgXg) _ p 3 10 
dt 

d(Mehe)^^^,^ _V^H^_Bt,^ 3.11 
dt 

The algebraic equations involved are given below: 

(a) Vapor Liquid Equilibrium (VLE): 
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The vapor liquid equilibrium equations were obtained from Choe (1985) (Appendix 

A). 

Pressure: 

p. =f(T. . x„). 3 12 

Vapor composition: 

y: = f (P . .x . ) . 313 

(b) Enthalpy: 

The Uquid and vapor enthalpy equations were given by simple polynomial 

relationships (Choe, 1985) (Appendix B). 

Liquid enthalpy: 

h„ = f (x . ,TJ. 3.14 

Vapor enthalpy: 

H. = f(y„.TJ. 3.15 

Also by rearrangement of the equation 3.14 temperature T„ on a tray 'n' can be calculated 

knowing ĥ  and x̂ . 

Temperature: 

T„=f(x„h„). 3.16 

(c) Liquid Flow Rates : 

The liquid flow rate from each tray was given by the Francis Weir formula (Smith, 

1963) (Appendix C). 

L„=f(H.,x„,PL.J. 3-17 

(d) Vapor Flow Rates: 

The vapor flow rates were given by the Vapor Hydraulic Equation (Smith, 1963). 

The original equation is a pressure drop expUcit form. The pressure drop across each tray 

is a fimction of vapor velocity. By modification and rearrangement, the foUowing vapor 

flow rate equation was obtained (Appendk D). 
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V „ = f ( P n > P n . „ M ^ l > p L . n . „ P v . n ) 3 . 1 8 

(e) Liquid and Vapor Densities : 

The liquid and vapor density equations were obtained from the literature (Reid et al., 

1977) (Appendix E). 

Liquid density: 

PL.„ = f(x„,TJ. 3.19 

Vapor density: 

Pv.n = f ( P n . y n , T J . 3 . 2 0 

(f) Stagewise efficiency: 

All stages were considered as non-ideal stages except the reboiler which was 

considered as an ideal stage. The non-ideality of the stages were modeled by 

incorporating Stagewise tray efficiency (r\^. The actual vapor composition ŷ  at any stage 

n, is then related to the stage liquid composition x„ and ideal vapor composition y* by the 

following relation: 

yn=x„ + ^ , ( y l - x j . 3.21 

An efficiency value of 0.94 was used as discussed in the previous section. 

The following algorithm was used to solve the above equations at each point in time, 

knowing x„, ĥ  and M .̂ 

Step l.Calculate T„, P„ and y„ (eq. 3.16, 3.12, 3.13, 3.21) 

Step 2. Calculate H, PL.„ and pv.„ (eq. 3.15, 3.19, 3.20) 

Step 3. Calculate L„ (eq. 3.17) 

Step 4. Calculate V„ (eq. 3.18) 

Step 5. Evaluate derivatives (eq. 3.1, 3.2, 3.3) for all the trays except the feed tray, 

(eq. 3.4, 3.5, 3.6) for feed tray, (eq. 3.7, 3.8) for reflux drum and (eq. 3.9, 

3.10, 3.11) for the reboiler. 

Step 6. Integrate in time and calculate new values of M„, x„ and h„. 
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Step 7. t = t +A t 

Go back to step 1. 

It should be noted that while bubble point pressure calculation is done for each tray, 

bubble point temperature calculation is done for the reflux drum because the pressure in 

the reflux drum is fixed at 90 mm of Hg. It was assumed that the changes of the aeration 

factor and changes in liquid and vapor densities were small from one time step to the next. 

Therefore, the previous values for those variables were used. The coefficients in the vapor 

hydraulic equation were evaluated based on this idea at each point in time. 

In this model the energy balance is handled as a ordinary differential equation, not as 

an algebraic equation as in conventional models. Since the time constants associated with 

the energy equation are very much smaller than those of the component balances, the 

system of differential equations is very stifif An Euler integrator stepsize of 0.0048 

seconds had to be used to get a stable integration. This led to large computation times. 

So an implicit algorithm LSODES (Hindmarsh et al., 1983) was used to integrate the 

ODE's. This led to much lesser computation time than the explicit Euler integrator. Table 

3.3 gives an comparison of the computational times required with the explicit Euler 

integrator and the LSODES algorithm on a 486/66 MHz IBM compatible. The ATOL 

and the RTOL values used in the LSODES software were decreased till sufficient 

accuracy was obtained. Values of 10"* for ATOL and 10"'° for RTOL were used in all 

the simulations. 

3.4 Level Controllers 

Level controllers can be considered as a part of the overall column model. This is 

because while doing composition control it is assumed that the level controllers are 

working properly and controlling the levels as required. Tight level control is required for 
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Table 3.3. Comparison of Computation Times for Explicit Euler Integrator and 
LSODES Integrator on a 486/66 MHz IBM Compatible. 

Algorithm 

Explicit Euler 

LSODES 

Computation time 
(Cpu seconds/minute of process time) 

150 

3 
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good composition control. Proportional only level controUers were used in this study. In 

this study, level controllers were tuned tightly so as to get less than 1% deviation in the 

absolute values of the holdups in the reflux drum and the reboiler. Since different 

configurations were sttidied, different manipulated variables were used for controlling 

levels in the reflux drum and the reboiler, e.g., for \L,Y\ scheme (i.e., reflux is used to 

control the top composition and reboiler heat duty is used for controlling the bottom 

composition), distillate flow was used to control the reflux drum level and bottoms flow 

was used to control the reboiler level. Table 3.4 lists the different control configurations 

studied in this work. Table 3.5 gives the tuning constants for the reflux drum and the 

reboiler level controllers for dififerent configurations. 

3.5 Benchmarking and Model Responses 

The dynamic model was benchmarked against the dynamic data given in Choe et al. 

(1987). The Toluene/Xylene column with the ideal stages was used for the benchmark 

since the previous authors studied the column with ideal stages. Figures 3.3a-c show the 

responses of the liquid flow rate from the feed tray, the liquid composition on the feed tray 

and feed tray temperature for the column with ideal stages for a 10% step increase in the 

reboiler heat duty. Choe et al. (1987) have provided the dynamic data for this step test 

and the model output was found to be in good agreement with the data. 

Figures 3.4a-d show the open-loop responses of the top and bottom impurities for the 

Toluene/Xylene column with non-ideal stages with the [L,V] scheme, for 1.0% (relative) 

step increase in the reflux flow, reboiler heat duty, feed composition and feed flow, 

respectively. 
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Table 3.4. Dififerent Control Configurations Studied 

Control 
Configuration 

[L,V] 

[L/D,V/B] 

[L,V/B1 
[L,B] 

[L/D,V] 

[L/D,B] 

P,V] 

[D,V/B] 

Variable 
used for 

controlling 
top 

composition. 
Reflux 

Reflux ratio 

Reflux 
Reflux 

Reflux ratio 

Reflux ratio 

Distillate 
flow 

Distillate 
flow 

Variable 
used for 

controlling 
bottom 

composition. 
Reboiler heat 

duty 
Boilup ratio 

Boilup Ratio 
Bottoms 

flow 
Reboiler heat 

duty 

Bottoms 
flow 

Reboiler heat 
duty 

Boilup ratio 

Variable used 
for reflux 
drum level 

control. 

Distillate flow 

Total flow 
from the 

reflux drum 

Distillate flow 
Distillate flow 

Total flow 
from the 

reflux drum 
Total flow 
from the 

reflux drum 
Reflux 

Reflux 

Variable used 
for reboiler 

level control. 

Bottoms flow 

Bottoms flow 

Bottoms flow 
Reboiler heat 

duty 
Bottoms flow 

Reboiler heat 
duty 

Bottoms flow 

Bottoms flow 
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Table 3.5. Tuning Constants for Reflux drum and ReboDer Level ControUers for 
Dififerent Structures 

Control Configuration 

rL.vi 

rUD.V/Bl 

rL,V/Bl 

rL.Bi 

nvD.vi 

rL/D,B] 

FD.Vl 

1 rD,V/B] 

Gain for Reflux Drum level 
controller 

0.9 

1.9 

1.1 

0.9 

2.0 

1.5 

2.0 

2.0 

Gain for Reboiler level 
controller 

0.95 

1.5 

1.6 

30000 

0.85 

30000 

0.85 

0.9 

Units: per minute for L, D, B and total flow from reflux drum. Kcal/(Kgmole-min) 
for ReboDer heat duty (V). 
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Figure 3.3 (Continued), 
(b) Liquid composition on the feed tray. 
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Figure 3.3 (Continued), 
(c) Feed tray temperature. 

34 



1100-

400-

-20 

-15 

Top Impurity 

Bottom Impurity 

25 

hio -
E a 
o 

CD 

100 200 300 400 500 600 700 800 900 
Time (min) 

Figure 3.A Open-Loop Responses 
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(b) Top arKi Bottom impurities for 1 % step increase in reboiler heat duty. 
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(d) Top and Bottom impurities for 1% step increase feed rate. 
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CHAPTER 4 

PI CONTROL 

This chapter describes the procedure adopted in the implementation of Proportional-

Integral (PI) control on the Toluene/Xylene column. The chapter includes sections on 

control configuration selection, PI controller tuning and testing for setpoint changes and 

disturbance rejection. The last two sections deal with development of a linear decoupler 

for [L,V] scheme and feedforward controller for [L/D, V/B] scheme. A list of the dififerent 

control configurations studied is given in Table 3.4, which explains the dififerent 

manipulated variables involved in the control of the compositions and levels. The two 

main controlled variables considered in this study are the top impurity (XD) in ppm of m-

Xylene in the distillate and the bottom impurity (XB) in ppm of Toluene in the bottoms 

flow rate. For the base case, the 0.999 mole fraction Toluene in the top corresponds to 

1000 ppm impurity level in the top and 0.001 mole fraction Toluene in the bottom 

corresponds to 1000 ppm impurity level in the bottoms. 

4.1 Control Configuration Selection 

The selection of an appropriate control configuration is the most important decision 

when designing distillation control system, especially when dual composition control is 

mvolved. For a two-product column like the Toluene/Xylene vacuum column, there are in 

general five choices of controlled variables (XD, XB, reflux drum level, reboiler level and 

pressure) and five manipulated variables (D, L, V, B, Condenser duty). In addition, there 

are variety of ratios that also can be used (e.g., L/D, V/B, etc.). As a result, there are an 

enormous number of possible controlled variable-manipulated variable pairings. 

In this study, since perfect pressure control was assumed at the top of the column 

(controlled by steam ejector) and condenser duty was assumed at maximum to keep the 
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pressure minimum and level controUers were considered part of the column, the choice of 

the controUed variables was just two, XD and XB. The manipulated variables were (L, D, 

V, B, L/D and V/B). Second, it is generaUy not desirable to choose a manipulated 

vanable from one end of the column to control a product composition at the other end 

(there are exceptions to this rule, e.g., Shinskey (1984) recommends [L/D,D] scheme for a 

very special class of columns). As a result, there are three possible manipulated variables 

for the overhead composition (L, D, L/D) and three possible for bottoms composition (V, 

B, V/B); therefore, the total number of configurations to be considered can be reduced to 

nine: [L,V]; [L,V/B]; [L,B]; [D,V]; [D,B]; [D,V/B]; [L/D,V]; [L/D,B]; [L/D,V/B]. Since 

the column studied is a low reflux ratio column [D,B] scheme was not considered in this 

study (Luyben, 1994). 

In selecting the configuration from among the eight choices, four factors were 

considered: steady-state coupling, nonlinearity analysis, sensitivity to disturbances, and 

dynamic behavior. 

4.1.1 Steady-State CoupUng 

Each configuration has its own coupling characteristics which represents a major factor in 

the configuration selection process for distUlation control. The Relative Gain Array 

(RGA; Bristol, 1966) provides a steady-state measure of the coupUng in multivariable 

systems and was used to evaluate the steady-state coupUng of each configuration. RGA 

values are affected at times strongly by the values of the steady state gams that are utUized 

in their calculation (Luyben, 1987a). This is true especiaUy in highly nonUnear processes, 

where the steady state gains are dependent upon the magnitude and direction of the 

changes in the manipulated variable. Since the Toluene/Xylene column is highly nonUnear, 

locaUy valid process gains (at base case) were calculated by giving upto 
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±0.1%- 0.01% changes m the manipulated variable. These locaUy vaUd process gains were 

used to calculate the RGA values. The steady-state RGA results (X„ values) for the eight 

configurations are Usted in Table 4.1. The [L/D,V/B], [L,V/B], [L/D,V] and [L/D,B] 

configurations were found to have RGA values closest to 1, indicating low levels of steady 

state interaction. Also, the [L,V], [D,V] and [D,V/B] configurations showed poor RGA 

values. 

4.1.2 Nonlinearity Analysis 

Table 4.2. shows the Nonlinearity analysis for the Toluene/Xylene column. This 

nonlinearity analysis was developed by forming the ratio of steady state gain for an 

increase in the unpurity level from the base case to the gain for a reduction in the impurity 

level or vice-versa. Therefore, if a process were perfectly Unear, it would have a 

nonlinearity factor of one. For this comparison a ± 50% change in the impurity level was 

used. For example, for the overhead product the base case impurity level is 1000 ppm 

xylene. The steady-state simulator was run for the base case and two perturbations of the 

base case (i.e., ± 50% of the impurity level) which would be at 1500 ppm and 500 ppm in 

the overhead product keeping the bottom at its base case product composition. If MP is 

the manipulated variable with subscript indicating the overhead impurity level, the 

nonlinearity factor for MP would be given by 

XT r .. ^ . _ Abs(MP^-MP,ooo) ^ Abs(MP,ooo-MP,3^) 
Nonlmeanty Factor - ^ ^ ^ ^ ^ ^ — ^ ^ - ^ or ^^-^^^—^^-^. 

(depending upon whichever is greater than 1) 

This analysis was done for each loop for aU the eight structures. The nonUnearity 

analysis indicates that [L/D, V/B] and [L, V/B] are the most Unear structtires but the [L/D, 
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Table 4.1. Steady-State RGA Values (^„) for Different Configurations 

Configuration 

FL/D.V/BI 

rL,V/Bl 

rL,vi 

rL/D,V] 

rD,v] 

IL/D,B1 

rL,Bi 

rD,V/Bl 

Steady-State RGA (X,,) Values 

1.23 

1.60 

4.28 

1.5 

0.30 

0.92 

0.72 

0.36 
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Table 4.2. Nonlinearity Analysis 

Configuration 

fL/D.V/B] 

[L,V/B1 

[L,V1 

fL/D.Vl 

[D.Vl 

[I7D,B] 

[L,B1 

rD,V/Bl 

Nonlinearity Factor for 
Top Loop 

3.95 

3.93 

9.93 

10.56 

10.88 

13.84 

13.85 

4.0 

NonUnearity Factor for 
Bottom Loop 

1.07 

1.05 

1.04 

1.14 

1.45 

1.04 

1.05 

145 1 
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V] and [L/D,B] configurations are highly nonlinear for the overhead product. 

NonUnearity analysis is generally consistent with RGA results. 

4.1.3 Sensitivity to Disturbances 

Each configuration has its own sensitivity to disturbances. Feed composition changes 

usuaUy represent the most chaUenging disturbance for distiUation column control. Feed 

rate disturbances were not considered in the comparison of control performance of 

different structures for PI. This is because, the four manipulated variables not involving 

ratios (i.e., L, D, V and B) if implemented as ratios to feed flow rate (i.e., L/F, D/F, V/F, 

B/F) with feed flow rate dynamicaUy compensated greatly reduce the size of the upset 

caused by feed flow rate. This results because for a column operating at a constant overaU 

tray efficiency, L, D, V and B wiU scale exactly with the feed flow rate. The manipulated 

variable involving ratios (i.e., L/D and V/B) have good disturbance rejection 

characteristics for feed flow rate upsets (Skogestad et al., 1990). The [L,V] configuration 

has been found to ofifer significant advantages for rejecting feed composition disturbances. 

This results because the energy required to meet product specifications does not usuaUy 

change a great deal for feed composition changes while the D/B ratio does. Each 

configuration was evaluated with regard to feed composition changes by determining the 

relative percentage change required in a manipulated variable to keep the top and bottom 

compositions at the base case values for a 5% increase (0.67 to 0.72) in the feed 

composition. The smaUer the change required in the manipulated variable the better the 

configuration for feed composition disturbance rejection. The resuh of the analysis is Usted 

in Table 4.3. It can be seen from the analysis that L and V require the least changes and 

hence [L,V] scheme would be the best for feed composition disturbance rejection. D, B, 

L/D and V/B require larger changes and hence any configuration involving material 

balance or ratios would not be good for feed composition disttirbance rejection. 
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Table 4.3. Sensitivity of Each Manipulated Variable for a 5% 
Increase in Feed Composition. 

1 Manipulated Variable 

L 

L/D 

D 

V 

V/B 

B 

Relative Percentage Change in 
Manipulated Variable 

0.5 

-6.5 

7.5 

3.2 

22 

-15 
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4.1.4 Dynamic Analysis 

Dynamic factors are also important for configuration selection. The initial response 

of a controUed variable to changes in its manipulated variable is important. A low 

deadtime, high gain response is desirable, while a sluggish, low gain response is not. Also 

dynamic coupUng can be important. For example, the steady state coupling may be low, 

whUe the dynamic coupling can be large due to a large overshoot in the coupled response. 

Hence, the dynamic analysis involved looking at positive and negative open-loop 

responses for each manipulated variable in each configuration. In this manner, the degree 

of overdamped response, inverse action, and nonlinearity in the time constants could be 

assessed directly. 

Positive and negative open-loop tests were generated for aU the eight configurations. 

For aU the open-loop tests (i.e., diagonal interaction and coupUng), no significant inverse 

action was observed. Almost aU the the open-loop responses were weU represented as 

first-order responses, but some highly overdamped responses were also observed. That is, 

for diagonal interaction a negative change in reflux ratio for the [L/D, V] configuration and 

a positive change in distillate flow for the [D,V] configuration resulted in "S" shaped 

response for the overhead composition. For coupling interactions, only the overhead 

composition exhibited a highly overdamped response and only for the cases in which the 

overhead composition increased. All configurations had an "S" shaped response when the 

overhead impurity increased except the [D,V] and [D,V/B] configurations. 

The [L,V] configuration was clearly the fastest responding configuration. The 

[L/D, V/B] configuration was three to five times slower than the [L,V] configuration for 

the bottoms composition but almost as fast for the overhead composition. The [L/D, V/B] 

configuration exhibited time constants that were fairly Unear for positive and negative 

changes, whUe the [L,V] configuration had time constants that differed by a factor of 
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about two for positive and negative changes. Ahnost aU other configurations exhibited a 

high degree of non Unearity in the time constants. 

Based upon the above analysis [L/D,V/B] and [L,V/B] configurations looked good 

for setpoint tracking, while [L,V] looked good for feed composition disturbance rejection. 

The performance of any structure was judged on the basis of three tests: two for setpoint 

tracking and one for disturbance rejection. These tests are described in Table 4.4. The 

values of the Integral Squared Error (ISE), Integral Absolute Error (lAE) and Integral 

Time averaged absolute Error (ITAE) were chosen as the performance criteria. The 

tuning of single-loop PI controUers for any structure is an important issue and aU 

comparisons should have controUers tuned on the same basis. The foUowing sections 

describe the tuning approach utUized for the composition controUers and the results of the 

closed loop tests on the structures considered. 

4.2 Composition ControUer Tuning 

Any controUer tuning procedure foUowed should be one that is simple to implement 

and has an acceptable basis. With these factors in mind, the foUowing procedure was used 

for tuning of aU composition controllers. First, the ultimate gains of the top and the 

bottom control loops were obtained using Autotune Variation (ATV) testing as described 

by Astrom and Hagglund (1983) and is described in the next section. Next, using the 

ultimate gain (KJ and ultimate period (PJ obtained from the ATV tests, the Ziegler-

Nichols (ZN) tuning constants (Ziegler et al., 1942) for PI controUers were calculated for 

both the loops as foUows: 

^•' 2.2' 
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Table 4.4. Test Cases for the Performance of Control Configurations 

Time Description 

Test Case 1 10 min Top Impurity setpoint changed to 1500 ppm 

400 min Top Impurity setpoint changed to 500 ppm 

Test Case 2 10 min Bottom Impurity setpomt changed to 1500 ppm 

500 min Bottom Impurity setpoint changed to 500 ppm 

Test Case 3 10 min Feed composition step changed from 0.67 to 0.62 
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where, K^ and P̂ ^ are the ultimate gain and ultimate period respectively for the 'i'th loop 

^ ^ ^^4 ^ ^ '^ztf.i ^e the ZN tuning constants (proportional gain and reset time 

respectively) for the 'i'th loop ( i=l,2). Due to interaction, both the composition control 

loops had to be detuned in order to get stable and good performance. The detuning 

process involved dividing the controUer gains and multiplying the controUer reset times of 

both the loops with the same detuning factor (F) (Toijala and Fagervik, 1972). 

1 ^ 

T = T * F 

where, K̂ j is the proportional gain and x̂ j is the reset time for the PI controUer for the 'i'th 

loop. The detuning factor was determined on-Une by giving ± 50% of the base case 

impurity as setpoint changes. The value of F typicaUy ranges between 2 and 6 (Luyben, 

1986). Table 4.5 shows the ISE, lAE and the ITAE values at three dififerent values of F 

for the overhead composition loop for setpoint change in top impurity (Test Case 1, Table 

4.4) and Table 4.6 shows the ISE, lAE and the ITAE values at three different values of F 

for the bottom composition loop for setpoint change in bottom (Test Case 2, Table 4.4) 

for the [L/D,V/B] scheme. Note that the optimum value of F(=2.0) for top composition 

loop is also the optimum value of F for the bottom composition loop. For aU the control 

configurations, the optimum values of F for the top and bottom composition loops were 

within 1-2% of each other. Though in this study the detuning factor F was determined by 

trial-and-error, one more method to determine F is by the Biggest Log-Modulus Tuning 
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Table 4.5. Comparison of ControUer Performance for Different Values of 
Detuning Factor F for Setpoint Change in Top Impurity for 
[L/D,V/B] structure (Test Case 1, Table 4.4.) 

Detuning Factor 
(F) 

1.5 

2.0 

2.5 

ISE X 106 

22.3 

21.8 

22.7 

lAE X 102 

5.31 

4.95 

5.25 

ITAE 

16.78 

16.10 

17.05 

Units: ISE: mole fraction^-min, lAE: mole fraction-min, ITAE: mole fraction-mm^ 
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Table 4.6. Comparison of Controller Performance for Different Values of 
Detuning Factor F for Setpoint Change in Bottom Impurity for 
[L/D,V/B] structtire (Test Case 2, Table 4.4.) 

Detuning Factor 
(F) 

1.5 

2.0 

2.5 

ISE X 106 

43.3 

42.5 

45.0 

IAExl02 

13.1 

12.9 

13.7 

ITAE 

68.35 

69.24 

74.85 

Units: ISE: mole fraction^-min, lAE: mole fraction-min, ITAE: mole fraction-min^ 
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(BLT) method suggested by Luyben (1986). The BLT method uses a multivariable 

Nyquist plot to determine the value of F that meets certain preset stabUity criteria. 

However the BLT method requires the transfer fimction models for all the loops (diagonal 

and interaction). Integrator plus dead-time type transfer fimction models were identified 

for the four loops by doing ATV tests on all the loops (Friman et al., 1994; Tyreus et al., 

1992) for the [L/D, V/B] scheme. The BLT method described in Luyben (1989) was used 

to calculate the detuning factor. A detuning factor of 4.5 was obtained by the BLT 

method. Table 4.7 contains the transfer function models for the [L/D,V/B] scheme. Table 

4.8 contains the ISE, lAE and the ITAE values for the two PI controUers (trial-and-error 

tuned and BLT tuned) for the overhead composition loop and bottoms composition loop 

for setpoint change in top impurity (Test Case 1, Table 4.4) for the [L/D,V/B] scheme. It 

can be seen that smce the BLT method gives more conservative tuning constants than the 

trial-and-error method, it has sluggish control performance. 

4.2.1 Autotune Variation Testing 

Autotune Variation (Astrom and Hagglund, 1983) is an extremely useful procedure 

for the calculation of the ultimate gain and ultimate period of a control loop. The method 

involves closed loop testing of the process by replacing the feedback controUer with a 

relay element. The relay switches the manipulated variable between its preselected high 

and low Umits whenever the controUed variable crosses its setpoint. Use of the relay helps 

set up sustained osciUation in the controUed variable with the manipulated variable 

oscUlating in square wave. A typical Autotune Variation (ATV) test is shown in Figure 

4.1. Figure 4.2. shows a portion of the ATV test shown in Figure 4.1 with the necessary 

parameters. This ATV test was performed on the top impurity-reflux flow control loop of 

the [L,V] configuration on the Toluene/Xylene column. The reflux flow was switched 

between Umits of 1% above and below its nominal value. The oscUlation in the top 
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Table 4.7. Integrator Plus Deadtime Transfer Function Models for [L/D, V/B] 
configuration 

L/D V/B 

-4 ^-7.5S 

XD 

XB 

1.645xl0"^e 

1.513xl0^e-''' 

-9 ^-5S 6.096x10"" e 

2.438xl0-'e-^^ 
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Table 4.8. Control Performance Comparison for PI ControUers Tuned by Trial-
and-error and BLT Method for [L/D,V/B] Structure (Test Case 1, 
Table 4.4.) 

Trial-and-
Error 
Tuned 

BLT 
Tuned 

Top Loop 

ISE 
xW 

21.8 

30.5 

lAE 
xl02 

4.95 

6.52 

ITAE 

16.10 

21.68 

Bottom 
Loop 
ISE 
xl06 

2.10 

7.90 

L\E 
Xl02 

2.13 

6.40 

ITAE 

8.88 

32.74 

Units: ISE: mole fraction^-mm, lAE: mole fraction-min, ITAE: mole fraction-min^ 
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Figure 4.1 A Typical ATV Test for Top Loop for [UV] Structure 
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Figure 4.2 A Portion of a Typical ATV Test 
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impurity was started by decreasing the reflux flow value to 1% below its nominal value. 

This results in increase in top impurity. After sometime, the reflux flow was switched to 

1% above its nominal value. The increased reflux flow caused the impurity to stop 

increasing and then decrease. The instant at which the top impurity crossed its nominal 

value, the reflux flow was switched to the low Umit. This process was continued until 

sustained osciUations of the controlled variable were obtained. The other loop (XB-V) 

was kept in manual during the test. During this test, noise was added to the manipulated 

variables. The steps in the top impurity are due to the five mmute analyzer delay. The 

ultimate gain and period of the top control loop were determined from the foUowing 

relations: 

air 
Pu=T, 

where, K̂  = Ultimate gain, 

Py = Ultimate period, 

h = Height of the manipulated variable oscUlations, 

a = Height of the controlled variable oscUlations (ampUtude), 

T = Time period of the controlled variable osciUations. 

The relay height 'h' is found by trial-and-error so as to get equal ampUtude in both the 

directions. The value h of usually ranges between 1-6% of the nominal value of the 

manipulated variable, depending on the degree of nonUnearity of the process. 

4.2.2 Control Performance Comparison 

The controUer tuning procedure described in section 4.2 was implemented on the 

eight configurations, viz. [L/D,V/B], [L,V/B], [L,V], [Lm,V], [D,V], [L/D,B], [L,B] and 
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Table 4.9. Ziegler-Nichols Tuning Parameters and Detuning Factors for Different 
Structures 

Configuration 

[L/D,V/B] 

[L,V] 

[L,V/B] 

[D,V] 

[L,B] 

[L/D,V] 

[D,V/B] 

[L/D,B] 

Top Loop 

Gain 

578.75 

2057.016 

3373.506 

2450.25 

3707.28 

385.83 

1352.69 

578.75 

Reset Time 

25.0 

33.33 

25.0 

33.33 

16.67 

37.5 

50.0 

25.0 

Bottom Loop 

Gain 

5857191.4 

11489528.0 

7809605.9 

20295362.0 

1030.17 

20853493.0 

11714383.0 

1144.78 

Reset Time 

16.67 

33.33 

33.33 

25.0 

31.67 

25.0 

33.33 

33.33 

Detuning 

Factor 

(F) 

2.0 

2.0 

1.5 

4.5 

2.0 

2.0 

3.2 

2.5 

Units: Reset Time: Minutes, Gains:- Top: Kgmole/min per mole fraction for L and D, 
ratio per mole fraction for (L/D). Bottom: Kcal/min per mole fraction for V, Kgmole/min 
per mole fraction for B and Kcal/Kgmole per mole fraction for (V/B). 
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[D,V/B]. The performance of all configurations was determined on basis of the tests 

described in Table 4.4. Table 4.9 contains the values of the Ziegler-Nichols parameters 

for the top and bottom loops and the detuning factors that were finaUy used for 

performance evaluation, for every configuration. Figures 4.3a-d contain the comparison 

of the [L/D,V/B], [L,V] and [L,V/B] structures for the top impurity setpoint changes 

(Test Case 1, Table 4.4). Figures 4.3a, b, c and d show the response of the top impurity, 

bottom impurity, the distillate and reflux flows, and the bottoms flows and reboUer heat 

duty, respectively. Figures 4.4a-d contain the comparison of the [L/D,V/B], [L,V] and 

[L,V/B] structures for the bottom impurity setpoint changes (Test Case 2, Table 4.4). 

Figures 4.4a, b, c and d show the response of the bottom impurity, top impurity, the 

distiUate and reflux flows, and the bottoms flows and reboUer heat duty, respectively. 

Figures 4.5a-d contain the comparison of the [L/D, V/B], [L,V] and [L,V/B] structures 

for the disturbance rejection test case (Test case 3, Table 4.4). Figures 4.5a, b, c and d 

show the response of the top impurity, bottom impurity, the distUlate and reflux flows, and 

the bottoms flows and reboiler heat duty, respectively. Figures 4.6a-d contain the 

comparison of the [D,V], [L,B] and [L/D,V] structures for the top impurity setpoint 

changes (Test Case 1, Table 4.4). Figures 4.6a, b, c and d show the response of the top 

impurity, bottom impurity, the distiUate and reflux flows, and the bottoms flows and 

reboUer heat duty, respectively. Figures 4.7a-d contain the comparison of the [D,V|, 

[L,B] and [L/D,V] structures for the bottom impurity setpoint changes (Test Case 2, 

Table 4.4). Figures 4.7a, b, c and d show the response of the bottom impurity, top 

impurity, the distUlate and reflux flows, and the bottoms flows and reboUer heat duty, 

respectively. Figures 4.8a-d contain the comparison of the [D,V], [L,B] and [L/D,V] 

structures for the disttirbance rejection test case (Test case 3, Table 4.4). Figures 4.8a, b, 

c and d show the response of the top impurity, bottom impurity, the distUlate and reflux 

flows, and the bottoms flows and reboUer heat duty, respectively. Figures 4.9a-d contain 
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(d) Bottoms flow and Reboiler heat duty. 
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Test Case 1, Table 4.4, (a) Top Impurity. 
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Figure 4.7. [D.V], [UB], [UD.V] Structures. 

Test Case 2, Table 4.4, (a) Bottom Impurity. 
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(d) Bottoms flow and Reboiler heat duty. 
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the comparison of the [D,V/B] and [L/D,B] structtires for the top impurity setpoint 

changes (Test Case 1, Table 4.4). Figures 4.9a, b, c and d show the response of the top 

impurity, bottom impurity, the distiUate and reflux flows, and the bottoms flows and 

reboUer heat duty, respectively. Figures 4.10a-d contain the comparison of the [D,V/B] 

and [L/D,B] structures for the bottom impurity setpoint changes (Test Case 2, Table 4.4). 

Figures 4.10a, b, c and d show the response of the bottom impurity, top impurity, the 

distUlate and reflux flows, and the bottoms flows and reboUer heat duty, respectively. 

Figures 4.11a-d contain the comparison of the [D,V/B] and (L/D,B] structures for the 

disturbance rejection test case (Test case 3, Table 4.4). Figures 4.1 la, b, c and d show the 

response of the top impurity, bottom impurity, the distUlate and reflux flows, and the 

bottoms flows and reboUer heat duty, respectively. 

Three measures were used as performance indices for the quantitative comparison of 

the control configurations, viz. Integral Squared Error (ISE), Integral Absolute Error 

(lAE), and Integral Time Averaged Error (ITAE). These measures of control 

performance were calculated for the top and bottom control loops. A quantitative 

comparison of aU the configurations is contained in Table 4.10. 

The [L,V/B] configuration had the best overall performance in regards to setpoint 

tracking in both the loops. The [L,V] configuration had the best overall performance in 

regards to disttirbance rejection in top and bottom loops. The [L,V/B] configuration also 

exhibited good disturbance rejection performance. 

4.3 [L.V] with Linear Decoupler 

The [L,V] configuration has the advantage of being best dynamicaUy and having a 

relatively low sensitivity to feed composition changes. But, as seen from the previous 

sections, it suffers from severe coupUng as evidenced by its high RGA value. The 

[L/D,V/B] configuration has superior RGA values and is good for setpoint tracking with 
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Figure 4.9 (Continued) 
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(c) Distillate and Reflux flow. 
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Table 4.10. Comparison of Control Performance for Dififerent Structures 

Test 
Case 

1 [L/D,V/B] 

[L,V] 

[L,V/B] 

[D,V] 

[L,B] 

[L/D,V] 

[D,V/B] 

[L/D,B] 

2 [L/D, V/B] 

[L,V] 

[L,V/B] 

[D,V] 

[L,B] 

[L/D,V] 

[D,V/B] 

[L/D,B] 

Top Loop 

ISE 
xl06 

21.8 

25.5 

18.7 

54.1 

25.5 

26.2 

39.8 

24.9 

0.041 

2.67 

2.25 

9.37 

4.0 

0.065 

21.7 

0.07 

L\E 
Xl02 

4.95 

6.63 

4.53 

18.45 

7.71 

5.88 

10.68 

5.65 

0.41 

3.0 

2.52 

8.61 

4.13 

0.37 

9.92 

0.4 

ITAE 

16.10 

23.9 

14.74 

98.76 

25.67 

19.92 

39.61 

18.32 

1.9 

16.0 

12.2 

53.7 

22.54 

1.67 

51.66 

1.48 

Bottom Loop 

ISE 
xlO^ 

2.10 

74.08 

1.18 

341.6 

17.7 

47.2 

3.0 

17.5 

42.5 

26.73 

25.6 

81.75 

35.0 

24.1 

31.0 

28.6 

lAE 
xl02 

2.13 

11.1 

1.29 

49.5 

8.23 

8.83 

3.55 

6.63 

12.92 

8.1 

6.87 

23.4 

9.68 

6.78 

9.04 

7.34 

ITAE 

8.88 

41.17 

4.61 

318.46 

32.61 

31.25 

18.22 

24.43 

69.24 

39.24 

31.1 

132.36 

44.74 

30.52 

43.34 

30.24 

Units: ISE: mole fraction^-min. lAE: mole fraction-min, ITAE: mole fraaion-min^ 
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Table 4.10. (Continued) 

Test 
Case 

3 [L/D,V/B] 

[L,V] 

[L,V/B] 

[D,V] 

[L,B] 

[L/D,V] 

[D,V/B] 

[L/D,B] 

Top Loop 

ISE 
xlO^ 

3.31 

2.61 

3.11 

232.1 

15.4 

8.8 

459.0 

8.09 

lAE 
Xl02 

1.94 

2.94 

2.37 

28.1 

7.8 

3.68 

34.7 

4.0 

ITAE 

2.23 

6.7 

3.5 

62.7 

21.85 

4.5 

67.9 

5.65 

Bottom Loop 

ISE 
xl06 

107.3 

60.9 

44.8 

214.0 

145.0 

31.0 

169.5 

187.0 

lAE 
Xl02 

15.33 

12.2 

7.42 

31.1 

21.9 

6.61 

21.51 

23.48 

ITAE 

22.5 

19.8 

7.0 

80.15 

44.85 

7.15 

36.73 

42.0 

Units: ISE: mole fraction^-min, lAE: mole fraction-min, ITAE: mole fraction-min2 
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much less coupUng. It would be highly desirable, therefore, to have an [L,V] 

configuration with decoupUng characteristics of the [L/D, V/B] configuration 

A Unear decoupler was developed and implemented on the [L,V] configuration for 

the Toluene/Xylene column. This simple two-way decoupler was suggested by Beauford 

(1993) and is a special case of a generalized decoupler proposed by WaUer (1992). To 

understand the decoupler, first for example, consider the effect of boUup rate changes on 

the overhead. When the boilup rate is increased for the \L,V\ configuration, the extra 

vapor that reaches the top of the column and leaves as distUlate, shifts the overaU material 

balance of the column. For the [L/D, V/B] configuration, part of the extra vapor reaching 

the top part of the coulmn would be passed back down the column as reflux. One way to 

modify the [L,V] configuration would be to increase the reflux rate by a fixed fraction of 

any boUup rate change called for by the bottom composition controUer. Note that no 

dynamic compensation is required in this case since the vapor dynamics are fast (vapor 

holdup is negligible). Likewise, adjustments to the boUup rate can be made based upon a 

fraction of reflux rate changes made by the overhead composition controUer. But in this 

case, dynamic compensation is required due to Uquid dynamic lag down the column. The 

fraction values used were found by trial-and-error by doing open-loop tests. The fraction 

that gave the minimum deviation in a loop when a step change is given in the manipulated 

variable for the other loop was used. A factor of 55% was used for the top loop and a 

factor of 85% was used for the bottom loop. A five minute delay was used for dynamic 

compensation. The tuning procedure described in section 4.2 was then used to tune the 

[L,V] configuration with decoupler. The Ziegler-Nichols ttining constants and the 

dettining factor for [L,V] with decoupler are given in Table 4.11. Figures 4.12a-d contain 

the comparison of [L,V] and [L,V] with decoupler for the top impurity setpoint changes 

(Test Case 1, Table 4.4). Figures 4.12a, b, c and d show the response of the top impurity, 

bottom impurity, the distillate and reflux flows, and the bottoms flows and 
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Table 4.11. Ziegler-Nichols Tuning Parameters and Detuning 
Factor for [L, V] with Decoupler 

Top Loop 

Gain 

2811.26 

Reset Time 

25.0 

Bottom Loop 

Gain 

15029545.0 

Reset Time 

25.0 

Detuning 
Factor 
(F) 

1.2 

Units: Reset Time: Minutes, Gains: Kgmole/min per mole fraction for top and 
Kcal/min per mole fraction for bottom. 
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reboUer heat duty, respectively. Figures 4.13a-d contain the comparison of [L,V] and 

[L,V] with decoupler for the bottom impurity setpoint changes (Test Case 2, Table 4.4). 

Figures 4.13a, b, c and d show the response of the bottom impurity, top impurity, the 

distUlate and reflux flows, and the bottoms flows and reboUer heat duty, respectively. 

Figures 4.14a-d contain the comparison of [L,V] and [L,V] with decoupler for the 

disturbance rejection test case (Test case 3, Table 4.4). Figures 4.14a, b, c and d show the 

response of the top impurity, bottom impurity, the distUlate and reflux flows, and the 

bottoms flows and reboUer heat duty, respectively. A quantitative comparison of control 

performance for [L,V] and [L,V] with decoupler for different tests is contained in Table 

4.12. The decoupler improved the setpoint tracking performance of [L,V] structure 

remarkably as can be seen from the closed loop responses and the ISE, lAE and ITAE 

values. It also improved the disturbance rejection performance. The [L, V] with decoupler 

was slightly bettter than the [L,V/B] structure for disturbance rejection and was 

comparable for setpoint tracking. 

4.4 [L/D.V/B] with Nonlinear Feedforward for Feed 
Composition Changes 

The [L/D,V/B] configuration suffers from its sensitivity to feed composition changes. 

Even though the [L/D,V/B] configuration was highly decoupled for setpoint tracking, it 

did not perform weU for feed composition changes. As a result, the performance of the 

[L/D, V/B] configuration can be enhanced by the addition of feed forward correction for 

feed composition changes (Riggs, 1994). 

The feedforward approach used in this sttidy is based upon having the [L/D,V/B] 

configuration respond to feed composition changes as if it were the [L, V] structtire. For 

example, if the feed composition were to increase in Toluene, the [L,V] configuration 

would simply pass the extra Ughts out the overhead as distiUate flow whUe the [LA),V/B] 
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Table 4.12. Comparison of Control Performance for [L,V] and [L,V] 
Linear Decoupler 

Test 
Case 

1 

Top Loop 

ISE 
Xl06 

[L,V] with 20.4 
Decoupler 

L\E 
Xl02 

5.1 

ITAE 

16.8 

Bottom Loop 

ISE 
xlO« 

5.45 

lAE 
Xl02 

3.5 

ITAE 

12.61 

[L,V] 25.5 6.63 23.9 74.1 11.1 41.2 

[L,V]with 0.51 
Decoupler 

1.1 5.0 22.50 6.0 25.56 

[L,V] 2.67 3.0 16.0 26.73 8.1 39.24 

[L,V]with 1.80 1.56 
Decoupler 

1.7 23.8 5.21 4.87 

ILYl 2.61 2.94 6.7 60.9 12.2 19.8 

Units: ISE: mole fraction^-min, lAE: mole fraction-min, ITAE: mole fraction-min. 
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configuration would put part of the extra overhead vapor flow back down the columns as 

reflux to maintain a constant reflux ratio. Therefore, for the [L/D,V/B] configuration to 

mamtain a constant reflux flow, the reflux ratio would have to be decreased. For a binary 

column, the feedforward correction for the reflux ratio is given as: 

u D Z-x„ 
sp 

where (L/D)^ and Z^ are initialized values of reflux ratio and mole fraction of Toluene in 

the feed, Z is current measured value of feed composition, and x^ is the setpoint for the 

bottom composition of toluene. 

The feedforward correction to V/B for feed composition changes based on keeping 

the boUup rate constant is given by 

A(X) =(X) (Z^ 1-1). 

where (V/B)„ is the initialized values of the boilup ratio and y^ is the setpoint for Toluene 

in the overheads. 

Figures 4.15a-d contain the comparison of [L/D,V/B] without feedforward and 

[L/D,V/B] with feedforward for the disturbance rejection test case (Test case 3, Table 

4.4). Figures 4.15a, b, c and d show the response of the top impurity, bottom impurity, 

the distUlate and reflux flows, and the bottoms flows and reboUer heat duty, respectively. 

Both feedforward compensations were dynamically compensated using a first order 

exponential filter. The filter factor for reflux ratio was 0.15 and for the boUup ratio it was 

0.95. A quantitative comparison of [L/D,V/B] and [L/D,V/B] with feedforward for 

disttirbance rejection test is Usted in Table 4.13. The feedforward action causes a marked 
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Table 4.13. Comparison of Control Performance for [L/D, V/B] and [L/D, V/B] 
with Nonlinear Feedforward for Disturbance Rejection 

Test 
Case 

3 [L/D,V/B] 
with 
Feedforward 

[L/D,V/B] 

Top Loop 

ISE 
xl06 

0.38 

3.31 

lAE 
Xl02 

0.69 

1.94 

ITAE 

0.68 

2.23 

Bottom 

ISE 
xl06 

10.44 

107.3 

Loop 

lAE 
Xl02 

4.27 

15.33 

ITAE 

5.13 

22.5 

Units: ISE: mole fraction^-min, lAE: mole fraction-min, ITAE: mole fraction-min. 
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improvement in the performance for the overhead and bottoms products for [L/D, V/B] 

structure. In fact, these results are superior to results for the [L, V] with decoupler. But 

the nonUnear feedforward action requires a feed composition analyzer which is not 

avaUable most of the times. 

Based upon the above closed loop analysis the [L,V] with Unear decoupler was found 

to be best for setpoint tracking and distrubance rejection for PI control. 
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CHAPTERS 

NONLINEAR PROCESS MODEL BASED CONTROL 

Nonlmear Process Model Based Control (nonlinear PMBC) uses a nonUnear 

approximate process model for control purposes. The approximate model need not be a 

rigorous simulator but should contain the major characteristics of the process. One type 

of nonUnear PMBC is Generic Model Control (GMC) developed by Lee and SuUivan 

(1988). The nonUnear PMBC version of GMC was used in this work. 

In order to describe GMC, consider a Single Input Single Output (SISO) system 

described by the foUowing approximate model: 

J = f(y,u,d,k), (5.1) 

where y is the output variable, u is the manipulated variable, d is a vector of measured 

disturbances, and k is a vector of parameters. Assuming that y has a value ŷ  and that it is 

desired to move the process from ŷ  to y^ in some time interval x, equation 5.1 can be 

approximated by using the forward difference approximation of the derivative 

^^^5^-^ = f(y„,u,d;,k). (5.2) 

Then equation 5.2 can be solved directly to determine u, the control action, x is a tuning 

parameter. If x is smaU, rapid response is required, if x is large, a more sluggish response 

is required. 
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Since equation 5.2 uses only an approximate model, steady-state offset wUl result 

from use of this control law. Lee and Sullivan (1988) added an integral term (analogous 

to a PI controller) resulting in the GMC control law: 

_ _ t 

f(y„,u,d,,k) + K, (y„ -y^) + K j ( y - y ^ ) d t = 0, (5.3) 

where Kj is equal to 1/x in equation 5.2. 

5.1 Nonlinear PMBC Control Law 

In many appUcations, such as in distillation control, a dynamic model of the form 

described by equation (5.1) is not avaUable. In such cases a steady state model is used. 

Since the approximate model is a steady-state model and GMC control requires a dynamic 

model, the approximate model is converted into a dynamic model by assuming first-order 

dynamics (Cott et al., 1988) 

J = - (y. -y) , (̂ 4) 
dt Xp 

where y„ is the solution of the steady-state approximate model based upon the current 

values of the measured disttirbances and current values of manipulated variable. 

Combining equation 5.4 with the GMC control law (equation 5.3) yields 

y „ = y + K ; ( y , - y ) + K j ( y , - y ) d t , (55) 
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where K; is equal to x̂ K, and K', is equal to x̂ K, This control law yields the steady-state 

target y^ which then can be used in the steady-state model to yield the required control 

action. 

G(y„,u,d,k) = 0. (5 6) 

Since distiUation column is a 2 x 2 process, two targets are calculated during each 

control action viz. target for top impurity X ^ and target for bottom impurity X^̂ . These 

are then sent to the controUer model which is a rigorous tray-to-tray steady-state model. 

The controUer model of the process is a inverse which considers the top and bottom 

impurity as inputs along with feed composition, feed flow rate and calculates the reflux 

rate and the reboUer heat duty ([L,V] configuration). 

Riggs (1994b) suggested a modification to the GMC law (equation 5.5). This wUl be 

caUed modified PMBC law. To understand the modified PMBC law, lets say K* in 

equation 5.5 is equal to H-5. Then substituting for K", in equation 5.5 and rearranging we 

get the following form: 

yss = ysp +5[(y^ - y ) + ̂ J ( y ^ -y)dt]. (5.7) 

Substituting K, for 5, and 1/Xj for K'2/5 in equation 5.7, we get the foUowing form: 

•, t 

yss=ysp+KJ(y,p-y)-h-J(y^-
''I 0 

y)dt]. (5.8) 
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To make the equation 5.8 analogous to the PI law, y , is replaced by y,, where y. is 

some nominal value (say base case value) of the controUed variable and is a constant. 

Therefore equation 5.8 now becomes 

y» = yo + K J(y^ - y) + -1 J(y^ -y)dt]. (5 9) 
^I 0 

Equation 5.9 is analogous to position mode of PI control law with y^ equivalent to the 

manipulated variable u, y„ equivalent to the base case value of the manipulated variable 

u„, and K̂  and Xj equivalent to proportional gain and reset time respectively in PI conttol 

law given below: 

u = u, -HK,.pi[(y,p - y ) + — J ( y ^ -y)dt] 
''I.PI 0 

Equation 5.9 is the modified PMBC law suggested by Riggs (1994b) and was used in this 

work. 

Implementation of the PMBC law requires consideration of additional issues. For 

example, equation (5.9) can calculate target values that are unrealistic such as product 

compositions that are outside the (0,1) mole fraction range. Therefore, the targets 

calculated from equation (5.9) are typically exponentially clamped in order to ensure 

generation of reaUstic values. It is also common to filter the setpoints, so that the 

controUer is not exposed to large setpoint changes over a short time of period. Also, 

when using steady-state models in the controUer, the values of the measured disturbances 

used in control action calculation are dynamically compensated, typically using a deadtime 

and a lag. The dynamic compensation prevents overcompensation in the early part of the 

overall rejection of the disturbance. 
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5.2 ControUer Model Development 

The controUer model used was a steady state binary tray to tray model as described 

by Riggs et al. (1993) with steady state energy balance included in it. The energy balance 

was added on the top of the material and component balance. To start with, a vapor 

profile through the column was assumed and the material and component balances were 

converged as discussed in Riggs (1993). A new vapor profile was then calculated using 

the compositions and temperatures on the trays and the steady state energy balance. The 

new vapor profile was compared with old vapor profile. If the new vapor flow rates were 

not within the error tolerance of the old vapor flow rates then the new vapor profile was 

used to converge the material and energy balance. This was done tUl convergence was 

obtained. Secant search was used to obtain fast convergence. Vapor hydrauUc equation 

described in Chapter 2 was not used in the controller model. The controller model of the 

process was actually an inverse which considered the top impurity and bottom impurity as 

inputs and used filters value of feed composition and feed rate to calculate reboUer heat 

duty and reflux rate. The controller model differed from the process simulation in respect 

that it did not have the rigorous vapor hydraulic model and pressure was constant. So the 

only process-controUer model mismatch was the pressure dynamics. 

5.3 PMBC Implementation and Tuning Approach 

In this study, a PMBC controller (with modified PMBC law) was implemented on the 

Toluene/Xylene column with the [L,V] structure. This was because the [L,V] structtire 

was the fastest among other configurations in open loop and had smooth, first order type 

dynamics. Also [L,V] structtire is the simplest to implement and since PMBC controUer is 

a multivariable controUer it is expected to inherently decouple the two loops. The 

controUed variables were the top impurity, XD and bottom impurity, XB and manipulated 
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variables were reflux flow L and reboiler heat duty Q,. Feed flow. F and feed 

composition, x, were measured disturbances. 

The targets for the top and bottom impurity (XD„, XBJ were calculated using the 

modified PMBC law, which is as follows: 

XD„ = XD„ + K„ [(XD, - XD) + - L j (XD, - XD)dt], (5.11) 

XB„ = XB„+K^[(XB,-XB) + J - j (XB, -XB)d t ] , (5.12) 
'22 0 

where XD = current measured top impurity, 

XB = current measured bottom impurity, 

XD̂ , = nominal value or base case value of top impurity, 

XB„ = nominal value or base case value of bottom impurity, 

XD^ = top impurity setpoint, 

XB^ = bottom impurity setpoint, 

^®ss ^ top impurity steady state target, 

XB,, = bottom impurity steady state target. 

The top and bottom targets (XD,,, XBJ along with dynamicaUy compensated 

disturbance values were used by the controller model to generate the required reflux rate 

and reboUer heat duty. 

Complete definition of the PMBC controller required the specification of the 

following tuning parameters: 

Feedback parameters: 

1. Top impurity setpoint filter factor, 

2. Bottom impurity setpoint filter factor, 
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3. Top impurity tuning constants K,j and x,i, 

4. Bottom impurity tuning constants Yi^ and x, 

5. Top impurity target upper and lower Umits, 

6. Bottom impurity target upper and lower limits. 

Feedforward parameters: 

1. Feed flow compensation deadtime and lag, 

2. Feed composition compensation deadtime and lag. 

The PMBC controUer was tuned using the ATV procedure described in Chapter 4. 

ATV tests were done on individual loops with relay introduced in the steady state targets 

and oscUlations observed in the compositions. An ATV test for the top loop is shown in 

Figure 5.1. The steady state target for the bottom loop was kept constant at base case 

during the test. The tuning constants were calculated analogous to PI controUer (ZN 

settings). AU other feedback and feedforward parameters were determined experimentaUy 

by running simulations for dififerent values. The tuning constants, detuning factor and 

other feedforward and feedback parameters are listed in Table 5.1. 
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Table 5.1. Tuning Parameters for the PMBC Implementation 

Parameter 

Top impurity setpoint filter factor 

Bottom impurity setpoint filter factor 

Top impurity tuning constants K„ and x„ 

Bottom impurity tuning constants K22 and x^ 

Detuning Factor 

Top impurity targets upper and lower Umits 

Value 

1.0 

1.0 

16.08, 30. 

160.0, 25. 

3.2 

0.9, 0.00001 mole fract. 

Bottom impurity targets upper and lower Umits 0.9, 0.00002 mole fract. 

Feed flow compensation deadtime 10 min. 

Feed flow compensation lag 0.9 

Feed composition compensation deadtime 0 min. 

Feed composition compensation lag OJ 
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CHAPTER 6 

CONTROL RESULTS 

This chapter contains the resuhs of the control sttidies performed on the 

Toluene/Xylene vacuum column simulator using the PI control and nonUnear Process 

Model Based Control (PMBC). Both control techniques were evaluated for setpoint 

tracking and disturbance rejection performance. The setpoint tracking tests included 

setpoint changes in both the top and bottom impurity levels. The disturbance rejection 

tests mcluded step change in feed composition, high frequency feed composition change 

test case wherein multiple changes were made in the feed composition over a relatively 

short period of time, and step changes in feed flow. These tests are described in Table 

6.1. For PI control [L, V] with Unear decoupler structure was used since it was the best 

among aU the configurations for setpoint tracking and was the closest for feed 

composition disturbance rejection to [L/D, V/B] with nonlinear feedforward structure 

(which was the best for feed composition disturbance rejection among aU configurations). 

No feedforward action was used for PI controUer for feed composition disturbance 

rejection. For feed flow disturbances the [L/F, V/F] structure with feed rate dynamically 

compensated was used for PI control. The PMBC controUer was implemented with [L, V] 

structure as described in previous chapter. Control performances for feed composition 

disttirbance rejection test cases for PMBC controUer were sttidied with and without 

feedforward control action. For the case of PMBC without feedforward action the feed 

composition was kept constant at the base case in the controUer model. For the feed flow 

disturbance rejection cases both PMBC and PI control had feedforward capabiUties 

Four measures were used as performance indices for quantitative comparison of the 

control techniques, viz. Integral Squared Error aSE), Integral Absolute Error (lAE), 
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Table 6.1. Test Cases for ControUer Performance Evaluation 

Test Case Time Description 

1 10 min. Top impurity setpoint changed to 1500 ppm 

400 min. Top impurity setpoint changed to 1000 ppm 

2 10 min. Bottom impurity setpoint changed to 1500 ppm 

500 min. Bottom impurity setpoint changed to 1000 ppm 

3 10 min. Feed composition step changed from 0.67 to 0.62 

4 10 min. Feed composition step changed from 0.67 to 0.62 

60 min. Feed composition step changed from 0.62 to 0.67 

110 min. Feed composition step changed from 0.67 to 0.72 

160 min. Feed composition step changed from 0.72 to 0.67 

210 min. Feed composition step changed from 0.67 to 0.62 

260 min. Feed composition step changed from 0.62 to 0.67 

310 min. Feed composition step changed from 0.67 to 0.72 

360 min. Feed composition step changed from 0.72 to 0.67 

410 min. Feed composition step changed from 0.67 to 0.62 

460 min. Feed composition step changed from 0.62 to 0.67 

510 min. Feed composition step changed from 0.67 to 0.72 

560 min. Feed composition step changed from 0.72 to 0.67 

610 min. Feed composition step changed from 0.67 to 0.62 

660 min. Feed ômEOsmoiLStPp changed from 0.62 to 0.67 
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Table 6.1. (Continued) 

Test Case Tune Description 

5 10 min. Feed flow step changed to 90% of nominal value 

500 min. Feed flow step changed to nominal value 

1000 min Feed flow step changed to 110% of nominal value 
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Integral Time Averaged Error (ITAE) and manipulated variable travel (VT, an index of 

the amount of the movement in the manipulated variable u, expressed as the cumulative 

sum of |u. - u,_, I for the 'ith sampling time). The foUowing sections discuss the conttol 

performance of PI control and PMBC on the tests described in Table 6.1. Both, PI 

control and PMBC performances are compared qualitatively and quantitatively. 

6.1 Setpoint Tracking 

This section contams the results for setpoint tracking tests (Test Case 1 and Test 

Case 2, Table 6.1) for PI control and PMBC. Figure 6. la-c show the performance with PI 

control and PMBC for the top impurity setpoint changes (Test Case 1, Table 6.1). 

Figures 6.1a, b and c show the response of the top impurity, bottom impurity and 

manipulated variables, respectively. As seen from Figure 6.1a, the top impurity response 

is sluggish for PMBC than PI for increasing top impurity setpoint change, however for 

decreasing top impurity setpoint change PMBC is faster than PI. Both controllers do not 

exhibit any oscillations and bring the composition to setpoint. The bottom impurity 

(Figure 6.1b) shows a lesser deviation and lesser osciUation for PMBC than PI for 

increasing top impurity setpoint change however for decreasing top impurity setpoint 

PMBC shows larger deviation than PI. But both controUers bring the botttom impurity to 

setpoint at about the same time. The manipulated variables action (Figure 6.1c) are 

smoother for PMBC than PI for increasing top impurity setpoint change and are about the 

same for decreasmg top impurity setpoint. 

Figure 6.2a-c show the performance with PI control and PMBC for the bottom 

impurity setpoint changes (Test Case 2, Table 6.1). Figures 6.2a, b and c show the 

response of the bottom impurity, top impurity and manipulated variables, respectively. As 

seen from Figure 6.2a, the bottom impurity is sluggish for PMBC than PI for both 

increasing and decreasing bottom impurity setpoint changes. The top impurity 
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Figure 6.2b shows lesser deviation for PMBC than PI for increasing bottom unpurity 

setpoint change. However for decreasing bottom impurity setpoint change, the top 

impurity shows larger deviation for PI than PMBC. But both controUers bring the top 

impurity to setpoint at about the same time. Both controUers do not exhibit any 

oscUlations and bring the compositions to setpoint. The manipulated variables action 

(Figure 6.2c) are smoother for PMBC than PI for increasing bottom impurity setpoint 

change, but are more osciUatory for PMBC than PI for decreasing bottom impurity 

setpoint. 

The ISE, lAE, ITAE and manipulated variable travel (VT) for the above test cases 

are Usted in Table 6.2. 

6.2 Feed Composition Disturbance Rejection 

This section contains the results for feed composition disturbance rejection tests (Test 

Case 3 and Test Case 4, Table 6.1) for PI control, PMBC with feedforward and PMBC 

without feedforward. Figure 6.3a-c show the performance with PI control, PMBC with 

feedforward and PMBC without feedforward for step change in feed composition (Test 

Case 3, Table 6.1). Figures 6.3a, b and c show the response of the top impurity, bottom 

impurity and manipulated variables, respectively. As seen from Figure 6.3a, the top 

impurity shows a sUghtly lesser deviation and comes back to setpoint faster for PI control 

than PMBC with feedforward and PMBC without feedforward. PMBC with and without 

feedforward exhibit almost similar control performance for the top impurity. The bottom 

impurity (Figure 6.3b) shows a much lesser deviation for PMBC with feedforward than PI 

control. PMBC without feedforward shows much larger deviations than PI control and 

PMBC with feedforward and is very sluggish. Manipulated variables action (Figure 6.3c) 

are the similar for PI control and PMBC with feedforward but are very osciUatory for 
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Table 6.2. PI and PMBC Setpoint Tracking Performance 

Test 
Case 

1 

2 

ControUer 

PI 

PMBC 

PI 

PMBC 

Top 

ISE 
xl06 

9.22 

16.2 

0.11 

0.42 

L\E 
xl02 

3.5 

6.3 

0.58 

0.92 

ITAE 

9.0 

13.0 

2.15 

5.29 

VT 

5.5 

3.8 

2.4 

2.68 

Bottom 

ISE 
xlO^ 

1.9 

2.3 

9.38 

12.7 

lAE 
Xl02 

2.4 

2.85 

3.7 

6.15 

ITAE 

7.82 

12.35 

11.6 

24.06 

VT 

46739 

35344 

29207 

27492 

Units: ISE: mole fract.^-min., lAE: mole fract.-min, ITAE: mole fract.-min^, VT: 
Kgmole/min for top and Kcal/min for bottom. 
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PMBC without feedforward. Initial manipulated variables action for PMBC with 

feedforward is slightly oscillatory but becomes smooth later. 

Figure 6.4a-g show the performance with PI control, PMBC with feedforward and 

PMBC without feedforward for high frequency feed composition changes (Test Case 4, 

Table 6.1). Figure 6.4a shows how the feed composition was varied for the test. Figures 

6.4b and c show the top impurity response. Figures 6.4d and e show the bottom impurity 

response. Figures 6.4f and g show the response of the manipulated variables. As seen 

from Figure 6.4b PI control and PMBC with feedforward exhibit simUar control 

performance for top impurity. However, the top impurity shows much larger deviations 

for PMBC without feedforward than PI control and PMBC with feedforward (Figure 

6.4c). The bottom impurity (Figures 6.4d and e) shows much smaUer deviations for 

PMBC with feedforward than PI control and PMBC without feedforward. Huge 

deviations occur in the bottom impurity for PMBC without feedforward. Manipulated 

variables action is slightly smoother for PI control than PMBC with feedforward (Figure 

6.4f). Manipulated variable action for PMBC without feedforward is very sluggish 

(Figure 6.4g). 

The ISE, lAE, ITAE and manipulated variable travel (VT) for the above test cases 

are Usted in Table 6.3. 

6.3 Feed Flow Disturbance Rejection 

This section contains the results for feed rate disttirbance rejection test (Test Case 5, 

Table 6.1) for PI control and PMBC. Figure 6.5a-c show the performance with PI control 

and PMBC for step changes in feed rate (Test Case 5, Table 6.1). Figures 6.5a, b and c 

show the response of the top impurity, bottom impurity and manipulated variables, 

respectively. As seen from Figure 6.5a, the top impurity shows much lesser deviation for 

PMBC than PI tiU 1000 minutes. After 1000 minutes when the feed flow is increased to 
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Table 6.3. PI and PMBC Feed Composition Disturbance Rejection 
Performance 

Test 
Case 

3 

ControUer 

PI 

PMBC-1* 

PMBC-2b 

Top 

ISE 
xl06 

1.8 

4.8 

12.5 

lAE 
Xl02 

1.5 

3.5 

5.65 

ITAE 

1.7 

5.7 

10.7 

VT 

0.99 

2.4 

3.55 

Bottom 

ISE 
xl0« 

23.7 

0.52 

267.0 

lAE 
xl02 

5.2 

0.98 

33.0 

ITAE 

4.9 

1.5 

77.0 

VT 

19817 

25071 

42556 

PI 38.6 13.6 54.64 14.34 470.0 47.8 181.0 192794 

PMBC-1 31.0 13.0 48.8 17.43 4.44 4.5 16.0 217919 

PMBC-2 77.8 19.6 76.25 5.4 5551.0 114.0 329.0 50379 

Units: ISE: mole fract.^-min., L^ :̂ mole fract.-min, ITAE: mole fract.-min^, VT: 
Kgmole/mm for top and Kcal/min for bottom. 

a PMBC-1: PMBC with feedforward action for feed composition. 

bPMBC-2: PMBC without feedforward action for feed composition. 
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110% of its nominal value top impurity is oscillatory for PMBC than PI conttol. The 

bottom impurity (Figure 6.5b) shows much lesser deviations for PMBC than PI control aU 

throughout the test time. Manipulated variable action (Figure 6.5c) is much smoother for 

PMBC than PI control aU throughout the test except for small period of time (600 min. to 

700 min.). 

The ISE, lAE, ITAE and manipulated variable travel (VT) for the above test case are 

Usted in Table 6.4. 

6.4 Conclusion 

Overall, the performance of two controllers viz. PI control and PMBC was 

comparable with PI slightly better because of the dynamic linear decoupler. Setpoint 

tracking performance is comparable for both the controllers although PMBC was sUghtly 

more sluggish than PI control. In disturbance rejection cases as weU, performance is 

comparable except when the feed composition measurement is unavaUable, in which case 

PMBC performance is not good. 

Nonlinear PMBC performance was not good for this case study because of the 

dynamic coupling in the two loops. The controller model makes changes in both the loops 

at the same time even though the composition in one of the loops is not changing. This 

leads to huge deviations in the other loop. 
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Table 6.4 PI and PMBC Feed Flow Disturbance Rejection Performance 

Test 
Case 

5 

Controller 

PI 

PMBC 

Top 

ISE 
xlO« 

23.1 

28.7 

lAE 
xl02 

14.2 

15.5 

ITAE 

98.7 

180.0 

VT 

11.0 

11.4 

Bottom 

ISE 
xl0« 

328.0 

16.2 

L\E 
xl02 

51.3 

10.2 

ITAE 

354.5 

71.4 

VT 

162372 

139538 

Units: ISE: mole fract.^-min., lAE: mole fract.-min, ITAE: mole fract.-min^, VT: 
Kgmole/min for top and Kcal/min for bottom. 
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CHAPTER 7 

CONCLUSIONS AND RECOMMENDATIONS 

7.1 Conclusions 

In this work, a dynamic simulator of a low reflux ratio vacuum distUlation column 

separating a binary mkttire of Toluene and and m-Xylene was developed. A rigorous 

vapor hydraulic model proposed by Choe et al. (1987) was used in the simulation to 

incorporate pressure dynamics. LSODES integrator (Hindmarsh, 1983) was used for the 

integration of the stifif ODE's resulting from the use of the vapor hydrauUc model and it 

decreased the computation time by a factor of 50 than expUcit Euler integrator. A steady 

state binary tray-to-tray model was developed in similar way as discussed in Riggs (1993) 

but with steady state energy balance added to it. The energy balance was necessary 

because the equimolar overflow assumption was not made in the simulation. The steady 

state simulator was used for design, steady state analysis and in nonlinear process model 

based control (PMBC). 

A comprehensive evaluation of several control structures for Toluene/Xylene column 

control was made. On basis of a steady state analysis (RGA, Nonlinearity factor and 

Sensitivity to feed composition disturbances) and dynamic analysis (open-loop responses) 

the [L/D, V/B] and [L, V/B] structures were found to be better than other structtires. A 

standard ttining procedure (ATV tuning) was used for ttining the PI controUers for all the 

structures. On basis of closed loop simulations the [L, V/B] structtire was found to be the 

best for setpoint tracking while [L, V] structtire was found to be the best for feed 

composition disttirbance rejection. A linear decoupler (Beauford, 1993) was developed 

for the [L, V] structtire. The linear decoupler improved the setpoint tracking performance 

for the [L, V] structtire remarkably and was better than [L, V/B] structure. A nonlinear 

feedforward action (Riggs, 1994a) was added to [UD, V/B] structtire for feed 
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composition disttirbance rejection. This improved the disttirbance rejection characteristics 

of [L/D, V/B] structtire remarkably and was better than the [L, V] structtire. However, 

the feedforward action required feed composition analyzer which might not be available 

always. Overall, the [L, V] with linear decoupler was found to be the best for setpoint 

tracking and comparable to [L/D, V/B] with nonlinear feedforward action for feed 

composition disttirbance rejection for PI control. For feed rate disttirbance rejection, the 

[L/F, V/F] structtire with feed rate dynamically compensated had control performance 

comparable to [L/D, V/B] structure (which was the best for feed rate disttutance rejection 

among other structures). 

Subsequently, nonlinear Process Model Base Control (PMBC) was implemented 

using the [L, V] structure on the Toluene/Xylene column simulator. A new tuning 

procedure proposed by Riggs (1994b) was used to ttine the PMBC controller. The new 

procedure is analogous to the ATV tuning procedure used in PI control tuning. The 

PMBC controUer was tested for setpoint changes and disturbance rejection. The two 

controUers viz. PI and PMBC, were then compared for setpoint tracking and disturbance 

rejection. Both control techniques yielded good control performance. The PI control 

performance was slightly better for setpoint tracking than the PMBC controller mainly due 

to the dynamic decoupling provided by the linear decoupler. The PMBC controller was 

better than PI control for feed composition disturbance rejection when feed composition 

measurement was available but was not as good in absence of feed composition analyzer. 

The PMBC performance for feed flow disturbance rejection was better than PI. The 

manipulated variables action for both the controUers were ahnost the same. 

7.2 Recommendations 

(1) In this work, perfect pressure control was assumed in the reflux drum m the 

Toluene/Xylene vacuum column simulation. In order to make the simulation more 
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reaUstic the pressure in the reflux drum should be aUowed to float. This will require 

detailed dynamic modeUng of the condenser, the reflux drum, the vacuum source and the 

pressure controUer. 

(2) An important question in the implementation of PI control is the methodology 

adopted to obtain the ttining parameters. Autottine Variation (ATV) testing has been 

advocated by several researchers to be an effective procedure in this regard. However, 

ahnost all results are based upon computer simulations where it is possible to have no 

measured or unmeasured disturbances. In absence of any disturbances, reUable tuning 

parameters for PI control can be obtained from ATV testing. So it is necessary to find out 

what is a realistic ATV testing and how much errors can be expected in the tuning 

parameters and how much would this degrade the control performance of a PI controller. 

(3) In this work, in the case where feed composition measurement was not available 

PMBC was implemented with the feed composition kept constant at the base case in the 

controller model. PMBC performance should be evaluated using a back calculated feed 

composition in the controUer model whenever feed composition measurement is not 

available. 

(5) Process - ControUer model mismatch is an important issue in PMBC. This should 

be studied. 

(4) Model Predictive Control (MPC) is the leading industrial advanced control 

technology and should be implemented in order to make the controller comparisons 

complete. 

more 
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APPENDIX A 

VAPOR LIQUID EQUILIBRIUM 

Simple Raulfs law was used for the vapor Uquid equUibrium calculation for the 

Toluene/Xylene column. The VLE equation is 

y^^ = -^' (Al) 

Vapor pressure were calculated using Antoines equation. 

Antoines equation: 

h i P ; = A . - ^' 
(T + 273.15) + Ci' ^^^^ 

For Toluene, 

\ = 16.0137 B, = 3096.52 C, = -53.67 

For Xylene, 

\ = 16.1390 B2= 3366.99 0^= -58.04 

where. 
Pi' = mmofHg 

T = C 

The total pressure on a tray is calculated by bubble point pressure calculation 

P = x,P,' + X2P2'. (A.3) 

The vapor composition is calculated by rearranging equation (A. 1). 

y. = ^ ^ . (A.4) 
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APPENDDC B 

ENTHALPY CORRELATIONS 

The enthalpy of the mbtture is obtained form the pure component enthalpies by 

neglecting the mixing effects. 

H = y,H,+y2H2. ^ 2 ) 

The individual component enthalpies are given by the foUowing relations: 

h, = 0.5553616(5590.73868 + 34.56727T + 0.028202T'). (B.3) 

hj = 0.5553616(7048.25147 + 40.08522T + 0.030081T'). (B.4) 

H, = 0.5553616(22878.98177 + 23.73219T + 0.018831T'). (B.5) 

H2 = 0.5553616(26653.72449 + 29.68172T + 0.021866T'). (B.6) 

where T is in C and enthalpies in Kcal/Kgmole. 

The temperature on a tray 'n' can be calculated knowing the Uquid composition 'x̂ ' 

and the Uquid mixture enthalpy 'ĥ ' by the following relation: 

" 2a • 

where, 
b = (40.08522-5.51795x^). 

c = (7048.25147-1457.5128x„-(h„/0.5553616)). 

a = (0.030081-0.001879X J. 

where T„ is in C and h„ is in Kcal/Kgmole and x„ is the mole fraction of Toluene in 

the Uquid mixture on the tray. 
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APPENDIX C 

LIQUID FLOW RATE CALCULATION 

If M is the liquid holup on a tray in Kgmole, then the Uquid flow rate V from tiie 

tray is calculated from the Francis Weu' formula by using the foUowing equations 
nD̂  

AN = 0 . 9 A , . 

VOL = M / p , (C.l) 
Htot = (VOL/AN). 
How = Htot-hw. 

L = 110.25*L^'*(Howy'*PL. 

where, A ând A^ are in m̂ , D is in m, VOL is in m' and PLIS in Kgmole/m .̂ Htot, 

How, hw and L̂ v are in m and L is the Uquid flow rate in Kgmole/min. 
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APPENDIX D 

VAPOR FLOW RATE CALCULATION 

The vapor hydrauUc equation is given by: 

ht„=ho„+p„^,(hw + how„^,). 

Uh„= ^ 

(D.l) 

where, ho„ = 0.0047244-^^^^C^^l^y _ 
PL.„., ^ CO ^ • (D 2) 

60'*Ath*p^^' (P^) 

P„ = 0.86315-0.27334 *Fva„+0.065684 *Fva^ (D.4) 

F v a „ = ( — ) * ( 3 . 2 8 1 * U h . ) * 7 ^ . (D.j) 

where, 

p^^ is the mass density which has unit of Ib/ft̂  

PL.n> Pv.n are the molar densities which have unit of Kgmole/m^ 

ht„, m of Uquid, is the total pressure drop across the perforated tray. ho„, m of Uquid 

is the pressure drop through the dry holes. Uh„, m/sec, is the vapor velocity, Ath, m̂ , is 

the total hole area of a tray and Co is the discharge coefficient determined from the tray 

design. The other term in equation D.l represents the hydrauUc head of the Uquid on the 

tray, and P„ is the aeration factor. Converting ht„from equation D.l to (P„ - P^,), and 

using equations D.2 and D.3, equation D. 1 can be rearranged as the foUowing vapor flow 

rate form: 
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V = 18.287108* A t h * p , ^ % P ^ * C o ['73.1235(P„ Pn.i) __Pn^(hw + how„,,)] 
" l |Pv .„ f (p,,,0(AVMW) 0.186' 

(D.6) 

where V is the vapor flow rate from a tray 'n' m Kgmole/min. 
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APPENDIX E 

LIQUID AND VAPOR DENSITY CORRELATION 

Liquid density 

The density of the Uquid nuxttire consisting of Toluene and m-Xylene is obtained 

from the pure component densities by neglecting the mbdng effects. 

PL = x,Pi.L + X2P2 L . (E.i) 

where densities are in Kgmole/m .̂ 

The individual Uquid densities are calculated using the Modified Rackett equation: 

T i = l . + ( 1 . - ; ^ ) ™ . (E.2) 

PiL= ^ ^!' r*1000- (E3) 
'̂•'- R*TCi*ZRAJ' ' ^ 

where Tq and T are in K, Pcj in bars and R = 83.11473 

For Toluene, 

Pc,= 41.09 TCi = 591.79 ZRA, = 0.2644 

For m-Xylene, 

PC2 = 35.41 TC2= 617.05 ZRA2 = 0.2625 

Vapor density 

Since the column is operating under vacuum conditions ideal gas conditions were 

assumed and the vapor density is calculated using the relation. 

P (E.3) 

^ " " R T 

where R = 62.3633 m3-mm HgACgmole-K, T in K, Pin mmofHg 
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